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Book Audience and Overview 


WHO SHOULD READ 
THIS BOOK ? 

The intersection between biology and en¬ 
gineering has resulted in a number of fields, 
two of which are biochemical engineering 
and biomedical engineering. Thus, one 
would like to use this book to broaden his or 
her knowledge in interdisciplinary area of 
engineering/technology and biology/medi¬ 
cine. The field biochemical engineering is 
relatively new; in past two decades more 
research activities have been developed. 
I believe more and more research activities 
will be focused in this area in near future. 
The extended material exactly deals with 
application of biotechnology, as the related 
bioprocess may lead to commercialization. 

This book is focused on practical knowl¬ 
edge and research outcome, which is used to 
justify the theoretical concepts. Bioseparation 
and environmental issues are incorporated as 
case studies related to bioprocesses. Beside 
case studies, the book contains many exam¬ 
ples and solved problems, which help readers 
to understand all industrial aspects and ap¬ 
plications in biotechnology. The second edi¬ 
tion broadens the knowledge of research 
scientists on "Biochemical Engineering and 
Biotechnology" to leam fundamentals of 
biotechnology and apply research outcome in 
commercial scale. The knowledge in this book 
is not limited to any geographic region. 

Most of currently available books in this 
field are very complicated or may not 
explain the detail of processes. In my 
opinion, detail information in this book 


offers the greatest advantage over other 
available sources. Students and those who 
are getting familiar with biological and 
biotechnological processes need to know 
about biosciences, some examples, and case 
studies to improve their information and 
knowledge. This book illustrates several 
successful research and case studies con¬ 
ducted in this area, which would be very 
helpful to give an insight to readers. 

The present book is more attractive to 
chemical engineers academics, professionals, 
and postgraduate students, while it is rec¬ 
ommended for senior undergraduates. All 
chapters give more understanding of the 
related knowledge to specific field of 
biotechnology. The related case studies are 
incorporated with original research data that 
would help to develop advance research 
technology and innovation. 

This book is a useful guide for all scien¬ 
tists to apply theoretical bases and also to 
conduct research in bioprocesses. The book 
explains many concepts and presents highly 
qualitative and quantitative results in bio¬ 
logical processes. It concentrates on applica¬ 
tion of biology and biochemistry in 
engineering aspects. The details of bioengi¬ 
neering concepts would be the following: 
enzyme and microbial growth kinetics; 
bioreactor design and actual applications in 
process scale-up; downstream product 
recovery; biological products separation 
and purification; and production of value- 
added products such as enzymes from 
wastes, antibiotics, and other fermentative 
products. 
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BOOK AUDIENCE AND OVERVIEW 


The target audience (mainly undergradu¬ 
ate and graduate students of biochemical 
engineering) needs to understand the basic 
concepts and theoretical and practical 
knowledge with appropriate depth and 
breadth about this topic. This book combines 
the theoretical basis of biochemical engi¬ 
neering with original research data. This is a 
great beneficial to the reader. 

The second edition of the present book 
should serve as a useful reference for research 
scientists currently conducting research in the 
area of chemical, physical, and biological 
treatment of industrial wastewater. 

This book contains important and inter¬ 
esting topics in the field of bioprocess. 
Extensive applications of biotechnology in 
biochemical engineering are included. The 
second edition has been certainly improved, 
which may attract special attention of many 


scientists around the world. The revised 
book emphasizes on practical aspects and 
case studies. It contains useful guidelines for 
young research scientists to develop their 
research activities. I believe this book can 
deliver practical knowledge and contribute 
to special fields of bioprocesses. 

The new chapters added to the second 
edition are novel and related to recent topics 
in biotechnology. Additional case studies 
from recent researches are useful and can 
give insight to the readers to broaden their 
future work. Addition of new chapters may 
enhance the quality of the work. More dis¬ 
cussion on pathway of microorganisms is 
also incorporated. Identifying the pathway 
of organisms may assist engineers to know 
the growth factors and enzymes related to 
enhance series of biological reactions to 
achieve high yield of end products. 
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PREFACE TO THE FIRST 
EDITION 

In the new millennium, extensive appli¬ 
cation of bioprocesses has created an envi¬ 
ronment for many engineers to expand 
their knowledge and interest in biotech¬ 
nology. Microorganisms produce alcohols 
and acetone, which are used in industrial 
processes. Knowledge related to industrial 
microbiology has been revolutionized by 
the ability of genetically engineered cells 
to make many new products. Genetic engi¬ 
neering and gene mounting have been 
developed for the enhancement of industrial 
fermentation. Finally, application of bio¬ 
chemical engineering in biotechnology has 
become a new way of making commercial 
products. 

This book demonstrates the application 
of biological sciences in engineering with 
theoretical and practical aspects. These 20 
chapters give more understanding of the 
knowledge related to the specified field, with 
more practical approaches and related case 
studies with original research data. It is a 
book for students to follow the sequential 
lectures with detailed explanations, and solve 
the actual problems in the related chapters. 

There are many graphs that present actual 
experimental data, and figures and tables, 
along with sufficient explanations. It is a 
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good book for those who are interested in 
more advanced research in the field of 
biotechnology, and a true guide for begin¬ 
ners to practice and establish advanced 
research in this field. The book is specifically 
targeted to serve as a useful text for college 
and university students; it is mostly recom¬ 
mended for undergraduate courses in one or 
two semesters. It will also prove very useful 
for research institutes and postgraduates 
involved in practical research in biochemical 
engineering and biotechnology. 

This book has suitable biological science 
applications in biochemical engineering and 
the knowledge related to those biological 
processes. The book is unique, with practical 
approaches in the industrial field. I have 
tried to prepare a suitable textbook using a 
direct approach that should be very useful 
for students in following the many case 
studies. It is unique in having solved prob¬ 
lems, examples and demonstrations of 
detailed experiments, with simple design 


equations and required calculations. Several 
authors have contributed to enrich the case 
studies. 
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1.1 INTRODUCTION 


Microorganisms have been identified and exploited for more than a century. The Babylo¬ 
nians and Sumerians used yeast to prepare alcohol. There is a great history beyond fermen¬ 
tation processes that explains the applications of microbial processes that resulted in the 
production of food and beverages. In the mid-19th century, Louis Pasteur understood the 
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role of microorganisms in fermented food, wine, alcohols, beverages, cheese, milk, yogurt 
and other dairy products, fuels, and fine chemical industries. He identified many microbial 
processes and discovered the first principal role of fermentation, which was that microbes 
require substrate to produce primary and secondary metabolites and end products. 

In the new millennium, extensive application of bioprocesses has created an environment 
for many engineers to expand the field of biotechnology. One of the useful applications of 
biotechnology is the use of microorganisms to produce alcohols and acetone, which are 
used in industrial processes. The knowledge related to industrial microbiology has been revo¬ 
lutionized by the ability of genetically engineered cells to make many new products. Genetic 
engineering and gene mounting have been developed in the enhancement of industrial 
fermentation. Consequently, biotechnology is a new approach for making commercial prod¬ 
ucts using living organisms. Furthermore, knowledge of bioprocesses has been developed to 
deliver fine-quality products. 

The application of biological sciences in industrial processes is known as bioprocess. 
Today, most biological and pharmaceutical products are produced in well-defined industrial 
bioprocesses. For instance, bacteria are able to produce most amino acids that can be used in 
food and medicine. There are hundreds of microbial and fungal products purely available in 
the biotechnology market. The microbial production of amino acids can be used to produce 
L-isomers; chemical production results in both D- and L-isomers. Lysine and glutamic acid 
are produced by Corynebacterium glutamicum. Another food additive is citric acid, which is 
produced by Aspergillus niger. Table 1.1 summarizes several widespread applications of in¬ 
dustrial microbiology to deliver a variety of products in applied industries. 

The growth of cells on a large scale is called industrial fermentation. Industrial fermenta¬ 
tion is normally performed in a bioreactor, which controls aeration, pH, and temperature. Mi¬ 
croorganisms use an organic source and produce primary metabolites such as ethanol, which 
are formed during the cells' exponential growth phase. In some bioprocesses, yeast or fungi 
are used to produce advanced valuable products. Those products are considered as second¬ 
ary metabolites, such as penicillin, which is produced during the stationary phase. Yeasts are 
grown for wine- and bread-making. There are other microbes such as Rhizobium, Bmdyrhi- 
zobium, and Bacillus thuringiensis that are able to grow and use carbohydrates and organic 
sources originating from agricultural wastes. Vaccines, antibiotics, and steroids are also prod¬ 
ucts of microbial growth. 


1.2 ROLE OF BIOTECHNOLOGY 


Biotechnology is an interdisciplinary area that governs the application of biology and 
chemistry in engineering sciences. In fact, it is the knowledge of the exploitation of living mi¬ 
croorganisms and their by-products, such as enzymes, secondary metabolites, and any prod¬ 
uct from the pathway of living organisms. These biobased products are expanding as safe 
food additives, medicines, and cosmetics. 

In the past decades, the application of biotechnology focused only on animal biotechnology 
or plant cell technology and horticulture. But today, the development of biotechnology has 
enhanced and moved beyond the borders. The knowledge has expanded in many fields of 
engineering as well as in advance biomaterial and nano-biotechnology products. 
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Fermentation products 

Microorganism 

Applications 

Ethanol (nonbeverage) 

Saccharomyces cerevisiae 

Fine chemicals 

2-Ketogluconic acid 

Pseudomonas sp. 

An intermediate in ascorbic acid 
(vitamin C) production; a precursor 
for isoascorbic acid synthesis 

Pectinase, protease 

Aspergillus niger, A. aureus 

Clarifying agents in fruit juice 

Bacterial amylase 

Bacillus subtilis 

Modifying starch, sizing paper 

Bacterial protease 

B. subtilis 

Desizing fibers, spot remover 

Lipase 

Candida rugosa 

Esterification of fat and lipids 

Protease 

Bacillus subtilis 

Hydrolysis of protein 

Lysine 

Micrococcus glutamicus 

Food additives 

Dextran 

Leuconostoc mesenteroides 

Food stabilizer 

Sorbose 

Gluconobacter suboxydans 

Manufacturing of ascorbic acid 

Cobalamin (vitamin B12) 

Streptomyces olivaceus 

Food supplements 

Glutamic acid 

Brevibacterium sp. 

Food additive 

Gluconic acid 

Aspergillus niger 

Pharmaceutical products 

Lactic acid 

Rhizopus oryzae 

Foods and pharmaceuticals 

Lactic acid 

Lactobacillus delbrueckii 

food additives and chemicals 

Citric acid 

Aspergillus niger or A. wentii 

Food products, medicine 

Acetone-butanol-ethanol 

Clostridium acetobutylicum 

Solvents, chemical intermediate 

Insulin, interferon 

Recombinant E. coli 

Human therapy 

Coagulated milk 

Streptococcus thermophilus, 
Lactobacillus bulgaricus 

Yogurt-starting culture 

Yeast and rennet 

Lactobacillus bulgaricus 

Cheese and yogurt production 

Microbial protein (single cell protein) 

Candida utilis 

Food supplements 

Single cell protein (SCP) 

Pseudomonas methylotroph 
Oxidizing bacteria, 
fungus Fusarium 

Food supplements 

Penicillin 

Penicillium chrysogenum 

Antibiotics 

Cephalosporin 

Cephalosporium acremonium 

Antibiotics 

Erythromycin 

Streptomyces erythreus 

Antibiotics 


In the mid-19th century, Louis Pasteur well understood the industrial application of micro¬ 
organisms to deliver useful products while implementing various bioprocesses. The raw ma¬ 
terials were used as substrates and nutrients for microorganisms to draw suitable products. 
The products were used by humans, and the even rate of productions was at commercial 
scale. Microorganisms under normal condition produce large number of chemicals, pharma¬ 
ceuticals, and food-grade products. Other applications of microorganisms are clearly stated in 
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mining and bioleaching. The metals are leached out from low grade ores. In the removal of 
organic pollutants, microorganisms are safely used for many treatment processes and biore¬ 
mediation. They are able to remove obnoxious pollutants from an aqueous phase. In bio¬ 
filters, pollutants are removed from air steams through filter media. Biodegradation of 
volatile organic compounds in a biofilter easily takes place by the consortia of living micro¬ 
organisms in the filter bed. Applications of microorganisms are expended in many biological 
processes for economical and environmental reasons. In general, the industrial application of 
microbes can be summarized in a simple reaction: 

Raw material, Organic pollutants as substrates + Microbes 
—> Biodegraded fine products and byproducts 

In most cases, microorganisms are used to convert waste organic material to useful and 
stable products. The organisms used in the treatment processes are non-pathogens with no 
side effect on human health. For instance, dairy waste (whey), pulp, and paper wastes are 
often used for the propagation of microorganisms. 

Industrial fermentations are used in large-scale tanks, often with a capacity of 15—50 m 3 . 
From the metabolism of the microorganisms in growth media, the heterogeneous phase of 
cell mass exists in a broth of culture, while targeted products are liberated. The desired cell 
products must be recovered in downstream processing via separation and purification of 
products in aqueous or solid phases for recovery of the product in crystallized or precipi¬ 
tated matter, as solid products are easily recovered and removed from downstream. The 
commercial products are cell mass with intercellular products. Enzymes are categorized 
as intracellular and extracellular products. The cell products and secondary metabolites 
can be used as essential compounds for cell growth. Intermediate metabolites may not be 
essential as nutrients for cell growth. The biobased products originated from microorgan¬ 
isms are used as chemicals and pharmaceutical compounds, such as antibiotics, interferon, 
hormones, insulin, and steroid drugs. The genetically engineered bacteria or gene-mounted 
cells are able to produce strictly the targeted product for the treatment and drug purposes. 
Mass production of food supplements is performed via bacteria, yeast, fungi, and algae. The 
cheap raw materials are used for the production of food supplements that are commercially 
viable in large-scale production. The production of amino acids is a practical example; 
among amino acids, glutamic and folic acids are fermented from dairy waste. Beverage in¬ 
dustries are the oldest large-scale production plants to produce nonalcoholic and alcoholic 
drinks. Also, bacteria are used for the production of vaccines and antigens. The annotated 
cell bodies are used as an antigen for the generation of the antibody for the immunization 
of patients and to protect them from diseases. One of the commercial applications of indus¬ 
trial microorganisms is for oil spillage clean up and removal of coastal pollutants. The or¬ 
ganisms having high tolerance to hydrocarbons and aromatics can degrade and use 
hydrocarbon sources, while inorganic nitrogen sources are balanced for maximum cell 
growth. Industrial applications of microorganisms with the designated product are summa¬ 
rized in Table 1.1. The most biobased products are lactic acid and amino acids such as lysine 
and glutamic acids. The detailed descriptions of each product are discussed in different 
chapters and in related bioprocesses. 
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Various types of carbon sources, such as com syrup, potato starch, molasses, and whey, 
are often used for the production of lactic acid. If starch is used, then the natural polymer 
must be hydrolyzed to monomeric sugar via enzymatic hydrolysis. The monosaccharides 
liberated from hydrolysis are used for the fermentation process. 


1.3 ROLE OF BIOSCIENCES 


In past centuries, the boundary of the knowledge of applied sciences was expanded/which 
resulted in an evolution of interdisciplinary areas like biobased majors that have assisted en¬ 
gineering sciences to develop the more extended field of applied sciences. In the 1960s, engi¬ 
neers never thought of getting involved in microorganisms in processes. Expansion of process 
deals with biological knowledge and fundamental biological sciences; in most treatment pro¬ 
cesses, microbes and bacteria are involved. The use of enzymes in biobased refineries for the 
production of biofuels and pharmaceutical products created an advance technology for life 
improvements. The idea of the replacement of fossil fuel with clean fuel such as biohydrogen 
has been discussed in recently published articles. The combustion of hydrogen never gener¬ 
ates any air pollution. Even for desulfurization of natural gas, the process does not require 
chemical solvents for sorption processes because sulfur gases are used by microbes and sulfur 
is removed from the natural gas stream. In traditional chemical engineering, even simple unit 
operation and mass transfer were sufficient to derive the process, while modem process en¬ 
gineers cannot live without the biological knowledge and application of microorganisms in 
their daily routine life. Therefore, the identification, isolation, propagation, and mass cultiva¬ 
tion of potent organisms are required for many processes. Living organisms most often act as 
biocatalysts in many biochemical and biological processes. In fact, microorganisms play a ma¬ 
jor role. Today, the expansion of biological research developed molecular biology. In this 
field, metabolic engineering and genetic engineering serve to broaden engineers' knowledge 
for a breakthrough in production level and process yield enhancement. For instance, applica¬ 
tions of recombinant organisms in the fields of medicine and pharmaceutical sciences are suc¬ 
cessful cases of biosciences. In addition, knowledge of microbiology for degradation of toxic 
organic compounds and pesticides by microbial strains in an anaerobic process has created an 
environment for bioconversion of organic chemicals to methane and carbon dioxide to be 
used as energy sources. If microbiology is divided into basic and application sciences, then 
one can directly use applied microbiology in the field of bioprocesses. On the other hand, en¬ 
zymes and hormones or intermediate cell metabolites as products of living organisms are 
used in many bioprocesses. 


1.4 MICROBE FUNCTIONS 


Microbes are defined as creatures that cannot be observed by naked eyes. Their 
morphology is easily seen under microscopes. Microorganisms are categorized as bacteria, 
fungi, algae, and protozoa. Also, a virus is identified as a living organism that may cause 
infection. Microorganisms are classified based on their morphology, physiology, structure 
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of cell wall, cell divisions, and propagation of cells. The impact of microorganisms on human 
life may be categorized as useful, nonpathogens, and pathogens. The nonpathogens class of 
organisms may live in a friendly environment without causing any disease, while pathogens 
cause infection. The nonpathogen class of organisms is used in human food and beverages. 
This class of organisms is used for the production of hormones, interferon, enzymes, and 
many pharmaceutical products. These organisms are often used in many industrial processes 
for the production of food, fuels, and fine chemicals. A single organism is able to live inde¬ 
pendently and perform in a network; the organisms may act in an organ for a specific func¬ 
tion. The manifestation of life may come through evolution, as each organ carries out specific 
tasks to function and operate in a living system. 

Microorganisms based on morphology and structure for the beginners are quite similar, all 
having cell walls to protect the cell materials. The cytoplasm of a cell is enclosed by the cell 
wall; even cell components inside the cell may be identified or unidentified. All cells are able 
to function perfectly as life is expected from a living organism. 

The term cell was introduced in past centuries. Cells are surrounded by boundaries that 
are known as the cell wall. The wall protects the cell content, also known as cytoplasm, 
and the cell organs inside the cell. The organ may be formed by the unification of number 
of cells; most often this looks like honey bees' cell structure with defined cell walls, as a 
mass of cells are unanimously gathered to act for specific function. 

Cells are living organisms; they are unique, and all cell components are identified. The 
colloidal material inside the cell is known as cytoplasm encapsulated by the cell wall. The 
cell components inside the cell can be clearly observed by electronic microscope. Cells are 
replicated in a suitable environment, and nutrients are essential for cell growth. The cell 
wall is permeable to nutrients inside the media; the cell duplicates in a defined time, which 
is an indicator of growth known as doubling time. 

Microorganisms having biological activities require nutrient sources such as carbon, nitro¬ 
gen, and phosphate. Most of the organisms must obtain energy from carbon sources. Some of 
the organisms are able to use nitrogen from air and fix nitrogen as nitrate or generate amino 
acids for the synthesis of protein. They are able to produce complex nitrogenous compounds. 
Some other organisms use inorganic and organic nitrogen for protein synthesis. 

Microorganisms are able to use a number of carbon sources with a wide metabolic reac¬ 
tion. They are adapt to many sources of nutrients. The use of inexpensive nutrients may 
create an opportunity for microbes to convert waste to useful products. Especially in indus¬ 
trial waste, organic sources are available that easily can be converted to the desired product 
in the presence or absence of oxygen via fermentation. 

An organism can have commercial products listed in four categories: 

1. Single cells 

2. Large molecules, such as enzymes 

3. Primary metabolites 

4. Secondary metabolites. 

The primary and secondary metabolites in a bioprocess can be estimated based on pro¬ 
jected pathways for the production of intracellular and extracellular by-products. 

Four classes of organisms are used in industrial processes. They are yeasts, molds, single 
bacteria, and actinomycetes (fungi). Yeast and molds are well developed in industrial 
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processes. Mold and actinomycetes have a filamentous shape growing in a branched system. 
They are not like individual cells. Yeasts compared with single cells are much bigger, while 
they are observed in single individual cells. Fungi show up in a filamentous shape known as 
hyphae. For instance, Candida utilis is a type of fungus having industrial applications, such as 
single cell protein. Molds are certainly known for their antibacterial activities. This group, 
including Aspergillus oryzae and A. niger and genera of Penicillum, are well known. The strict 
anaerobes and prokaryote cell, Streptomycetes, are the most filamentous fungi-producing an¬ 
tibiotics. The organisms are eukaryote like fungi and plant cells. The distinct point of 
eukaryote cells is the nucleus, the cell surrounded by the membrane. All organs in the cell 
are identified under electronic microscope. They have more than one chromosome with 
defined mitochondria. The mitochondria of the cell are responsible for cell energy, and all 
chemical reactions are carried out in this center. In contrast, organisms without a distinct nu¬ 
cleus are known as prokaryote cells. Bacteria and microbes are prokaryote; the cells are single 
isolated units, much smaller than a eukaryote cell. The sizes of eukaryote cells are most prob¬ 
ably 10 times bigger than prokaryotes. In a prokaryotic cell, the nucleus materials are spread 
out inside the cell, and cell organs are not identified. Among anaerobic prokaryote cells, the 
Clostridium species may produce toxin like botulism synthesized by C. botulinum and C. buter- 
icum ; they are notorious living organisms that cause serious health problems for human be¬ 
ings. In the fermentation of an organic substrate, the pathways of organisms are always 
questionable. Organisms in terms of product delivery are known as homofermentative and 
heterofermentative. The homofermentative organism delivers one significant or principal 
product, while heterofermentative organisms may generate two or more products through 
the pathway of organisms. For example, yeasts are able to ferment 6-carbon sugar, either 
glucose or fructose, to 2 mol of ethanol and 2 mol of carbon dioxide. The pathway of the or¬ 
ganism can be influenced by the composition of the media. If yeast refused to produce alcohol 
due to the acidic pFI of the media, then the microbial pathway will shift to lactic acid produc¬ 
tion. If the fermentation media is contaminated with any Lactobacillus species, then glucose is 
converted to lactic acid. In fact, the heterofermentative culture is able to convert glucose to 
several products, such as lactic acid, ethanol, and carbon dioxide, through an alternative mi¬ 
crobial pathway. Clostridium acetobutylicum is a heterofermentative that can produce two ma¬ 
jor products. This organism is able to use glucose and produce a mixture of acetone, ethanol, 
isopropanol, and butanol. The culture is aerobic; a certain fraction of substrate is used and 
converted to a metabolite, then the remaining fraction is converted to a beneficial cell biomass 
or protein. Flowever, in full oxidation with an excess amount of oxygen, all substrates are 
oxidized to carbon dioxide and water through a pathway known as glucolysis. The fact is 
the aerobic process not only ends in carbon dioxide and water, but also delivers significant 
molecules as an energy carrier that are used for synthesis of biomolecules. 


1.5 PROCESS FERMENTATION 


The term "fermentation" was obtained from the Latin verb fervere, which describes the 
action of yeast or malt on sugar or fruit extracts and grains. The "boiling" observed during 
fermentation is due to the production of carbon dioxide bubbles from the aqueous phase 
under the anaerobic catabolism of carbohydrates in the fermentation medium. The art of 
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fermentation is defined as the chemical transformation of organic compounds with the aid 
of enzymes. The ability of yeast to make alcohol was known to the Babylonians and Sume¬ 
rians before 6000 BC. The Egyptians discovered the generation of carbon dioxide by 
brewer's yeast in the preparation of bread. The degradation of carbohydrates by microor¬ 
ganisms is followed by the glycolytic or Embden—Meyerhof—Parnas pathway. Therefore, 
the overall biochemical reaction mechanisms to extract energy and form products under 
anaerobic conditions are called fermentation processes. In the process of ethanol produc¬ 
tion, carbohydrates are reduced to pyruvate with the aid of nicotinamide adenine dinucle¬ 
otide; ethanol is the end product. Other fermentation processes include the cultivation of 
acetic acid bacteria for the production of vinegar. Lactic acid bacteria preserve milk; the 
products are yogurt and cheese. Various bacteria and molds are involved in the production 
of cheese. Louis Pasteur, who is known as the father of the fermentation process, in the 
early 19th century defined fermentation as life without air. He proved that existing micro¬ 
bial life came from preexisting life. There was a strong belief that fermentation was strictly 
a biochemical reaction. Pasteur disproved the chemical hypothesis. In 1876, he had been 
called by the distillers of Lille in Great Britain to investigate why the content of their 
fermentation product turned sour. Pasteur found microbial contamination of the yeast 
broth under his microscope. He discovered organic acid formation, such as lactic acid 
before ethanol fermentation. His greatest contribution was to establish different types of 
fermentation by specific microorganisms, enabling work on pure cultures to obtain pure 
product. In other words, fermentation is known as a process with the existence of strictly 
anaerobic life; that is, life in the absence of oxygen. The process is summarized in the 
following steps: 

• Action of yeast on extracts of fruit juice or malted grain: The biochemical reactions are 

related to generation of energy by catabolism of organic compounds. 

• Biomass or mass of living matter (living cells) in a liquid solution with essential nutri¬ 
ents at suitable temperature and pH grows up: As a result, the content of biomass 

increases with time. 

In World War I, Germany was desperate to manufacture explosives and needed glycerol 
for this. They had identified glycerol in alcohol fermentation. Carl Neuberg discovered that 
the addition of sodium bisulphate to the fermentation broth favored glycerol production at 
the expense of ethanol. Germany quickly developed industrial-scale fermentation, with a 
production capacity of about 35 tons per day. In Great Britain, acetone was in great de¬ 
mand; it was obtained by anaerobic fermentation of acetone—butanol-ethanol using 
C. acetobutylicum. 

In large-scale fermentation production, contamination of pure culture with other organ¬ 
isms and bacteriophage or virus is the major problem. Microorganisms are capable of per¬ 
forming a wide range of metabolic reactions using various sources of nutrients. That 
makes the fermentation processes suitable for industrial applications with inexpensive nutri¬ 
ents. Molasses, corn syrup, waste products from the crystallization of sugar industries, and 
the wet milling of corn are valuable broths for the production of antibiotics and fine chemi¬ 
cals. We will discuss many industrial fermentation processes in the coming Chapter. First, we 
will focus on the fundamental concepts of biochemical engineering rather than the 
applications. 
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There are various industries using biological processes to produce new products, such as 
antibiotics, chemicals, alcohols, lipid, fatty acids, and proteins. Deep understanding of the 
bioprocess may require actual knowledge of biology and microbiology in the applications 
of the above processes. It is very interesting to demonstrate bench-scale experiments and 
make use of large-scale advanced technology. However, the application of the bioprocess 
in a large-scale and the control of microorganisms in 100,000 1 of media may not be quite 
so simple to manage. Therefore, trained engineers are essential and in high demand; this 
can be achieved by knowledge enhancement in the sheathe bioprocesses. To achieve such ob¬ 
jectives, we may need to explain the whole process to the skilled labor and trained staff to 
implement bioprocess knowhow in biotechnology. 


1. 6 APPLICATION OF FERMENTATION PROCESS ES 

Man has been using the fermentative abilities of microorganisms in various forms for 
many centuries. Yeasts were first used to make bread; later, their use expanded to the 
fermentation of dairy products to make cheese and yogurt. Today, more than 200 types 
of fermented food products are available in the market. There are several active biological 
processes in the industry producing high-quality products, such as various antibiotics, glu¬ 
tamic acid, citric acid, acetic acid, and butyric and propionic acids. Synthesis of proteins and 
amino acids, lipids and fatty acids, simple sugar and polysaccharides such as xanthan gum 
and glycerol, and many more fine chemicals and alcohols is carried out through bio¬ 
processes with suitable industrial applications. The knowledge of bioprocess is an integra¬ 
tion of biochemistry, microbiology, and engineering science applied in industrial 
technology. Application of viable microorganisms and cultured tissue cells in an industrial 
process to produce specific products is known as bioprocess. Thus, fermentation products 
and the ability to cultivate large amounts of organisms are the focus of bioprocess, and 
such achievements may be obtained using vessels known as fermenters or bioreactors. 
The cultivation of large amounts of organisms in fermenters and bioreactors with related 
fermentation products is the major focus of bioprocess. 

A bioreactor is a vessel in which an organism is cultivated and grown in a controlled 
manner to form the by-product. In some cases, special organisms are cultivated to produce 
very specific products such as antibiotics. The laboratory scale of a bioreactor is in the range 
of 2—100 1, but in commercial processes or in a large-scale operation, this might be up to 
100 m 3 . Initially, the term "fermenter" was used to describe these vessels, but in strict 
terms, fermentation is an anaerobic process, whereas the major proportion of fermenters 
use aerobic conditions. The term "bioreactor" has been introduced to describe a fermentation 
vessel for growing the microorganisms under aerobic or anaerobic conditions. 

Bioprocess plants are an essential part of the food, fine chemical, and pharmaceutical in¬ 
dustries. Use of microorganisms to transform biological materials to fermented foods, cheese, 
and chemicals has its antiquity. Bioprocesses have been developed for an enormous range of 
commercial products, as listed in Table 1.1. Most of the products originate from relatively 
cheap raw materials. The production of industrial alcohols and organic solvents mostly orig¬ 
inates from cheap feed stocks. The more expensive and special bioprocesses are in the pro¬ 
duction of antibiotics, monoclonal antibodies, and vaccines. Industrial enzymes and living 
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cells such as baker's yeast and brewer's yeast are also commercial products obtained from 
bioprocess plants. 


1.7 BIOPROCESS PRODUCTS 


Major bioprocess products are in the area of chemicals, pharmaceuticals, energy, food, and 
agriculture, as depicted in Table 1.2. The table shows the general aspects, benefits, and appli¬ 
cations of biological processes in these fields. Most fermented products are formed in three 
types. The main categories are now discussed. 

1.7.1 Biomass 

In such bioprocesses, the aim is to produce a biomass or mass of cells such as microbes, 
yeast, and fungi. The commercial production of biomass has been seen in the production 


TABLE 1.2 Products and services provided by biological processes 


Sector 

Product and service 

Remark 

Chemicals 

Ethanol, acetone, butanol 

Organic acids (acetic, butyric, 
propionic and citric acids) 

Bulk 


Enzymes 

Perfumeries 

Polymers 

Fine 

Pharmaceuticals 

Antibiotics 

Enzymes 

Enzyme inhibitors 

Monoclonal antibodies 

Steroids 

Vaccines 


Energy 

Ethanol (gasohol) 

Methane (biogas) 

Nonsterile 

Food 

Dairy products (cheese, yogurts, etc.) 
Baker's yeast 

Beverages (beer, wine) 

Food additives 

Amino acids 

Vitamin B 

Proteins (SCP) 

Nonsterile 

Agriculture 

Animal feeds (SCP) 

Waste treatment 

Vaccines 

Microbial pesticides 

Mycorrhizal inoculants 

Nonsterile 
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of baker's yeast, which is used in the baking industry. Single cell protein (SCP) is produced as 
a biomass enriched in protein. An algae called Spirulina has been used for animal food in 
some countries. SCP is used as a food source produced from renewable resources such as 
whey, cellulose, starch, molasses, and a wide range of plant waste. 

1.7.2 Cell Products 

Products are produced by cells with the aid of enzymes and metabolites known as cell 
products. These products are categorized as either extracellular or intracellular. Enzymes 
are one of the major cell products used in industry. Enzymes are extracted from plants 
and animals. Microbial enzymes can be also produced in large quantities by conventional 
techniques. Enzyme productivity can be improved by mutation, selection, and perhaps ge¬ 
netic manipulation. The use of enzymes in industry is very extensive, especially in baking, 
cereal-making, coffee, candy, chocolate, corn syrup, and dairy products as well as the fruit 
juice and beverage industry. The most common enzymes used in the food industries are 
amylase in baking; protease and amylase in beef products; pectinase and hemicellulase in 
the coffee industry; catalase, lactase, and protease in dairy products; and glucose oxidase 
in the fruit juice industry. 

1.7.3 Modified Compounds (Biotransformation) 

Almost all types of cells can be used to convert an added compound into another com¬ 
pound, involving many forms of enzymatic reaction including dehydration, oxidation, hy- 
droxylation, amination, isomerization, etc. These types of conversion have advantages over 
chemical processes in that the reaction can be very specific and performed at moderate tem¬ 
peratures. Examples of transformations using enzymes include the production of steroids, the 
conversion of antibiotics, and prostaglandins. Industrial transformation requires the produc¬ 
tion of large quantities of an enzyme; the half-life of enzymes can be improved by immobi¬ 
lization, and extraction can be simplified by the use of whole cells. In any bioprocess, the 
bioreactor is not an isolated unit, but is a part of an integrated process with upstream and 
downstream components. The upstream consists of storage tanks, growth, and media prep¬ 
aration followed by sterilization. Also, seed culture for inoculation requires upstream pro¬ 
cessing, with sterilized raw material, mainly sugar and nutrients, required for the 
bioreactor to operate. Sterilization of the bioreactor can be done by steam at 15 pounds per 
square inch gauge at 121 °C or using any disinfectant chemical reagent such as ethylene ox¬ 
ide. The downstream processing involves extraction of the product and purification as 
normal chemical units of operation. The solids are separated from the liquid, and the solu¬ 
tion and supernatant from the separation unit may go for further purification after the prod¬ 
uct has been concentrated. 


1.8 PRODUCTION OF LACTIC ACID 


Lactic acid was produced from sour milk. It is believed that Louis Pasteur was the first 
scientist who identified fermentation of sour milk to lactic acid. The bioconversion was 
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found through homolactic fermentation; as a result, maltose is converted to lactate. Lactic 
acid is known as an acidulent, a flavoring agent for food preservation, and in the dairy in¬ 
dustry it is used as feedstock for production of polylactatic acid, which is known as a biode¬ 
gradable polymer. Lactic acid is also used for the preservation of vegetables such as carrots 
and radishes. The world annual demand for lactic acid is approximated to be 150,000 
(metric) tons. The lactic acid production via fermentation is mostly carried out by the Lacto¬ 
bacillus species, which is a stereoisomer of L(+) and D(—), or a mixture of racemic DL lactic 
acid. The separation process for a specific isomer is expensive and tedious. More than 100 
species of Lactobacillus are identified as potential organisms for the production of lactic acid. 
The most popular species of lactic acid producers are Lactobacillus bulgaricus, Lactobacillus 
plantarum, Lactobacillus brevis, Lactobacillus helveticus, Lactobacillus delbrueckii, Lactobacillus 
casei, Lactobacillus paracasei, and Lactobacillus manihotivorans. Generally, Lactobacillus are 
homofermentative and can produce a high concentration of lactic acid, while heterofermen- 
tatives may convert 50% of substrate to lactic acid. Several carbohydrates, such as corn and 
potato starch, molasses, and whey, can be used to produce lactic acid. Starch must first be 
hydrolyzed to glucose by enzymatic hydrolysis; then fermentation is performed in the sec¬ 
ond stage. The choice of carbohydrate material depends on its availability, and pretreat¬ 
ment is required before fermentation. We shall describe the bioprocess for the production 
of lactic acid from whey. Inexpensive raw material for the production of lactic acid is rec¬ 
ommended. It is customary to convert a significant proportion of cheese whey to lactic 
acid. Fermentation of lactic acid in suspended growth is more favorable than solid state 
fermentation (SSF). It is believed that fungi are more suitable for SSF, while the use of Lacto¬ 
bacillus species in suspended growth and submerged culture is more favorable for the 
fermentation process. 

Large quantities of whey constitute a waste product in the manufacturing process of dairy 
products such as cheese. From the standpoint of environmental pollution, it is considered a 
major problem, and the disposal of untreated wastes may create environmental disasters. It is 
desirable to use whey to make some useful product. Whey can be converted from being a 
waste product to something more desirable that can be used for the growth of certain bacteria 
because it contains lactose, nitrogenous substances, vitamins, and salts. Organisms can use 
lactose and grow on cheese wastes; the most suitable of them are Lactobacillus species such 
as L. bulgaricus, which is the most suitable species for whey. This organism grows rapidly, 
is homofermentative, and thus is capable of converting lactose to the single end-product of 
lactic acid. Stock cultures of the organism are maintained in a skimmed milk medium. A three 
to five volume% of inoculum is prepared and transferred to the main bioreactor, and the cul¬ 
ture is stored in pasteurized, skimmed milk at an incubation temperature of 43 °C. During 
fermentation, pFI is controlled by the addition of a slurry of lime to neutralize the product 
to prevent any product inhibition. The accumulation of lactic acid would retard the fermen¬ 
tation process because of the formation of calcium lactate. After two days of complete incu¬ 
bation, the material is boiled to coagulate the protein and then filtered. The solid filter cake is 
a useful, enriched protein product that may be used as an animal feed supplement. The 
filtrate containing calcium lactate is then concentrated by removing water under vacuum, fol¬ 
lowed by purification of the final product. The flow diagram for this process is shown in 
Figure 1.1. 
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FIGURE 1.1 Production of lactic acid from whey. 


1.9 PRODUCTION OF VINEGAR 


The sugars in fruits such as grapes are fermented by yeasts to produce wines. In wine-making, 
lactic acid bacteria convert malic acid into lactic acid in malolactic fermentation in fruits with 
high acidity. Acetobacter and Gluconobacter oxidize ethanol in wine to acetic acid (vinegar). 

The word "wine" is derived from the French term vinaigre meaning "sour wine." It is pre¬ 
pared by allowing a wine to get sour under controlled conditions. The production of vinegar 
involves two steps of biochemical changes: 

1. Alcoholic fermentation in fermentation of a carbohydrate 

2. Oxidation of the alcohol to acetic acid. 

There are several kinds of vinegar. The differences between them are primarily associated 
with the kind of material used in the alcoholic fermentation, e.g., fruit juices, sugar, and hy¬ 
drolyzed starchy materials. Based on US Department of Agriculture definitions, there are a 
few types of vinegar, namely vinegar, cider vinegar, and apple vinegar. The products are 
made by the alcoholic and subsequent acetous fermentations of the apple juice. The acetic 
acid content is about 5%. Yeast fermentation is used for the production of alcohol. The alcohol 
is adjusted to 10—13%, then it is exposed to acetic acid bacteria (Acetobacter species), by means 
of which oxygen is required for the oxidation of alcohol to acetic acid. The desired tempera¬ 
ture for Acetobacter is 15—34 °C. The reaction is: 

c 6Hl2 o 6 z y—_° Wi t 2CH 3 CH 2 OH + 2C0 2 (1.9.1) 

2CH 3 CH 2 OH + 20 2 Acetobacter J p ■, 2CH 3 COOH + 2H z O (1.9.2) 

The oxidation of ethanol to acetic acid for the production of vinegar is not a fully oxidative 
process, but the aerobic organism is able to convert glucose to gluconic acid via incomplete 
oxidation. The derived adenosine triphosphate from limited oxidation is growth associated; 
finally, with the aid of supplementary nutrients in the media, the organisms are able to com¬ 
plete the biochemical reaction to acetic acid production. 
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1.10 PRODUCTION OF AMINO ACIDS 
(LYSINE AND GLUTAMIC ACID) AND INSULIN 

Many microorganisms can synthesize amino acids from inorganic nitrogen compounds. 
The rate and amount of some amino acid production may exceed the cells' need for protein 
synthesis, in which the excess amino acids are excreted into the media. Some microorganisms 
are capable of producing certain amino acids such as lysine, glutamic acid, and tryptophan. 
The primary metabolites are used by specific organism to synthesize next components. Some 
aerobic organism like C. glutamicum can produce lysine. The mutants of C. glutamicum are 
able to produce a high concentration of lysine; the appreciable concentration may reach to 
50 gl 1 . Lysine is one of the 20 essential amino acids for synthesis of protein molecule. The 
low molecular weights of cell products as primary metabolites are essential for the cell 
growth. Another group of microbial products known as secondary metabolites are not 
directly involved in the synthesis of biomolecules like antibiotics. Secondary metabolites 
are also produced by certain microorganisms; they are not fast-growing organisms, as the 
precious byproducts appear at a late stage of the growth cycle. The primary metabolites 
are involved in biosynthesis of the cell, while the secondary metabolites are mostly consid¬ 
ered useful biological products that are easily marketable and have numerous applications. 
The secondary metabolites may contribute certain action as anti-survival of organisms. The 
detailed action of secondary metabolites can be inhibitory competitors in the growth system. 
The organisms go through rapid growth in the initial stage; when further growth is halted by 
the depletion of essential nutrients in the medium, then organisms enter the next phase. The 
secondary metabolites are often used for control and survival; therefore, they are more bene¬ 
ficially used for drug and pharmaceutical products. 

1.10.1 Stepwise Amino Acid Production 

Lysine is an essential amino acid for the nutrition of humans that is used as a supplemen¬ 
tary food with bread and other foodstuffs. This amino acid is a biological product that is also 
used as a food additive and cereal protein. One of the commercial methods for production of 
lysine consists of a two-stage process using two species of bacteria as follows: 

• Step 1: Formation of diaminopimelic acid (DAP) by E. coli 

• Step 2: Decarboxylation of DAP by Enterobacter aerogenes. 

The carbon sources for production of amino acids are com, potato starch, molasses, and 
whey. If starch is used, it must be hydrolyzed to glucose to achieve higher yield. Escherichia 
coli is grown in a medium consisting of glycerol, corn steep liquor, and diammonium phos¬ 
phate under aerobic conditions with controlled temperature and pH for an incubation period 
of three days. 

Many species of microorganisms, especially bacteria and fungi are capable of producing 
large amounts of glutamic acid. Glutamic acid is produced by microbial metabolites of 
Micrococcus, Arthrobacter, and Brevibacterium through the Krebs cycle. Monosodium gluta¬ 
mate is known as a flavor-enhancing amino acid in food industries. The medium generally 
used for its production consists of a carbohydrate, peptone, inorganic salts, and biotin. 
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The concentration of biotin has a significant influence on the yield of glutamic acid. The a- 
ketoglutaric acid is an intermediate in the tricarboxylic acid cycle or the Krebs cycle and is 
the precursor of glutamic acid. The conversion of a-ketoglutaric acid to glutamic acid is 
accomplished in the presence of glutamic acid dehydrogenase (GDH), ammonia, and nico¬ 
tinamide adenine dinucleotide phosphate (NADPH) as follows : 

a - ketoglutaric acid + NADPH ^ L - Glutamate + NADP+ + H z O (1.10.1.1) 

The living cells assimilate nitrogen by incorporating it into a-ketoglutaric acid, then to glu¬ 
tamic acid and glutamine. 

1.10.2 Insulin 

In the human body, one-third of glucose from dietary sources is converted to glycogen in 
the liver. About half the carbohydrates from dietary sources are converted to glycogen in 
muscle tissues. The remaining carbohydrates are immediately oxidized for body energy re¬ 
quirements. Both glucose uptake and glycogen synthesis are stimulated by a peptide hor¬ 
mone produced in the pancreas known as insulin, which is the most important hormone 
to regulate carbohydrate and fat metabolism in the human body. The hormone stimulates 
glycogen breakdown and release of glucose from the liver. In fact, insulin acts reciprocally 
when blood sugar is high to respond and regulate blood glucose, ensuring that blood sugar 
concentration is at a relatively constant and safe level (110 mg dl -1 ). The extra glucose is poly¬ 
merized may be stored in the liver and muscles as glycogen. 

Insulin is one of the important pharmaceutical products produced commercially by genet¬ 
ically engineered bacteria. Before this development, commercial insulin was isolated from an¬ 
imal pancreatic tissue. Microbial insulin has been available since 1982. The human insulin 
gene is introduced into a bacterium like E. coli. Two major advantages of insulin production 
by microorganisms are that the resultant insulin is chemically identical to human insulin and 
it can be produced in unlimited quantities. 


1. 11 ANTIBIOTICS, PRODUCTION OF PENICILLI N 

The commercial production of penicillin and other antibiotics is the most dramatic mani¬ 
festation in industrial microbiology. The annual bulk production of penicillin is about 15,000 
metric tons, with an annual sales market of more than US$400 million. The worldwide bulk 
sales of the four most important groups of antibiotics, namely penicillin, cephalosporin, tetra¬ 
cycline, and erythromycin, are US$4.2 xlO 3 millions per annum. The mold isolated by 
Alexander Fleming in the early 1940s was Penicillium notation. He noted that this species 
killed his culture of Staphylococcus aureus. The production of penicillin is now done by a better 
penicillin-producing mold species, Penicillium chrysogenum. Development of submerged cul¬ 
ture techniques enhanced the cultivation of the mold in a large-scale operation using a sterile 
air supply. P. chrysogenum can produce 1,000 times more penicillin than Fleming's original 
culture. Various waste materials, including molasses, corn steep liquor, waste product 
from the sugar industry, and wet milling com, can be used for the production of penicillin. 




16 


1. INDUSTRIAL MICROBIOLOGY 


Streptomycin is commonly produced by Actinomycetes. The major steps in the commercial 
production of penicillin are: 

1. Preparation of inoculum 

2. Preparation and sterilization of the medium 

3. Inoculation of the medium in the fermenter 

4. Forced aeration with sterile air during incubation 

5. Removal of mold mycelium after fermentation 

6. Extraction and purification of the penicillin. 


1.12 PRODUCTION OF ENZYMES 


Many molds synthesize and excrete large quantities of enzymes into the surrounding me¬ 
dium. Enzymes are proteins; they are denatured by heat and extracted or precipitated by 
chemical solvents like ethanol and by inorganic salts like ammonium sulfate. Coenzymes 
are also proteins combined with low molecular mass organics like vitamin B. It is industrially 
applicable and economically feasible to produce, concentrate, extract, and purify enzymes 
from cultures of molds such as Aspergillus, Penicillium, Mucor, and Rhizopus. Mold enzymes 
such as amylase, invertase, protease, and pectinase are useful in the processing or refining 
of a variety of materials. Amylases hydrolyze starch to dextrin and sugars. They are used 
in preparing sizes and adhesives, desizing textiles, clarifying fruit juices, manufacturing phar¬ 
maceuticals, and other purposes. Invertase hydrolyzes sucrose to form glucose and fructose 
(invert sugars). It is widely used in candy-making and the production of noncrystallizable 
syrup from sucrose, which is partly hydrolyzed by this enzyme. The proteolytic enzymes 
such as protease are used for bating in leather processing to obtain a fine texture. Protease 
is also used in the manufacturing of liquid glue, degumming of silks, and clarification of 
beer protein. It is used in laundry detergents and as an adjunct to soaps. Pectinase is used 
in the clarification of fruit juice and to hydrolyze pectins in the retting of flax for the 
manufacturing of linen. Apoenzyme is the protein portion of enzyme that is inactive. The re¬ 
action between low molecular mass coenzymes and apoenzyme gives active holoenzyme: 

Apoenzyme + Coenzyme —> Holoenzyme (active) (1.12.1) 


1.13 PRODUCTION OF BAKER’S YEAST 


The use of yeast as a leavening agent in baking dates back to the early histories of the 
Egyptians, Greeks, and Romans. In those days, leavened bread was made by mixing some 
leftover dough from the previous batch of bread with fresh dough. In modern baking, 
pure cultures of selected strains of Sacclmromyces cerevisiae are mixed with bread dough to 
bring about desired changes in the texture and flavor of bread. Characteristics of S. cerevisiae 
strains are selected for commercial production of baker's yeast. These strains have the ability 
to ferment sugar in the dough vigorously and rapidly. The selected strains must be stable and 
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FIGURE 1.2 Commercial production of baker's yeast. 
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produce carbon dioxide, which results from the fermentation process for leavening or rising 
the dough. The quality of bread depends on the selected strain of yeast, the incubation period, 
and the choice of raw materials. Sugars in bread dough are fermented by yeast to ethanol and 
CO 2 , and the CO 2 causes the bread to rise. 

In the manufacturing of baker's yeast, the stock strain is inoculated into a medium contain¬ 
ing molasses and corn steep liquor. The pH of the medium is adjusted to be slightly acidic at 
pH 4—5. The acidic pH may retard the bacterial growth. The inoculated medium is aerated 
during the incubation period. At the end, the cells are harvested by centrifuging out the 
fermentation broth and recovered by filter press. A small amount of vegetable oil is added 
to act as a plasticizer, and then the cell mass is molded into blocks. The process is shown 
in Figure 1.2. 

A full set of bioreactor with pH and temperature controllers are shown in Figure 1.3. The 
complete set of fermenters with all accessory controlling units creates a good opportunity to 
provide suitable production of biochemical products with variation of process parameters. 
Pumping fresh nutrients and operating in batch, fed batch, and continuous mode are easy 
and suitable for producing fine chemicals, amino acids, and even antibiotics. 
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SUBCHAPTER 


2.1 


Introduction 


enzyme is a protein or an organic compound that is similar to a protein and has 
activities. An enzyme acts very specifically with a specified functional group 
an active site. An enzyme [E] interacts with substrate [S] and as a result, an enzyme- 
substrate complex [£S] as an intermediate compound is formed. The initiation reactions are 
reversible, and equilibrium is reached. Then, the intermediate compound goes through irre¬ 
versible reaction to yield a product and a free enzyme. The liberated enzyme searches for a 
substrate to form an [£S]. The defined reaction mechanism proceeds until substrates are con¬ 
verted to products. In fact, presence of the enzyme in the reaction media is to accelerate the 
reaction rate. The concept of reaction as energy involved is similar to the mechanism of cat¬ 
alytic reaction. 

Most enzymes are named according to the reaction involved. Generally, all enzymes 
carry the name of the reaction with a suffix as "ase," for instance, an amylolytic enzyme 
that reacts with amylose is named amylase; that means the enzyme that hydrolyzes 
amylose is named amylase. Also, the organic configuration is similar to carbohydrates 
that are specified for the enzyme as well. Another example is the enzyme that catalyzes 
the decomposition of urea is named as urease. The enzyme that reacts with tyrosine is 
known as tyrosinase. The name of enzyme interacting with a substrate like uric acid is 
uricase. 

The enzymatic reactions may take place in homogeneous or heterogeneous phases. It de¬ 
pends on the enzyme and substrate phases or conditions. In general, three cases may occur. If 
enzyme is soluble and the substrate is in the liquid phase, which is called the homogeneous 
phase, the enzyme and substrate interact in a single liquid phase. In this case, both enzyme 
and substrate are soluble in an aqueous phase. In the case of solid-state fermentation (SSF), a 
solid substrate like rice bran or soya beans uses a specific culture, say Aspergillus niger, live in 
liquefied nutrients. The solid substrate should contain desired moisture, and the SSF process 
successfully delivers the enzyme. This process is known as heterogeneous, as more than one 
phase exists. 

For the production of enzymes, a number of bioreactors are involved. Tray bioreactors 
are often employed for SSF. The leachates from solid media are collected for recovery of 
an enzyme. In this case, enzymes are available in an aqueous phase while substrates 
remain in the solid phase. In the heterogeneous case, either enzyme or substrates are in 
solid or liquid phases. In the case of SSF, the organisms utilize a substrate to generate 
biomass and an enzyme. The enzyme may be involved in further enzymatic reaction. 
The enzyme or organisms must penetrate into a solid substrate for the liquefaction of 


An 
alytic 
acts as 


cat- 

that 
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the solid, and as a result of washing, solid products are isolated. In SSF, the liberated en¬ 
zymes are washed off the solid bed, while cell biomass is washed off along with the liber¬ 
ated enzyme. 

Whereas, the third case may be the inverse of the second case, as substrate is available in 
the liquid phase while an enzyme is insoluble or in solid phase (insoluble enzyme plus sol¬ 
uble substrate). An example of a type II reaction is the use of amylase, lipase, and protease in 
laundry detergents. The soluble enzymes interact with the insoluble substrate attached to the 
surface of cloth, and as a result, the product is soluble. For the type III enzymatic reaction, the 
enzyme is insoluble; the enzyme is immobilized on a solid support and then packed in a col¬ 
umn. The soluble substrate has to pass through the bed of enzymes. Most often, the second 
type of soluble substrates are preferred. For the simple case, both enzyme and substrate are in 
an aqueous phase. 


2.2 ENZYME ELEMENTARY REACTION RATE 


Let us define the substrate [S] to be urea, (NFU^CO, and the suitable enzyme [£] for hy¬ 
drolysis of urea would be urease. The product is defined as [P], CO 2 and NFI 3 . The mecha¬ 
nism of the reaction for the enzyme-substrate complex is written as follows: 

[£] + [S] ^ [ES] (2.2.1) 

k -1 

Urease + (NH,) 2 CO ^ Urease - (NH 2 ) 2 CO (2.2.2) 

k -1 

In the next step, as the intermediate compound is hydrolyzed, urease is released; the 
product would be ammonia and carbon dioxide. The reaction is irreversible, expressed 
as follows: 


[ES]+H 2 cA [£] + [£] (2.2.3) 

Urease - (NH 2 ) 2 CO + H 2 (3->Urease + NH 3 + CO z (2.2.4) 

The rate of utilization of substrate — r$ is stated as follows: 

-r s = k 1 [E\[S\-k. 1 [ES\ (2.2.5) 

At equilibrium for constant intermediate concentration, the rate of change of intermediate 
with respect to time reached to zero is stated as: 

r E -s = 0 = h [£] [S] - £-1 [ES] - k s [H 2 0] [ES] (2.2.6) 

The rate of hydrolysis of the intermediate complex is: 

r p = k s [ES] [H 2 0] 


(2.2.7) 
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Based on equilibrium, one can calculate the intermediate [£S] according to following 
relation: 


[ES] 


MgHgl 

k~\ + K [h 2 o] 


( 2 . 2 . 8 ) 


Where part of the initial enzyme concentration is active and the remaining is attached to 
the substrate as an intermediate complex [£ 0 ] = [£] + [£S], one can define the free enzyme 
part as [E] = [E 0 ] — [£S]; now we can substitute the free enzyme [E] in the above equation, 
which results in the following relation: 


ki(,[E 0 ] — [ES]) [S] = [ES](fc_!+fc s [H 2 0]) 


(2.2.9) 


Rearrange Eqn (2.2.6), then solve for [ES]: 


= MEoHS] 

k -1 + k s [H 2 0] + k\ [S] 


( 2 . 2 . 10 ) 


In the course of hydrolysis, the concentration of water compared to enzyme and substrate 
is in excess; therefore, once can assume a new constant k' = ^[LLO], Then, substitute the con¬ 
stant into Eqn 2.2.10, which yields: 


k'ki [E 0 ] [S] 
fc_i + k! + ki [S] 


( 2 . 2 . 11 ) 


Let us define a constant known as Michaelis—Men ten constant Km = k\ + k' and k'k\ [E„] as 
maximum specific rate: 


V max = k'k r [E 0 } 


( 2 . 2 . 12 ) 


Finally, Eqn 2.2.11 simplifies and reduces to a well-known equation called the Michaelis— 
Menten rate equation, stated as follows: 


V = 


v max u 

Km + S 


(2.2.13) 


For a given enzyme concentration, the rate of substrate utilization can be calculated by the 
above equation. Figure 2.1 shows the rate of substrate consumption versus substrate 
concentration. 



FIGURE 2.1 Illustration of Michaelis—Menten parameters. 
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When substrate concentration is low in comparison to Km, the rate equation shifts to first 
order: 


V 8 

v max u 



(2.2.14) 


While at high concentration of substrate, the rate of enzyme reaction may reach constant 
rate at maximum value; that means — r s = V max . For the case of substrate S is equal to Km, the 
rate is half of the maximum rate, as is indicated in the preceding illustrated figure. 


-r s = 


V, 


max 

2 ~ 


(2.2.15) 


The parameters in the rate model V max and Km are used to characterize the enzymatic re¬ 
action. The value of V max is dependent on enzyme concentration; whereas. Km is independent. 
For a batch bioreactor, the rate is given as follows: 


^C urea VmaxC urea 

dt ~ r ” ea “ K M + C urea 

(2.2.16) 

Integration, while separating variables to define batch residence time for enzymatic reac¬ 
tion, yields: 

C s 

, _ f Km + Curea 

* — / \7 C ^^"urea 

J * max'-' urea 

Q 

(2.2.17) 

j _ ^M Q | C;_C S 

^ max C s V max 

(2.2.18) 


The preceding equation in terms of conversion is written by substitution C s /C, = 1 — X. 

C X 

1 (2.2.19) 


t = ^L m 1 


The preceding equation is multiplied by then rearranged: 


-In- 1 


f 1 -X 


V C Y 

v max v --z yv 

Km KMt 


( 2 . 2 . 20 ) 


To obtain Km and V max in a batch bioreactor, a linearized model of the Michaelis—Menten 
rate equation is used. To define batch residence time, a similar expression for substrate con¬ 
centration is given below: 


1, S 0 
-In — 
t S 


v, h 


K 


-M 


So-S 

K M t 


( 2 . 2 . 21 ) 


The slope and intercept of the line drawn in Figure 2.2 are defined for Km and V max . 
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FIGURE 2.2 Linear plot of Eqn 2.2.21. 


EXAMPLE 1 

Evaluate Michaelis—Menten rate constants 

Determine Michaelis—Menten rate constants, V, mx for a urease enzymatic reaction. The reaction 
rate is given as a function of substrate concentration given in the Table E.1.1 

TABLE E.1.1 Urea concentration and rate of urea consumption 
C urea (mol U 1 ) 0.2 0.02 0.01 0.005 0.0025 

-Urea (mol (1 sU 1 ) 1.1 0.55 0.375 0.2 0.1 


Solution 

The Michaelis—Menten rate model is linearized for a double reciprocal equation that is known as 
the Lineweaver—Burk plot, which is described by the following equation: 


J_ = S + K m = 1 | K m m 

A V nu]x S V max V max \SJ 


(E.1.1) 


The plot of reciprocal reaction rate versus reciprocal of substrate should be a straight line. Let us 
calculate double reciprocal values as given; data are summarized in the following Table E.1.2 


TABLE E.1.2 

Calculated inverse urea 

and inverse rate 


Cures (mol 1 _1 ) 

-Urea (mol (1 s) _1 ) 

1/Curea d mol _1 ) 

1/ Urea 0 S m °' ') 

0.20 

1.1 

5.0 

0.93 

0.02 

0.55 

50 

1.82 

0.01 

0.375 

100 

2.67 

0.005 

0.2 

200 

500 

0.0022 

0.093 

455 

10.75 
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FIGURE E. 1.1 Lineweaver—Burk plot for enzyme linear rate model. 

From Figure E.1.1, the slope of the line is = 0.02 s, Km = 0.025 mol U 1 and the intercept is 
0.8; the maximum rate is V imx = 1.25 mol (1 s) -1 . Now substitute kinetic parameters into the rate 
equation. The result is the rate model for enzyme kinetics. 


1.25 C u 


0.025 + C u 


(E.1.2) 


EXAMPLE 2 

Given Michaelis—Menten kinetics for a concentration of enzyme [E], assume specific gravity of 
an enzyme solution that has Km value of 6.2 v/v%. The initial and final substrate concentrations 
were 1.4 and 0.2 gmol ml -1 , respectively. Also given is the maximum rate for the enzyme 
V max = 5.6 gmol (ml min) -1 . Density of the solution is 0.9 g cm -3 and average molecular weight of 
300 g mol -1 ; total concentration Cr = 0.003 mol ml -1 or 3000 gmol ml -1 . Define batch reaction time 
for the given information about the enzyme kinetic activities. 


Solution 

Michaelis—Menten rate is defined as: 


dC s 




VmaxC s 


dt Km + C s 

O = c s „(i-x) 

0.2 = 1.4(1-X); X = 0.86 


Km + Cs 
Cc 


dC s = 


1.4 

5.6 x 10 -3 
3 

6.2 In 7+1.2 


t = K„, In 


'V„, 


1.4 

0.2 


-dt = 


’ 5.6 
3000'' 


dt 


1.4-0.2 


t = 


5.6 x 10- 3 /3 


= 7106 min = 118.4 h 
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EXAMPLE 3 


For an enzymatic hydrolysis of a lipid, a 5 1 batch bioreactor for conversion of 95% is used, while 
initial substrate concentration is 0.5 mol I \ and enzyme reaction has utilized an 80 ng P 1 . 
The reaction is carried out isothermally. Experimental data for the reaction is provided in the 

Table E.3.1 


TABLE E.3.1 Data collected in enzyme rate studies 


C s (mol r 1 ) 

— r s (mol (1 s) ’) 

1/C S (1 mol -1 ) 

1 l—r s (1 s mol ') 

1.0 

1.15 

1.0 

0.87 

0.1 

0.67 

10 

1.49 

0.05 

0.43 

20 

2.33 

0.025 

0.22 

40 

4.55 

0.01 

0.10 

100 

10.0 


Determine batch kinetics reaction time. 

Solution 

Given batch residence time for the enzymatic hydrolysis, the related expression is 
as follows: 


K m 1 C,X _ 2004 1 0.5(0.95) 

V^ x l^X + V^ x ~ L43 OB5 + 1.43 


4.6 s 



FIGURE E.3.1 Linearized Lineweaver—Burk plot. 

From Figure E3.1 the slope of the line is = 0.92 s, K M = 2.05 mol P 1 and the intercept is 0.7; 
the maximum rate is V„ mx = 1.43 mol (1 s) _1 . Now substitute kinetic parameters into the rate 
equation; the results are in the rate model for enzyme kinetics. 
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EXAMPLE 4 


Define enzyme kinetic parameters given experimental data as urea is liberated with respect to 
time: 


Time (min) 2 2.5 3.2 4 10 

Urea concentration (g l -1 ) 0.12 0.43 0.95 2.70 12.0 


Solution 

The rate is calculated based on the change of concentration of urea release with respect to time 
differences. The calculated rate and double reciprocals are stated in Table E.4.1. 


TABLE E.4.1 For given experimental data, calculated inverse substrate and rate 


Time (min) 

c s (g r 1 ) 

— r s (g (1 min) -1 ) 

1 1C. (1 g -1 ) 

1 l—r s (1 min g ') 

2 

0.12 

0.06 

8.33 

16.67 

2.5 

0.43 

0.17 

2.33 

5.88 

3.2 

1.15 

0.36 

0.87 

2.78 

4 

2.67 

0.67 

0.37 

1.49 

10 

11.40 

1.14 

0.088 

0.88 



1/C S , l.g 1 


FIGURE E.4.1 Inverse rate, 1 /—r s versus 1/C„. 

Plot of inverse rate, 1 /—r s versus 1/C S resulted V max = 1.25 g (1 min) -1 and Km = 2.4 g l -1 ; the 
plotted data are shown in Figure E.4.1. 
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The energy stored in the protein as biomolecules is known as the activation energy; it may 
assist as the biochemical reaction proceeds. In a living system, an enzyme functions in a spe¬ 
cific temperature and pH. Enzymes have remarkable properties; as enzyme are catalyzed and 
speed up the reaction rate, the rate may increase by a magnitude of one million. Enzymes, in 
contrast to inorganic catalyst, act in a very specific manner and often function for a very se¬ 
lective, exact reaction. In pharmaceutical applications, enzymes are used to activate a specific 
medicine by shifting a functional group of a medicine. Because the actions of enzymes are 
highly selective, side reactions or side products are rarely produced. Enzymes are known 
as very precise catalysts that conserve energy in biochemical reactions. The free energy 
involved for enzymatic reaction is much lower than noncatalytic reaction. 

Enzymes are known for being very unique, and they have active sites for interacting with 
an exact functional group coupled with a substrate. That is why enzymes work like a lock 
and key model. Several amino acids are involved in participation of the active site and cata¬ 
lytic activities. As a result, energy is transferred to the enzyme—substrate complex; that en¬ 
ergy can lower the energy formation of the product, and then products are released. That 
means the energy required for the reaction transferred by the enzyme enhances the product 
to be released. The catalytic activity of an enzyme depends on an interaction between the 
active site amino acids and the substrate. It may be possible in some other enzyme nonprotein 
components to be responsible for their catalytic activities. For instance, enzyme cofactors are 
acting ions in enzymes; these ions are like Fe 2+ , Zn 2+ , Mg 2+ , Mn 2+ or a complex of organics 
known as coenzymes. If a protein component of the enzyme is lacking an essential cofactor, it 
is known as "apoenzyme." Once an enzyme is bounded to cofactors, it is called holoenzyme. 

The rate of an enzyme acting as a catalyst can be regulated in a desired environment. The 
enzyme activities may be enhanced by activators or promoters, and also, the activities can be 
reduced by enzyme inhibitors. This means the activity of an enzyme can be regulated by co¬ 
factors and bonds to any ions for extra charges. For example, hexokinase is an enzyme that 
can catalyze the adenine triphosphate in the phosphorylation of carbohydrates known as hex- 
ose, a six-carbon sugar. The enzyme will bind to D-glucose, not to L-hexose. This is a specific 
action of the enzyme on a specified carbohydrate. The prefixes d- and l- for carbohydrates are 
related to shifting polarized sugar isomers. In fact, photons of light can move the isomer 
structure of D-glucose carbohydrates as the molecule can shift the polarized light to the right 
and L-hexose shifts the light to the left, like a-L-fucose (6-deoxy-L-galactose). 

2.3 ENZYME CLASSIFICATIONS 


Enzymes are classified based on their specific function. In biological processes and living 
systems, certainly a huge number of biochemical reactions occur under enzymatic activities. 
These enzymes are categorized based on the reaction and specific function, product forma¬ 
tion, or substrate consumption. There are six groups of enzymes identified based on enzyme 
activities and enzyme-specific special function: 

1 . Oxidation and reduction enzymes: These enzymes are involved in oxidation and reduc¬ 
tion and are often called oxidoreductase. The common conversion of oxidases, reductases, 
and liydrogenases is ketones/keto-acids to chiral alcohols. For instance, in the oxidation 
of ethanol, the alcohol is converted to aldehydes, while nicotinamide adenine 
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dinucleotide (NAD 1 ) is reduced to nicotinamide adenine dinucleotide hydrogenase 
(NADH). The reaction in living systems requires an enzyme to oxidize ethanol while 
NAD 1 is reduced. 

CH 3 CH 2 OH + NAD + t±CH 3 CHO + NADH + H+ (2.3.1) 

The enzymatic reaction catalyzed by lactate dehydrogenase can be stated as follows: 

Pyruvate + NADH + H+ -> lactate + NAD + (2.3.2) 

Aspartate ammonia lyase (aspartase) can convert aspartic acid to fumaric acid; the re¬ 
action is stated as follows: 


Aspartate —*• Fumarate + NH 3 (2.3.3) 

2 . Enzymes involved in transfer reactions: The second group of enzymes is known as 
"transferase." This group of enzymes transfers a functional group from one molecule to 
another one. For example, in an enzyme known as "phosphatase," the phosphate group 
is moved from adenosine triphosphate (ATP) to an other compound. 

3. Hydrolase enzymes: These enzymes are able to hydrolyze a polysaccharide to a monomeric 
sugar. In fact, the purpose of a hydrolase enzyme is to catalyze the reaction of a water 
molecule with a polymer. For example, amylose is reacted with amylase in the presence of 
water, and as a result, glucose is liberated. Another example is a reaction of phosphatase 
breaking a phosphate group to liberate phosphoric acid while alcohol is formed. 

R-0-H 2 P0 3 + H 2 0 -> R-OH + H 3 P0 4 (2.3.4) 

The enzymes act as digestive function while breaking the peptide bond in proteins. 
The most common hydrolytic enzyme, for instance reaction, of water with cellulose fi¬ 
ber, monomeric sugar is formed. 

4. Enzymes for the removal or formation of a double bond: The formation or removal of a 
double bond with a group transfer occurres by an enzyme having the suffix of "lyase," 
which includes the amino group, water, and ammonia. For example, an enzyme know 
as decarboxylase is able to remove CO 2 from alpha- or beta-ketoacids: 

C0 2 -CH=CH-C0“+20H- <-+CO“-CHOH-CHOH-CO“ 2.3.5 

Such a type of enzyme is able to remove double bonds to deliver a saturated organic 
structure. Another example is the removal of the ammonia group from an amino acid. 

In this case, serine is converted to pyruvate: 

CH 2 0H-CHNH+-C0 2 ^CH 3 -CO-CO z + NH 3 (2.3.6) 

5. Isomerization of functional groups: This group of enzymes is able to catalyze chemical 
structure as the position of functional group is shifting, while the molecule contains the 
same number of atoms; the only changes occur on the configuration of the molecule as 
some functional groups are displaced. Such changes are called isomerization. For 
example, the enzyme known as phosphate isomerase is able to shift the aldehyde group 
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(—CHO) to ketone from (—CO—). The reaction of isomerization in glyceraldehyde- 
3-phosphate is shown next: 

CH0-CH0H-CH 2 -0-P0^“ ~CH 2 0H-C0-CH 2 -0-P0^ (2.3.7) 

In addition, the following reactions demonstrate how the isomerase enzyme can cata¬ 
lyze reactions. For instance, triose phosphate isomerase can convert dihydroxyacetone 
to glyceraldehyde-3-phosphate. 

dihydroxyacetone phosphate —> glyceraldehyde-3-phosphate (2.3.8) 

Also, an especial enzyme is able to convert optical isomers; for example, alanine race- 
mase may convert L-alanine to D-alanine. 

L-alanine —> D-alanine (2.3.9) 

6 . Single bond formation by eliminating the elements of water: Enzymes known as hydro¬ 
lases act in breaking down bonds by adding water molecules. However, ligases respond 
in a converse reaction by removing a water molecule from two functional groups to 
form a single bond. Synthetases are a subclass of ligases used for hydrolysis of ATP to 
drive this formation. For example, aminoacyl-transfer RNA synthetases join amino acids 
to transfer RNAs for protein synthesis. 


2.4 ENZYMES SPECIFIC FUNCTION 


Enzymes that are able to function outside of living cells are known as biological catalysts 
acting in vitro. The enzymatic activities of enzymes are associated with a protein structure 
because enzymes have active sites with which bind to substrate. Generally, digestive en¬ 
zymes are pure protein structures. For example, urease is a pure protein. Pepsin, trypsin, 
and chymotrypsin are known as digestive enzymes. Lysozymes are active enzymes found 
in tears, saliva, and egg whites that digest the cell wall of some bacteria. The structure of a 
lysozyme is in crystalline form, which was defined by X-ray crystallography. That was the 
beginning of the field of structure biology. Enzymes are globular proteins arranged from 
amino acid residues. The activities of enzymes are determined by their three-dimensional 
structure of proteins. 


2.5 ENZYMES ACT AS CATALYSTS 


Most enzymes are known as active catalysts, acting fast, and the rate of reactions is 
millions of times faster than uncatalyzed reactions. In fact, enzymes function similar to metal 
oxide catalysts. The enzymes-like catalysts are not consumed by the catalytic reaction, while 
the catalyst can lower the required activation energy to perform the reaction. 

Besides the catalytic activities of enzymes, in comparison to metal oxide catalysts, they act 
very specifically on a substrate. Enzymes are highly selective for interaction with their spe¬ 
cific substrate. The activities of enzymes are affected by other molecules. If any molecules 
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interfere with the enzyme reaction, the rate is affected by the specific molecules, known as 
inhibitors. The inhibitors can decrease enzyme activities. On the contrary, any molecules 
that increase or promote the enzymatic activities are known as enzyme activators. Many 
drugs and poisons act as inhibitors. Sometimes, the promoters can be a physical effect 
such as pH, temperature, or concentration of substrate. 

Some enzymes are commercially used for the synthesis of antibiotics. There are four en¬ 
zymes used in liquid and powder detergents. The purpose of these commercial enzymes is 
to interact and break down the dirt in the form of proteins and fats attached to the cloth. 
Therefore, most of these four enzymes are protease, lipase, amylase, and cellulase. Another 
well-defined application of enzymes is meat tenderizers; these enzymes break down the 
long chain of protein molecules to a small size; as a result, the meat became more tender, 
and then can easily be chewed. 


2.6 INHIBITORS OF ENZYME-CATALYZED REACTIO NS 

Molecules that are able to retard or reduce enzyme activities are called inhibitors. These 

molecules can be food preservatives, drugs, and antibiotics. Enzyme inhibitors may be seri¬ 
ously involved in metabolic pathways and interrupt any biochemical or biological activities. 
On the contrary, for therapy, inhibitors may be used to control enzyme activities. For example, 
antibiotics are used to eliminate or reduce activity of specific enzymes. For protecting specific 
drugs, inhibitors are temporarily used. Enzyme inhibitors may occupy the active site of a free 
enzyme and strictly reduce enzyme activities. The function of inhibitors in any enzyme reaction 
is well understood. Inhibitors may influence enzyme rate constants, either by directly acting to 
reduce maximum specific growth rate ( V max ) or by increasing the Michaelis—Menten constant 
two distinct inhibitors acting on enzyme kinetic constants. Competitive and 
inhibitors are easily identified based on Lineweaver—Burk plots. In a compet- 
le value of V max is unchanged by the addition of inhibitor concentration in the 
enzymatic reaction; that means the intercept of the plot does not change. Conversely, a 
noncompetitive inhibitor causes the reduction of the value of maximum specific growth rate, 
while the value of Michaelis—Menten constant remains unchanged. It is possible that both con¬ 
stants change due to the type of inhibitors; such inhibitors are known as mixed inhibitors. The 
details of the three types of inhibitors are discussed next. 

Competitive Inhibitors: In this type of inhibitors; there is serious competition for substrate 
and inhibitors to interact with active sites of the free enzymes to form an enzyme—inhibitor 
complex [Ft], Competitive inhibition, having constant 1/V mnx , is shown in Figure 2.3. The re¬ 
actions are illustrated as follows: 


(K m ). There are 


noncompetitive 


itive inhibitor, t 


[E] + [S]f[ES]^[E} + [P] 

k -1 

(2.6.1) 

K~i 

[£] [I] ^ [El] + [S] —>►The reaction is terminated 

k-i i 

(2.6.2) 


In this case, substrate and inhibitors often compete for binding to the free sites of enzymes. 
The concentration of enzyme—inhibitor complex depends on the concentration of inhibitors 
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FIGURE 2.3 Competitive inhibition having a constant 1/V„ mx . 



FIGURE 2.4 Uncompetitive inhibitors. 

and the dissociation coefficient or equilibrium constants of K, = jjj- = since enzymes are 

associated with inhibitors, enzymes activities are reduced while the active sites of enzymes 
are occupied with inhibitors. That reduces the affinity of the substrate to interact with active 
sites of enzymes. 

Figure 2.4 shows uncompetitive inhibitors having constant slopes. The first line from the 
bottom has no inhibition; while the concentration of inhibitors increased as the value of 
maximum specific growth deceased. Notice that the value of K m is not constant. In uncompet¬ 
itive inhibitors, the inhibitors are not involved with the interaction of free sites, but they may 
take the advantage of binding to the complex formed as an enzyme-substrate [ES], and the 
further [EIS] complex is formed. This complex may terminate the reaction and cause to reduc¬ 
tion of the activity of the enzyme. 

[E] + [S}f[ES}b [£] + [P] 

k-i 

j (2.6.3) 

Kii'lk-n 

[EIS] 


depicts noncompetitive inhibition for constant K m , while the concentration of in¬ 
hibitors increased and the value of maximum specific growth deceased. For the case of 
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FIGURE 2.5 Noncompetitive inhibitors. 

noncompetitive or mixed inhibitors, the enzyme interacts with the substrate and inhibitors to 
form an enzyme—substrate complex [ES] while an enzyme—inhibitor complex also formed. 
Once the reaction proceeds, more complex enzyme—inhibitor—substrates [EIS] are formed. 
At this stage, the reaction is terminated while inhibitors block the active sites of enzymes. 

[E] + [S]<->[ES]->[E] + [P] 

+ + 

1 1 (2.6.4) 

it it 

[E7] + [S] <-> [E/S] —¥ No Reaction 

The rate of enzymatic reaction depends on substrate concentration and product formation. 
HifU concentrations of substrate and product may cause any sort of inhibition, as the en¬ 
zymes are occupied by high levels of substrate or product; such phenomena may easily 
happen in a batch process. 

2.7 INDUSTRIAL APPLICATION OF ENZYMES 


Enzymes are used in chemical industries, food processing, cosmetics, and pharmaceutical 
use. In fact, enzymes are used as catalysts at atmospheric pressure and mild temperature; 
however, limitations with enzymes regarding denaturation may occur at high temperatures. 
The thermal tolerance of enzymes is produced to function and catalyze at relatively high tem¬ 
perature. An additional limitation of enzymes is the lack of stability in organic solvents. The 
nature of the enzyme is that of a protein; organic solvents may destroy the structural config¬ 
uration of the enzyme. Enzymes are also sensitive to the pH of media. In other words, 
enzyme activities may be maximized at optimal pH. The demonstration of enzyme activities 
is dependent on their function. Amylases, which originate from fungi and plants, are 
commonly used in food processing. These enzymes are often used for production of sugar 
from starch. Also for the production of high fructose corn syrup, amylolytic enzymes are 
often used. In a baking process, enzymes are used to break down the starch content of flour; 
then, the polysaccharides are reduced to monomeric sugar. Yeasts are used for fermenting 
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carbohydrates to generate intermediate metabolites and carbon dioxide. The fermented prod¬ 
uct may be enriched with protein, and even proteases are used to liberate folic acid or other 
useful amino acids for the production of biscuits. The enriched flour is used for production of 
amino acids and other intermediate metabolites. In fermentation, carbon dioxide is generated; 
therefore, instead of baking soda, yeasts are used in bakeries and the food industry. 

In preparation of predigested baby foods, use of trypsin is common. In the brewing indus¬ 
try, enzymes from barely are released in the course of the mashing stage of beer production. 
The enzyme breaks down starch and proteins to produce monosaccharides, peptides, and 
amino acids. The process is enriched via fermentation of yeasts. The industrial enzymes pre¬ 
pared from barley are widely used in the brewing process. These enzymes are perfectly 
substituted for the enzyme naturally found in barley. 

Enzymes such as amylase, glucanase, and proteases are used for the saccharification of 
polysaccharides and proteolysis of proteins in malt. An enzyme, such as p-glucanase or ara- 
binoxylanase, is used for the improvement of wort and beer filtration. Also, amyloglucosi- 
dases and pullulanases are implied in low-caloric beer to adjust the fermentation. Use of 
protease in clarification and removal of the cloudiness of stored beer is absolutely effective. 
The fermentation efficiency may be enhanced by the reduction of diacetyl, which is conduct¬ 
ed in the enzymatic process by acetolactate decarboxylase . Normally, fruit juices are clarified 
by addition of enzymes known as cellulase and pectinase. 

Enzymes are directly involved in cheese manufacturing, which are used to hydrolyze pro¬ 
tein. In fact, the rennin, which is derived from the stomachs of young ruminant calves and 
lambs, is rich in proteolytic enzymes. The extracted enzymes from ruminants are used in 
dairy industries. There are many enzymes generated from Lactobacillus species used in dairy 
products. For instance, lipase is used for production of cheese to enhance ripening of the blue 
mold cheese. 

The enzymes involved in most starch industries are amylase, amyloglucosidase, and glu- 
coamylase. All of these enzymes are used for the hydrolysis of starch, which break down 
carbon—carbon bonds and liberate monomeric sugars like glucose and fructose in the form 
of various syrups that are products of starch industries. 

The enzyme known as glucose isomerase is used to convert glucose to fructose. This 
enzyme is often used for production of highly enriched fructose syrups from starchy mate¬ 
rials. These syrups are enhanced with sweetening properties and lower calorific values 
than sucrose for the same level of sweetness. 

Applications of several enzymes in pulp and paper industries are well known. These en¬ 
zymes are amylases, xylanases, cellulases, and ligninases. All of the amylolytic enzymes are 
used to degrade starch in order to reduce viscosity, sizing, and also used for paper coating. 
Xylanases may reduce the consumption of bleaches used for decolorizing; cellulose is also 
used for smoothening fibers. The lignin-degrading enzymes are used to remove lignin 
from softened paper. Use of cellulase in the biofuel industry is clearly demonstrated for 
the bioconversion of cellulose to reduced sugars. The monomeric carbohydrates are fer¬ 
mented to ethanol. 

One of the main uses of enzymes is for the cleaning purposes as biological detergents. 
These enzymes are primarily proteases produced in an extra cellular cell synthesis, using 
for washing and presoaking conditions. The enzyme directly acts on protein stains on clothes. 
For liquid detergent, a combination of four enzymes is used, such as primary proteases. 



2.8 COENZYMES 


35 


amylases, lipases, and cellulases. Also, these enzymes as a combination of four different en¬ 
zymes are often used as laundry detergents. In addition, the mixture of four enzymes such as 
amylases, lipases, proteases, and cellulases are used in biological detergents for the purpose 
of cleaning and softening in washing machines to remove residues of starch, fats, and protein 
stains. Proteases are used in solution for the cleaning of contact lenses to remove proteins 
from the surface of the contact lens and to prevent infections. Another industrial application 
of an enzyme is the use of catalase in the rubber industry. This enzyme is used for the gen¬ 
eration of oxygen from peroxide which is used for conversion of latex to foam rubber. Even 
proteases are used in the photographic industry for dissolving gelatin from scrap film for the 
recovery of sliver. 

DNA ligase and polymerases are used for the manipulation of DNA in genetic engineer¬ 
ing. Several enzymes are also used in pharmacology, agriculture, and medicine for the pur¬ 
pose of drug, digestion, and polymerase chain reactions; no one can ignore the role of the 
enzyme in pharmaceutical uses. 

One of the enzymes that is able to break down polysaccharides and also to destroy the bac¬ 
teria cell wall is known as lysozyme. In fact, the enzyme is able to hydrolyze the glycosidic 
bond 3 (1—4) from N-acetylmuramic acid to N-acetylglucosamine in peptidoglycans of the 
cell wall. Similarly, hydrolysis of the linkage of poly-N-acetylglucosamine as chitin, which 
is found in the exoskeletons insects, is a cell wall component of most fungi and can be accom¬ 
plished by lysozyme. This enzyme is found in tears and, obviously, protects eyes from any 
bacterial infection. Lysozyme is found in the egg white (albumen) of hens eggs; the enzyme 
is a protein of a single polypeptide chain; it consists of 129 amino acids. The enzyme cata¬ 
lyzes the hydrolysis reaction of most lipopolysaccharide compounds of most microbial cell 
walls. That means, the enzyme has the ability to lyze the cell walls of microorganisms. 


2.8 COENZYMES 


Enzymes catalyze a wide variety of biochemical reactions. Enzymes even speed up oxida¬ 
tion-reduction reactions as catalytic activities are associated with small molecules known as 
cofactors. The cofactor as a core center of the enzyme essentially acts as a chemical functional 
group binds with specific identified compounds. The cofactor may be metal ions such as 
Fe 3 + /Fe 2 1 and Zn 2f that are involved in catalytic activities of enzymes. An organic molecule 
such as nicotinamide adenine dinucleotide (NAD 1 ) serves a specific group with catalytic ac¬ 
tivities for oxidation—reduction reactions catalyzed by dehydrogenases. A typical reaction 
catalyzed by alcohol dehydrogenase is shown as follows: 

CH 3 -CH 2 OH + NAD+ ^±CH 3 —CHO + NADH + H+ (2.8.1) 

The forms of NAD 1 and NADP 1 are known as the first coenzymes were recognized. They 
are involved in a large number of enzymatic reactions. The conversion of NAD + to reduced 
form of NADH is accompanied by marked alteration in the spectrophotometric properties of 
the coenzyme. NAD + is a coenzyme associated with a given molecule such as a co-substrate. 
The reduced forms of NAD h are NADH and NADPH. They are involved in the transfer of a 
hydroxide group, a hydrogen molecule with two electrons, between substrate and coenzyme. 
Such reactions may proceed via an actual transfer of hydroxide ion. Nicotinic acid, as known 
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TABLE 2.1 Vitamins function as coenzymes 


Vitamin 

Coenzyme 

Reaction-mediated and metabolic roles 

Biotin 

Biocytin 

Carboxylation, nonphotosynthetic 
fixation of carbon dioxide 

Cobalamin, Bi 2 

Adenosyl cobalamin, B 12 

Alkylation, intermolecular rearrangements 

Coenzyme A 

CoA 

Acyl transfer 

Folic acid 

Tetrahydrofolate 

One carbon group transfer 

Lipoic acid 

Lipoic acid 

Acyl transfer 

Nicotinamide 

Nicotinamide 

Oxidation—reduction 

Niacin 

Nicotinamide adenine dinucleotide, NAD + 

Redox-active 

Pantothenate, B 3 

CoA 

Acyl transfer 

Pyridoxine, B<, 

Pyridoxal phosphate 

Amino group transfer 

Riboflavin, B 2 

Flavin dinucleotide, FAD 

Oxidation—reduction 

Thiamine, Bj 

Thiamine pyrophosphate, TPP 

Aldehyde transfer 

Vitamin A 

Retinol, carotenoid 

Vision 

Vitamin K 

Vitamin K 

Carboxylation of glutamate residues 

Vitamin C 

Ascorbic acid 

Oxidation—reduction 

Vitamin D 

Ergocalciferol, fl-carotene, ergosterol, steroid 

Photolysis, photochemical reaction, 
calcium adsorption 

Vitamin E 

Tocopherol, terpenes 

Reducing agent 


as niacin, is available in cereals and meat, and is is precursor of NAD 1 and NADP 1 . The most 
prominent coenzyme in living system for transfer of the acyl group is coenzyme A (CoA). 
Other cofactors known as prosynthetic groups are associated with proteins via covalent 
bonds. For instance, the heme molecule in hemoglobin is tightly bounded to its protein. There 
is a covalent bond between heme and an Fe 2 1 ion and histidine (His). The heme molecule has 
a high affinity to bind with oxygen. The core of this molecule is Fe 2+ -Fe 3+ , surrounded by 
four porphyrin rings. The porphyrin ring is not only present in heme, but it is also appears 
in chlorophylls of green plant cells. For oxidation and reduction, shifting may occur from 
Fe 2+ to Fe 3+ inside the heme in a reversible reaction for oxyhemoglobin or reduced (redox) 
forms of globins. 

Table 2.1 represents vitamins functioning as coenzymes. The coenzymes are considered as 
growth factors as they show up in supplementary nutrients in media for microbial growth. 
They may act as growth stimulants in specific cases. It is known that microorganisms are 
not able to synthesis some molecules; most of these biomolecules are vitamins. In the human 
diet, deficiency of nicotinic acid (niacin) causes a disease known as "pellagra." The symptoms 
of pellagra are diarrhea, dermatitis, and dementia appearing in the human being. Most ani¬ 
mals are able to synthesis nicotinamide from an amino acid known as tryptophan. 
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Vitamins are classified into two groups: those that are soluble in water and those vitamins 
that are insoluble in water (but are soluble in fats and lipids). The vitamins in the human diet 
that may act as coenzyme precursors are classified as water soluble vitamins. In the contrary, 
those vitamins that are insoluble in water, but soluble in fat or lipids such as vitamins A and 
D, are not considered as coenzymes. Vitamin D is a steroid. Among steroids, ergosterol is 
easily converted to vitamin D. Vitamin A is a carotenoid, whereas, vitamins D and E are de¬ 
rivatives of terpenes. Although these vitamins are essential in trace amounts in the human 
diet, but they may not be involved in catalytic activities similar to other coenzymes. The hu¬ 
man system is unable to synthesize the supplementary vitamins. Some of these vitamins are 
synthesized by bacteria; these organisms are normal inhabitants in the human digestive sys¬ 
tem. It is believed that the superfluous cellular systems through evolution may lose the ability 
to synthesize these types of vitamins. 

2.9 EFFECT OF pH ON ENZYME ACTIVITIES 

Most enzymes are active only within a narrow range of pH, typically 5—9. The effect of 
pH may be related to a combination of several factors such as energy involved in binding 
the substrate to an active site on the enzyme, ionization of amino acid residues involved in 
catalytic activity of the enzyme, ionization of substrate and variation of protein structure 
due to ionic strength of the media. The rate of the enzymatic reaction due to variation of 
pH may lead to a normal bell curve, where a maximum rate is obtained at optimum pH of 
the solution. The optimal pH value may be related to pKs of ionized amino acids involved 
in the structure of the enzyme. Based on pKs values, it is probably possible to project the 
optimal pH of an enzyme by having the amino acid compositions in the structure of pro¬ 
tein. Enzymes at extreme values of acidic or basic pH cause denaturation of protein. 


2.10 ENZYME UNIT ACTIVITIES 


The most common unit used for defining enzyme activities is the amount of transforma¬ 
tion of 1.0 pinole of substrate per minute at 25 °C under optimum conditions. The specific 
activity of the enzyme is the number of units per mg of enzyme. The value for a specific ac¬ 
tivity is constant when the enzyme is pure. The turn over number for an enzyme is the num¬ 
ber of substrate molecules transformed by a single active site on the enzyme. The molar 
activity of an enzyme with a single active site can be calculated from its maximum specific 
rate value, V max . An international unit for enzyme activity is introduced by "Enzyme Com¬ 
mission" that is defined as the amount of enzyme activity transforms per 1 mol per second 
of substrate; known as "kat.". 

2.11 ENZYME DEACTIVATION 


Enzymes are proteins; their stability is often reported by half-life. The half-life is the dura¬ 
tion of time required by the use of an enzyme as the enzyme's activities decline to half of its 
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initial activities. The rate of enzyme deactivation is proposed as the first order of enzyme 
concentration: 


r d = = k d E a (2.11.1) 

where r d is rate of enzyme deactivation, E a is the active enzyme concentration, and k d 
is the deactivation rate constant. Integrating the above equation and carrying out 
separation of variables results in an expression for active enzyme concentration with respect 
to time: 



£<?o 0 


E a = E a0 e~^ (2.11.2) 


where E a o is the concentration of active enzyme at time zero. The concentration of active 
enzyme decreases with respect to time. The maximum rate is defined as V max ; the value is 
decreasing as the activation of enzyme deceases. The half-life of the enzyme, f;„ is defined 
based on following expression: 


h 


In 2 

~kT 


(2.11.3) 


The rate of deactivation is temperature-dependent as its dependency is described by 
Arrhenius' law: 


k d = Ae-& (2.11.4) 

where A is the Arrhenius constant, and E d is the activation energy for enzyme deactivation. 
As the temperature increases, the activity of the enzyme deceases; that is most probably due 
to denaturation of the enzyme at high temperature. 


NOMENCLATURE 


A Arrhenius constant (min -1 ) 

E a Active enzyme concentration (mg I ] ) 

E d Deactivation energy for enzyme (J mol -1 or cal mol -1 ) 
k d Deactivation rate constant (min -1 ) 

Km Michaelis—Menten constant (mol l -1 or g l -1 ) 

R Ideal gas constant, 1.987 cal (mol K) -1 or 8.3144 J (mol K) -1 
r d Rate of enzyme deactivation (mg (1 min) -1 ) 

T Absolute temperature (K) 
tu Half-life of enzyme (min) 

V max Maximum specific rate value (mol (1 s) -1 ) 
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2.12 SOLVE PROBLEMS 


1. An enzyme known as catalase is used to accelerate decomposition of hydrogen peroxide 
to yield oxygen and water. The concentration of hydrogen peroxide with respect to time 
is given as follows (Table P.l): 

TABLE P.l Concentration of H2O2 with respect to time 

Time (min) 0 10 20 50 100 

Concentration of hydrogen peroxide (mol l -1 ) 0.02 0.0178 0.0158 0.0106 0.005 


a. Determine the Michaelis—Menten parameters 

b. Total enzyme concentration with respect to the above case is tripled. What would be 
the substrate concentration after 20 min? 

2. A pesticide has inhibited the activity of an enzyme A, which is used to react with sub¬ 
strate ""S," the rate with and without an inhibitor is given in the following table: 

a. What are the Km and V max in the presence and absence of the inhibitor? 

b. What kind of inhibition exists? Explain what sort of inhibitor you have selected 

(Table P.2). 


TABLE P.2 Enzyme rate data 


S (mol 1 *) u„ (mol (1 min) '), no inhibitor u,, (mol (1 min) '), with inhibitor 


3.3 

X 

10~ 4 

5.6 

X 

10~ 5 

3.7 

X 

10~ 5 

5.0 

X 

10~ 4 

7.1 

X 

10- 5 

4.7 

X 

10- 5 

6.7 

X 

10~ 4 

8.8 

X 

10- 5 

6.1 

X 

10- 5 

1.65 

X 

10~ 3 

1.29 

X 

10~ 4 

1.05 

X 

10~ 4 

2.3 

X 

10~ 3 

1.51 

X 

10~ 4 

1.2 

X 

10~ 4 

3.2 

X 

10~ 3 

1.69 

X 

10~ 4 

1.27 

X 

10~ 4 


3. The kinetics of the enzymatic reaction of disaccharides such as lactose is affected by 3- 
galactosidase concentration. The reaction may be inhibited with high product concentra¬ 
tion. The projected rate is: 

= 

M K m {l+ V /Ki) + S 


For easy recovery of enzyme from milk, the enzyme solution was entrapped with 
nitrocellulose membrane with diameter of 30 pm (microcapsules). 
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TABLE P.3 

Enzyme activities 


Time (min) 

Enzyme activity (gmol (ml min) b 

Soluble enzyme 

Immobilized enzyme 

0 

0.86 

0.45 

3 

0.79 

0.44 

6 

0.7 

0.43 

9 

0.65 

0.43 

15 

0.58 

0.41 

20 

0.46 

0.40 

25 

0.41 

0.39 

30 

- 

0.38 

40 

- 

0.37 


Determine the kinetic constants while inhibition is holding. 

4. At 350 K, the rate of an enzymatic reaction is eight times the rate of the same enzyme 
reaction at 270 K. Find the activation energy of the above stated enzyme reaction using 
Arrhenius' law. Arrhenius' law shows the temperature dependency of rate constant 
based on 

k = k 0 e~*r 

where R is ideal gas constant, 8.3144 J (mol K) -1 . 

5. Amylase is often produced by Endomycopsis biospora; the enzyme is immobilized on 
polyacrylamide gel. Enzyme activities for soluble and immobilized enzymes are 
compared at 80 °C. Our experimental data for the rate equation in both cases were 
obtained. The data are summarized in Table P.3. What is the half-life for each form of 
enzyme? 

Hint: Please compare enzyme activities by half-life and also E = E 0 e~ kdt . 
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SUBCHAPTER 


2.13 


Case Study: Solid-State Fermentation of Sugarcane Bagasse 
in a Tray Bioreactor for Production of Lipase Using 

Rhizopus oryzae 


2.13.1 INTRODUCTION 


Lipases (glycerol ester hydrolases EC 3.1.1.3) are well-known biocatalysts participating in 
the hydrolysis reaction to produce fatty acids and monoacylglycerols from triacylglycerols. 
The reaction occurs in the water—oil interface. Numerous industrial applications of lipase 
such as the food industry, pharmaceuticals, cosmetics, wastewater treatment, and the leather 
industry have been reported in literature. Yield of lipase production is associated with 
several parameters including type of fermentation, substrate varieties, the strain of microor¬ 
ganism, as well as fermentation environment, i.e., the bioreactor. 

Cellulosic and lignocellulosic agricultural wastes such as sugarcane bagasse can be used as 
potential substrates for lipase production. Their usage offers two advantages: first, it helps to 
omit or reduce environmental pollution caused by their disposal into open spaces. Second, it 
results in the production of value-added products (such as enzymes) from invaluable sources. 

Solid-state fermentation (SSF) and submerged fermentation (SmF) are regarded as two 
suitable fermentation techniques for the production of enzymes, including lipases. The 
former is defined as the cultivation of microorganisms in the absence of free-flowing water, 
while in the latter, fermentation occurs in the liquid media. In the last two decades, various 
studies have considered lipase production in solid-state fermentation, most probably due to 
some superiorities of this technique compared to submerged fermentation. By using agro¬ 
industrial residues, high yields of product formation and simple technology have made 
SSF economically feasible. 

Bacteria, fungi, and yeasts are three main microorganisms which yield lipase. However, 
due to low water activity in SSF, fungi and yeasts are well adapted to fermentation condi¬ 
tions. Thus, the studies concerning lipase synthesis in SSF are mainly focused on fungi and 
yeasts as potential microorganisms. Several strains of potential lipase-producing fungi, 
such as Aspergillus, Rhizopus, Penicillium, Rhizomucor and Geotrichum, are reported in the 
studies. 


*This case study was partially written with contributions from: 

Zahra Vaseghi, Biotechnology Research Lab., School of Chemical Engineering, Noshirvani University of 
Technology, Babol, Iran. 
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In large scale, various types of bioreactors have been developed in order to perform solid- 
state fermentation; the most popular systems are tray, packed bed, stirred bed, rotating drum, 
and fluidized bed bioreactor, among which, the static tray bioreactor, also known as koji 
bioreactor has been successfully applied in SSF. A comprehensive control on the process pa¬ 
rameters in bioreactors is necessary for achieving maximum product efficiency. There are 
some important operational variables including temperature, moisture in the incubating 
chamber, depth of bed, and maintenance of circulating air within the chamber. Meanwhile, 
the design features of the bioreactor include the dimensions of trays and chamber, the dis¬ 
tance between trays, the presence of a cooling surface, etc. The tray bioreactor, as is apparent 
from its name, consists of a number of trays situated in the chamber with equal tray spacing. 
Depending on operational goal, different approaches can be applied in tray bioreactors: The 
first approach considers the whole inner space of the chamber as a single bioreactor, which 
requires homogeneity of fermentation materials throughout each individual tray. On the 
other hand, having identical operating conditions in trays is almost impossible, mainly owing 
to manual and technical errors. Thus, most researchers apply the second approach, which is 
measuring enzymatic activities of individual trays, followed by comparing and analyzing the 
obtained results with each other. 

In this case study, a tray bioreactor with full control over temperature and humidity was 
fabricated for lipase production using Rhizopus oryzae PTCC 5176. Sugarcane bagasse, which 
is an abundant waste substance in the north of Iran, was employed as a substrate in the 
fermentation process. Operational conditions of the fabricated tray bioreactor were varied, 
and lipase activities were measured accordingly. Several parameters were investigated for 
maximizing enzyme yields in SSF, such as temperature and moisture content of the incu¬ 
bating chamber and the height of the solid substrate bed. Furthermore, the effect of particle 
size, initial moisture content, and supplementation of substrate with additional carbon and 
nitrogen sources were also investigated. 


2.13.2 MATERIAL AND METHODS 


All the materials used in this study were analytical grades except olive oil, which was food 
grade, and were provided from the local market. Yeast extract, peptone, di-potassium 
hydrogen phosphate, MgSChTF^O, sodium chloride, triton X-100, and glucose were pur¬ 
chased from Merck (Darmstadt, Germany); while para nitrophenyl palmitate was supplied 
from Sigma-Aldrich. Sugarcane bagasse was prepared from a local animal food company 
located in Ghaemshahr, Iran. 

The Rhizopus oryzae, PTCC 5176, employed in the present study was supplied from Iranian 
Research Organization for Science and Technology (IROST), Tehran, Iran. The strain was 
cultivated on a complex agar medium with the composition of (g l -1 ) yeast extract (1.0), dipo¬ 
tassium hydrogen phosphate (1.0), MgSCh-7^0 (0.2), peptone (4), glucose (10.0), and 
agar (15.0) at 30 °C for 24 h and was maintained at 4 °C. R. oryzae was grown in a 
1000 ml Erlenmeyer flask in a medium containing (g I ') yeast extract (1.0), dipotassium 
hydrogen phosphate (1.0), MgSCh-TF^O (0.2), peptone (4), and glucose (10.0) at pH value 
of 8.0 (pH meter, HANA 211, Romania) in an incubator shaker at 30 °C and 180 rpm for 
the incubation period of 48 h. 
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2.13.2.1 Bioreactor Setup 

The bioreactor (45 x 35 x 55 cm), which was fabricated from Plexiglas, contained three 
aluminum trays in series (35 x 25 x 5 cm), two of which were perforated and filled with 
sugarcane bagasse as solid substrate. Meanwhile, the surfaces of these trays were covered 
with a linen cloth for uniform distributions of fluid heat and mass transfers. The third tray, 
which was located in the bottom of the chamber, was fully filled with nutrient solution. The 
trays were located inside the chamber with equal tray spacing (18.3 cm). A heating element 
was installed in the cabinet while connected to a temperature controller (SAMWON ENG, 
accuracy ±0.2% ± 1 digit, Korea). The nutrient solution was circulated along the bioreactor 
by means of an external peristaltic pump (ETATRON, Italy) and uniformly distributed on 
the top tray by an injection nozzle at a constant flow rate. On the other hand, the pump po¬ 
wer supply was connected to a humidity controller (DS FOX, accuracy ±2%, Korea) in order 
to maintain the required moisture content in the bioreactor. For obtaining the highest accu¬ 
racy to record the bioreactor environmental conditions, the temperature and humidity 
controller probes were placed approximately in the middle of the bioreactor chamber. 
Meanwhile, for maintenance of uniform temperature, four small circulating fans (PC fan 
12 V, 0.18 A, 1.68 W) were installed inside the cabin beside the top and middle trays. 
The main characteristic of the fabricated tray bioreactor was that all the operational vari¬ 
ables for lipase production were fully controlled for the achievement of maximum yields 
of lipase and cell growth. It should be noted that all of the raw materials and media used 
in the fabricated bioreactor were autoclaved at 121 °C for 20 min in order to prevent micro¬ 
bial contamination. In addition, the cabin was initially disinfected by an oxidizing chemical 
(bleaching agent). The schematic of the bioreactor along with all of its units is shown in 
Figure 2.6. 


2.14.2.2 Solid-State Fermentation and Sample Preparation 

Paper bags that contained 5 g of dried sugarcane bagasse were placed on the top and mid¬ 
dle trays. Fungus seed culture was cultivated in an Erlenmeyer flask for 48 h and then uni¬ 
formly spread over the surface of sugarcane bagasse with the same ratio of 3:1 (i.e., the ratio 
of fungous suspension (v) to a solid substrate (w)). In order to provide appropriate moisture 
content within the bioreactor, the nutrient solution containing yeast (1 g 1 x ) and di¬ 
potassium hydrogen phosphate (0.2 g l -1 ) was distributed over the surface of the top tray, 
and then the solution penetrated through the bed, leaving from small holes in the bottom 
of the top tray. In the next stage, the nutrient solution may reach the solid samples of the mid¬ 
dle tray until it poured into its original source of media, the bottom tray. This liquid cycle 
continued until the humidity controller reached the set point. In fact, two distinct purposes 
were followed by the above action: First, the presence of liquid kept the inner environment 
of the bioreactor always humid. Second, the media provided the required substances other 
than the solid substances that existed in the sugarcane bagasse. These actions may assist 
the microorganism to grow in a more accelerated manner. Moreover, it was assumed that 
the humidity of fermented solids on the bed was equal to the overall humidity within the 
bioreactor during the fermentation process. The experiments were conducted in an incuba¬ 
tion period of five days from the bio reactor startup. The activity of the crude enzyme 
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FIGURE. 2.6 Schematic diagram of the tray bioreactor setup. H, heater; T, tray; F, fan; P, pump; N, nozzle; T.S., 
temperature sensor; H.S., humidity sensor; T.I.C., temperature indicator and controller; H.I.C., humidity indicator 
and controller. 


obtained was analyzed and reported based on the colorimetric method using p-nitrophenyl 
palmitate as substrate. 

Samples were taken every 24 h for evaluation of lipase activity. In order to have represen¬ 
tative samples, paper bags containing inoculated substrates were placed at the same locations 
on the trays in all of the experimental runs. The extraction of the enzyme from the fermented 
solid residues required transferring the solid sample into liquid media, which was followed 
by the use of NaCl (1%), triton X-100 (1%) solution in a 100 ml Erlenmeyer flask. The suspen¬ 
sion was kept in a rotary shaker for 2 h at 30 °C and 180 rpm. Solid substrate was then filtered 
with Whatman filter paper (No. 41; diameter of 125 mm) and was separated from the enzy¬ 
matic suspension by means of a vacuum pump (PLATINUM, USA). Since there was no solid 
phase in the bottom tray, the extraction of the enzyme from this tray did not require the pre¬ 
vious step, and the enzymatic solution was used for direct measurement of enzyme activity. 


2.13.3 RESULTS AND DISCUSSION 


The effect of various fermentation times (24, 48, 72, 96, and 120 h) on production of lipase 
was studied. Experiments were conducted at several fermentation temperatures (25, 35, and 
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FIGURE. 2.7 Time course of lipase production by Rhizopus oryzae at 25, 35, and 45 °C. 


45 °C). As is apparent from Figure 2.7, maximum yields of lipases were obtained after 72 h of 
fermentation. When the fermentation period exceeded 72 h, a gradual decrease in lipase ac¬ 
tivity was observed that was mainly due to reduced penetration rate of nutrients and diffu¬ 
sion of air through the solid bed of biomass. The results also demonstrated that as the 
incubation temperature shifted from 25 to 45 °C, lipase activity appreciably increased as a 
result of temperature dependency of microorganism growth and the related extracellular 
cell products. Maximum lipase activities achieved for the three tested thermal points 25, 
35, and 45 °C were 58.23,82.94, and 157.67 U per gds, respectively. Since the lipases produced 
in the tray located at the bottom of the bioreactor did not show significant changes in enzyme 
activities as compared to those produced in the top and middle trays, they was not depicted 
in the figure. 

The effect of temperature on lipase production was also investigated. The temperature of 
the incubating chamber was adjusted at the values ranging from 25 to 50 °C with an incre¬ 
ment of 5 °C. Lipase activity was assayed under several incubating temperatures after a 
72-hour incubation. Interestingly, enzyme activity peaked at 45 °C (153.97 U gds '). This tem¬ 
perature was high enough to increase lipase extraction efficiency without causing the enzyme 
to be denatured. Another important parameter that must be taken into consideration in the 
analysis of enzyme activities is the estimation of total protein. Since enzymes are proteins, 
measurement of total protein leads to determining the order of enzyme activities among sam¬ 
ple enzymatic solutions. In this way, the obtained results of enzyme activities are known to 
be more reliable. Furthermore, from a comparative point of view between the two trays, a 
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TABLE 2.2 Effect of cabin temperature on activity and total protein of lipase produced by 
Rhizopus oryzae 

Lipase activity (U gds 5 Total protein (mg g _1 ) 


Temperature (°C) 

Top tray 

Middle tray 

Top tray 

Middle tray 

25 

33.17 

28.07 

0.43 

0.29 

30 

52.48 

43.37 

0.54 

0.43 

35 

62.17 

48.78 

0.99 

0.88 

40 

122.67 

70.07 

1.19 

1.09 

45 

153.97 

123.37 

2.17 

1.89 

50 

105.47 

62.57 

0.99 

0.58 


higher protein content and lipase activity was achieved in the top tray with Rhizopus oryzae', 
that was probably due to a suitable supply of nutrients and oxygen transfer to the bed of the 
top tray (Table 2.2). 

Humidity of the cabin was adjusted on the values ranging from 70 to 90% with an incre¬ 
ment of 5% by means of a humidity controller, and its effect on lipase activity was investi¬ 
gated. Meanwhile, the temperature of the cabin was set at 35 °C. For the incubation period 
of 72 h, maximum values for lipase activity and total protein were achieved at 80% humidity 
(Table 2.3). As it was previously stated, the humidity of the bioreactor was provided by cir¬ 
culation of the nutrient solution in the bottom tray by means of an external pump. Provision 
of higher amounts of humidity required more circulation of nutrient solution in the chamber 
which subsequently led to domination of liquid media followed by formation of semi-solid 
media in the trays. However, the productivity of lipase in solid media (solid-state fermenta¬ 
tion) is much higher than liquid media (submerged fermentation). 

In tray bioreactors, depth of the solid bed influences the productivity extensively. This 
issue is of great importance when transport phenomena such as nutrient, oxygen, and heat 


TABLE 2.3 

Effect of cabin humidity on activity and total protein of lipase produced by 
Rhizopus oryzae 

Humidity (%) 

Lipase activity (U gds ') 

Total protein (mg g ') 

Top tray 

Middle tray 

Top tray 

Middle tray 

70 

77.97 

74.03 

1.16 

0.91 

75 

86.77 

76.57 

1.58 

1.20 

80 

99.77 

92.87 

1.89 

1.71 

85 

61.32 

59.68 

1.57 

1.48 

90 

57.18 

56.08 

0.76 

0.62 
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TABLE 2.4 Effect of bed depth on activity and total protein of lipase produced by Rhizopus 
oryzae 


Bed depth (cm) 

Lipase activity (U gds ') 

Total protein (mg g ') 

Top tray 

Middle tray 

Top tray 

Middle tray 

0.5 

116.76 

109.38 

2.08 

1.99 

1.0 

105.56 

95.36 

1.65 

1.62 

1.5 

97.98 

94.17 

1.53 

1.50 

2.0 

96.97 

88.38 

1.46 

1.37 

2.5 

96.77 

82.77 

1.41 

1.02 

3.0 

96.35 

81.37 

1.31 

0.94 


transfer within the solid bed are considered. In the present case study, this parameter was 
studied by making paper bags of different dimensions. The height of bagasse in paper 
bags was varied between 0.5 and 3.0 cm, and the corresponding lipase activities and total 
proteins were evaluated after 72 h of fermentation at 35 °C. As is obvious in Table 2.4, the 
produced lipase had the most activity at 0.5 cm bed depth. When the height of the bed 
increased, the metabolic heat produced during fermentation, accumulated over the bed sur¬ 
face. As the generated heat was beyond the fans' power to be uniformly distributed through 
the chamber, a temperature gradient was formed over the bed. In lower bed heights, a wet, 
linen cloth was extended on the trays to help tackle this problem. However, it caused an in¬ 
direct contact between the trays and solid particles of sugarcane bagasse that subsequently 
prevented pore blockage. In addition, by increasing the depth of the bed, the mycelium 
created during the fermentation period accumulated over the tray, and bed caking occurred. 
This was mainly problematic in providing appropriate air circulation in the chamber. As a 
result, microbial growth was only observed in a thin layer of bagasse that was in near contact 
with the fungus solution. Mixing the substrate with the fungus solution prior to fermentation 
onset is a helpful tool for solving this problem. However, it should be noted that inappro¬ 
priate mixing may cause shear damage to the fungus structure. 

The effect of initial moisture content of the solid substrate on the activities of the produced 
lipases was also studied. Initial moisture of the substrate is defined as the ratio of liquid me¬ 
dia (fungus solution) to dried solid media (sugarcane bagasse). In the present case study, 
initial humidities of 30 to 90% were considered for the samples. It was found that an initial 
moisture content of 80 and 70% were optimum for the top and middle trays, respectively. The 
amount of aqueous solution required for providing initial moisture content depends strongly 
on the type of applied substrate. In this research, increasing initial moisture content from 30 
to 80% in the top tray and from 30 to 70% in the middle tray resulted in an enhancement in 
water activities, which increased the availability of nutrients to the substrate for better bio¬ 
process development and enzyme yields. However, further increase in this parameter 
resulted in compaction of bagasse and thus reduced the activity of the obtained enzyme. 
The obtained results concerning initial humidity are summarized in Table 2.5. 
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TABLE 2.5 Effect of initial moisture of substrate on activity and total protein of lipase pro¬ 
duced by R hizopus oryzae 


Initial humidity (%) 

Lipase activity (U gds 1 ) 

Total protein (mg g 1 ) 

Top tray 

Middle tray 

Top tray 

Middle tray 

30 

75.57 

73.84 

0.86 

0.79 

40 

80.07 

78.59 

0.97 

0.89 

50 

86.77 

83.53 

1.33 

1.24 

60 

91.97 

90.49 

1.35 

1.23 

70 

105.36 

99.35 

1.69 

1.65 

80 

121.06 

90.66 

2.12 

1.11 

90 

102.47 

85.49 

1.40 

0.98 


TABLE 2.6 Effect of particle size of substrate on activity and total protein of lipase 
produced by Rhizopus oryzae 

Particle size (mm) 

Lipase activity (U gds ') 

Total protein (mg g ') 

Top tray 

Middle tray 

Top tray 

Middle tray 

Less than 0.18 

71.17 

62.17 

1.22 

0.99 

0.18-0.335 

89.17 

82.77 

1.93 

1.55 

0.335-1 

99.95 

99.93 

2.07 

1.70 

1-2 

89.77 

86.92 

1.27 

1.12 

Mixture of all sizes 

85.98 

80.92 

1.66 

1.53 


To investigate the effect of a substrate's particle size, five samples of sugarcane bagasse 
with particle sizes in the range of 1—2, 0.335—1, 0.18—0.335, less than 0.18 mm in size, and 
a sample comprised of a mixture of all these particle sizes were tested for lipase activity 
and total protein measurements. The highest lipolytic activity was observed in the second 
group (0.335—1 mm). When particle size exceeded this range, lipase activity decreased 
considerably due to reduced contact surface between substrate particles and fungus solution, 
which prevented microbial growth. On the other hand, providing suitable aeration is another 
important term affecting respiration quotient and, thus, influencing microbial growth. That is 
why considerable activities were not observed for particle sizes less than 0.18 mm. Moreover, 
as it was expected, lipase activity obtained from using the mixture of all sizes was approxi¬ 
mately the average of the four identified sizes. Furthermore, the results obtained from total 
protein analysis confirmed the correctness of the obtained results concerning lipolytic activ¬ 
ities (Table 2.6). 
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Supplementation of the substrate with carbon and nitrogen sources is another important 
factor that significantly affected lipase production. In order to enhance lipolytic enzyme pro¬ 
duction, olive oil and urea were used as the pure carbon and nitrogen sources. In the case of 
the carbon source, the concentration of oil was varied, and lipase production was monitored 
after a 72-hour incubation period. Maximum activities of lipase were achieved when sugar¬ 
cane bagasse was supplemented with 8% (v/w) olive oil, while other parameters remained at 
the desired or optimum conditions. Activity of the enzymes located at the top and middle 
trays in this case was found to be 215.16, 199.36 U gds -1 . Furthermore, lipolytic activity ob¬ 
tained using urea (2% w/w) as the supplementary nitrogen source was 253.55 and 
205.16 U gds' 1 for the top and middle trays. As is apparent from the obtained results, nitro¬ 
gen source plays a more important role in enhancing lipolytic activities than a carbon source 
such as olive oil. This may be due to the fact that bagasse is rich in carbon sources on its own. 
Thus, its supplementation with nitrogen sources is a greater help for increasing the activity of 
the produced enzyme under solid-state fermentation. 
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SUBCHAPTER 


3.1 


Introduction 


In the biochemical engineering profession, there are various bioprocesses actively involved 
in the synthesis and production of biological products. Understanding all the processes may 
require basic knowledge of biology, biochemistry, biotechnology, and real knowledge of en¬ 
gineering processes. Transfer of oxygen is a major concern in many bioprocesses in which air 
is required for microbial growth, such as production of single-cell protein and antibiotics. 
Agitation in a fermentation unit is directly related to oxygen transported from the gas phase 
to the liquid phase followed by oxygen uptake by the individual microbial cell. The activities 
of microorganisms are monitored by the use of oxygen from the supplied air and the respi¬ 
ration quotient (RQ). In this chapter, mechanisms of oxygen transport are discussed. The de¬ 
tails of process operation are also discussed in this chapter. 


3.2 AERATION AND AGITATION 


Aeration and agitation as the most vital parameters are implemented in most fermentation 
processes. The word "aerobe" refers to the kind of microorganism that needs molecular ox¬ 
ygen for growth and metabolism. "Aerobic" is the condition of living organisms that survive 
only in the presence of molecular oxygen. Aerobic bacteria require oxygen for growth and 
can be incubated to be grown in atmospheric air. Oxygen is a strong oxidizing agent that 
has the ability to accept electrons for yielding energy, a process known as respiration. 

A bioreactor is a reaction vessel in which an organism is cultivated in a controlled manner 
to produce cell bodies and/or product. Initially the term "fermenter" was used to describe 
these vessels, but in strict terms, fermentation is an anaerobic process, whereas most fermen¬ 
ters use aerobic processes. Thus, in general terms, "bioreactor" means a vessel in which or¬ 
ganisms are grown under either aerobic or anaerobic conditions. In this book, the term 
"bioreactor" will be used because of its global applications. If a bioreactor or a reaction vessel 
operates under aerating conditions, the system is called an aerobic bioreactor. In this situa¬ 
tion, sterile air is supplied to the bioreactor as a source of intake for respiration of microor¬ 
ganisms. The supplied oxygen is dissolved in the liquid phase. The microorganisms 
consume the oxygen that is dissolved in the liquid media for respiration and growth. The 
growth of aerobic bacteria in the fermenter is controlled by the availability of substrate, 
oxygen, energy sources, and enzymes. Microbial cultures are always known as heteroge¬ 
neous systems, because cells are solid and nutrients are in the liquid phase. The supplied 
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oxygen from the gas phase has to penetrate into the microorganism. The rate of oxygen trans¬ 
fer from the gas phase to the liquid phase is important. Several steps are required to let such a 
phenomenon take place. The oxygen must first travel through the gas—liquid interface, then 
the bulk of liquid, and finally into the microbial cell. 

In aerobic processes, air has to be supplied to enhance cell growth, otherwise the 
limited dissolved oxygen (DO) is used up, and then oxygen limitation may cause a 
decrease in the cell growth rate. Also, at conditions with high cell densities, the cell growth 
is limited by the availability of oxygen in the medium, and any failure in providing the 
required oxygen may retard the cell growth. Thus, the availability of oxygen is a major 
parameter that needs to be considered for effective microbial cell growth. Microbial activity 
of aerobic organisms is monitored by the oxygen uptake rate (OUR) from the supplied air 
or oxygen. The aerobic activity of microbial cultures depends on the local bulk oxygen con¬ 
centration, the oxygen diffusion coefficient, and the respiration rate of microbes in the aer¬ 
obic region. 

3.2.1 Measurement of DO Concentration 

In biochemical engineering processes, measurement of DO is essential. Variation of DO 
may affect retention time and other process variables such as substrate and product concen¬ 
trations, retention time, dilution rate, and aeration rate. The availability of oxygen is a major 
parameter to be considered for effective microbial cell growth rate. 

For indicating the availability of oxygen in the liquid phase, the amount of DO should be 
measured. The concentration of DO in a fermenter is normally measured using a DO elec¬ 
trode, known as DO probe. DO probes are available on the market, and most fermenters 
are equipped with a DO meter. For aerobic fermentation, the bioreactor must be equipped 
with a DO meter. There are two types in common use, galvanic electrodes and polarographic 
electrodes. In both probes, there are membranes that are permeable to oxygen. Oxygen dif¬ 
fuses through the membrane and reaches the cathode, where it reacts to produce a current 
between anode and cathode proportional to the oxygen partial pressure in the fermentation 
broth. The electrolyte solutions in the electrode take part in the reactions, and thus the elec¬ 
trode must be located in the bulk of liquid medium. 

The concentration of DO in the media is a function of temperature. The higher operating 
temperature would decrease the level of DO. The solubility of air in water at 10 °C and under 
atmospheric conditions is 11.5 ppm; as the temperature is increased to 30 °C, the solubility of 
air drops to 8 ppm. The solubility of air decreases to 7 ppm at 40 °C. Availability of oxygen in 
the fermentation broth is higher than air, if pure oxygen is used. The solubility of pure oxygen 
in water at 10 °C and 1 atm pressure is 55 ppm. As the temperature increases to 30 °C, the 
solubility of pure oxygen drops to 38.5 ppm. The solubility of pure oxygen decreases to 
33.7 ppm at 40 °C. Therefore, pure oxygen is commonly used to enhance oxygen availability 
in the fermentation media. 

3.2.2 Oxygen Transfer Rate 

Once batch mode studies are completed and the required data are collected, without 
dismantling the bioreactor, liquid media is prepared with 33 g KFI 2 PO 4 and 3 g Na 2 FIP 04 , 
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10 g yeast extract, and 500 g glucose in 10 L of distilled water. The liquid media can 
be sterilized in an autoclave at 121 °C, 15 psig for 20 min. The liquid media is cooled 
down to room temperature with an air flow rate of 100 mL min -1 . The fluid residence 
time of 10 h is expected to give maximum cell optical density. Otherwise, the effect of me¬ 
dia flow rate has to be carried out separately. This is the basic assumption made in this 
experiment. The aim of this set of experiments is to determine a suitable air flow rate 
with variation from 0.025 to 1 vvm. Table 3.1 shows the data collected in a continuous 
mode of operation for 3.5 days using isolated strains from the waste stream of a food pro¬ 
cessing plant. The time intervals for sampling are 12 h. The steady-state condition of the 
system may be reached at about 10 h. If any samples are taken at shorter time intervals, 
the steady-state condition would not be reached, and then overlapping in the experimental 
condition may occur. 


3.2.3 Respiration Quotient 

Measurements of inlet and outlet gas compositions of a culture vessel have been consid¬ 
ered as an indicator for cell activities in the fermentation broth. The continuous monitoring 
of gas analysis would lead us to understand the oxygen consumption rate and carbon di¬ 
oxide production, which originate from catabolism of carbon sources. Respiration is a 
sequence of biochemical reactions resulting in electrons from substances that are then 
transferred to an exogenous electron-accepting terminal. Respiration in a cell is an 
energy-delivery process in which electrons are generated from oxidation of substrate and 
transferred through a series of oxidation—reduction reactions to electron acceptor termi¬ 
nals. In biosynthesis, the end products result from a respiration process. Since oxidation 
of carbonaceous substrate ends with carbon dioxide and water molecules, the molar ratio 
of carbon dioxide generated from oxidation—reduction to oxygen supplied is known as 
the RQ: 


dCco 2 /df dCco 2 

dCo 2 /df dCo 2 


(3.2.1) 


TABLE 3.1 Effect of aeration rate on Baker’s yeast production 


Air flow 
rate, 

mL min -1 

DO, 
mg L -1 

Optical density, 
absorbance, 

X520 nm 

Cell dry 
weight, 
mg mL -1 

Protein 
concentration, 
mg L -1 

Sugar 

concentration, 

S L -1 

50 

2 

0.20 

0.26 

1300 

16.8 

too 

4 

0.45 

0.59 

1450 

14.5 

200 

6 

0.69 

1.24 

2500 

13.9 

500 

7.7 

1/10 diluted 0.72 

3.95 

3000 

12.5 

1000 

8 

1/10 diluted 0.74 

4.63 

3100 

9.8 

1500 

8 

1/10 diluted 0.77 

4.68 

3350 

8.6 

2000 

8 

1/10 diluted 0.79 

4.75 

4800 

6.7 
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There are several methods to monitor the off-gas analysis. Online gas chromatography is 
commonly used. The daily operation for inlet and outlet gases is balanced to project growth 
in the bioprocess. High operating cost is the disadvantage of the online system. For an online 
bioreactor, a few important process variables should be monitored continuously. The off-gas 
analysis provides the most reliable information for growth activities. Measurement of oxygen 
and carbon dioxide in the off-gas is a fairly standard procedure used for a pilot-scale biore¬ 
actor. Knowing air flow rate and exit gas compositions or having a simple material balance 
can quantify OUR and carbon dioxide production rate, which would lead us to a value for the 
RQ. The three indicators for growth can be correlated and give cell growth rate. From RQ, the 
metabolic activity of the bioprocess and the success of a healthy operation can be predicted. 
The off-gas analysis will show the specific CO 2 production rate, which is used to calculate 
oxygen consumption rate. 

3.2.4 Agitation Rate Studies 

In the following experiment, we shall assume that the optimum air flow rate of 0.5 vvm is 
desired. This means for an aeration vessel with a 2 L working volume, the experiment re¬ 
quires 1000 ml air per minute. The rest of process parameters and media conditions remain 
unchanged. Another 10 L of fresh aseptic media must be prepared. The operation is 
continued for 3.5 days at an agitation speed from 100 to 700 rpm; samples are drawn at in¬ 
tervals of 12 h Table 3.2 shows the effect of agitation rate on cell dry weight and protein 
production using a starchy wastewater stream. The active strain was isolated from a food¬ 
processing plant. 


3.3 AIR SPARGER 


Aerobic bacteria are easily grown at small scale in tubes and flasks by incubating the me¬ 
dia under normal atmospheric conditions. However, in large-scale operations, the media 
has to be exposed to air, and sufficient air must be present for respiration of the living cells. 
In such case, an air sparger is required to purge compressed air or pressurized air to be 
bubbled into the media. Air under pressure is supplied through a tube with an end 


TABLE 3.2 Effect of agitation rate on Baker’s yeast production 


Agitation 
rate, rpm 

DO, 
mg L~ 1 

Optical density, 
absorbance, 

X520 nm 

Cell dry 
weight, 
mg mL _1 

Protein 
concentration, 
mg L -1 

Sugar 

concentration, 

gL- 1 

too 

2 

1/10 diluted 0.22 

0.29 

1250 

15.5 

200 

3 

1/10 diluted 0.36 

0.46 

1360 

14.7 

300 

5 

1/10 diluted 0.45 

0.59 

1450 

13.6 

400 

6 

1/10 diluted 0.65 

0.85 

1850 

12.1 

500 

8 

1/10 diluted 0.79 

1.12 

2150 

11.5 

600 

8 

1/10 diluted 0.82 

1.16 

2250 

10.8 

700 

8 

1/10 diluted 0.83 

1.19 

2300 

8.4 
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consisting of a perforated plate or "O" ring with very fine holes or orifices. The size of bub¬ 
bles depends on the size of hole and type of sparger. For very fine bubbles with effective gas 
dispersion, a microsparger is used in the fermenter. A microsparger is, in fact, a highly 
porous material and is used instead of a gas sparger. The size of bubbles affects the mass 
transfer process. Smaller bubble size provides more surface area for gas exposure, so a bet¬ 
ter oxygen transfer rate (OTR) is obtained. The size of gas bubbles and their dispersion 
throughout the reactor vessel are critical for bioreactor performance. Although a sparging 
unit will provide small size bubble and good gas distribution with sufficient agitation, 
microspargers are often used because the porous media provides an extensive number of 
fine and uniform bubbles. They are also resistant to plugging of biomass on the outer sur¬ 
face of the sparger. 


3.4 AGITATION AND MIXING PHENOMENA 


Mixing is a physical operation that creates uniformities in fluids and eliminates any 
concentration and temperature gradients. If a system is perfectly mixed, there is homoge¬ 
neous distribution of system properties. Mixing is one of the most important operations in 
bioprocessing. Efficient liquid mixing is essential in a bioreactor to maintain not only a 
uniform DO concentration, but also a uniform liquid concentration. To create 
an optimum environment in the bioreactor, agitation is required for cells to have access 
to all substrates, including oxygen in aerobic cultures. Another aspect of an agitated system 
is uniform heat transfer. Most bioreactors must be able to operate at a constant uniform 
temperature. A jacketed system for cooling, or a cooling coil, is provided for sufficient 
heat transfer. The objectives of agitation and effective mixing are to circulate the fluid 
for sufficient time, to disperse the gas bubbles in the liquid, to have small bubbles with 
high interfacial area, and to maintain uniform conditions for mass and heat transfer 
operations. 

Agitation creates uniformity of gas bubbles in the entire media by placing the agitator in 
the appropriate position. A few sets of impellers are used to ensure the even distribution of 
the gas in the fermentation broth. Very high agitation may cause high shear forces that may 
damage the cell wall and cause cell rupture. If the propagating cells, such as animal cells and 
plant tissue cultures, are shear-sensitive, special configurations of impellers are required. 
A wide variety of impellers are available; other shapes of impellers related to mixing and 
agitation of bioreactors are discussed in the literature. 


3.5 TYPES OF AGITATOR 


Gas dispersion is not mainly related to the sparger, but rather is dependent on the type of 
impeller used for agitation. There are four types of agitator commonly used in bioreactors: 

• Disk turbine (Rushton turbine) 

• Inclined blade turbine 
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• Propeller, marine type 

• Intermig. 

These types of agitators are used in low-viscosity systems (fi < 50 kg m 1 s -1 ) with high 
rotational speed. The typical tip speed velocity for turbine and intermig is in the region of 
3 m s“\ a propeller rotates faster. These impellers are classified as remote clearance type, hav¬ 
ing diameters in the range of 25—67% of the tank diameter. 

The most common type of agitator is disk turbine. It consists of several short blades 
mounted on a central shaft. The diameter of a turbine is normally 35—45% of the tank 
diameter. There are four to six blades for perfect mixing. Turbines with flat blades 
give radial flow. This is good for gas dispersion in the media where the gas is introduced 
just below the impeller; it is drawn up to the blades and broken up into uniform fine 
bubbles. 

The propeller agitator with three blades rotates at relatively high speeds of 60—300 rpm; 
high efficient mixing is obtained. The generated flow pattern is axial flow since the fluid 
moves axially down to the center and up the side of the tank. 

The intermig agitator is the most recently developed agitator. This is an axial pumping 
impeller in which the blades are mounted at an angle opposite each other. Comparing 
the mixing properties of disk turbine agitator with an intermig agitator, the intermig 
agitator has more uniform energy transferred to the fluid in the vessel. Therefore, this 
type of agitator requires less power and less air input to obtain the same degree of mixing 
and mass transfer coefficient. 


3.6 OTR IN A FERMENTER 


The molar flux of oxygen is generalized in a simple equation, with the concentration 
gradient as the major driving force in the transfer of oxygen from gas and liquid interface 
to the bulk of liquid. The rate of oxygen transfer in a fermenter broth is influenced by several 
physical and chemical parameters that change either ki, the value of interfacial area of bub¬ 
bles (a), or the concentration gradient known as the driving force for the mass transfer. At low 
concentrations of the soluble gas, the molar flux of oxygen transported to the fermentation 
media is : 


N a = k L a(C* AL - Cal) (3.6.1) 

where Na is the oxygen flux in kmol m~ 2 s~ \ kL is the liquid side mass transfer coefficient in 
m 2 s ', C* AL is the oxygen concentration in equilibrium with the liquid phase at the interface in 
kmol m 3 , Cal is the oxygen concentration in the bulk of liquid in kmol m -3 , and a is the 
interfacial area in surface area of bubbles per unit volume of broth (m 2 m~ 3 ). The DO can 
be measured at one or several points in the vessel, depending on vessel size, using a DO 
probe. In the large bioreactor, the partial pressure of oxygen in the gas will fall as it passes 
through the fermentation broth. 


log mean 


P — P 

A in A out 

In {Pin/Pout) 


(3.6.2) 
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The equilibrium concentration is evaluated from Henry's law. The equilibrium concen¬ 
tration of oxygen is calculated by the ratio of mean value of pressure over Henry's law con¬ 
stant, H. 

C = P '° s 7r mean (3.6.3) 

ri 

This is the most accurate method of measuring the mass transfer coefficient, and it can 
be used in the actual fermentation system. It depends on accurate oxygen analyses and accu¬ 
rate measurement of temperature and pressure. For bubble sizes of 2—3 mm diameter in the 
fermentation broth, the mass transfer coefficient is about 3 x 10“ 4 to 4 x 1(T 4 m s _1 . 

3 .7 MASS TRANSFER IN A GAS-LIQUID SYSTEM 

The molar flux of oxygen is generalized in a simple equation, with the concentration 
gradient as the major driving force in the transfer of oxygen from gas and liquid interface 
to the bulk of liquid. Oxygen transfer at low concentrations is proportional to the oxygen con¬ 
centration gradient existing on the interface of the gas and liquid bulk phases. The molar flux 
of oxygen from the gas phase to the liquid phase is stated as: 

Jo, = k g (P 02 - Po 2 a) (3.7.1) 

where /o, is the molar flux of oxygen in (mol m 2 s '), kg is the mass transfer coefficient in the 
gas side in (mol m“ 2 atm -1 s~ ’), Pq 2 is the oxygen partial pressure in the bulk of gas phase in 
(atm), and Po 2 ,i is the oxygen partial pressure at the interface in (atm). The molar flux of 
oxygen from the gas—liquid interface to the bulk of liquid is expressed as: 

Jo 2 = h(Ci — Ci) (3.7.2) 

where N/\ is oxygen flux in kmol m“ 2 s -1 , /q is the mass transfer coefficient in liquid 
side in (m s~ 1 ), C, is oxygen concentration at the interface in (mol m 3 ), and Cl is oxygen con¬ 
centration in the bulk of liquid in (mol m 3 ). Based on film theory and considering the steady- 
state condition, the oxygen flux in the gas film is equal to the flux in the liquid film: 

Jo 2 = k g (P 02 - Po 2 j) = k,(C, - Q) (3.7.3) 

Since it is impossible to measure the interface concentration by knowing the molar flux and 
mass transfer coefficient, the bulk driving force and equilibrium concentrations should be 
considered: 

Jo 2 = K g (P 02 - P*) = K,(C * - Q) (3.7.4) 

where Kg and Kj are the overall mass transfer coefficients in the gas and liquid phase, 
respectively, P is the partial pressure of oxygen in equilibrium with liquid phase, and C 
is the saturation concentration of oxygen in liquid bulk in equilibrium with gas phase. The 
equilibrium partial pressure of oxygen can be related to the equilibrium concentration of 
the gas in the liquid using Henry's law as follows: 


P* = HC 


( 3 . 7 . 5 ) 
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where H is the Henry's constant in (atm m 3 mol '). Combing Eqns (3.7.3) and (3.7.4) and 
considering the Henry's law, the resistances in series are written as: 


11 1 

K, ~ k, + Hk~ 


(3.7.6) 


For slightly soluble gases, H is defined as a large value (769.23 L atm mob 1 ). In such case, 
the resistance to mass transfer lies on the liquid film side, and the gas phase resistance can be 
neglected. Thus, the overall mass transfer coefficient for sparingly soluble gases equals to the 
local mass transfer coefficient: Kj = !q . Thus, the molar flux of oxygen from the gas phase to 
liquid phase can be expressed as: 


jo 2 = kt(c - q) 


(3.7.7) 


The molar flux of oxygen in the gas phase to liquid phase is also stated as: 

N a = k g (P 0l - Po 2 ,) (3.7.8) 

where kg is the mass transfer coefficient at the gas side in kmol m“ 2 atnC 1 s~ l , Pq, is the ox¬ 
ygen partial pressure at the bulk of gas phase in atmospheres, and Pq 2 j oxygen partial pres¬ 
sure at interface. It is impossible to measure the interface concentration by the molar flux 
without knowing the mass transfer coefficient. 

N a = K l (C* - Ct) (3.7.9) 


where Ki is the overall mass transfer coefficient, then, Henry's law is 

P = HC* (3.7.10) 

11 1 

k[ - F L + Hk s 

For the OTR, the interface area is important. For oxygen bubbles, the surface 
bles is defined as: 


(3.7.11) 
area of bub- 


a = 


Surface area m 2 


Volume 


m J 


(3.7.12) 


By multiplying both sides of Eqns (3.7.9) with (3.7.12), the following equation results: 

-r A = K L a(C* - C L ) (3.7.12) 


-i „-i 


where, —r a is the consumption rate of substrate A in mol L s 


3.8 GAS HOLD-UP 


The fraction of the fluid volume occupied by gas is called gas hold-up: that is, the volume 
fraction of gas phase to total gas—liquid volume. Small bubbles lead to higher gas hold-up, 
which is defined by the following equation : 
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where e is the gas hold-up, Vg is the volume of gas bubbles in the reactor in (m 3 ), and V) is the 
volume of liquid in the fermenter in (m 3 ). The interfacial surface area of bubbles, assuming 
spherical bubbles, can be calculated as: 


a 


6e 

db 


(3.8.2) 


where db is the average bubble diameter in (m). 


3.9 MASS TRANSFER COEFFICIENTS FOR STIRRED TANKS 


Agitation of fermentation broth creates a uniform distribution of air in the media. Once a 
solution is mixed, some energy is exerted into the system. Increasing the input power reduces 
the bubble size, and this in turn increases the interfacial area. Therefore, the mass transfer co¬ 
efficient would be a function of power input per unit volume of fermentation broth, which 
is also affected by the gas superficial velocity. The general correlation is expected to be 
as follows: 

k,a = 01 {vi) ^ C 3 - 9 - 1 ) 

where fc/fl is the volumetric mass transfer coefficient in (s _1 ), a is proportionality factor as a 
constant, P is the agitator power under gassing condition in (W), V] is the liquid volume 
without gassing in (m 3 ); v s is the gas superficial velocity in (m s _1 ), and y and z are empirical 
constants. Most laboratory fermenters operate with a stirrer power between 10 and 
20 kW m~ 3 , whereas large bioreactors operate at 0.5—5 kW m 3 . The mass transfer coefficient 
for coalescing air—water dispersion is: 

= 2.6 x 10- 2 f—j z> s a5 (3.9.2) 

The above correlation is valid for a bioreactor size of less than 3000 L and a gassed power 
per unit volume of 0.5—10 kW. For noncoalescing (nonsticky) air—electrolyte dispersion, the 
exponents of the gassed power per unit volume and gas superficial velocity in the correlation 
of mass transfer coefficient change slightly. The empirical correlation with defined coeffi¬ 
cients may come from the experimental data with a well-defined bioreactor with a working 
volume of less than 5000 L and a gassed power per unit volume of 0.5—10 kW. The defined 
correlation is: 

fp\ 07 

k,a = 2 x 10~ 3 (— j z>°- 2 (3.9.3) 

This empirical correlation was obtained from the experimental data with a well-defined 
bioreactor with a working volume of less than 5000 L and a gassed power per unit volume 
of 0.5-10 kW. 

In general, coalescing systems are those in which the water is relatively pure; noncoalesc¬ 
ing systems are those in which a small amount of electrolytes presents in the system. 
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The presented correlations do not take into account either the nonNewtonian behavior of bio¬ 
logical fluids or the effect of antifoam and the presence of solids. A correlation may be 
applied to a nonNewtonian filamentous fermentation in the following form : 

k,a = a() v° s 56 (3.9.4) 

Comparing this with the equations for Newtonian fluids shows that the oxygen transfer 
coefficient for nonNewtonian fluids is less sensitive to power input changes. Kawase and 
Moo-Young obtained the constants for nonNewtonian systems as 0.37 < y < 0.80 and 
0.20 < z < 0.84. Then, this justification may be applied for the specific bioreactor used 
and cannot be applicable for general cases. Thus, more power input is required to reach 
the same mass transfer coefficient value as that in a Newtonian fluid. The addition of anti¬ 
foam has a significant effect on the value of the mass transfer coefficient. Antifoam reduces 
the interfacial free energy at the interface between air and water. Therefore, the surface ten¬ 
sion and the bubble size are reduced, leading to higher values of interfacial area per unit vol¬ 
ume (a). However, k may decrease due to liquid movement near the interface. This means that 
the mobility of the liquid could decrease at the interface, and a film of liquid generates a resis¬ 
tance between the liquid and gas systems. Figure 3.1 shows the linear dependency of the 
mass transfer coefficient to the air flow rate as volume of air per volume of liquid media 
per min; customary for fermentation to be shown in vvm (L L _1 min -1 ) for 10, 100 and 
1000 L fermenters. A higher mass transfer coefficient can be obtained as the air flow rate is 
increased. 



FIGURE 3.1 Effect of air flow rate on oxygen transfer coefficients, K L a. (L L 1 min 1 = liters of air per liter of 
liquid per min). 
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3.10 AGITATED SYSTEM AND MIXING PHENOMENA 


The following treatment of agitation is restricted to fluids that approximate to Newtonian 
fluids. Because mixing is a complex process, the variables involved are considered together in 
a dimensionless group known as the Reynolds number (Re). Re is used to characterize the 
behavior of flow: 


Inertia forces pD 2 N 

Viscous forces fi 


(3.10.1) 


where Di is the impeller diameter in m, N is the rotational speed of impellers in round per 
second (rps), p is the fluid density in kg m~ 3 , and m is the viscosity of the fluid in 
kg m _1 s -1 . Fully turbulent flow exists above a Reynolds number of 10 4 , whereas fully 
laminar flow exists below 100; in between is the transitional region. Another group of dimen¬ 
sionless variables that are used to characterize mixing in a vessel is the Froude number (Fr), 
which takes gravitational forces into account: 


Inertia forces N 2 D, 

Gravity forces g 


(3.10.2) 


where g is gravitational acceleration in m s -2 . A third group, which is related to energy 
required by the agitator, is the power number. This shows the power consumption for stir¬ 
ring. The power consumption is related to fluid properties, the density and viscosity of the 
fluid, the stirrer rotation rate, and the impeller diameter. Several well-known studies have 
shown the relation between power number and Reynolds number; the laminar region is a 
straight line, but it depends on the shape of the impellers. Marine propellers require 
less energy compared with flat blade turbine disks. The power in the turbulent region is pro¬ 
portional to N 3 D 3 ; therefore the power number is the ratio of power for the aerated fluid and 
the nonaerated powered system, which is: 


N Po 


P-gc 

N 3 D 3 p 


(3.10.3) 


where P is agitator power in W. The power number for laminar flow is proportional to the 
inverse of the Reynolds number, Np 0 ~ k\ / Ref, for turbulent flow, the agitation power is pro¬ 
portional to K. 2 N 3 Dfp, where units for agitation power are in W, kW, or hp. 


3.11 MASS TRANSFER LIMITED PROCESS 


The transfer of oxygen from the gas phase to the liquid phase becomes "mass transfer 
limited" when sufficient oxygen is not supplied to the fermentation broth, especially in cul¬ 
tures with high cell density. Some actual cases are. 

• In a large-scale fermenter for penicillin production. 

• In production of extracellular biopolymers such as xanthan gum. 

• In wastewater treatment with an activated sludge system. 
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Gas and liquid systems are described by solubility of gas in the liquid phase. The solubility 
of oxygen at room temperature is about 10 ppm; therefore, the concentration of oxygen is 
10 ppm (oxygen flux, NX)- The solubility of oxygen at 0 °C is double that at 35 °C. Also, 
the solubility decreases if the electrolyte concentration is increased. The concentrations of 
oxygen in the gas phase and liquid phase are related to each other by the Raoult—Dalton 
equilibrium law: 

P Ag = i /aPa = x al H a (3.11.1) 

The above relation is rewritten in terms of concentration: 

HC U = C gii (3.11.2) 

Based on film theory, the oxygen flux in the gas film is equal to flux in the liquid film: 

N a = K g (C g - Cgj ) = K,(C hi - Ci) (3.11.3) 

where C/, is oxygen concentration at interface. Let us define Cf oxygen concentration at 
equilibrium with the liquid phase. Henry's law in terms of oxygen concentration at equilib¬ 
rium is 


HC ; = 


C„ 


The molar flux in terms of equilibrium concentration is: 


n a = k l (cj - Ci) 


(3.11.4) 

(3.11.5) 


where Ki is the overall mass transfer coefficient. If we simplify all the resistances in liquid and 
gas phases, then the resistances in series are written as: 


11 11 

K[ ~ k + HVg 


(3.11.6) 


If kg is larger than kj, then the resistance to mass transfer lies on the liquid film side. Oxygen 
absorption rate is: 


Qo 2 


,, /interfacia] area\ 
(flUX) ( volume j 


Qo = LC; -c„(h (3.11.7) 

The interfacial area per unit volume and a' = A/V is incorporated into Eqn (3.11.7): 

Qo 2 = k,a'(q - Ci) (3.11.8) 

The minimum oxygen utilization rate is x/z max /Yo 2 . If the system is mass-transfer limited, 
C; approaches zero. Then the amount of oxygen absorbed is exactly equal to the amount of 
oxygen consumed. Equations (3.11.8) leads to the following: 

Xfl 


k,a\q - Ci) 


(3.11.9) 
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Using the Monod rate for the specific growth rate in Eqn (3.11.9), it is reduced to the 
following equation: 

= ( 3 . 11 . 10 ) 

Rearranging Eqn (3.11.10) yields the following equation: 

YoM'i.C; - Cl) = x Mmax Q o C | c J (3.11.11) 


if Ci < C* lt then the concentration profile for oxygen in the liquid phase is: 


c, = c; 


Yo 2 K 02 k,a'/xfi mnx ' 
1 - Y 02 Cjkia'/xfi max 


(3.11.12) 


EXAMPLE 1 

Calculate Cell Density in an Aerobic Culture 

A strain of Azotobacter vinelnndii was cultured in a 15 m 3 stirred fermenter for the production 
of alginate. Under current conditions, the mass transfer coefficient, kia, is 0.18 s _1 . Oxygen 
solubility in the fermentation broth is approximately 8 x 10~ 3 kg m~ 3 . 9 The specific OUR 
is 12.5 mmol g _1 h _1 . What is the maximum cell density in the broth? If copper sulfate is 
accidentally added to the fermentation broth, which may reduce the OUR to 3 mmol g~ : fC 1 
and inhibit the microbial cell growth, what would be the maximum cell density in this 
condition? 

The OUR is defined as 10 : 


OUR = c]q 2 (x) = k L a(c AL - Cal) 


(El-1) 


Solution 

We make an assumption based on the fact that all of the DO in the fermentation broth is used 
or taken by microorganisms. In this case, the DO goes to zero. The value for Cal can be zero 
because it is not given in the problem statement. Also, the cell density has to be maximized. 
Therefore the above assumption is valid. In the above equation, x represents the cell density; 
that is: 


haC* AL 

<?o 2 


(El-2) 


Substituting values into Eqn (E2.2), the maximum biomass production is calculated as follows: 
(0.18 s -1 )(8 x 10 13 kg m -3 ) _ 12960 g 


12.5 mmol j | 1 mol j | 32 g | | 1 kg 


g-h J y 1000 mmol 


or 12.96 g L" 
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Assuming the solubility of oxygen does not affect C* AL or k\a, the factor affected on the OUR that 
is 12.5/3 = 4.167, then x max is: 

x max = (12.96) (4.167) = 54 g L -1 

To achieve the calculated cell densities, other conditions must be favorable, such as substrate 
concentration and sufficient time. 


EXAMPLE 2 

Effect of Carbon Source in Penicillin Production 

The carbon source affects oxygen demand. In penicillin production, oxygen demand for glucose 
is 4.9 mol 1A 1 h _1 . The lactose concentration is 6.7 mol IA 1 h _1 ; sucrose is 13.4 mol LA 1 fA 1 . The 
yield of oxygen per mole of carbon source for CH 4 is T 02 /C = 1-34, Yq 2 /c for paraffins = 1 , and 
Y 02 /C f° r hydrocarbon (CE^O),, = 0.4. The mass transfer coefficient k/a is for gas—liquid reactions, 
and the film thickness where the mass transfer takes place is S. 

In such cases, the rate of oxygen transfer to the fermentation broth is less than oxygen con¬ 
sumption by the cells: 

S x rate\ film < k,(0 - Q) (E2.1) 

where 5 is the film thickness of the mass transfer given as: 


5 = 


Do, 

k, 


(E2.2) 


where Do 2 is the oxygen diffusion coefficient in (m 2 s *). The reaction rate is based on the elementary 
rate, which means rate is proportional to substrate concentration to definite exponent: 


~ r o 2 = MCT (E2.3) 

where ro 2 is the oxygen reaction rate in (mol nA 5 s _1 ) and k T is the rate constant. Substituting the rate 
expression and (E2.2) into Eqn (E2.1 leads to an inequality for mass transfer coefficient in the liquid 
phase: 


^ x k r (cy < fc/(c* - Q) 

By rearranging Eqn (E2.4) then solving for ki, we obtain: 


h > 


X(c-) a D 02 y 

C*-C, 


(E2.4) 


(E2.5) 


For "mass transfer limited" fermentation with very little DO in the broth, Q < C*; thus Eqn (E2.5) 
is simplified, and the above inequality becomes: 


h> 


7c r (CTD 02 P 

C* — Ci 


(E2.6) 
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given a value for a = 0.5. 

(E2.7) 

The mass transfer coefficient is calculated for a given diffusivity coefficient and reaction rate 
constant at the equilibrium concentration of oxygen. 

When oxygen is continuously transported and removed from the liquid phase, we may obtain 
the moles of oxygen used in the bioreactor considering the ideal gas law (PV = nRT) as: 

OUR = [F gM x Po,, n - F gi0Ut Po 2 J/VRT (E2.7) 

where OUR is the oxygen uptake rate in (mol m~ 3 s _1 ), F g is the volumetric oxygen flow rate in 
(m 3 s^ 1 ), and Pq 2 is the partial pressure of oxygen. Using the ideal gas law (PV = nRT), we then 
solve for moles of oxygen used in the bioreactor. The moles of gas transferred are calculated by the 
ideal gas law: 


k> 


k r (C*)Do 2 
C* — Q 



PaV 

RT 


(E2.8) 


3.11.1 Oxygen Transport 

Molar transformation of oxygen is proportional to the concentration gradient of oxygen at 
the gas—liquid interface and oxygen dissolved in the bulk liquid phase: 

No 2 = Na = k,(C* - Q) (3.11.1.1) 

where No 2 is oxygen flux in kmol m~ 2 s 1 , k/ is the liquid side mass transfer coefficient in 
m s _1 , C* is the oxygen concentration at interface in kmol m 3 , and C/ is the oxygen concen¬ 
tration in the bulk of liquid. The molar transformation of oxygen in the gas phase is propor¬ 
tional to the pressure gradient: 

N 0l = k s (P 0l - P*) (3.11.1.2) 

where kg is the gas side mass transfer coefficient in kmol atm -1 m 2 s _1 , P* atm -1 is the inter¬ 
facial partial pressure of oxygen, and Pq 2 is the partial pressure of oxygen in bulk gas. The 
resistances in series, which are associated with Henry's law, are explained earlier (3.11.6). 
For the slightly soluble gas, H is greater than 4 x 10 4 bar mol 1 , the mass transfer coefficient 
for gas phase, kg, is large, and we may neglect the resistance created by the gas film; then it 
would be a perfect assumption to state K/ = k /. The interfacial surface area created by the gas 
bubbles is: 


dj 


surface area of gas bubbles 
V~ L 


(m 2 m 3 ) 


(3.11.1.3) 


The molar flux is given by Eqn (3.5.1). 
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Gas hold-up is defined as H 0 = bubble volume/reactor volume, which is the volume of gas 
per unit volume of reactor. Assume the system is an agitated vessel. Let us use Richard's data 
to define gas hold-up 

0.4 

(y s ) 0 - 5 = 7.63h + 2.37 (3.11.1.4) 

where P is power in hp, V is ungassed liquid volume in m 3 , Vs is gas superficial velocity in 
mh/ 1 and h is the volume void fraction. 



EXAMPLE 3 
Calculated Gas Hold-up 

Calculate the gas hold-up for an agitated and aerated system with power input of 18 hp in an 
80 m 3 vessel; tank diameter is 4 m, with gas superficial velocity of 2.6 m min -1 . 


— (2.6 x 60 min IT 1 ) 0 ' 5 = 7.63H + 2.37 

80 / 


(E3.1) 


The gas hold-up can be defined by the above definition using the gas height per volume of tank, 
where H is 0.6 m for aeration and height of liquid 6.5 m 


T, V? 0.6 m 

0 = V„ + V L = 0.6 +6.5 m = °'° 85 


(E3.2) 


The calculated gas hold-up is 8.5%. 


3.11.2 Diameter of Gas Bubble Formed D 0 


As gas flows with fixed volumetric flow rate through an orifice gas sparger, bubbles are 
formed with diameter D 0 . Analysis of bubble formation is based on the balance of buoyant 
force, as the bubbles leave the orifice and rise through the media (7rApyD 3 )/6, with the 
rest of the forces resulting from the surface tension. Trad. Buoyant force-rest of force. 


The interfacial area: 



D = 


6 ad 3 



(3.11.2.1) 

(3.11.2.2) 


(3.11.2.3) 


Bubble residence time 


Hi Height of liquid 
n t Gas terminal velocity 


(3.11.2.4) 
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The terminal velocity for rising bubbles is: 


u, = 


D 2 ^pg 

18p 


Using the following equation: 


«' = i(«F 0 )(b)^ 


where a- is the interfacial area per unit volume of liquid. 

nF B (H L /u t ) x 6 


a = 


VD 


The oxygen use balanced with growth gives: 


Yo 2 k L a'(q - Q) = x/j, = 


r hmaxU/ 


given K s = Kq 2 


1 dx 


M = 


MmaxC 


x dt Yo 2 (tCo 2 +Q) 

Useful equations similar to Eqn (3.11.12) for C; < C*/ are obtained. 

Yo 2 K 02 k l a'/xfj. max 


c, = q 


1 - Y 02 qk,a'/x/j, n 
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(3.11.2.5) 


(3.11.2.6) 


(3.11.2.7) 

(3.11.2.8) 


(3.11.2.9) 


(3.11.2.10) 


EXAMPLE 4 

Calculation of Cell Density in Aerobic Culture 

A strain of A. vinelandii is cultured in a 15 m 3 stirred fermenter for production of alginate. Under 
current conditions, the mass transfer coefficient, kici, is 0.25 s _1 . Oxygen solubility in the fermen¬ 
tation broth is approximately 8.5 x 10~ 3 kg m~ 3 . The specific OUR is 15 mmol g^fU 1 . What is the 
maximum cell density in the broth? If copper sulfate is accidentally added to the fermentation broth, 
which may reduce the OUR to 1.5 mmol g~ : IT 1 and inhibit the microbial cell growth, what would 
be the maximum cell density in such a case? 

The OUR is defined as: 


OUR = (<7o 2 )(x) = k - Cal) 


(3.11.2.11) 


Solution 

We assume all the DO in the fermentation broth is used or taken by microorganisms. In this case, 
the DO is zero or the value for Cal is zero, since it is not given in the problem statement. Also, the 
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cell density has to be maximized; therefore, the above assumption is valid. In the above equation, x 
represents cell density, which is 


Xmax 


X 


max 


haC* AL 

qo 2 


(3.11.2.12) 


(0.25 s" 1 ) (8.5 x 10~ 3 kg m 3 ) 

(15 mmol/g-h)(l h/3600 s)(l mol/1000 mmol)(32 g/1 mol)(l kg/1000 g) 
15937.5 g/m 3 = 15.94 gL 1 


Let us assume the solubility of oxygen does not affect Cal or ki a. The factor affected by. 
OUR is: 

15/1.5 = 10 
then x max is: 


W = (15.94) (10) = 159.4 g L^ 1 

To achieve the calculated cell densities, all other conditions must be favorable, such as substrate 
concentration and sufficient time. 


EXAMPLE 5 

Oxygen Requirements for Activated Sludge in an Aerated Bioreactor 

Oxygen balance for an aerated system with activated sludge is defined by a dynamic model: 


dCo 2 

dt 



Cg) + bfix 


(3.11.2.13) 


The substrate in this equation is represented by biological oxygen demand (BOD), where V is the 
reactor volume, x is the cell density or sludge concentration, a is a constant in kg O 2 kg -1 BOD, b is 
also a constant in kg O 2 kg -1 MLSS, and F is the fresh feed flow rate in m 3 h _1 . MLSS is the mixed 
liquor suspended solid in mg 1, and BOD is 0.4 kg/kg MLSS. The constants for a = 0.5 and b = 0.4 
are given. For a flow rate of 100 m 3 ID 1 and initial substrate S Q of 30,000 ppm (0.03 kg m~ 3 ) in an 
aeration tank volume of V = 10 m 3 , what would the BOD concentration be if an oxygen rate of 
0.95 m 3 ID 1 is supplied, and what would the leaving substrate concentration, S, be? 


Km + S 


or Xji 


Given rate = 0.75 kg O 2 (kg BOD h) 1 
Oxygen flow rate supplied in 0.95 m 3 h _1 : 


K m + S 


(3.11.2.14) 


OTR = 



1.36 kg h" 1 


Plug in values into Eqn (3.11.2.13) 

0.136 kg m" 3 h” 1 = 0.5(10 h" 1 ) (0.03 kg m~ 3 - S) + 0.4(0.75 kg m 3 h" 1 ) (0.03 kg m^ 3 - S) 
S = 0.004 kg m" 3 













3.11 MASS TRANSFER LIMITED PROCESS 


71 



X X + AX 


FIGURE 3.2 Schematic diagram 
of plug flow reactor. 


For a plug flow system, we can define all the conditions in inlet and outlet streams as 
shown in Figure 3.2. 

The residence time for an ideal plug flow system is stipulated as: 


x2 


tp — 


xl 


dx 

(dx/dt) 



(3.11.2.15) 


Generally, residence time is obtained by a division of working volume by volumetric flow 
rate: 


T = 


V 

T 


(3.11.2.16) 


The differential form shows the changes occurring along the length of tubular reactor. The 
plug flow bioreactor as the substrate and the product formed along the length of the tubular 
bioreactor is shown in Figure 3.3. 




(3.11.2.17) 


The concentration profiles for substrate, product, and biomass in a plug flow system are 
shown in Figure 3.4. 

For CSTR, the design equation is given below: 


T 


m 


Cao%a 


r a 


(3.11.2.18) 


The rate model for a biological process is given by a Monod rate model. 


~r A = 


L’maxSX 

Km + S 


(3.11.2.19) 





o 


♦ 


IN 


L 


OUT 


FIGURE 3.3 Schematic diagram 
of plug flow bioreactor. 
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FIGURE 3.4 Substrate, product, and cell concentration versus length of plug flow bioreactor. 


Bioreactor with the assumption of tank diameter is equal to the height of the liquid 
(Df = H). Assume steady-state condition, no cell accumulation, and no death rate: 


F 

V 


V 

(x 0 - x) + r x — = 0 
v 


(3.11.2.20) 


(Flow rate) (Cell in — Cell out) = rate of cell generation = 0. 
Let us define /r, which is known as specific growth rate: 

r x 


(3.11.2.21) 


Dilution rate is defined as the number of tank volume pass through per unit time, D = F/V. 
The residence time is defined as the time required for one unit volume of reactor to be replaced 
by the flow rate, x = V/v. When the feed is sterile, there is no cell entering the bioreactor, which 
means xq = 0; the rate may be simplified and reduced to: 

Id = D; DX = r x (3.11.2.22) 


Steady-state material balance is used for cell mass. 



(3.11.2.23) 


Substituting dilution rate and specific rate into Eqn (3.11.2.23) leads to a useful 
relation: 


Dx o = (D — i ~ l )( x ) 


(3.11.2.24) 
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For the case of sterile feed, Eqn (3.11.2.24) reduces to: 

(D — jli) = 0 or D = fi (3.11.2.25) 

The general balance equation is given below: 

V R ^ = F(t) [Cif - Q) + r fi (3.11.2.26) 

At unsteady-state conditions, the change of concentration with respect to time is detect¬ 
able, dS/df =£ 0, but for steady-state conditions the leaving substrate may be constant. For 
a plug flow bioreactor, we can treat it like a batch system. 

The cell balance is: 


dC A 

df 


= -r A 


The change of cell density with respect to time is given as follows: 


dx r x 
d x X 


jJLX 


(3.11.2.27) 


(3.11.2.28) 


Substituting the specific growth rate into Eqn (3.11.2.28) leads to the following differential 
equation: 


dx 

df 


f Mrn.ix ^ \ 

\^+Sj 


X 


(3.11.2.29) 


When dilution rate reaches the maximum specific rate (D = /i max ), wash out phenomena 
may take place. 

Balance for substrate S: 


ds X f /x max S 


df Y \K S + s 


For sterile media in a chemostat: 


Di n = 


hmax^O 

Ks + So 


The substrate concentration is defined as: 

S = DKs and Y = — 

Mmax ~ D So — S 

The biomass is calculated using Eqn (3.11.2.32): 

DK S 


X = Y(So-S) = Y S 0 - 


Yield of biomass is defined as: 


Y = 


Mmax - D 


mass of cells formed 
mass of substrate consumed 


(3.11.2.30) 


(3.11.2.31) 


(3.11.2.32) 


(3.11.2.33) 










74 


3. GAS AND LIQUID SYSTEM (AERATION AND AGITATION) 


The Monod rate equation, /i = is used to substitute into mass balance. Substituting 
S into X, the following equation is obtained: 

Dx o + (p^--D)x = 0 (3.11.2.34) 

\K S + S ) 

At steady state condition, the mass balance for substrate S is ^ = 0, results in the 
following equation: 


D(S 0 - S) = 


Pmax 1 ^ \ ^ 


K s + S Y 


(3.11.2.35) 


The rate equation is incorporated: 


D(S 0 - S) = 


y 


(3.11.2.36) 


NOMENCLATURE 


a Gas—liquid interfacial area per unit volume of broth, nP 

C Saturation concentration of oxygen in liquid bulk in equilibrium with gas phase, mol m 

C; Oxygen concentration at the interface, mol nP 3 

C; Oxygen concentration in the bulk of liquid, mol m 3 

D 0 Orifice diameter, m 

df, Average bubble diameter, m 

Do 2 Oxygen diffusion coefficient, m 2 s _1 

Fg Volumetric oxygen flow rate, m 3 s _1 

H Henry's constant, atm m 3 moP 1 

Hi Height of liquid, m 

Jo, Molar flux of oxygen, mol nP 2 s _1 

kg Mass transfer coefficient in the gas side, mol m ~ 2 atm -1 s _1 

K g Overall mass transfer coefficient in the gas phase, mol m ~ 2 atm -1 s _1 

ki Mass transfer coefficient in liquid side, m s _1 

Ki Overall mass transfer coefficient in the liquid phase, m s _1 

k r Rate constant 

k/n Volumetric mass transfer coefficient, s _1 

No, Oxygen transfer rate, mol m s _1 

OUR Oxygen uptake rate, mol nP 3 s _1 

P Agitator power under gassing condition, W 

P Partial pressure of oxygen in equilibrium with liquid phase, atm 

Po, Oxygen partial pressure in the bulk of gas phase, atm 

Po 2 ,i Oxygen partial pressure at the interface, atm 

ro. Oxygen reaction rate, mol nP 3 s _1 

tf, Bubble residence time in liquid, s 

wm Volume of air per volume of liquid media per min, L IP 1 mhP 1 

Vg Volume of gas bubbles in the reactor, m 3 

V; Volume of liquid in the fermenter, m 3 

v s Gas superficial velocity, m s _1 

Vt Gas terminal velocity, m s _1 

y, z Empirical constants 
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GREEK SYMBOLS 


a proportionality factor as a constant 
<5 film thickness of the mass transfer, m 
e gas hold-up 
p viscosity, kg m _1 s _1 
Pl density of liquid, kg m 3 
pg density of gas, kg m -2 

a interfacial tension of the gas—liquid film, kg s~ 2 
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SUBCHAPTER 


3.13 


Case Study: Oxygen Transfer Rate Model in an Aerated 
Tank for Pharmaceutical Wastewater 


3.13.1 INTRODUCTION 


Aerobic wastewater treatment processes remove dissolved and colloidal organic matter 
from industrial wastewater. The growth and propagation of the microorganisms consume 
oxygen in the liquid phase. This causes the dissolved oxygen (DO) to be depleted when 
the microorganisms are in the exponential growth phase. However, the specific oxygen up¬ 
take of bacteria increases only slightly with increasing oxygen concentration above a certain 
critical concentration. To achieve the optimum oxygen transfer rate (OTR), several parame¬ 
ters, such as airflow rate, bubble size, nature of the wastewater, agitation rate, temperature, 
reaction rate, and propagation of the microorganisms, which influence the mass transfer rate, 
have to be considered. The activated sludge process for domestic wastewater treatment was 
first introduced to the world in 1914. Since then, many studies have been conducted to 
improve the oxygen transfer efficiency. Among the aeration devices introduced are porous 
diffuser, filter type diffuser, mechanical aeration device, orifice type diffuser, and fine-pore 
air diffuser. In the United States today, the aerated treatment process has a substantial mar¬ 
ket. There is a great emphasis on the enhancement of an efficient process, which may lead to 
intensive research programs. The process aim is to evaluate the design, operation, and con¬ 
trol processes while improving overall system performance. The transfer of oxygen from the 
gas phase to the microorganism takes place in several steps. First, the oxygen must travel 
through the gas to the gas—liquid interface, then through the bulk liquid, and finally into 
the microorganism. Some researchers believe that oxygen transfer occurs significantly during 
bubble formation when the interfacial area exposed to the liquid is constantly renewed. On 
the other hand, there are other researchers who believe that significant oxygen transfer oc¬ 
curs during the bubble's ascent. However, it is well understood that regardless of where 
the transfer occurs, the rate of transfer is proportional to the contact time and area of contact 
between the liquid and the gas. It is found that the overall gas transfer coefficient, Ki-a, in¬ 
creases while bubble size decreases down to a diameter of 2.2 mm; further reduction in bub¬ 
ble size results in a decrease of Ki ■ a, although smaller bubbles may increase oxygen transfer 
efficiency. 
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Modeling oxygen transport in the aeration system is important because it can be used as a 
reference for overall process performance improvement as well as process design and simu¬ 
lation. The oxygen transfer process mentioned above is based on the concentration gradient 
between the oxygen concentration in the gas phase and in the organism. The basic model for 
oxygen transfer in a dispersed gas—liquid system is given by Eqn (3.7.3). 3 For the gas side, 
mass transfer can be similarly defined in terms of the gas partial pressure, as explained in 
the related section. 

Since it is usually impossible to measure the local and interface concentrations everywhere 
in a bioreactor, average values of concentrations or dominant bulk concentrations and overall 
mass transfer coefficients are used. To know the total OTR in a vessel, the total surface area 
available for the oxygen transfer has to be determined. Thus, an overall mass transfer coeffi¬ 
cient incorporating the surface area of the bubble is used, namely Na = K/ -a (C* — C). The 
value of Ki'Ci is dependent on the physicochemical properties of the bioreactor media, the 
physical properties of the bioreactor, and the operating conditions of the vessel. The magni¬ 
tude of K L -a can be controlled by the agitation rate and the airflow rate. Oxygen is the sub¬ 
strate that enhances microbial growth; however, above a certain concentration, the microbial 
growth becomes independent of the oxygen concentration. 

In a short period, at a quasisteady-state condition, OTR to microbial cells would be equal 
to oxygen molar flow transfer to the liquid phase : 

^ = K L -a(C* - C) - Qq 2 x (3.13.1.1) 


At steady-state condition the oxygen concentration profile would be an exponential model: 


C-C* 

C 0 -C* 


e~ KLat 


(3.13.1.2) 


In reality, oxygen concentration never reaches the concentration defined in the proposed 
model, because the microbial activities at optimal and maximum cell density would reach 
the point where oxygen depletion takes place. 

The volumetric mass transfer coefficient, Ki ■ a, for a continuous stirred tank bioreactor can 
be correlated by power input per unit volume, bubble size, which reflects the interfacial area, 
and superficial gas velocity. The general form of the correlations for evaluating K^-a is 
defined as a polynomial equation given by Eqn (3.9.1). 

The mass transfer coefficient is expected to relate gas power per unit volume and gas ter¬ 
minal velocity. Measurement of gas bubble velocity is troublesome in the experimental stage 
of aeration. Extensive research has been conducted for an explanation of the above correla¬ 
tion. Gas—liquid mass transfer in low-viscosity fluids and in agitated vessels has been 
reviewed and summarized as stated in Secion 3.9 3 : 


1. For coalescing air—water dispersion, when liquid is relatively pure, the mass transfer co¬ 
efficient was estimated from Eqn (3.9.2) for the defined range of liquid volume and po¬ 
wer per unit volume: 


V, < 2.6 m 3 ; 500 < P g /Vi < 10,000 


(3.13.1.3) 
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2. For noncoalescing air—electrolyte dispersion, when there is a small amount of electrolyte 
in the system, the mass transfer coefficient may be correlated using Eqn (3.9.3), with the 
following condition for liquid volume and power per unit volume: 

V, < 4 m 3 ; 500 < P g /V, < 10,000 (3.13.1.4) 

The above correlations may not be valid for nonNewtonian behavior of biological fluids, 
nor for the effect of antifoam or in the presence of solids. A correlation proposed in the liter¬ 
ature as stated in Eqn (3.9.4) may be true for aerobic nonNewtonian fluid filamentous media 
of fermentation broth. 

The industrial wastewater used in the current experiment is considered as noncoalescing 
air—electrolyte dispersion. Thus, the equations discussed above would be used as a theoret¬ 
ical model for the estimation of oxygen transfer rate in the liquid phase. 


3.13.2 MATERIAL AND METHOD 


The nonpenicillin wastewater from a pharmaceutical company was collected and used in the 
batch aeration wastewater treatment experiment. The pharmaceutical wastewater had a clear or¬ 
ange color and a strong odor, contained toxic chemicals, and had a COD value in the range of 
3000—30,000 mg L '. The pH of the wastewater was neutralized and monitored for each exper¬ 
imental run, because the bacteria would have a higher rate of propagation at neutral pH. 

Two different sizes of aerated tanks with working volumes of three and 15 L were used. 
An aeration pump (model 8500, 6 W) with low, medium, and high rates of oxygenation was 
used for the small tank. A gas-flow meter (Cole Parmer, model 6G08 R4) with a flow range of 
0—70 mL min -1 was used for setting the desired airflow rate. Air bubbles entered the bottom 
of the tank through a gas sparger and maintained the wastewater highly aerated. A stirrer 
(Cafamo digitalm model RZR2000) in the range of 100—600 rpm was used for complete aera¬ 
tion in the small aeration tank. Also, a 15 L aeration unit (model TR01, with a stirrer model 
RW20DZM.n, 72W, KIKA from Labortechnik, Malaysia) was used for the large aeration tank. 
A high-shear dispersing impeller with a diameter of 82 mm was used in the large system. 
A DO meter (model HI9145 microprocessor, Hanna Instrument, Portugal) was used to detect 
and measure the amount of DO in the large aeration tank. 

The organism was isolated from the wastewater that was used as the seed culture. The me¬ 
dium for seed culture as a starter of each experimental run was prepared by dissolving 1.0 g 
of glucose and 1.0 g of peptone in 100 mL of distilled water. The nutrients and minerals were 
obtained from Merck. The medium was sterilized in an autoclave at 121 °C, 15 psig steam 
pressure for 20 min. 

Periodic samples were taken at the starting point after introducing the inocula on the first, 
second, and third day of each experimental run. The optical cell density, COD, carbohydrate 
concentration, and DO were monitored for various airflow rates. The COD was measured by 
the closed reflux colorimetric method at 600 nm with a spectrophotometer, using potassium 
dichromate as a reducing reagent. All organic chemicals that were present in the waste- 
water could be detected as equivalent to carbohydrates by a chemical reducing agent, 
3,5-dinitrosalycilic acid, which was detected by the spectrophotometer at 540 nm wavelength. 
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Time, day 

FIGURE 3.5 COD reduction for small aeration tank with various airflow rates. 


3.13.3 RESULTS AND DISCUSSION 


An experimental run was conducted to study the effect of airflow rate in a 3 L aeration 
wastewater treatment tank. Nutrients were added to the treatment tank to ensure 
sufficient bacterial growth. In each experiment, the cell optical density, COD, and the con¬ 
centration of chemicals equivalent to carbohydrates were monitored for the duration of 
aeration. 

Based on the experimental results shown in Figure 3.5, the COD curves showed sharp 
reduction on the first day of the treatment, and the rates were gradually reduced when 
the aeration was extended until the third day. The data show that higher reduction of COD 
was achieved with the higher airflow rates. An airflow rate of 1.3 L min -1 yielded the highest 
percentage of COD reduction, about 58%. On the other hand, the percentage of carbohydrate 
consumption also presented similar trend with the airflow rate. Reduction of chemical equiv¬ 
alent to carbohydrate for the small aeration tank with airflow rates of 0.22,0.83, and 1.3 L min 1 
is shown in Figure 3.6. The highest percentage of carbohydrate reduction, i.e., 90%, was 
obtained with an airflow rate of 1.3 L min - 1 . The results indicated that the aerobic wastewater 
treatment process with the airflow rate of 0.22—1.14 L mirC 1 was under oxygen transfer 
limitation; further process improvement can be achieved by increasing the airflow rate. 

Further experiments were conducted in a large aeration tank, 15 L batch system to study 
the cell dry weight, COD, carbohydrate, DO, and oxygen transfer modeling. Two different 
airflow rates, 5 and 10 L min -1 , were applied. Flowever, owing to the failure and operation 
limitation of the system, the system could only operate for 8 h a day. The COD, cell dry 
weight, carbohydrate, and DO concentrations for the experimental run with an airflow rate 
of 5 L min -1 are presented in Figure 3.7. 
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FIGURE 3.6 Reduction of carbohydrate in an aeration tank at various flow rates. 
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FIGURE 3.7 COD, cell dry weight (CDW), carbohydrate, and dissolved oxygen concentration in a 15 L aeration 
tank at an airflow rate of 5 L min -1 . 


It was expected that the DO for the 5 L mirD 1 system would decrease with time because 
the system was running in an oxygen-limited condition. The concentration of the oxygen 
approached zero percent on the third day of the experiment. Although the system was 
running in an oxygen transfer limiting condition, the microbes achieved maximal growth 
at 24 h. The reduction of COD and carbohydrate were 40 and 74%, respectively. The 
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FIGURE 3.8 Experimental data for DO concentration level in liquid phase at 5 and 10 L min . 

experimental results showed that the system required more aeration. Therefore, an airflow 
rate of 5 L min 1 was not sufficient, and the calculation of K^-a might cause error. 

When the airflow rate was doubled, there was sufficient oxygen for optimum microbial 
growth. Theoretically, under sufficient aeration conditions, the concentration of DO in the 
system should be constant; however, because of the reason mentioned above, the DO curve 
showed a drop in the oxygen concentration from 24 to 30 h. The DO was available at around 
5—8 mg L 1 during the aeration. The oxygen transfer coefficient Ki-a for the above system 
can be estimated by applying the following mathematical model (3.13.3.1). A graph of Cl 
against (— rx + d Cl/ dt) was plotted as presented in Figure 3.8 for the 15 L aeration tank sys¬ 
tem with 5 and 10 L min” 1 limitation. The experimental data as presented in Figure 3.5 show 
good agreement for 10 L min -1 airflow rate. The oxygen transfer coefficient for 5 and 
10 L min -1 airflow rate was 0.0509 and 0.3918 h \ respectively. The superficial gas velocity 
(v s ) for the turbulent flow region was predicted to be around 0.18 and 1.3 m s -1 for the 
airflow rates of 5 and 10 L min -1 , respectively, for the given correlation. The experimental 
data were compatible with the theoretical correlation. 

j r-' 

-r± = K l - a(C* - C L ) - rx (3.13.3.1) 


3.13.4 CONCLUSION 


Kl ■ a and v s for the 10 L min 1 airflow rate for the 15 L aeration system were 0.0509 h 1 and 
1.3 m s _1 , respectively. From the experimental results, the microbial growth was not at the 
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optimum stage for the reasons mentioned earlier. Nevertheless, a reduction of around 95% 
can be achieved for carbohydrate reduction. However, further studies should be carried 
out for optimization of the treatment and to improve COD reduction for pharmaceutical 
wastewater treatment. 


NOMENCLATURE 


C„ Initial concentration, mg IA 1 
C Concentration, mol nA 3 

Cl Concentration in the bulk of liquid, mol nA 3 
x Biomass concentration, g IA 1 
Na Molar rate, mol nA 3 tA 1 

Kl-u Mass transfer coefficient in liquid phase, 1A 1 

C* Oxygen concentration in equilibrium with liquid phase at the interface, mol m 

Qo 2 Oxygen absorption rate, mol IA 1 tA 1 

P g Gassed power, W 

V\ Volume of liquid in the fermenter, m 3 

—r Consumption rate of substrate, mol IA 1 s _1 

t Time, h 
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SUBCHAPTER 


3.14 


Case Study: Fuel and Chemical Production from the 
Water-Gas Shift Reaction by Fermentation Processes 


3.14.1 INTRODUCTION 


Synthesis gas (syngas), a mixture of primarily CO, H 2 , and CO 2 is a major building block in 
the production of fuels and chemicals. Syngas is produced from several sources, including 
coal, oil shale, tar sands, heavy residual oil, or low-grade natural gas. Catalytic processes 
are used to convert syngas components into a variety of fuels and chemicals, such as 
hydrogen, methane, methanol, ethanol, acetic acid, etc. Microorganisms are used as suitable 
biocatalysts to convert syngas into chemicals and fuels. Biological processes, although gener¬ 
ally slower than chemical reaction, have several advantages over catalytic processes, such as 
higher specificity, higher yields, lower energy cost, and generally greater resistance to catalyst 
poisoning. Furthermore, the irreversible character of biological reactions allows complete 
conversion and avoids thermodynamic equilibrium. 

Anaerobic bacteria are able to grow autotrophically on syngas components. They follow 
specific pathways to produce fuels and chemicals from inorganic waste gases. The reaction 
occurs under mild conditions, ambient temperature, and pressure with the formation of spe¬ 
cific products. However, direct production of fuels and chemicals by gasification technology 
is economically unfavorable and requires a very large plant. Suitable microorganisms may 
be used for production of fuels and chemicals from bioconversion of syngas. Fermentation 
needs substrates such as CO or CO 2 to provide energy for bacterial growth, maintenance, 
and by-products such as organic acid, alcohols, and hydrogen that result from microbial 
metabolism. A recent investigation was conducted using suitable microorganisms to pro¬ 
duce acetic acid and ethanol from H 2 , CO, and CO 2 . The organism must be anaerobic and 
grow either chemolithotrophically on CO and H 2 /CO 2 or chemoorganotrophically with 
carbon sources such as fructose, malate, glutamate, or pyruvate. It has been reported that 


This case study was partially written with contributions from: 

Habibollah Younesi, Department of Environmental Science, Faculty of Natural Resources, Tarbiat Modares 
University, Noor, Iran; 

Abdul Rahman Mohamed, School of Chemical Engineering, Engineering Campus, Universiti Sains 
Malaysia, 14300 Nibong Tebal, Pulau Pinang, Malaysia. 
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CO, H 2 , and CO 2 can be converted to acetate by several bacteria such as Clostridium aceticum, 
Acetobacterium zuoodii, Clostridium ljungdahlii, and Clostridium thermoaceticum. 

Generally, bacteria in the fermentation process require substrates like glucose, sucrose, ma- 
late, or acetate as carbon sources to obtain energy for growth and maintenance for synthesis 
of organic acids, alcohols, and hydrogen, which are liberated in the course of microbial meta¬ 
bolism. It is believed that for oxidation of CO, acetyl coenzyme A is required to enter CO 
into the citric acid cycle. Rhodospirillum nibnim is capable of producing carbon monoxide de¬ 
hydrogenase (CODH) to facilitate the oxidation process. It was stated that synthetic gases 
were converted to molecular hydrogen with the aid of several photosynthetic bacteria, for 
instance C. aceticum, A. zvoodii, C. ljungdahlii, and C. thermoaceticum, which are able to produce 
fuels and chemicals. 

Purple nonsulfur phototrophic anaerobic bacteria use light (photons) to produce hydrogen 
by a biological route. The metabolites of photosynthetic bacteria are organic acids or carbon 
monoxide as the energy source. Bacteria grown on carbon monoxide produce molecular 
hydrogen and carbon dioxide and generate no by-product. The CODH from methanogenic 
bacteria is the key enzyme in CO metabolism. It has been reported that light and acetate 
are present during hydrogen formation, in which light is required for hydrogen evolution 
and acetate is not consumed during hydrogen production. Reports in the literature state 
that R. rubrum can be grown on organic components. Photoheterotrophic growth is based 
on most intermediate metabolites in the tricarboxylic acid (TCA) cycle. The major precourse 
in this pathway is an acetylating agent for the synthesis of other components and coenzyme 
A (CoA). Acetyl CoA is the key component for entering the TCA cycle. In this cycle, molec¬ 
ular hydrogen and carbon dioxide are continuously evolved. 

In the past decade, an increasing interest in biological utilization of gaseous substrates has 
developed in several bioprocesses for fuel synthesis. Production of chemicals and fuels 
from gaseous substrates was demonstrated in biocatalytic processes. It has also been reported 
that biological processes are used to convert gaseous substrates such as CO/H 2 or CO 2 /H 2 to 
ethanol and acetate at ambient temperature and atmospheric pressure. The reactions are 
generally carried out in the aqueous phase, where microorganisms are suspended as free cells 
or in floes. The advantages of microbial processes are stated as the product specificity, 
yielding few by-products and high process yield. Also, the resistance of biocatalysts has 
been found to be higher than chemical catalysts. In industrial gas streams, chemical catalysts 
are easily inhibited by trace contaminants such as H 2 S and COS. Therefore, the economic 
attraction of biological processes in the development of suitable biocatalysts to ferment 
gaseous substrates to valuable products has been considered. 

In the present study, a strictly anaerobic bacterium, C. ljungdahlii, was used to investigate 
ethanol and acetate production by bioconversion of syngas at various total pressures of syngas 
in a series of batch bioreactors. The significant aspect of this fermentation was to investigate the 
bioconversion of syngas to commercial fuels. The effects of initial total pressure of syngas on 
microbial cell population, substrate and product inhibition in the culture were also studied. 


3.14.2 KINETICS OF GROWTH IN A BATCH BIOREAC TOR 

When microbial cells are inoculated into a batch bioreactor containing fresh media, their 
increase in concentration can be monitored. It is common to use the cell dry weight as a 
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measurement of cell concentration. The simplest relationships describing exponential cell 
growth are unstructured models. Unstructured models view the cell as an entity in solution, 
which interacts with the environment. One of the simplest models is that of Malthus : 


dx 

df 


= /JLX 


(3.14.2.1) 


where x is the cell dry weight in g L 1 , m is specific growth rate in h , and f is time in h. This 
model predicts unlimited growth with time. We can propose an inhibition term to provide 
limited growth that is dependent on cell concentration. We assume that the limiting substrate 
is consumed according to first-order kinetics: 


dS 

df 


= -KS 


(3.14.2.2) 


where S is the substrate concentration in g L and k$ is first-order rate constant in h 
We also assume that the substrate is converted with a fixed yield factor: 




Ax x — x 0 
x/s = ^AS = ~S-S 0 


(3.14.2.3) 


where Y x /$ is yield coefficient in g cell/g substrate, x 0 is inoculum concentration, and S 0 
isinitial substrate concentration in g L 1 . Rearranging Eqn (3.14.2.3) gives : 


S = 


x 0 T Y x /sS 0 x 


Y 


x/S 


(3.14.2.4) 


Maximum cell dry weight is inoculum size plus coefficient yield multiplied by inocula con¬ 
centration, with the assumption that substrate is converted to biomass : 


x m — X„ T YpsSo 

Inserting Eqn (3.14.2.5) into Eqn (3.14.2.4) yields 28 : 


S = 




Y. 


x/S 


Y 


x/S 


l - 


Applying the chain rule principle on the right-hand side of Eqn (3.14.2.2): 

dS dx 
dx df = “ 

Introducing yield coefficient into Eqn (3.14.2.7): 

I - ^ 

Inserting Eqn (3.14.2.6) into Eqn (3.14.2.8) gives: 

— = kx„ (1 


(3.14.2.5) 


(3.14.2.6) 


(3.14.2.7) 


(3.14.2.8) 


(3.14.2.9) 
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Equations (3.14.2.9) contributes to the postulated model that is induced by an inhibition 
factor for the population growth rate. Assuming that the inhibition is second-order with 
respect to cell dry weight ( x 2 ), then the equation becomes : 

§ = „(,-A) (3.142.10, 

where ji m is the maximum specific growth rate in h -1 . This equation is known as the Riccati 
equation, which can be easily integrated to give the logistic equation: 


x 0 e 

1 - (x 0 /x m )(l - e <“»■*) 


(3.14.2.11) 


The logistic equation leads to a lag phase, an exponential initial growth rate, and a station¬ 
ary population of concentration ( x m ). In a population, it is often the case that the birth rate 
decreases as the population itself increases. The reasons may vary from increased scientific 
or cultural sophistication to a limited food supply. 

It is useful to develop a more general population model that accommodates birth and 
death rates that are not necessarily constant. Initially, living cells are inoculated into the 
batch bioreactor containing the nutrients to begin the growth process. Suppose that the popu¬ 
lation changes only by the occurrence of births and deaths, and there is no immigration from 
the outside environment under consideration. It is customary to track the growth or decline of 
population in terms of its birth rate and death rate. To describe the above discussion in math¬ 
ematical form, the Malthus function can be written for the species that is growing after 
inoculation : 


dx\ 
d t 


= jJLXi 


(3.14.2.12) 


To include a linear decreasing function of the population size, the second-order cell pop¬ 
ulation inhibition is considered: 


M = 



(3.14.2.13) 


where X\ is growing cells in g L _1 and x 2 is declining cells as a result of either the toxic 
byproducts or depletion of nutrient supply. Substituting Eqn (3.14.2.12) into Eqn (3.14.2.13) 
gives: 


di'i 

df 


= Mm* 1 



(3.14.2.14) 


The products that inhibit the cell population in the bioreactor and promote the cell popu¬ 
lation give : 

d To 

—- = kx 2 (3.14.2.15) 

at 

where x\ and x 2 are cell species in g L _1 and k is the decline or promotion constant in h _ . 
This means that k is negative when the cell population is inhibited by toxic chemicals, and 
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k is positive when the cell population is promoted by nutrient. Integrating from Eqn 

(3.14.2.14) yields: 

x 2 = x 02 ^ (3.14.2.16) 

Inserting Eqn (3.14.2.16) into Eqn (3.14.2.14) provides: 


d* 1 I .. „ ^2*02 Hmja 

+ ^1 - 


(3.14.2.17) 


Equation (3.14.2.17) shows the form of the Bernoulli equation that is a first-order differen¬ 
tial equation. By substituting Eqn (3.14.2.18): 


1 dxi 7 du 

u = —, and-— = xr —- 

X\ df 1 df 


u is new dependent variable. Transfer Eqn (3.14.2.17) into the linear equation: 

du 
df 


-J X yZ. 


which is a first-order linear differential equation of the form: 

|4p(x)y = Q(x) 

By multiplying through the integration factor e-f plx,dx the solution is: 

y = e -f p (^ J Q(x)ef p(x)dx dx + B 

Applying this general procedure to the integration of Eqn (3.14.2.19) gives: 


_ e ~f 


u = e 


J fi m dt f x 02 hnA kt 


V 


r df + B 


Then, 


x 02^„ 


— ) / e^+^dt + B 


By integrating Eqn (3.13.2.23) we obtain: 

“ = ($)(kTirY +B '-" 

Substituting Eqn (3.14.2.18) into Eqn (3.14.2.24) yields: 

1 

Xi = 


(f)(*) e " +Be ‘'-' 


(3.14.2.18) 


(3.14.2.19) 


(3.14.2.20) 


(3.14.2.21) 


(3.14.2.22) 


(3.14.2.23) 


(3.14.2.24) 


(3.14.2.25) 
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Solving Eqn (3.14.2.25) for initial value problems and applying pure culture with a single 
species (x) gives : 


x = 


Xoe Mmf 


!-©(*) 


(3.14.2.26) 


Equation (3.14.2.26) is the novel population equation, which describes the cell population 
with inhibition or promotion. 


3.14.3 EFFECT OF SUBSTRATE CONCENTRATION ON MICROBIAL 

GROWTH 


Equation (3.14.2.11) predicts the cell dry weight concentration with respect to time. The 
model shows the cell dry weight concentration (x) is independent of substrate concentration. 
However, the logistic model includes substrate inhibition, which is not clearly seen from 

Eqn (3.14.2.11). 

Figure 3.9 shows the growth of R. mbrum in a batch fermentation process using a gaseous 
carbon source (CO). The data shown follow the logistic model as fitted by Eqn (3.14.2.11) with 
the solid lines, which also represent an unstructured rate model without any lag phase. The 
software Sigma Plot was used to fit model Eqn (3.14.2.11) to the experimental data. 



FIGURE 3.9 Cell dry weight of R. rubrum grown on various acetate concentrations at an agitation speed of 
200 rpm and light intensity of 1000 lux. 
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An increase in concentration of acetate in the prepared culture media did not improve the cell 
dry weight at values of 2.5 and 3 g L acetate, as shown in the figure. However, the 
exponential growth rates were clearly observed to change with acetate concentrations of 
0.5—2 g L 1 in the culture. 

It was found that the substrate consumption rate followed first-order kinetics with respect 
to substrate concentration. The expression of substrate consumption with time is written 
in a first-order differential equation. 

After separating the variables, Eqn (3.14.2.2) was solved by integration, and the initial con¬ 
ditions were implemented (f = 0, S = So). The resulting expression is : 

S = S 0 exp(—k s t) (3.14.3.1) 

where So is the initial substrate concentration in g L _ 1 and k$ is the substrate consumption 
rate constant in h -1 . 

Figure 3.10 shows the time course consumption of varying acetate concentrations in batch 
culture for 120 h. An alternative way to describe substrate utilization of microorganisms is to 
use first-order reaction kinetics, i.e. Eqn (3.14.3.1). The software Sigma Plot 5 was used to 
compare the fitted equation with the experimental data. Acetate concentration (3 g L -1 ) 
was slightly decreased, while the reduction of acetate concentration for 1—2 g L 1 was signif¬ 
icantly higher. Acetate conversion dropped from 73% to 23% when acetate concentration was 
doubled from 1.5 to 3 g L~ \ This indication may represent inhibition of substrate in the batch 



FIGURE 3.10 Acetate reduction in batch cultivation of R. rubrum at an agitation speed of 200 rpm and light 
intensity of 1000 lux. 
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media to retard the microbial growth rate. The objective of variation in acetate concentration 
was to investigate and identify a suitable acetate concentration for desired cell population 
and hydrogen production from synthesis gas. 

When microbial cells were incubated into a batch culture containing fresh culture media, 
an increase in cell concentration was observed. It is common to use cell dry weight as a mea¬ 
surement of cell concentration. The simplest relation describes the exponential growth as 
an unstructured model. Microbial cell growth is an autocatalytic reaction in which the growth 
rate is proportional to the cell concentration initially present in the media. In fact, the mi¬ 
crobial populations in which there is increase in biomass are accompanied by an increase 
in the number of cells. The practicalities for growing bacteria in suitable culture depend on 
both the type of organisms and the system being used, but the microbial growth theory is 
applied universally. The batch system is a closed system, which would only maintain cell 
viability for a limited time, and the growth cycle changes progressively from one phase to 
another in the remaining media and environmental conditions. The logistic equation leads 
to an exponential initial growth rate and a stationary population of concentration (x m ). But 
the logistic equation does not predict the death phase of microorganisms after the stationary 
phase. In this research, a modified equation was introduced that can predict the death phase 
of bacteria after the stationary phase. Figure 3.11 shows the simulation of the cell dry weight 
versus time. The Eqn (3.14.2.1) fitted fairly with experimental data. The simulated value was 
plotted with various values of A: in Figure 3.9, A: is a constant value, which is associated with 
the promotion or decline of the cell population in the batch system. On the other hand, the 



FIGURE 3.11 Growth simulation of C. ljungdahlii on synthesis gas in batch bioreactor, the experimental data are 
average values. 
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negative value of k shows the decline of cell population, whereas a positive value of k shows 
the promotion in the cell population. The maximum cell dry weight concentration (x m ) was 
1.2 g L 1 , when the inhibition value was 0.003 h -1 . The maximum cell dry weight reached 
1.5 g L 1 when the growth inhibition (k = 0) was not observed. The determination coefficient 
of the fit ( R 2 ) was 0.997. 


3.14.4 MASS TRANSFER PHENOMENA 


The simplest theory involved in mass transfer across an interface is film theory, as shown 
in Figure 3.12. In this model, the gas (CO) is transferred from the gas phase into the liquid 
phase and it must reach the surface of the growing cells. The rate equation for this case is 
similar to the slurry reactor as mentioned by Levenspiel. 

The rate of CO transport from the bulk gas into the gas and liquid films is as follows: 

h:o k(^Qy as cii ( Pco.gas Pco.0 (3.14.4.1) 

ho — kcoijq U j ( iCij (Cco.i Cco.iujuui ) (3.14.4.2) 

where r' co is the rate of mass transfer for component CO in mol L 1 h '; kco,gas and kco,liquid 
are the mass transfer coefficients in gas and liquid phases inmh^ 1 , respectively; a, is the inter¬ 
facial area in m 2 m“ 3 ; Pco,gas and Pco.i are partial pressure of gaseous substrate CO at gas 
phase and interface in atm, respectively; and Cco,i and Cqo, liquid are concentrations of compo¬ 
nent CO in the interface and liquid phase in mol L _1 , respectively. 

Because the interface region is thin, the flux across a thin film will be at steady state. There¬ 
fore, the transfer rate to the gas—liquid interface is equal to its transfer rate through the liquid- 
side film. Thus: 

kcO, gas‘li(P CO, gas — P CO, i) = k C Q, liquid [CcO,i ~ CcO, liquid) (3.14.4.3) 


Gas-liquid Surface of gas 

interface absorbing cells 



FIGURE 3.12 The film theory for mass transfer. 
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At the interface, the relation between Pco,i and Cco,/ is given by the distribution coefficient, 
called Henry's constant (H) for gas—liquid systems. Thus: 


P CO,/ — HCco,i 

Substituting Eqn (3.14.4.4) into Eqn (3.14.4.3) gives: 

kcOgas^i {P CO, gas PcO,i) ^CO,/i quid^-i 


CO,/ 

H 


-C 


•CO, liquid 


Rearranging Eqn (3.13.4.5) for Pco,i gives: 

p kcO,gas ft iP CO, gas ^CO,liquid^ i^P CO,liquid 

kco,Uquid a i , / 

Jq r <^CO,gas^-i 

Substituting Eqn (3.14.4.6) into Eqn (3.14.4.1) gives: 

/ kcO,gas & ikcO.liqiuidtt f P CO ,gas ^ 

r °° = 5shLG—; it - c ™' 

- H -r &CO,gas& v 


Rearranging Eqn (3.14.4.7) gives: 


_1_+_1_ 

kcO,liquid a i H^CO,gas a i 


CP,gas 

H 


-C, 


CO, liquid 


(3.13.4.4) 

(3.14.4.5) 

(3.14.4.6) 

(3.14.4.7) 

(3.14.4.8) 


which results in a relation between the overall mass transfer coefficient, Ki ■ a, and the phys¬ 
ical parameters of the two-film transport, k gas and kiiqmd- 


1 


■ + ■ 


k{. OJujuudU PkkcOgas^-i 


and C* = 


CO,gas 

H 


(3.14.4.9) 


For slightly soluble gas, such as CO, Henry's constant is large. Thus, kco,gas is consid¬ 
erably larger than kco,liquid- That makes K/ -a equal to kco,liquid a i- Thus, essentially, all the re¬ 
sistances to mass transfer lie on liquid-film side. Therefore: 


h ;0 — k/ ' // (C Cco, liquid) 


(3.14.4.10) 


where Ki-a is the overall volumetric mass transfer coefficient, C* is the concentration of CO 
in equilibrium with the bulk gas partial pressure in mol L ', and Cqo, liquid is the concentration 
of CO in the bulk liquid in mol L . 

The reaction rate (— yqq) for a constant volume batch reactor system is equal to the rate of 
mass transfer ( r ' co ): 


r co = "''CO = ~ Vl 


1 dNco. 


.g as 


dC, 


CO,gas 


dC, 


CO,liquid 


dt dt df 

Then, substituting Eqn (3.14.4.11) into Eqn (3.14.4.8) yields: 


~ r co — 


1 d \ 
Vl dt 


K L -a 

H 


( P > 


K L -a 


CO,gas PCO,liquid) 


(3.14.4.11) 


(3.14.4.12) 
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where 


H _ 11 

k). * ci Hk COgas a kcQjjquidii 


(3.14.4.13) 


Henry's Constant ( H ) for CO at 30 and 38 °C is 1.116 and 1.226 atm L mmol 1 CO. 

Based on assumption, the rate of reaction is absolutely controlled by the mass transfer pro¬ 
cess, the dissolved CO in liquid phase penetrates into the cell, then microorganisms rapidly 
use the transferred CO in the reaction center. These phenomena may not be justified for the 
fresh inocula entering the culture media; however, once the culture is dominated by active 
organisms, the concentration of CO in the gas phase decreases as the propagation of micro¬ 
organisms increases. Therefore, the concentration of CO in the liquid phase decreases nearly 
to zero. That justifies making an assumption, i.e. Pqo, liquid = 0. This means that the CO mol¬ 
ecules available in the liquid phase are rapidly used by the microorganisms. Thus, the rate of 
mass transfer can be proportional to the partial pressure of CO in the gas phase, as expected 
by Eqn (3.14.4.12). Therefore, Eqn (3.14.4.12) can be simplified in the regime of mass transfer 
control by the following expression : 


1 dNco,gns _ Kl • Cl D 

V L df “ H COgas 


(3.14.4.14) 


The plot of the rate of disappearance of CO per volume of liquid in the serum 
bottles versus partial pressure of CO in the gas phase based on Eqn (3.14.4.14) could 
give the constant slope value of Ki-a/H. Henry's constant is independent of the acetate 
concentration, but it is only dependent on temperature. The overall volumetric mass trans¬ 
fer coefficient can be calculated based on the above assumption. The data for various ace¬ 
tate concentrations and different parameters were plotted to calculate the mass transfer 
coefficient. 

Figure 3.13 illustrates the mass transfer coefficient for batch-grown R. rubrum and was 
computed with various acetate concentrations at 200 rpm agitation speed, 500 lux light in¬ 
tensity, and 30 °C. As the experiment progressed, there was an increase in the rate of car¬ 
bon monoxide uptake in the gas phase and a gradual decrease in the partial pressure of 
carbon monoxide. Also, a decrease in the partial pressure of carbon monoxide was affected 
by acetate concentration in the culture media. The value of the slope of the straight line 
increased with the decrease in acetate concentrations, i.e. 2.5—1 g L 1 . The maximum 
mass transfer coefficient was obtained for 1 g L -1 acetate concentration (Ki-a = 4.3 h _1 ). 
The decrease in mass transfer coefficient was observed with the increase in acetate concen¬ 
tration. This was due to acetate inhibition on the microbial cell population as acetate con¬ 
centration increased in the culture media. The minimum Ki-a was 1.2 h -1 a t 3 g L 1 acetate 
concentration. 


3.13.5 KINETIC OF WATER GAS SHIFT REACTION 


Since there are various specific growth rates and different values of rate constants while 
substrate concentration varies, mix inhibition exists. Andrew incorporated a substrate 
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FIGURE 3.13 Rate of CO uptake by R. rubrum with various acetate concentrations at agitation speed of 200 rpm 
and light intensity of 500 lux. 


inhibition model in the Monod equation; the modified Monod equations with second-order 
substrate inhibition are presented in Eqns (3.14.5.1) and (3.14.5.2) -2 ' 2 ’: 


M = 


liquid 

Kp + P CO, liquid + P CO,liquid / 


(3.14.5.1) 


tfCO 


tfmPCO,liquid 


K' 


' ^CO,liquid + PCO,liquid / ^i 


(3.14.5.2) 


where Kj and K- are the substrate inhibition constants. To obtain the maximum specific 
growth rate and Monod constant, a linear model of 1/n versus 1 /Pco, liquid wa s plotted to 
fit the experimental data in a linear regression model. Equations (3.14.5.2) and (3.14.5.3) 
are rearranged for the linearized model to compute the substrate inhibition constants as 
shown below 22 2 1 


PcO,liquid 

tfCO 




(3.14.5.3) 

(3.14.5.4) 


The experimental data followed the predicted model, and the line represents the above 
stated function. The presented data indicate that the range of concentrations in this study 
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FIGURE 3.14 Quadratic model based on Eqn (3.14.5.2) with substrate inhibition at an agitation speed of 200 rpm 
and light intensity of 500 lux. 


exhibited an observed substrate inhibition. The experimental data from the current studies 
were observed to fit the predicted model based on Andrew's modified equations. 

Figures 3.14 and 3.15 show the kinetic parameter evaluation of Eqns (3.14.5.2) and 
(3.14.5.4), i.e. /!„„ q m , Kp, and K p . The inhibition phenomena were examined for the growth 
rate and the rate of CO uptake. The experimental data followed the quadratic manner as pre¬ 
sented in the Eqns (3.14.5.2) and (3.14.5.4). The Sigma Plot 5 was used to calculate coefficients 
of Eqns (3.14.5.2) and (3.14.5.4). The specific growth rate and CO uptake rate was considered 
at 1, 1.5, and 2 g L 1 acetate concentrations, light intensity of 500 lux, and 200 rpm agitation 
speed. 

Table 3.3 shows the kinetic parameters for cell growth, rate models with or without in¬ 
hibition, and mass transfer coefficient calculation at various acetate concentrations in the 
culture. The Monod constant value. Km, in the liquid phase depends on some parameters, 
such as temperature, initial concentration of the carbon source, presence of trace metals, 
vitamin B solution, light intensity, and agitation speeds. The initial acetate concentrations 
in the liquid phase reflected on the value of Monod constants, Kp and K' p . The average value 
for maximum specific growth rate (/x m ) was 0.01 h 1 . The value of fx m was double that 
reported in the literature. The CO uptake rate (q m ) was 1.1 mmol g”^ h for 1 g L 1 
acetate. The CO uptake rates were a few times higher than the data previously cited in 
the literature. The Monod saturation constant for growth (Kp) was exactly 0.015 atm. 
The Kp value was very small because of substrate depletion as a result of the fast microbial 
growth. 
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FIGURE 3.15 Quadratic model based on Eqn (3.14.5.4) with substrate inhibition at agitation speed of 200 rpm 
and light intensity of 500 lux. 

3.14.6 GROWTH KINETICS OF CO SUBSTRATE ON 
C. LJUNQDAHLII 


Growth-dependence of microbial cells on CO was proposed by the equation of Andrew 
that substrate inhibition was included as : 


M = 


Mm, CO^-CO 

Kco + Qx> + (Qx>) j Ki 


(3.14.6.1) 


where /i is the specific growth rate in h _1 , /x m ,co is the maximum specific growth rate for CO 
in h _1 , C c:( , is carbon monoxide concentration in the gas phase in equilibrium with the liquid 
phase in mmol CO.l ', Kqo is the Monod constant for CO in mmol CO L 1 , and ft, is the 
inhibition constant in mmol CO L 1 . C c '- () in the gas phase was calculated based on Henry's 
law, which relates partial pressure of CO to Henry's law constant (C^ Q = Pco,gas/H)- hi or¬ 
der to maintain maximum cell dry weight, Eqn (3.14.6.1), is used; this equation is modified to 
drive an expression to predict the CO concentration; which is used for determination of cell 
dry weight: 


Qq = K co | Qp | (C* c q ) 2 

M Mm, CO Mm, CO Mm.CoU 


(3.14.6.2) 


Figure 3.16 shows the quadratic equation of growth-dependence of CO by C. ljungdahlii 
with various initial pressures in experiments repeated three times. It was shown that CO 
transfer increased by augmentation of CO concentration (Cco) an d was easily used by 
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TABLE 3.3 Kinetic parameters and rate models with and without inhibition mass transfer coefficients 
Acetate concentration (g L _1 ) 


Growth kinetics 

0.5 

1.0 

1.5 

2.0 

2.5 

3.0 

*o, g r 1 

0.029 

0.059 

0.046 

0.040 

0.025 

0.025 

Mm/ h 

0.066 

0.068 

0.042 

0.064 

0.040 

0.040 

%m/ § L 

0.173 

0.252 

0.235 

0.220 

0.115 

0.076 

R 2 , % 

Substrate consumption rate 

99.3 

92.7 

97.2 

97.0 

99.3 

99.0 

Ac 0/ g r 1 

0.53 

1.03 

1.697 

2.21 

2.71 

3.01 

kAc , h- 1 

0.029 

0.128 

0.142 

0.011 

0.005 

0.002 

R 2 , % 

Biohydrogen yield 

99.1 

98.4 

95.4 

98.6 

96.0 

97.6 

Th 2 /cOi % 

- 

83.0 

85.7 

70.4 

- 

- 

R 2 , % 

Mass transfer 

" 

97.0 

99.6 

99.1 

" 

" 

K L -a, fT 1 

- 

4.3 

3.2 

2.3 

- 

- 

R 2 , % 

Monod equation 

— 

96.0 

92.0 

99.4 

— 

— 

Mm/ h 

- 

0.057 

0.095 

0.125 

- 

- 

K f „ atm 

- 

0.345 

0.403 

0.530 

- 

- 

R 2 , % 

Andrew's equation 

— 

95.0 

94.1 

94.4 

— 

— 

Kp, atm 

- 

0.015 

- 

- 

- 

- 

li m , h _1 

- 

0.010 

- 

- 

- 

- 

Ki, atm 

- 

10.3 

- 

- 

- 

- 

R 2 , % 

- 

99.7 

- 

- 

- 

- 

K'p , atm 

- 

0.032 

- 

- 

- 

- 

q m , mmol CO g^ h _1 

- 

1.10 

- 

- 

- 

- 

Rj, atm 

- 

13.0 

- 

- 

- 

- 

R 2 , % 

- 

99.5 

- 

- 

- 

- 
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FIGURE 3.16 Growth-dependence on carbon monoxide (CO) concentration represented by the equation of 
Andrew with various syngas pressures. 


C. ljungdahlii in the culture. Cultures of C. Ijungdahlii exhibited CO inhibition in batch culti¬ 
vation. The inhibition constant was obtained at 2.0 mmol CO L '. The reason may be due 
to the formation of ethanol, which damages the functions of C. ljungdahlii in the culture 
media. The inhibition of ethanol may be reduced by its removal through a continuous pro¬ 
cess, because ethanol is a volatile product. The maximum specific growth rate and Monod 
constant for CO were 0.022 h“ 1 and 0.078 mmol CO L 1 , respectively. 


NOMENCLATURE 


rt,- Interfacial area per unit volume of liquid, nA 
B Integration constant 

C* AL Equilibrium concentration of A at the liquid phase, mmol g _1 
Cal Concentration of A at liquid phase, mmol g _1 
Cpr Carbon dioxide production rate, mmol g _1 s _1 

Cq 0 CO concentration in gas phase equilibrium with liquid phase, mmol CO IA 1 

Cco, liquid CO concentration in the liquid phase, mol IA 

Q :o,i CO concentration in the interface, mol IA 1 

CO Carbon monoxide 

C0 2 Carbon dioxide 

H Henry's law constant 

H 2 Hydrogen 

k Decline or increase in growth constant by products, 1A 1 
Ici/u Mass transfer coefficient at liquid phase, s _1 
kco,gas Mass transfer coefficient in the gas phase, m 1A 1 
kco, liquid Mass transfer coefficient in the liquid phase, m tA 1 
K{ Inhibition constant for CO, mmol CO IA 1 
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K\ Substrate inhibition constant for uptake rate, atm 
Kqo Monod constant for CO, mmol CO L~ 
kg First-order rate constant, 

Nco,gas Number of moles of CO component in the gas phase, atm 

Kp-a Overall gas—liquid mass transfer coefficient, h _1 

Kp Monod saturation constant for growth, atm 

K'p Monod saturation constant for substrate uptake, atm 

Pco,i Partial pressure of CO in interface, atm 

Pco,gas Partial pressure of CO in the gas phase, atm 

Pco,liquid Partial pressure of CO in the liquid phase, atm 

<7co Substrate uptake rate per emit of cell weight, mmol g^ h _1 

q m Maximum specific substrate uptake rate, mmol g^ h -1 

So Initial substrate concentration, g LA 1 

S Substrate concentration, g L _1 

t Time, h 

V] Volume of liquid phase, L 

Xq Initial cell concentration, gL _1 

x Cell dry weight concentration, g L _1 

x m Maximum cell dry weight concentration, g L _1 

Y x/S Yield coefficient of cell substrate, g cell g-' bslrate 

y Specific growth rate, h 1 

H,„ Maximum specific growth rate, h~ 

Pm, co Maximum specific growth rate for CO, h -1 

OUR Oxygen uptake rate, mmol g _1 s _1 

RQ Respiration quotient, mmol CO 2 per mmol O 2 

x Biomass concentration, mg L _1 

x max The maximum specific biomass production, s _1 

<7o 2 Specific oxygen uptake rate, s _1 
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PROBLEMS 

3.1 The following data were obtained from an aerated tank at 15 °C. (Table Q.l) 

Determine the mass transfer coefficient K L -a, using differential equation, solve it with 
initial condition t = 0, C = C D . 


TABLE Q.l 


Time, min 

C, mg L 1 

0 

0 

5 

1.8 

10 

3.2 

15 

4.4 

20 

5.5 

25 

6.4 

30 

7.2 

35 

7.9 

40 

8.4 
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TABLE Q.2 Oxygen concentration and off-gas analysis 


Time (h) 

Dissolved oxygen 
concentration (ppm) 

Percentage oxygen in exit air of 
horizontal rotary fermenter (%) 

0 

- 

21.0 

2 

6.4 

20.8 

4 

5.6 

20.4 

6 

5.1 

20.0 

8 

2.2 

18.7 

10 

0.5 

16.4 


Define the concentration profile with respect to time. 

dC/df = K L -a, (C s -C) 

where C s is saturation gas concentration in liquid phase 12 ppm. 

3.2 Cultivation of a well-known fungus as Torula utilis was carried out in a horizontal rotary 
fermenter (HRF) at 30 °C, air flow rate of 3.5 x 1CD 3 m 3 s -1 , and agitation rate of 300 rpm. 
The working liquid volume reactor was 1.25 L. During cell cultivation, dissolved oxygen 
concentration in the liquid was monitored using an oxygen probe, and the percentage of 
oxygen in the fermenter's exit gas was analyzed by a paramagnetic oxygen analyzer 
(PMOA). The collected data are shown in Table Q.2. From the given data, determine mass 
transfer coefficient Ki-a, rX and C* by implementation of oxygen balance method. Hint: 
The most useful relation would be dynamic balance. Assume air density at 30 °C is 

1.23 kg nD 3 . 

3.3 Determine oxygen uptakes rates (OUR) and respiration quotient (RQ) of a yeast suspension 
culture by Warburg constant volume respiration meter. The collected data are given in 
Table Q.3. Manometer readings were taken at 15 min intervals. 

The total volume of the manometer filled with mercury in both flasks was 1.8 xlCT 6 m 3 
(18 ml) Experiment conducted at 25 °C. 


TABLE Q.3 

Warbug manometer 

readings 



Flask 1 


Flask 2 

Left arm, mL 

Right arm, mL 

Left arm, mL 

Right arm, mL 

15 

15 

15 

15 

15 

15 

15 

15 

15 

15 

14.5 

15.5 

14.3 

15.8 

14.7 

15.3 

13.8 

16.2 

15 

15 

13.2 

16.8 

15 

15 
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3. GAS AND LIQUID SYSTEM (AERATION AND AGITATION) 
Contents of the flasks were: 

Flask 1: A 3-mL suspension of yeast with alkali in the central cup. 
Flask 2: A 3-mL suspension of yeast (washed cells) 

"■Flask 3: Blank, distilled water +0.3 mL KOH in the cup. 

From the above given data, calculate: 

1. The OUR for the yeast suspension 

2. RQ of yeast cell 
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4. FERMENTATION PROCESS CONTROL 


4.1 INTRODUCTION* 


The growth of an organism in a bioreactor has to be controlled, so the operators must have 
sufficient information about the state of the organism and the bioreactor conditions. Moni¬ 
toring a fermentation process may require basic knowledge of the bioprocess, and the running 
conditions should be recorded. Also, any changes taking place must be reported. As most bio¬ 
reactors operate under sterile conditions, information can be obtained by taking samples or by 
in situ measurements. There are direct and indirect measurements of microbial growth. The 
methods of direct growth measurement are cell optical density, total cell counters. Coulter 
counter, cell dry weight, packed cell volume, and optical detectors. Growth is based on 
absorbance/light scattering. The absorbance of the culture is generally measured with a spec¬ 
trophotometer at a wavelength of about 600 nm. The indirect measurements of cell growth are 
based on cellular components, measurements of ATP, bioluminescence, substrate consumption 
and product formation, oxygen uptake rate, respiration quotient, and heat evolution. 

There are many types of bioreactors used in bioprocesses such as the continuous stirred tank 
reactor (CSTR), plug flow column, bubble column bioreactor, packed-bed bioreactor, fluidized- 
bed bioreactor, trickle-bed bioreactor, tower fermenter, air lift bioreactor, and immobilized biore¬ 
actor. The most common form is the simple stirred tank bioreactor. This is a well-stirred tank 
designed for perfect mixing; under these conditions, the fluid is uniform everywhere. The stan¬ 
dard CSTR is normally operated under aerobic conditions. In the CSTR bioreactor, the routine 
measurement of temperature, pressure, pH, and dissolved oxygen condition is carried out 
through a set of experimental runs. In equipped bioreactors, the basic instrumentation may pro¬ 
vide sufficient information to determine the total mass or volume of the bioreactor contents, the 
agitation speed, power and torque, redox potential, dissolved carbon dioxide concentration, gas 
and liquid flow rates into the fermentation vessel, with analysis of oxygen and carbon dioxide con¬ 
tents of the exhaust gas. Basic control facilities normally consist of a temperature controller, pH 
and dissolved oxygen content controller, and foaming and level controller for steady operation. 

Figure 4.1 shows the usual instrumentation for a bioreactor with an agitating motor and all 
control units. The vessel is jacketed for cooling and heating, with a separate side unit of 
temperature-controlled bath. Steam is used for sterilization and elimination of contaminants. 

Measurement and control of the fermentation conditions are very important for bioprocess 
control as they provide knowledge and, hence, a better understanding of the operation. The 
recorded data can be used to improve the process. Controlling operating conditions is impor¬ 
tant for maintaining viable cells, and it makes the interpretation of fermentation data easier. 

The growth of living organisms is a bioprocess that is regulated by a complex interaction 
among the physical, chemical, and biological conditions of the living environment of fermen¬ 
tation and the biochemical processes inside the cells. The most important part of the instru¬ 
mentation is concerned with physical factors such as temperature, pressure, agitation speed, 
power input, flow rates, and mass quantities. Such measurements are standard in all indus¬ 
trial bioprocesses. Chemical factors are utilized for measuring oxygen and carbon dioxide 
concentrations in the exit gas and by aqueous phase pH. However, for measurements of 

‘This case study was partially written with contributions from: 

Hossein Zare, Biotechnology Research Lab., Faculty of Chemical Engineering, Noshirvani University of 
Technology, Babol, Iran. 
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Steam 


FIGURE 4.1 Instrumentation control for continuous stirred tank (CSTR) bioreactor. 

redox potential, dissolved oxygen, and dissolved carbon dioxide concentration, their depend¬ 
ability is more related to the instrumentation of controlled units. 

Several different instruments are available for measuring flow rates of gases (the inlet air 
and the exhaust gas). The simplest instrument is a flow meter for measuring flow rates, 
such as a rotameter, which provides a visual readout or is fitted with a transducer to give 
an electrical output. Thermal mass flow meters are increasingly popular, especially for labora¬ 
tory- and pilot-scale reactors. In these devices, gas flows through a heated section of tubing and 
the temperature differences across this heated section are directly related to the mass flow rate. 
The flow rate of the liquid can be monitored with electromagnetic flow meters, but it is very 
costly. Use of a normal rotameter for low flow rate may cause some error. Therefore, a level 
sensor is used. As the liquid level reaches the probe, the conductivity of the media surrounding 
the probe changes, so monitoring is based on the conductance of the liquid level. Such capac¬ 
itance probes or conductance probes are used to detect foam on the surface of the bioreactor. 

Table 4.1 summarizes the physical, chemical, and biological parameters that should 
be collected during fermentation. The lack of reliable biological sensors in most fermentation 
processes results in poor feedback of biological information. Biochemical engineers are able to 
sort out information using material balance to estimate quantities such as respiration 
quotient, oxygen uptake rate, and carbon dioxide production rate. Analysis of bioreactor 
off-gas is very important for any material balance that leads us to biological activities of 
viable organisms in the bioprocess. 

4.2 BIOREACTOR CONTROLLING PROBES 


In bioprocess plant instrumentation and process control, variables are very important. 
Reading and processing the information about the biosystem and monitoring the cells are 
the major aims of the process instrumentation. Controlling pH, measuring the dissolved 
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4. FERMENTATION PROCESS CONTROL 


TABLE 4.1 Bioreactor operating parameters 


Physical 

Chemical 

Biological and cell properties 

Time 

pH 

Respiratory quotient 

Temperature 

Redox potential 

0 2 uptake rate 

Pressure 

Dissolved oxygen 

C0 2 production rate 

Agitation speed 

Dissolved carbon dioxide 

Optical density 

Total mass 

0 2 in gas phase 

Cell concentration 

Total volume 

C0 2 in gas phase 

Viability of cells 

Volume feed rate 

Lipid 

Cell morphology 

Viscosity of culture 

Carbohydrates 

Cellular composition 

Power input 

Enzyme activities 

Protein, DNA, RNA 

Foam 

Nitrogen 

ATP/ADP / AMP 

Shear 

Ammonia, if present 

NAD/NADH 

Mixing time 

Mineral ions 

Activities of whole cells 

Circulation time 

Precursors 

Specific growth rate 

Gas holdup 

Inducers 

Specific oxygen uptake rate 

Bubble size distribution 

Growth stimulants 

Specific substrate uptake rate 

Impeller flooding 

Effective mineral as catalyst 

Metabolites 

Broth rheology 

Products 

Growth factors 

Gas mixing patterns 

Volatile products 

Growth inhibitors 

Liquid level 

Conductivity 

Biomass composition 

Reactor weight 

Off-gas composition 

Biomass concentration 

Foam level 




oxygen in the fermentation broth, and controlling foam are all considered as major parame¬ 
ters and necessary biological information for large-scale operations. The main objective is to 
operate a bioreactor without any problems. To do so, we need to be familiar with all the con¬ 
trolling facilities and process instrumentation. Application of biosensors in the bioreactors is 
very common, so it is good to know how the controlling unit operates. 


4.3 CHARACTERISTICS OF BIOREACTOR SENSORS 


The sensor in a bioreactor provides knowledge and information on the state of the process 
and also supplies suitable operational data for the process variables. Some of the physical and 
chemical effects on the bioreactor have to be translated to electrical signals which can be 
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amplified and then displayed on a monitor or recorder and used as an input signal for a con¬ 
trolling unit. In practice, the response of most of the processes follows a sigmoidal S-shaped 
curve. A similar response would be obtained if a dissolved oxygen probe was suddenly 
removed from a vessel with depleted oxygen levels, the probe transferred to a vessel with 
water maintained with supplied air passed through the aqueous phase, and the system 
agitated for sufficient oxygen transfer so that it is saturated in the liquid phase. Air bubbles 
may interfere with sensor signals, and false readings can mislead the bioreactor operation. 

The dynamics given by the instrument response signal comprise several processes taking 
place in series. Thus, the transfer of oxygen from the air into the liquid causes reduction in the 
rate of mass transfer due to the reduction in the concentration gradient as the existing driving 
forces. The rate of change of the oxygen concentration in the gas phase is determined by the 
magnitude of the time constant which depends on the gas volume and the mass transfer 
coefficient K^a. The rate of change in the dissolved oxygen with time is determined by the 
magnitude of the time constant for the liquid phase which depends on the volume of the 
liquid and the mass transfer coefficient. Finally, the time-varying liquid-phase concentration 
is registered by the dissolved oxygen electrode and is transmitted as an output signal. Again 
the signal is affected by the electrode time constant. Thus, the process dynamics are deter¬ 
mined by a combination of the time constants for gas phase, liquid phase, and the electrode 
dynamics. Figure 4.2 shows the computer simulation results of such a dynamic aeration 
experiment. The y-axis shows the response fraction with respect to time. The gas-phase 
response is typically first-order, and the liquid phase shows some lag or delay on the signal. 
The electrode response is much more delayed for a slow-acting electrode/ 



FIGURE 4.2 Computer simulation of a 
dynamic aeration experiment with a slow 
dissolved oxygen (DO) electrode. 
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4.4 TEMPERATURE MEASUREMENT AND CONTR OL 

Control of temperature for fermentation vessels is required because of the narrow range of 
optimal temperature. Most fermenters operate around 30—36 °C, but certain fermentations 
may require control of the temperature in a range of 0.5 °C; this can easily be obtained in 
large bioreactors. To maintain bioreactor temperature within the limited range, the system 
may require regulation of heating and cooling by the control system. Heat is generated in the 
fermenter by dissipation of power, resulting in an agitated system; heat is also generated by 
the exothermic biochemical reactions. In exothermic reactions, the fermentation vessel 
requires cooling. At the start and end of the fermentation, the heat generation rate is very 
low, although the systems are normally heated to achieve the desired temperature. There 
are many alternatives for measuring and controlling the bioreactor temperature. These 
include glass thermometers, thermocouples, thermostats, resistance thermometers, and mini¬ 
ature integrated circuit devices. Thermal units capable of giving direct electrical output 
signals are favored for control purposes. Thermocouples are cheap and simple to use, but 
they are rather low in resolution and require a cold junction. Thermistors are semiconductors 
that exhibit a change in electrical conductivity with temperature. They are very sensitive and 
inexpensive; they give a highly nonlinear output. Modern transistorized, integrated circuits 
combine the features, but they often display a more linear output. Platinum resistance ther¬ 
mometers are usually preferred as standard. To avoid contamination of the bioreactor, the 
thermometers are usually fitted into thin-walled stainless-steel pockets which project into 
the bioreactor. The pockets are filled with a heat-conducting liquid to provide good contact 
and to speed the instrument response. The resistance thermometer works on a principle that 
electrical resistance changes with temperature. It requires the passage of a current to develop 
a measurable voltage which is proportional to the temperature. However, the current should 
not be so large that it causes heating effects. 

The changes in the electrical resistance of the electrical wires to the thermometer can be 
quite large, with their resistance being affected by changes in the ambient temperature. These 
effects can be eliminated by using separate wires to supply and sense the current. The advan¬ 
tages of platinum resistance detectors are their high accuracy, high stability, and that the 
linear output signal can be obtained in normal temperature ranges. The high temperature 
steam for sterilization may require separate instrumentation within a temperature range of 
50-150 C.' 

The energy balance for the bioreactor is shown by the following equation. As the fermenter 
is used batchwise, the heat balance is mathematically expressed as stated in (4.4.1): 


d 


'MCpT' 

dt 


/iX(-AH X )V - UA[T-T t ] 


(4.4.1) 


where M is the total mass of the reactor for the batch system in kg, Cp is the specific heat in 
kj kg 1 K _1 , T is the temperature of the fermentation in K and t is time in s. Also, the term mX 
is the rate of cell growth in kg m s , V is the working volume of the bioreactor in m, and 
A Hx is the exothermic heat generated inside the fermenter in kj kg -1 cell. Under steady-state 
conditions of controlled temperature, dT/dt = 0, the rate of heat accumulation is zero, and the 
rate of heat production is equal to the heat transfer by the jacketed system. The rate of heat 
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production is related to the rate of cell growth. The rate of heat transfer is the mean temper¬ 
ature gradient, [T—Tj], multiplied by overall heat transfer coefficient ( U ) in kj m 2 s~ 1 TC . Tj 
is the temperature of the coolant in the jacket in K. 


4.5 DISSOLVED OXYGEN MEASUREMENT AND CONTROL 


The dissolved oxygen (DO) content of the fermentation broth is also an important fermen¬ 
tation parameter, affecting cell growth and product formation. The rate of oxygen supply to 
the cell is often limited because the solubility of oxygen in fermentation is low. Unfortunately, 
measurement and control of dissolved oxygen under bioreactor conditions is a challenging 
problem. The low solubility of oxygen makes the measurements very difficult. There are 
several methods to determine the concentration of dissolved oxygen. Most DO probes use 
a membrane to separate the point of measurement from the broth; all probes require calibra¬ 
tion before use. Three main methods are used: (1) the tubing method; (2) use of mass spec¬ 
trometer probes; and (3) electrochemical detectors. In the tubing method, an inert gas 
flows through a coil of permeable silicon rubber tubing that is immersed in the bioreactor. 
Oxygen diffuses from the broth, through the wall of the tubing, and into a flow of inert 
gas passing through the tube. The concentration gradient exists because of the diffusion of 
oxygen into the inert gas. Then, the concentration of oxygen gas in the inert gas is measured 
at the outlet of the coil by an oxygen gas analyzer. This method has a relatively slow rate of 
response on the order of several minutes. The advantages of this method are its simplicity, 
and in situ sterilization is easily carried out. In the second method, the membrane of a 
mass spectrometer probe is used to separate the fermenter contents from the high vacuum 
of the mass spectrometer. Measurement of oxygen in the mass spectrometer probe and the 
tubings are based on the ability of the gas to diffuse across the surface of membrane. 

The most common method of measuring dissolved oxygen is based on electrochemical 
detector. Two types of detectos are commercially available: galvanic and polarographic 
detectors. Both use membranes to separate electrochemical cell components from the broth. 
The membrane must be permeable only to oxygen and not to any other chemicals that might 
interfere with the measurement. Oxygen diffuses from the broth across the permeable mem¬ 
brane to the electrochemical cell of the detector, where it is reduced at the cathode to produce 
a measurable current or voltage which is proportional to the rate of arrival of oxygen at the 
cathode. It is important to note that the measurement rate of oxygen arrival at the cathode 
depends on the rate of arrival at the outer membrane surface, the rate of transfer across 
the membrane, and the rate of transport from the inner surface of the membrane to the cath¬ 
ode. The rate of arrival at the cathode is proportional to the rate of diffusion of oxygen across 
the membrane. The rate of diffusion is also proportional to the overall concentration driving 
force for oxygen mass transfer. We assume the oxygen concentration at the inner surface of 
the membrane is efficiently reduced to zero. The rate of diffusion is thus proportional to the 
oxygen concentration in the liquid only. The electrical signal produced by the probe is 
directly proportional to the dissolved oxygen concentration of the liquid. The probe has to 
be calibrated for accurate measurements. 

In the galvanic detector, the electrochemical detector consists of a noble metal, like silver 
(Ag) or platinum (Pt), and a base metal, such as lead (Pb) or tin (Sn), which acts as the anode. 
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The well-defined galvanic detector is immersed in the electrolyte solution. Various electrolyte 
solutions can be used, but commonly they may be a buffered lead acetate, sodium acetate, 
and acetic acid mixture. The chemical reaction in the cathode with electrons generated in 
the anode may generate a measurable electrical voltage, which is a detectable signal for mea¬ 
surements of DO. The lead is the anode in the electrolyte solution that is oxidized. Therefore, 
the probe life is dependent on the surface area of the anode. The series of chemical reactions 
occurring in the cathode and anode are stated as follows: 

Cathode : O z + 2H z O + 4e ^4011 

Anode : Pb-»Pb ++ + 2e“ (4.5.1) 

Overall: O z + 2Pb + 2H 2 0^2Pb(0H) 

Polarographic electrodes are different from the galvanic type. In this type of electrode, the 
external negative base voltage is applied between the cathode (Au or Pt) and the anode (Ag/ 
AgCl) so that oxygen is reduced at the cathode according to the sequential reactions stated 
below. The following reactions take place at cathode and anode, respectively: 

Cathode : 0 2 + 2H 2 0 + 2e~ —► H 2 0 2 + 20H~ 

H 2 0 2 + 2e“ —»201T (4.5.2a) 

Anode : Ag + CD —>4AgCl + e~ 

Overall reaction : 4Ag + O z + 2H z O + 4CD -OAgCl + 40H (4.5.2b) 

An electrical output for a polarographic detector is produced according to the above reac¬ 
tions. Again, various electrolytes can be used for this type of detector, but they are usually 
based on KC1 or AgCl with additional high molecular mass compounds that are added to 
prevent the loss of electrolyte during sterilization. 


4.6 pH/REDOX MEASUREMENT AND CONTROL 

Fermenters are generally operated most efficiently. The fermentation process is normally 
carried out at a constant pH. The pH of a culture medium will change with the metabolic 
product of microorganisms that are developed in the fermentation media. Therefore, pH 
control is required during the course of fermentation. The pH has a major effect on cell 
growth and product formation by influencing the breakdown of substrates and transport 
of both substrate and product through the cell wall. It is, therefore, a very important factor 
in fermentation. In fine chemicals, organic acids, amino acids, and antibiotic fermentations, 
even a small change in the pH can cause a large fall in the productivity. Also, in animal¬ 
cell fermentations, the pH is strictly affected by the cell density. 

Measurement of pH is based on the absolute standard of the electrochemical properties of 
the standard hydrogen electrode. The basic part of the electrode is a very thin, glass 
membrane (0.2—0.5 mm) that reacts with water to form a hydrated gel layer of only 
50—500 A thicknesses. This layer exists on both sides of the membrane and is essential for 
the correct operation and maintenance of the electrode. Hydrogen ions that exist within 
the layer are mobile, and any difference between the ionic activities on each side of the 
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membrane will lead to the establishment of a pH-dependent potential. A constant potential 
is maintained at the inner surface of the glass membrane by filling the tube of the electrode 
with a buffered solution of accurately determined and stable composition and with constant 
and accurate hydrogen ion activity. An Ag/AgCl electrode is generally used as the electrical 
outlet from this system. As the pH of the process fluid varies, it causes a change in the 
potential on the outer surface of the membrane. To measure this, a reference electrode is 
necessary to complete the measurement circuit. In the combined electrode, this is con¬ 
structed as an integrated part of the electrode assembly and consists of an Ag/AgCl 2 elec¬ 
trode in KC1 electrolyte saturated with AgCh- The reference electrode must have direct 
contact with the process liquid to have an electrical continuity in the system. The overall 
potential measured by the electrode with respect to the hydrogen ions is given by the Nemst 
equation: 


E = E 0 + —ln [«+] (4.6.1) 

where E is the measured potential in volt, E 0 is the standard electrode potential in volts, R is 
the gas constant, F is the Faraday constant, T is the absolute temperature and a 1 n is the 
hydrogen ion activity. The second term of (4.6.1) is related to pH, with a proportionality con¬ 
stant instead of ionic activity. The potential terms are translated to pH, leading to the 
following relation: 


E = E 0 - K [pH - pH 0 ] (4.6.2) 

where K is the proportionality constant, pHo is the reference or base pH. At room tempera¬ 
ture, 25 C (298K), the value for K is 59.15 mV per unit pH. The calomel reference electrode 
can be prepared with a predictable and reproducible voltage of 0.28 V. The pH of a solution 
can be determined with an electrode. A typical pH control scheme for a pilot-plant fermenter 
is shown in Figure 4.3. 



FIGURE 4.3 Instrumentation for a pH 
control system in a bioreactor. 


pH set point 
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4.7 DETECTION AND PREVENTION OF FOAM 


In a gas and liquid system, when gas is introduced into a culture medium, bubbles are 
formed. The bubbles rise rapidly through the medium and dispersion of the bubbles occurs 
at the surface, forming froth. The froth collapses by coalescence, but in most cases the fermen¬ 
tation broth is viscous, so this coalescence may be reduced to form stable froth. Any 
compounds in the broth, such as proteins, that reduce the surface tension may influence 
foam formation. The stability of preventing bubbles from coalescing depends on the film elas¬ 
ticity, which is increased in the presence of peptides, proteins, and soaps. On the other hand, 
the presence of alcohols and fatty acids will make the foam unstable. 

Foaming in the bioreactor is a nuisance that reflects on the mass transfer process and must 
be prevented for many reasons. The problems related to foaming are obvious, if they are due 
to gas sparging. The problems are the loss of broth, clogging of the exhaust gas system, and 
possible contamination, a problem that is due to wetting of the gas filters. During fermenta¬ 
tion, foaming may occur suddenly. Some foams are easy to destroy and can be removed by a 
foam breaker; others are quite stable and are relatively hard to remove from the top of the 
bioreactor. The suppression of foam is usually accomplished by mechanical agitation such 
as a foam breaker. The mechanical devices operate on the center of the shaft. They are gener¬ 
ally blades or disks that are mounted on the same agitator shaft. Chemical antifoams are used 
to regulate the foam and prevent any foaming on the surface of the broth. 

The chemical antifoams are expensive, and minimal amounts must be used. Use of a chemical 
antifoam may complicate the microbial fermentation process, and some may act as an inhibitor. 
Therefore, they have to be regulated to eliminate any side effect on the bioprocess. Chemical 
antifoams are usually based on silicon and act by reducing the interfacial tension of the broth. 
Mechanical devices have advantages because expensive chemicals do not have to be added 
to the fermentation broth. However, the addition of antifoam may require the detection of 
foam. This requires the addition of the necessary amount of antifoam to control any preventive 
foaming in the bioreactor. Also, ultrasonic waves may be additional means of destroying foam. 

Generally, two main types of foam detectors are used. They work by detecting either 
changes in electrical capacitance or changes in electrical resistance. Table 4.2 shows the appli¬ 
cation of foam detectors based on various principles such as conductance, thermal conductiv¬ 
ity, capacitance, and ultrasonic and rotating disks. 


TABLE 4.2 Types of foam detectors, their features and functions 


Conductance 


An insulated stainless steel electrode that forms one terminal in the circuit. 


Thermal 

conductivity 

Capacitance 
Ultrasonic 
Rotating disk 


Two thermistors mounted some distance apart. A current through the thermistors heats 
them above ambient; foam cool down. 

A vertical tube with a central electrode. The height to liquid or foam alters the 
capacitance. 

A transmitter and receiver mounted opposite each other in a bioreactor. 

At 25—40 kHz ultrasound is absorbed by the foam. 

This may double as a foam breaker; foam will slow down the rotation or need an 
increase in power to maintain speed. 






4.8 BIOSENSORS 


113 


The capacitance foam detector is made of two electrodes which are installed in the biore¬ 
actor. They measure the capacitance of the air space above the normal working liquid level in 
the bioreactor. If foaming occurs, the air-space capacitance is reduced. Detection is by a 
change in the magnitude of a small alternating electrical current that is applied between 
the two electrodes. This method is applicable in large-scale bioreactors. The change in electri¬ 
cal current is converted to an output signal from the detectors; the change in current is 
directly proportional to the amount of foam formed. From evaporation of the liquid media, 
fouling problems may occur on the electrode by the broth. This may cause some error in foam 
detection, so regular cleaning is needed to maintain the electrode. 

The foam detector based on the resistance method acts on the conductivity of the probe. 
The length of the probe is coated with some electrically insulating material, leaving the tip 
of the probe exposed to the media. As the foam builds up, it contacts the tip of the probe, 
thus completing an electrical circuit and producing an output signal. In the fermentation 
medium, as the tip of the probe contacts the generated foam, an electrical circuit is generated, 
and an output signal is produced for foam detection. 

Another type of probe is based on the principle of the sudden cooling of the heated 
element. When foam comes in contact with a heated electrical element, the hot surface detects 
sudden cooling, which is translated to an output signal. The major problem with the use of a 
heated element is fouling of the media; the sensitivity decreases while it is used, so such 
detectors may not be reliable in practice. 

The two other foam sensors mentioned above are ultrasound and rotating disks. The ultra¬ 
sound sensor is composed of a transmitter and a receiver mounted opposite to each other and 
operates at 25—40 kHz. In the bioreactor, the waves are absorbed by the foam, and the signal 
is generated. The rotational disk foam sensor is a mechanical foam breaker which is used by 
increasing the rotational resistance. 

The use of a chemical agent as an antifoam is affected by an on—off algorithm with vari¬ 
able dosing time and time delay. If the presence of foam is detected, then the controller first 
activates a delay timer. This type of foam controller works with some delay and variable 
dosing time. If at the end of the delay period the foam still presents, then the dosing 
pump is activated, and chemical agent is added to the bioreactor. If the foam is still detected 
at the end of this period, the combined system of delay and dosing is reactivated. With this 
method of control, addition of any unnecessary antifoam is prevented. 


4.8 BIOSENSORS 


Sensors are essential tools for determination of different chemical and physical quantities 
such as temperature, pressure, humidity, concentration, etc. In recent years, industrial growth 
has required rapid measurements of substances, which are conceivable by applying sensors. 

Sensors convert the changes in physical and chemical properties into detectable signals 
which can be recorded by an instrument. For instance, a glass thermometer is a simple and 
elementary sensor. In a glass thermometer, an increase or decrease in temperature causes 
expansion or contraction of a liquid volume that can be measured in a calibrated glass tube. 
Another example of a sensor is the human body. The nose and the tongue are sensors which 
naturally detect smell and flavors. In the nose, when the chemicals reach olfactory bulbs (which 




114 


4. FERMENTATION PROCESS CONTROL 


are biological components), an electrical signal is produced and transmitted to the brain by 
olfactory nerves. Finally, the brain transduces the produced signals into the sensation of 
smell. 

In sensors, the key constituent is a detection element that is responsible for detecting chem¬ 
ical or physical quantities. If a biological material is used as a detection element, the fabri¬ 
cated sensor is named as a biosensor. In biosensors, the material that is detected by the 
biosensor is called a substrate or analyte. Bioanalytical assays are environmentally friendly 
methods for assessment of various substrates. 

In the last decades, biosensors have attracted considerable attention because of their sim¬ 
ple procedure, and also because of their accurate and fast response. These advantageous fea¬ 
tures make biosensors applicable in chemical, pharmaceutical, and food industries, 
environmental monitoring, and medical and health applications. 

Carbohydrates (glucose, fructose, sucrose, lactose, etc.), alcohols (methanol, ethanol, prop¬ 
anol, phenol, etc.), organic acids (such as, acetic acid, ascorbic acid, etc.), amino acids (such as 
arginine, histidine, leucine, and lysine), fatty acids (such as maleic acid and linoleic acid), 
triglycerides, cholesterol, vitamins, toxic compounds, microbes, bacteria, and viruses are a 
number of analytes detected by biosensors that have been reported in the literature. 

Generally, a biosensor is composed of two main constituents: a biological element and a 
transducer. However, three more constituents, including an amplifier, processor, and moni¬ 
toring device, may be used in the fabrication of biosensors. 14 Figure 4.4 shows a schematic 
diagram of typical biosensor components. 

The biological element is a sensitive element to the substrate of interest which reacts with it 
and causes physicochemical changes. In the transducer, the resulted changes are converted to 
a measurable signal. If the output signal from the transducer is weak, the response is ampli¬ 
fied through an amplifier. A processor converts the value of the biosensor response into the 
analyte concentration by means of standards prepared via a calibration curve. A monitoring 
device is used to display the analyte concentration measured by the biosensor. 

4.8.1 Biological Element 

The biological elements used in biosensors include enzymes, microorganism, antibodies, 
receptors, nucleic acids, cells, tissues, and biologically derived or biomimetic materials. 
Bioelements selectively react or interact with the analyte of interest; therefore, in biological 
assays, the undesired effects of interfering materials are insignificant. Bioelements may cata¬ 
lyze the substrate reaction or bind to the detectable analyte. 



Biological element Transducer Ampelifier Processor Monitor 


FIGURE 4.4 Schematic diagram of biosensor components. 
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Enzymes are the most desired biological elements used in the fabrication of biosensors. An 
enzyme is a complicated and large macromolecule that consists of chains of amino acids 
linked together. In fact, an enzyme is a highly selective biocatalyst that accelerates the rate 
and specificity of biochemical reactions. The advantages of enzymatic biosensors are that 
they possess high selectivity, rapid detection, and high sensitivity. 

4.8.2 Immobilization of Biomaterials 

The immobilization of bioelements plays an important role in the performance of biosen¬ 
sors. The various techniques based on physical (adsorption, entrapment, and encapsulation) 
and chemical (cross-linking and covalent binding) methods are commonly used for biomate¬ 
rial immobilization. 

4.8.2.1 Adsorption 

Adsorption of enzymes and biomaterials by insoluble supports is the simplest method for 
bioelement immobilization. This technique is based on physical interactions (Van der Waal's 
forces, hydrogen bonds, and multiple salt linkages) between the enzyme and the surface of 
solid support. In the adsorption method, the enzyme is dropped on the support surface 
or support is immersed into the enzyme solution. After a certain time, the support is allowed 
to dry and then is washed with a buffer solution or distillated water to remove the unbound 
enzymes from the surface. In the adsorption technique, no extra chemicals are used; therefore, 
this method has low cost and also does not have undesired effects on enzyme activities. 
Enzyme leakage is the main disadvantage of adsorption method, which is caused by fluctu¬ 
ation of temperature, pH, and ionic strength or induction of analyte. The biosensors based 
on adsorption method have sufficient repeatability and are useful for disposable diagnostic 
enzyme kits. 

4.8.2.2 Entrapment 

Entrapment of enzymes within polymeric matrices is a common method for immobili¬ 
zation. In this method, first, enzyme is added to the monomeric solution, and then the 
monomer is polymerized. Thermal, sol—gel, and electropolymerization are typical methods 
used in entrapment technique. The pore size of the gel or fiber is such that the matrix 
prevents leakage of enzyme macromolecules; whereas, the analyte or reaction products 
can freely diffuse into the matrix and reach enzyme active sites. However, high molecular 
weight analytes cannot easily penetrate into the matrix. The conditions applied in chem¬ 
ical polymerization and generated free radicals may have damaging effects on enzyme 
activity. Therefore, the conditions of polymerization need to be carefully controlled. 
Polypyrrole, polythionine, polyethylene dioxythiophene, natural polymer (chitosan, agar) 
and calcium alginate are some common materials that are widely used for enzyme 

22 24 

entrapment. 

4.8.2.3 Encapsulation 

Encapsulation of enzyme and biomaterials within the membrane is another method of 
immobilization. In microencapsulation, the enzyme is surrounded by a continuous film of 
membrane or polymeric gel to produce spherical beads that contain an enzyme, known as 
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microcapsuls. Encapsulation of enzyme between the coating material and support surface is 
the most applicable method used in biosensors. In this method, first, the enzyme is placed on 
the surface of the support, and then a film of membrane is coated on the surface of the depos¬ 
ited enzyme. 

The most important membrane and coating materials used for encapsulation are carra¬ 
geenan, chitosan, sodium alginate, carboxy methyl cellulose (CMC), methylcellulose, 
cellulose acetate, polycarbonate, polysulfone, polyacrylate, collagen. Teflon, and phospho¬ 
lipids. Applying membranes that selectively allow analytes and products to permeate 
is a useful and precise technique; however, the biosensors based on this method usually 
have long response times. Membrane disruption caused by accumulation of side products 
is another disadvantage of this method. 

4.5.2.4 Cross-Linking 

This type of immobilization is based on the intermolecular cross-linking of an enzyme, 
either to other enzyme molecules or to functional groups available on the support. Aggrega¬ 
tion of enzymes leads to a bulky mass of enzyme molecules that is insoluble in the supporting 
electrolyte; therefore, the enzyme leakage resulting from enzyme solubility is significantly 
reduced. 

The most common reagents used for cross-linking are glutaraldehyde and toluene diiso¬ 
cyanate. The disruptive nature of cross-linking reactions and also the toxicity of cross¬ 
linkers adversely affect the conformation of enzyme active cites and cause a decrease in 
enzyme activity. Hence, the amount of reagent used in cross-linking and the ratio of enzyme 
to reagent must be precisely controlled. The cross-linking technique is usually used in asso¬ 
ciation with another immobilization method to ensure high performance of immobilization 
and, consequently, to enhance biosensor stability. 

4.8.2.5 Covalent Binding 

The covalent binding method is based on the strong covalent bonds between amino acid 
side chains of the enzyme and a protein with functional groups available on the support. 
Since covalent bonds are the strongest chemical bonds, the covalent binding method is 
more stable than other immobilization methods. The most common functional groups used 
in covalent bonding are the hydroxyl group (—OH) of the serine, threonine, and tyrosine, 
the amino group (—NH 2 ) of lysine, arginine, and histidine, the carboxyl group (—COOH) 
of glutamic acid and aspartic acid, and the thiol group (—SH) of cysteine. 

In this technique, first, the support is functionalized with specific reagents to create the 
required functional groups. Then, the enzyme is added to the support for coupling with func¬ 
tional groups. For example, (3-Aminopropyl) triethoxysilane, carbodiimide conjugation, and 
cyanogen bromide are widely used for producing —NH 2 , —COOH, and —OH functional 
groups, respectively. Alkylation, peptide binding, diazo linkage, and isourea linkage are 
the main reaction processes used in the covalent binding method. 

The main disadvantage of covalent binding is that some of the enzyme active sites partic¬ 
ipate in the coupling reaction, which causes the deactivation of the enzyme. However, addi¬ 
tion of enzyme inhibitors at the moment of the coupling reaction moderately prevents 
enzyme active sites from taking part in the reaction. 
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4.8.3 Transducer 

The transducer converts the physicochemical changes resulting from the interaction of the 
analyte and bioelement into a quantifiable signal. Depending on the transduction mechanism, 
there are three groups of biosensors: 

1. Products resulting from biosensors through the biochemical reaction transfer into the 
transducer and causing the measurable response. 

2. Biosensors that benefit from mediators in order to assist product transfer into the 
transducer. 

3. Biosensors where the bioelement is directly connected to the transducer and product or 
the response resulting from the biochemical reaction is immediately available through 
the transducer. 

Based on the transducer, there are different types of biosensors, such as electrochemical, 
piezoelectric, optical, and thermal biosensors. 


4.8.3.1 Thermal Biosensor 

Biochemical reactions have definite enthalpy changes, in which the changes of enthalpy affect 
the temperature. In thermal biosensors, the thermometric detection of the variation in reaction 
enthalpies is used. For thermal biosensing, a very sensitive thermometer is required that has the 
ability to detect very small temperature changes. Simple thermometers and thermocouples are 
not sensitive enough to measure the variation of biochemical reaction enthalpies. Thermopiles 
and thermistors are commonly used to detect such small variations in temperature. 


4.8.3.2 Optical Biosensor 

Interactions between the analyte and biological element lead to a change in photometric prop¬ 
erties. In optical assay, photometric detection is the basis of this method. Mainly, the photometric 
change may occur in the analyte, biosensor element, or marker that is included in the biosensor. 
The photometric methods applied in optical biosensors are absorption, reflection spectroscopy 
and scattering methods, fluorescence and phosphorescence emission, and luminescence. 


4.8.3.3 Piezoelectric Biosensor 

The piezoelectric method is based on the electrical currents resulting from a vibrating crys¬ 
tal. Crystals have a certain resonant frequency of oscillation. In piezoelectric biosensors, the 
total frequency of a crystal is related to mass of crystal and the coated bioelement. In this 
method, the analyte concentration is detected by measuring the variation in resonant fre¬ 
quency resulting from the analyte binding or biochemical reaction. Enzymatic piezoelectric 
biosensors and piezoelectric immunosensors are the most common piezoelectric biosensors. 
Crystals (quartz, berlinite, gallium orthophosphate, langasite, etc.), ceramic materials (barium 
titanate, lead titanate, and lead zirconate titanate) and some organic polymers (polyvinyli- 
dene fluoride) are a number of materials used in piezoelectric sensors. 


4.8.3.4 Electrochemical Biosensor 

The electrochemical method is the most applicable technique in the fabrication of biosen¬ 
sors. The electrochemical biosensors is the leading biosensor that has been commercially 
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FIGURE 4.5 


Schematic diagram of a conventional three-electrode system for electrochemical detection. 


developed. An electrochemical biosensor is based on a biochemical reaction that produces or 
consumes electrons. Amperometry, potentiometry (measuring potential at zero current), and 
conductometry (measuring conductivity using an alternating current bridge method) are the 
common methods applied in electrochemical biosensors. The electrochemical transducer usu¬ 
ally consists of a conventional three-electrode system, a reference electrode, a counter elec¬ 
trode, and a working electrode. Figure 4.5 shows the schematic diagram of an 
electrochemical method using a conventional three-electrode system. 

4.8.4 Amperometric Biosensors 

The amperometry method is suitable for analytes that are able to oxidize or reduce in 
chemical or biochemical reactions. In the amperometry method, a current signal is produced 
by applying a fixed potential between the reference electrode and working electrode. Amper¬ 
ometric measurement is carried out in a supporting electrolyte (containing buffer solution at 
a constant pH) to ensure electron transfer in the electrical circuit. Amperometric biosensors 
generate a current proportional to the concentration of the analyte of interest. Ampero¬ 
metric measurements may be performed at fixed potential with respect to time or at differen¬ 
tial pulse potential. Chronoamperometry is a typical method for amperometry detection 
where the current response is recorded at a fixed potential with respect to time in an unstirred 
solution. The unstirred condition is applied to avoid convection and to provide natural mass 
transfer into the electrode surface. 

Voltammetry is a powerful technique for studying electrochemical (oxidation and reduc¬ 
tion) behavior of a biosensor in the vicinity of an analyte. In voltammetry, the current is 
measured while the applied potential between working and reference electrodes is scanned. 
Linear-sweep is a type of voltammetry in which the applied potential is linearly varied, and 
the current versus the potential is shown as a voltammogram curve. Cyclic voltammetry is 
another method which studies the oxidation and reduction of a chemical reaction. In cyclic vol¬ 
tammetry, the potential is varied from an initial value to another value of potential and then 
reaches again to the starting point with a constant scan rate. The scan rate of the potential 
is projected by the simple rate equation, v = Figure 4.6 represents an increase and decrease 
of potential with respect to time. As illustrated in this figure, the cyclic voltammetry includes 
two stages of linear sweep in which the potential scan rates are equal with reverse direction. 
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FIGURE 4.6 Sweeping the potential versus time. 


Considering that electroactive analyte participate in a redox reaction on the surface of a 
biosensor electrode, the half-cell redox reaction is given as follows: 

Ox + ne~ <-> Red (4.8.4.1) 

where Ox and Red are the oxidized and reduced species in the redox reaction, respectively. 
Figure 4.7 shows the cyclic voltammogram of a reversible redox reaction which occurs near 
the electrochemical biosensor. In starting point (A) the current value is low. From point A to 
B, the current response slightly increases in which this current is known as the background 
current. Background current is due to residual current from impurities and also double-layer 
charging. In point B, potential required for oxidation of an analyte is available; therefore, the 
reduced specie is oxidized. In this stage, the current response increases with increasing poten¬ 
tial value and reaches anodic peak current, shown in point C. After that, the substrate is 
oxidized in the vicinity of the working electrode, and the current response descends to the 



FIGURE 4.7 Cyclic voltammogram of a redox reaction on the electrode surface of a biosensor. 
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point B. For a reversible reaction, in reverse scan, the reduction of oxidized species occurs, 
and cathodic peak current (point G) is obtained. In cases where the potential first scans 
with negative slope, locations of anodic and cathodic peak currents are displaced. 

The potential corresponding to the peak current obtained in cyclic voltammetry is valuable 
information which can be applied in amperometric measurements. If the applied potential is 
adjusted to the peak potential, the current response of the analyte is increasing and the cur¬ 
rent response related to interfering material is decreasing and, as a result, the sensitivity and 
accuracy of electrochemical detection are enhanced. 

Figure 4.8 depicts a typical current response for chronoamperometry method. In the begin¬ 
ning, the high current is observed, and then the current decays and reaches a steady-state 
value. This phenomenon is due to the consumption of substrate near the electrode that causes 
spreading of the diffusion layer and consequently decreases the driving force that results 
from diffusion. In the steady-state region, the current response is almost independent of 
time. According to Fick's first law of diffusion, the current response is given by the following 
equation : 


nFADC 


(4.8.4.2) 


where i (A) is the current response, n is the number of exchanged electrons, F is Faraday's 
constant, D (cm 2 s _1 ) is the diffusion coefficient of the redox active analyte, A (cm 2 ) is the sur¬ 
face area of the electrode, C (mol cm -3 ) is the concentration of the analyte in the supporting 
solution, and <5 (cm) is the thickness of the diffusion layer. 

Another useful equation used in chronoamperometric study is the Cottrell equation, which 
is described as follows: 


nFACD h 2 

TT-l/lf-l/l 


( 4 . 8 . 4 . 3 ) 



Time 


FIGURE 4.8 Chronoamperometry: current response versus time. 
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If the chemical reaction on the surface of the electrode is a diffusion-controlled process, a 
linear relationship exists between the current and the reciprocal of the square root of time. By 
plotting i versus f 1/2 and from the slope of the linear plot, the diffusion coefficient of the an¬ 
alyte is calculated. This equation can also be used to determine the number of exchanged elec¬ 
trons, the electrode surface area, or the analyte concentration. 

In practice, determining the concentration of analyte using a calibration curve is more pre¬ 
cise and applicable. In this method, a chronoamperometric experiment is carried out at 
different concentrations of analyte. Then, the steady-state current response of each concentra¬ 
tion is depicted versus the concentration, and a calibration curve is obtained. In addition, 
another common method often used for preparing a calibration curve of a biosensor is amper- 
ometric; first, the amperometric measurement is performed in the supporting electrolyte in 
stirred condition. The background current is allowed to decay to a steady-state value, and 
then aliquots of analyte stock solution are added into the supporting solution. In this method, 
stirred condition is needed to ensure convective transport for each injection. Figure 4.9 
represents a typical amperometric current response with respect to time for each injection 
of aliquots of analyte solution. 

Figure 4.10 represents a typical amperometric current response versus the analyte concen¬ 
tration for enzymatic biosensors. In enzymatic biosensors, the current reaches a maximum 
value based on the enzyme loading on the electrode surface. The linear range of the current 
response profile is used as the calibration curve for analytical assays. 

In an enzymatic biosensor, the enzyme—substrate kinetic of the biosensor is represented by 
the Lineweaver—Burk equation state, as follows : 


1 K m 1 


(4.8.4.4) 


where Iss is the steady-state current response after each step of substrate addition, f max is the 
maximum current response under saturated substrate condition, C is the substrate concentra¬ 
tion in the bulk solution, and Km is the apparent Michaelis—Menten constant. To determine 
the Km value of the enzyme electrode from Eqn (4.8.4.4), the reciprocal of steady-state current 



FIGURE 4.9 A typical amperometric current 
response for adding analyte concentrations with 
respect to time. 


Time 







122 


4. FERMENTATION PROCESS CONTROL 


FIGURE 4.10 Amperometric current response 
versus the concentration of analyte. 



response versus the reciprocal of analyte concentration is plotted. From the slope and inter¬ 
cept of the Lineweaver—Burk plot, the Km is calculated. The low values of Km show that the 
biosensor has high affinity to glucose and high activity of immobilized enzyme. 

4.8.4.1 Response Time 

The response time of a biosensor is the time required to achieve steady-state value. How¬ 
ever, in practice, the time required to reach 95 or 98% 2 of the biosensor response is known 
as the response time (Figure 4.8). Response times of 3 s to 25 min have been reported in the 
literature. Since the essence of the sensors is based on the rapid detection, the response 
times above 5 min are not of interest. 

4.8.4.2 Recovery Time 

The recovery time is the time required for the biosensor to reach equilibrium state and the 
signal to return to its base line. In order to remove substrate and product accumulated on the 
support surface, the biosensor is washed or immersed in a buffer solution. 

4.8.4.3 Linear Detection Range 

Linear detection range is the range of detection in which the response of the biosensor is 
linear (Figure 4.10). In biosensors, the wide linear range is of interest that makes the biosensor 
applicable in a wide range of analyte concentration. 

4.8.4.4 Limit of Detection 

Limit of detection (LOD) is the lowest concentration of the analyte that can be detected by 
biosensors. In practice, LOD is usually determined by a signal to noise ratio of 3 (S/N = 3). 
The equation commonly used for determination of LOD is given as follows : 

LOD = — (4.8.4.5) 

m 

where S\j is the standard deviation of blank or buffer, and m is the slope of the calibration curve. 
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4.S.4.5 Sensitivity 

Sensitivity is defined as the current response per unit of analyte concentration and elec¬ 
trode surface. From the definition, it is found that for a certain current response, the biosensor 
sensitivity is higher for the electrode that has a smaller surface than others. 

The biochemical constituents of fermentation broth such as liberated biochemical com¬ 
pounds, oxidation, and reductions have been developed by a wide range of biosensors. A 
biosensor consists of two main elements. These two elements, the biocatalyst and a transducer, 
are combined as a single detecting probe in which the transducer and biocatalyst are held 
together in a very close contact. The biosensor acts as a device as flow passes. It can detect pene¬ 
tration of flow through biocatalysts and measures the biochemical transformation of a given 
substance, for example, a change in pH. The function of the transducer is to detect such change 
and to produce an output signal, which is related to the concentration of the measured sub¬ 
stance. In fact, a biosensor is a combination of a biological sensor attached to a transducer, 
which is a simple device that acts specifically with a high sensitivity in measurements. 

The application of biosensors in an operating bioreactor is usually based on whole cells or 
enzyme activities. The perfect function of a biosensor is very dependent on the biological activ¬ 
ities of a system. The biocatalytic reaction produces some detectable change that must be con¬ 
verted to an output signal by the transducer. The transducers are usually amperometric and 
potentiometric devices. Such transducers are included in dissolved oxygen probes and pH elec¬ 
trodes, ion-selective electrodes, and gas-sensing devices. Amperometric detectors operate by 
measuring the flux of some electrochemical redox activities of the produced biosensor reaction. 
For example, a dissolved oxygen probe can be used to measure the rate of oxygen flux pro¬ 
duced in a catalyzed oxidation reaction. DO probes are a popular form of biosensor transducer. 
They are used for microbial and enzymatic oxidoreductase reactions. Many enzymatic reac¬ 
tions are associated with the uptake or production of protons. The rate of proton flux can be 
measured by using a potentiometric detector, which is normally done in a pH probe. 

Several biosensors are commercially available. One of the most useful ones is the glucose 
sensor. The standard sensor determines glucose concentration based on the glucose oxidase 
enzyme. The chemical reaction for the oxidation of glucose is as follows: 

Glucose + O 2 + H 2 0 —>Gluconic acid (H + ) + H 2 0 2 (4.8.1) 

A suitable biosensor can measure the amount of oxygen consumed in the above reaction. 
The biosensor is constructed by the surrounding tip of the DO probe, which is a glucose 
permeable membrane and retains glucose oxidase/electrolyte solution in direct contact 
with the membrane of the DO probe. Normally, the DO probe can measure the rate of oxygen 
flux in the bulk liquid. The flux across the DO probe membrane to the cathode, where oxygen 
is reduced, is equal to the rate of oxygen flux reaching and reducing the electrode. The 
reduced amount of oxygen is equivalent to the rate of glucose that is consumed in the glucose 
oxidase enzymatic conversion of glucose to gluconic acid. 

The use of a catalyst with an oxidase enzyme is an example of the application of a com¬ 
bined enzyme system, which illustrates the wide potential offered by multienzyme electrode 
systems. Various enzymes can be arranged to work sequentially to transform quite complex 
substances and eventually to produce a measurable concentration-dependent change that is 
detected by the output signal and recorded for analysis. 
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NOMENCLATURE 


E Potential, V 

E 0 Standard electrode potential, V 
R The gas constant 

K Proportionality constant, mV per unit pH 
T Absolute temperature, K 
v Potential scan rate, V/s 
I Current, A 
F Faraday's constant 
A Surface area, cm 2 
D Diffusion coefficient, cm 2 s~ 2 
C Analyte concentration, mol cm~ 3 
<5 Diffusion layer thickness, cm 2 
t Time, s 

Iss Steady-state current, A 
I m ax Maximum current response, A 
Km Apparent Michaelis—Menten constant 
Sf, Standard deviation 
m Slope of the calibration curve 
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SUBCHAPTER 


5.1 


Introduction 


Microbial growth is considered for the observation of the living cell activities. It is impor¬ 
tant to monitor cell growth and biological and biocatalytic activities in cell metabolism. 
Several methods are available to predict cell growth by direct or indirect measurements. 
Cell dry weight, cell optical density (OD), cell turbidity, cell respiration, metabolic rate, 
and metabolites are quite suitable for analyzing cell growth, substrate utilization, and prod¬ 
uct formation. The rate of cell growth is described in this chapter. Various bioprocesses are 
modeled for substrate utilization and product formation. Growth kinetics in batch and 
continuous culture is examined in detail. 


5. 2 INDIRECT MEASUREMENTS OF CELL GROWT H 

Biological fluorophores including proteins, pigments, and many metabolites such as nico¬ 
tinamide adenine dinucleotide hydrogenase (NADH) represents cell activities. Biological 
compounds including nucleotides, riboflavin, NADH, nicotinamide adenine dinucleotide 
phosphate-oxidase, and flavin adenine dinucleotide are fluorophores at specific wavelengths 
of 310—520 nm are fluorescence with properties that can be detected and measured as counts 
for cell growth activities. The cell population can be determined by fluorescence spectros¬ 
copy. The method has advantages as it is relatively specific, sensitive, and accurate for online 
measurements. 

5.2.1 Fluorescence Spectroscopy 

Certain cellular components exhibit fluorescence property, which is defined as the ability 
to absorb light with spectral longer fluorescence wavelength. The fluorescence light intensity 
depends on concentration of fluorophase, which is described by the Lambert—Beer law: 

FI = 0-V(l -e~ a Cd ) (5.2.1.1) 

Where FI is intensity of fluorescence light (W cm 2 ), (p is the fluorescence yield and /,/, is the 
excitation light intensity (W cm” 2 ), a is molar absorption coefficient (mol 1 cm” 1 ), C is fluo- 
rophore concentration (mol l” 1 ), and d is path length (cm). Because nonlinear relation exist for 
fluorescence with respect to concentration of fluorophore, one can use the linearized segment 
of the above relation for small concentration of fluorophore over a small path. The relation 
can be simplified as: 


FI = (p/l^-a-C-d 


( 5 . 2 . 1 . 2 ) 
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FIGURE 5.1 The principle of fluorescence for measurements and detection of cell growth. 


The cell activities can be detected by oxygen uptake rate and respiration quotient (RQ) for 
utilization of oxygen and liberation of carbon dioxide. The detection can be conducted online 
for the bioreactor in continuous operation. Figure 5.1 demonstrates the principle of fluores¬ 
cence used for measurements and detection of cell growth. 


5.2.2 Specific Growth Rate 

Cell growth is easily defected once cells are rapidly propagated at exponential phase, 
whereas cell weight is doubling at certain time interval; then the number of doubling after 
time t is defined as: 


n = — 
U 


(5.2.2.1) 


Where n is the number of doubling, t is incubation time, and tj is doubling time for the 
specific organism. 


In(-) = (ln2)(-) = 0.693 (— 


<3 


(5.2.2.2) 


(h- 


Plot of In * versus time t resulted slope of °'® 3 , which is defined as specific growth rate 

For batch culture, the specific growth rate is: 

0.693 


M = 


M = 


u 

1 dX 
X ~dt 


( 5 . 2 . 23 ) 
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The outcome of the above expression demonstrates exponential growth phase for the 
living organism: 


x 


0.693(A) 

= x„e V 


(5.2.2.4) 


5.3 CELL GROWTH IN BATCH CULTURE 


Batch culture is a closed system without any inlet or outlet streams, as nutrients are pre¬ 
pared in a fixed volume of liquid media. The inocula are transferred and then the microor¬ 
ganisms gradually grow and replicate. As the cell propagates, the nutrients are depleted 
and end products are formed. The microbial growth is determined by cell dry weight 
(g l -1 ) and cell OD (absorbance at a defined wavelength, /. nrn ). A growth curve can be divided 
into four phases, as shown in Figure 5.2. As inocula are transferred to the fermentation media, 
cell growth starts rapidly in the media. The lag phase shows almost no apparent cell growth. 
This is the duration of time represented for adaptation of microorganisms to the new environ¬ 
ment, without much cell replication and with no sign of growth. The length of the lag phase 
depends on the size of the inocula. It is also results from the shock to the environment when 
there is no acclimation period. Even high concentrations of nutrients can cause a long lag 
phase. It has been observed that growth stimulants and trace metals can sharply reduce 
the lag phase. Figure 5.3 shows the influence of magnesium ions on the reduction of lag phase 
in a culture of Aerobacter aerogenes. The lag phase in the batch culture of A. aerogenes was dras¬ 
tically reduced from 10 h to zero when the concentration of Mg 2+ was increased from 2 to 
10 mg l -1 . There are many other factors believed to affect the lag phase. These are discussed 
in more detail in microbiology textbooks. 


5.4 GROWTH PHASES 


Once there is an appreciable amount of cells and they are growing very rapidly, the cell 
number exponentially increases. The optical cell density of a culture can then be easily 
detected; that phase is known as the exponential growth phase. The rate of cell synthesis 



FIGURE 5.2 Typical batch 
growth curve of a microbial culture. 


Time 
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Concentration of MgS0 4 , mg/I 


sharply increases; the linear increase is shown in the semilog graph with a constant slope 
representing a constant rate of cell population. At this stage, carbon sources are utilized 
and products are formed. Finally, rapid utilization of substrate and accumulation of prod¬ 
ucts may lead to stationary phase in which the cell density remains constant. In this phase, 
cells may start to die as the cell growth rate balances the death rate. It is well known 
that the biocatalytic activities of the cell may gradually decrease as they age, and finally 
autolysis may take place. The dead cells and cell metabolites in the fermentation broth 
may create toxicity, so deactivating remaining cells. At this stage, a death phase develops 
while the cell density drastically drops if the toxic secondary metabolites are present. The 
death phase shows an exponential decrease in the number of living cells in the media 
while nutrients are depleted. In fact the changes are detected by monitoring the pH of 
the media. 


5.5 KINETICS OF BATCH CULTURE 


The batch culture is a simple, well-controlled vessel in which the concentration of nutri¬ 
ents, cells, and products vary with time as the growth of the microorganism proceeds. Mate¬ 
rial balance in the reactor may assist in following the biochemical reactions occurring in the 
media. In batch fermentation, living cells propagate and many parameters of the media go 
through sequential changes with time as the cells grow. The following parameters are moni¬ 
tored while the batch process continues: 

• Cells and cell by-product 

• Concentration of nutrients 

• Desirable and undesirable products 

• Inhibition 

• pH, temperature, substrate concentration 
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The objective of a good process design is to minimize the lag phase period and maximize 
the length of exponential growth phase. The substrate balance in a batch culture for compo¬ 
nent i in the culture volume of Vr and change of molar concentration of C, is equal to the rate 
of formation of product: 

j t (V R - Q) = V R -r fi (5.5.1) 


where Vr is the culture volume, assumed to be constant while no liquid media is added or 
removed, C, is the molar concentration of component i and iy is the rate of product formation. 
Then Eqn (5.5.1) is reduced to: 


dQ 

Ht =r f i 


(5.5.2) 


The rate of product formation, ry, depends upon the state of the cell population, environ¬ 
mental condition, temperature, pH, media composition, and morphology with cell age distri¬ 
bution of the microorganism. A similar balance can be formulated for microbial biomass 
and cell concentration. The exponential phase of the microbial growth in a batch culture is 
defined by: 

^ = MX (5.5.3) 


There is no cell removal from the batch vessel and the cell propagation rate is proportional 
to specific growth rate, ti (h _1 ), using the differential growth equation the cell concentration 
with respect to the time is: 

X(f) = X^' (5.5.4) 


5.6 GROWTH KINETICS FOR CONTINUOUS CULTU RE 

The fermentation system can be conducted in a closed system as batch culture. The batch 
system growth kinetics and growth curve are explained in Sections 5.3 and 5.4. The growth 
curve is the best representation of a batch system. Disadvantages exist in the batch system 
such as substrate depletion with limited nutrients or product inhibition growth curve. The 
growth environment in the batch system has to follow all the phases projected in the growth 
curve. Besides nutrient depletion, toxic by-products accumulate. Even the composition of me¬ 
dia with exponential growth is continuously changing; therefore, it will never be able to 
maintain any steady-state condition. The existing limitation and toxic product inhibition 
can be removed if the system is an open system and the growing culture is in a continuous 
mode of operation. In engineering, such a system is known as an open system. There would 
be an inlet medium as fresh medium is pumped into the culture vessel and the excess cells are 
washed out by the effluents, leaving the continuous culture from the fermentation vessel. The 
advantages of continuous culture are that the cell density, substrate, and product concentra¬ 
tions remain constant while the culture is diluted with fresh media. The fresh media is ster¬ 
ilized or filtered and there are no cells in the inlet stream. If the flow rate of the fresh media 
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gradually increases, the dilution rate also increases while the retention time decreases. At a 
high flow rate, the culture is diluted and the cell population decreases; with the maximum 
flow rate when all the cells are washed out, the composition of the inlet and outlet conditions 
remain about the same. In this condition, a washout phenomenon takes place. In continuous 
culture, the flow rate is adjusted in such a way that the growth rate and the cell density 
remain constant. There are two types of culture vessel: chemostat and biostat, and both are 
open systems. Detailed explanations are given in the following section. 

1. Chemostat (growth rate controlled by dilution rate, D, (h -1 ) 

2. Turbidostat (constant cell density that is controlled by the fresh medium) 

1. Chemostat. The nutrients are supplied at a constant flow rate and the cell density is 
adjusted with the supplied essential nutrients for growth. In a chemostat, growth rate is 
determined by the utilization of substrates like carbon, nitrogen, and phosphorus. A 
simple chemostat with feed pump, oxygen robe, aeration, and the pH controlling units 
is shown in Figure 5.4. The system is equipped with a gas flow meter. Agitation and 
aeration provided suitable mass transfer. The liquid level is controlled with an outlet 
pump. 

Fresh medium is pumped into the culture vessel. The liquid level is controlled as the 
overflow is drained to a product reservoir. 



FIGURE 5.4 Schematic diagram of continuous culture with control units in a constant volume chemostat. 
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For constant volume of the fermentation vessel, a liquid level controller is used. The 
system is also designed with an outlet overflow to keep the liquid level constant. 
Figures 5.5—5.7 show various mechanisms for constant-volume bioreactors. An outlet 
pump is customarily used to maintain a constant flow rate. Complex systems are 
designed to control the mass of the generated cells; photocells or biosensors are used 
to monitor the OD of the cells (Figure 5.8). Cell concentration is controlled by the sup¬ 
plied nutrients and the flow rate of fresh media. The substrate concentration and the 
retention time in the fermentation vessel may dictate the cell density. Besides the nutri¬ 
ents and the controlling dilution rate, there are several physiological and process vari¬ 
ables involved in the kinetics and the design of a bioreactor. These parameters are 
temperature, pFI, redox (reduction and oxidation) potentials, dissolved oxygen, sub¬ 
strate concentration, and many process variables. In a chemostat, cell growth rate is 
determined by an expression that is based on substrate utilization, mainly C, N, and P 
with trace amounts of metals and vitamins. The advantages of continuous culture are 
that the essential nutrients can be adjusted for maximum growth rate and to maintain 
steady-state conditions. There is a determined relation between cell concentration and 
dilution rate. At a steady state, cell concentration is maximized with optimum dilution 



FIGURE 5.5 Chemostat without pumps maintained at a constant level. 
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FIGURE 5.6 



Chemostat with feed pump overflow drainage maintained at a constant level. 



FIGURE 5.7 Chemostat using single medium inlet feed and outlet pumps. 
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Cotton 

filter 



FIGURE 5.8 Chemostat with inlet and outlet control loops, feed, and product pump with cell loading 
and recycling. 

rate. There is also a critical dilution rate where all the cells are washed out and there 
is no chance for the microorganisms to replicate; this is known as the maximum 
dilution rate. 

2. Biostat. This is also known as a turbidostat. It is a system in which cell growth is 

controlled and remains constant while the flow rate of fresh media does not remain con¬ 
stant. Cell density is controlled based on set value for turbidity, which is created by the 
cell population while fresh media is continuously supplied. A turbidostat is shown in 

Figure 5.9. 

In a chemostat and biostat or turbidostat, even with differences in the supply of nutrients 
and/or fresh media, constant cell density is obtained. The utilization of substrate and the ki¬ 
netic expressions for all the fermentation vessels are quite similar. It is possible to have slight 
differences in the kinetic constants and the specific rate constants. 4 Figure 5.10 shows a tur¬ 
bidostat with light sources. The system can be adapted for photosynthetic bacteria. 

The continuous cultures of chemostat and biostat systems have the following criteria: 

• Medium and cells are continuously changing 

• The cell density (p C ell) is constant 

• Steady-state growth 

• Open system 

The system is balanced for cell growth by removing old culture and replacing it with fresh 
medium at the same rate. 


5.7 MATERIAL BALANCE LOR CONTINUOUS STIRRED 
TANK REACTOR (CSTR) 


At a steady-state condition for chemostat operation, change of concentration is indepen¬ 
dent of time. Material balance for the fermentation vessel is: 


In — Out + Reaction rate = Accumulation 






































































138 


5. GROWTH KINETICS 


FIGURE 5.9 



Biostat with a light source used detects cell turbidity and bacterial optical density. 



FIGURE 5.10 Continuous culture with light source used for photosynthetic bacteria, turbidostat. 
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At a steady-state condition, there is no accumulation; therefore, the material balance is 
reduced to: 

F(C lf -Q +V R -r fi ) = 0 (5.7.1) 

where C,j is the molar concentration in feed stream, C, is the molar concentration in the outlet 
stream, and — rp = is the rate of feed stream or consumption rate 

Tfi = A (G - Cjf) = D(G- - C if ) (5.7.2) 

Vr 

The rate of formation of a product is easily evaluated at steady-state condition for inlet and 
outlet concentrations, where D is the dilution rate, defined as D = ^, which characterizes the 
inverse retention time in the CSTR unit. The dilution rate is equal to the number of fermen¬ 
tation vessel volumes that pass through the vessel per unit time. D is the reciprocal of the 
mean residence time. 

The kinetic of cell growth for prediction of growth rate is projected by the net growth rate, 
which is: 

Rate of cell dry weight. 

dX/dt = growth rate — cell removal rate — cell death rate 
In a continuous culture: 

dX/dt = fiX-DX-aX (5.7.3) 

where a is the specific death-rate constant. 

5.7.1 Rate of Product Formation 

Similarly, the rate of product formation is defined as: 

^ = qpX-DP- (3P (5.7.1.1) 

where t-jp is the specific growth rate for product formation and ft is the denaturation of prod¬ 
uct coefficient and the specific rate of product formation. For a special case, the specific 
growth rate for product formation is simplified and reduced to: 

If the cells are in the exponential growth period and there is no cell death rate, then a ~ 0. 
The net cell concentration is: 

dX 

— = growth — output = pX — DX (5.7.1.3) 

At a steady-state condition, the biomass concentration remains constant, that is, dX/dt = 0, 
and Eqn (5.7.1.3) concludes to p = D; therefore, the specific growth rate is equal to the 
dilution rate. 
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5.7.2 Continuous Culture 

Exponential growth in a batch culture may be prolonged by addition of fresh medium to 
the fermentation vessel. In a continuous culture, the fresh medium has to be displaced by an 
equal volume of old culture, then continuous cell production can be achieved. 

5.7.3 Disadvantages of Batch Culture 

There are several disadvantages to batch culture. The nutrient in the working volume be¬ 
comes depleted; the other major problem is the limitation and depletion of the substrate. 
Because there is no flow stream to take effluent out, as the system is closed, toxins form there. 
A disadvantage related to substrate depletion is that the growth pattern may reach the death 
phase quickly in an old culture. The long duration of the batch system for slow growth results 
in exhaustion of essential nutrients and an accumulation of metabolites as by-products. 
Exhaustion of nutrients and substrate may cause the system to become retarded. The technical 
problem resulting in changes to media composition may directly affect the microbial exponen¬ 
tial growth phase. Inhibition is another factor affecting the bioprocess, which causes the reac¬ 
tion rate shift. As a result, inhibition may slow down bio-catalytic activities. Product inhibition 
may block enzyme activities, and the cells became poisoned by the by-product. One common 
disadvantage of the batch process is that one has to carry out a cycle for production: the prod¬ 
uct should be sent for downstream processing, then the system has to be cleaned and 
recharged with fresh feed, so the process is highly labor intensive for downtime and cleaning. 


5.7.4 Advantages of Continuous Culture 

There are several advantages to continuous culture, where all the problems associated 
with the batch culture are solved. First, the growth rate is controlled and the cells are well 
maintained, because fresh media are replaced by old culture while the dilution is taking 
place. As a result, the effect of physical and chemical parameters on growth and product for¬ 
mation can easily be examined. The biomass concentration in the cultured broth is well main¬ 
tained at a constant dilution rate. The continuous process results in substrate-limited growth 
and cell growth—limiting nutrients. The composition of the medium can be optimized for 
maximum productivity; in addition secondary metabolite production can also be controlled. 
The growth kinetics and kinetic constants are accurately determined. The process leads to 
reproducible results and reliable data. High productivity per unit volume is achieved. The 
continuous culture is less labor-intensive, and less downtime is needed. Finally, steady- 
state growth can be achieved, even if mixed cultures are implemented. 


5.7.5 Growth Kinetics, Biomass, and Product Yields, Y x/s and Yp/$ 

The yield is defined as ratio of biomass to the mass of substrate. The ethanol fermentation 
from sugar is simplified based on the following reaction: 

C 6 H 12 0 6 -+2C 2 H 5 OH + 2C0 2 (5.7.5.1) 


The rates of biomass production and product formation are: 


dX _ dX ds _ dS 

dt ds dt x/s dt 


dP _ dS 


and 


( 5 . 75 . 2 ) 
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where the yields of biomass and product are: 

AX A P 

y x/s = and Y P/S = (5.7.53) 

For instance, the theoretical yield of ethanol fermentation based on fermentation of glucose 
results in 2 mol of ethanol: 

2 mol EtOH 2 x 46 g EtOH 

mol C 6 H 12 0 6 = 180 ' £C 6 H 12 0 6 

The effect of substrate concentration on specific growth rate (/u) in a batch culture is related 
to the time and /i max ; the relation is known as the Monod rate equation. The cell density (/yell) 
increases linearly in the exponential phase. When substrate (S) is depleted, the specific 
growth rate (/u) decreases. The Monod equation is described in the following equation: 

5 

d = fa y , c (5.7.5.4) 

where ju is the specific growth rate, /!,„ is the maximum specific growth rate in h 1 , Kg is satu¬ 
ration or Monod constant and S is substrate in g 1 1 . The linearized form of the Monod equa¬ 
tion is: 


1 

d 



1 1 

c 5 - 

S dm 


(5.7.55) 


The average biomass concentration is defined as the product of yield of biomass and 
change of substrate concentrations in inlet and outlet streams. The biomass balance is: 


X = Y x/ s(- AS) = Y x/s (Si - So) (5.75.6) 

where S, and S 0 are inlet and outlet concentrations in mol I 1 . Rate expression is based on the 
Monod equation for substrate utilization, given by the rate Eqn (5.7.5.4): 

d^S + dS = MmaxS or fl.Ks = (dmax - d)S (5.75.7) 

The rate equation was solved for substrate concentration in the product stream. Rearrange¬ 
ment of Eqn (5.7.5.7) results in an equation for substrate in terms of specific rate: 

S = Ks ^ (5.7.5.8) 

dmax d 

Finally, at a steady-state condition, as has been stated previously Eqn (5.7.1.3), the rate of sub¬ 
strate consumption is equal to the biomass generation, with the assumption of zero death rate: 

d = D=>S 0 = Xs ° n (5.7.5.9) 

dmax ~ D 


5.7.6 Biomass Balances (Cells) in a Bioreactor 


The material balance for cells in a continuous culture chemostat is defined as: 
cell accumulation = cell in — cell out + cell growth — cell death 


(5.7.6.1) 
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^ = Q (X„ - X) + M X - «X (5.7.6.2) 

where F is the flow rate in h _ , V is the working volume of the bioreactor in 1, X is the cell 
concentration in g l 1 , /i is the specific growth rate in h _1 , K e or Kj equal a, known as the spe¬ 
cific death rate in h~ ', and D or F/V is the dilution rate in h _1 . Because in the exponential 
phase, steady-state growth has been achieved and the specific growth rate is much greater 
than the specific death rate, then Eqn (5.7.6.2) is simplified and reduced to a point where 
the specific growth rate is equal to the dilution rate: 

= -DX + /iX (5.7.6.3) 

at 

At a steady-state condition, biomass concentration is constant or cell density is stable at 
fixed dilution rate: 


0 = X(/z - D) (5.7.6.4) 

Then, n = D. Such condition is valid only at steady condition. As the fresh medium flow 
rate increases, cell concentration may gradually decreases because of high dilution rate. 
There is a specific dilution rate known as critical dilution rate where a washout phenome¬ 
non takes place. At the critical dilution rate there is not enough time for the microorganisms 
to replicate. 


5.7.7 Material Balance in Terms of Substrate in a Chemostat 


The substrate balance is given based on following equation: 


dS 

dt 



- S out ) 



cell growth product formed 


mX 


maintenance may negligible 


(5.7.7.1) 


In general, fi » m, so we can therefore neglect the last term. For steady-state conditions, 
no additional product is formed, which means there are no changes in substrate and product 
concentrations: 


4 - 0 - fe 


= o 


Simplify Eqn (5.6.7.1) substituting F/V = D and then fi = D resulted in: 

f /iX 


0 = D(S in - S out ) - 




x/s 


(5.7.7.2) 


(5.7.7.3) 


Rearranging this equation yield: 


X = Yx/s{Sin — Sout) 


(5.7.7.4) 
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For a steady-state condition, dilution rate and outlet substrate concentration are defined: 


^3 M/j 


* Snut - 


KcD 


Tl r/- i C uul TX 

K s + S n m - D 

Substituting Eqn (5.7.7.5) into Eqn (5.7.7.4): 

K S D 


X = Y X /s I S m - 


- D 


For unsteady state when /j.=fcD: 


dX 

dt 


X(n - D) 


The equation with respect to substrate is: 


dX 

dt 


= X 




(5.7.7.5) 

(5.7.7.6) 

(5.7.7.7) 

(5.7.7.8) 


5.7.8 Modified Chemostat 

With cell recycling, chemostat efficiency is improved. To maintain a high cell density, the 
cells in the outlet stream are recycled back to the fermentation vessel. Figure 5.11 represents a 
chemostat unit with a cell harvesting system. The separation unit is used for harvesting the 
cells and recycling then to the culture vessel to increase the cell concentration. The material 
balance in a constant volume chemostat is derived based on cell balance as shown in the 
following equations. Material balance in a chemostat with recycle, p ce ii: 

Tt = (£) [Xo “ X(1 + T)] + mX + (y) ' cx (5 - 7 - 8 - 1) 

where t = recycle ratio. 

c = the factor by which the outlet stream is concentrated before return. 

For steady-state, ^ = 0 

li = D(1 + t - c) (5.7.8.2) 

Multiple stages of continuous culture are designed to use the outlet of the first vessel as the 
inoculum for the next stage. If intermediate metabolites are used as feed for another micro¬ 
organism, sequential continuous culture is useful. The dilution rate for each vessel may be 
different to the other vessel. It is also possible to supply different nutrients for each stage 
of fermentation vessel. It is common to operate earlier stages as aerobic and subsequent 
stages in an anaerobic condition. In addition, if unused substrate leaves the product stream, 
it can be used in the next stage even at low substrate concentration. The kinetic representation 
may show a slower rate and even drop to zero order. Figure 5.12 shows two stages of a che¬ 
mostat in operation. 
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FIGURE 5.11 Chemostat with a cell recycle stream. 

5.7.9 Fed Batch Culture 

Culture with continuous nutrient supply can be operated in two modes: (1) variable vol¬ 
ume and (2) fixed volume. For variable volume, feed rate F ln is not the same as outlet flow 
rate, when the system is fed batch that means F out = 0. 

"77 (XV) = v-XV — F 0Ut X (5.7.9.1) 

at 

dV 

= F m - F out {5.7.92) 

and dilution rate, 

D = y- (57.9.3) 

Material balance for substrate: 

It = V [Si “ (1 + T)So + So] ~ Y S< 

For a steady-state condition, ^ = 0 


(5.7.9.4) 
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FIGURE 5.12 Two stages of CSTR fermentation vessels in series. 


x = —Y x/s {Si - So) (5.7.9.4) 

Substituting /.i: 

X = Yx/s(Si - S 0 )/(l + t - c) (5.7.9.6) 

^ = ^-^) X = (/x_D)X (5 - 7 ' 97) 

For a quasi-steady state, the specific growth rate reaches the media dilution rate, fi ~ D. If 
Fj„ > F out , the specific growth rate may decrease. 

• Fed batch is used to overcome substrate limitations, especially for the production of 
antibiotics. 

• Avoid substrate inhibition, which can allow a periodic shift of the growth rate. 


5.8 ENZYME REACTION KINETICS 


Most enzymes catalyze reactions follow Michaelis—Menten kinetics. The rate can be 
described on the basis of the concentration of the substrate and the enzymes. For a single 
enzyme and single substrate, the rate equation is: 

E + S<->£S 


ES^E + P 


(5.8.1) 

(5.8.2) 
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_ dS _ ^max5 

dt Km S 
1 = K m 1 1 

® ^max S Mmax 


(5.8.3) 

(5.8.4) 


where u is rate of substrate consumption in mol I 1 h -1 , u max is the maximum specific growth 
rate in h -1 , S is substrate concentration in g 1 and Km is Michaelis—Menten constant in 
g 1 *. A double reciprocal plot or a well know Lineweaver—Burk plot of 1 //i versus 1 /S is 
shown in Figure 5.13. For batch reaction, there is no inlet or outlet stream. 

mi = m 0 = 0 (5.8.5) 


1 d{SV) _ -P maX S 
V dx K m + S 


where V is the volume of batch reactor which is constant volume. 
The rate equation based on substrate utilization is: 


dS _ ^ ? max5 

dt K m -\- S 


By separation of variables; 


i 



o 


dt 


/ 


s. 


K m + S 

^max8 


ds 


(5.8.6) 


(5.8.7) 


(5.8.8) 



FIGURE 5.13 Single enzyme with different substrates. 
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then, fractionation and integration resulted in: 

-t = — ln^ + 1 (S f - S 0 ) (5.8.9) 

^max b o ^max 

Batch reaction time is calculated based on following relation: 

hatch = —In |l+ ( S /- S °) (5.810) 

^max ^max 

where So is the initial substrate concentration in g 1 1 and Sf is the final substrate concentra¬ 
tion in g 1 . 


5.8.1 Mechanisms of Single Enzyme with Dual Substrates 


The kinetics of double substrates with defined dissociation constants are given as: 


E + Sj 



Ki 


k -1 
k 


(5.8.1.1) 


where Ki is the equilibrium constant or dissociation constant. 

ES 1 ^E + P 1 (5.8.1.2) 

Similarly, for a second substrate, the reaction is carried out and the second product is 

formed. 

E + S 2 ^ES 2 , K 2 = ! -j-— (5.8.1.3) 

k-2 k 2 

where K 2 is the equilibrium or dissociation constant. 

ES 2 ^E + P 2 (5.8.1.4) 

Overall enzyme balance and equilibrium constants are defined for the intermediate sub¬ 
strate and enzyme complex. The total enzyme concentration is the sum of free and conju¬ 
gated enzymes with the substrates. 

e 0 = E + ES 1 + ES 2 (5.8.1.5) 


The intermediates, complexes of ESi and ES 2 , are defined based on equilibrium constants. 


Ki 

K 2 


[E][Si 


ESi 

[E][S 2 \ 


[es 2 


>ES i 
>£S 2 


EM 

K, 

k 2 


(5.8.1.6) 

(5.8.1.7) 


The initial and total enzyme concentrations are defined based on measurable components 
given as: 



e 0 = E 


(5.8.1.8) 
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The free enzyme can also be defined based on the following equation: 

E = 


O+t+6) 


The rate equation for first substrate: 


- d ^ = v 1 = JfcJtESi] = k ' l[E][Sl] 


Ki 


The rate is defined with respect to dual substrates: 

K e o[s 1] 


Vi = 


K, 


„ Si s 2 
k,k 2 


The rate equation for the second substrate is: 


*2 _ „ _ fc 'r F c 1 _ 
^~ V2 ~ k - [ES2] ~ 


The second rate is also defined as follows: 

[S 2 ] I 


v 2 = 


K, 


, S x S 2 
1 + —+ — 
KiK 2 


(5.8.1.9) 


(5.8.1.10) 


(5.8.1.11) 


(5.8.1.12) 


(5.8.1.13) 


Overall reaction rates for dual substrates are the sum of the rates of dissociation of two 
substrates. 


dSj /dSi dS 2 \ 

dt \dt + dt J 



(5.8.1.14) 


If one substrate vanishes, then the rate is based on the concentration of the total substrate 
present in the reaction vessel; so, if S 2 is zero, then the total substrate concentration St„ is the 
concentration of substrate involved in the reaction. 


e 0 ki St 0 

K, + S To 


(5.8.1.15) 


Otherwise, if one of the substrate increases, the other substrate decreases. If S 2 increases, 
then Si has to decrease. The simplified rate, which is very similar to that for a single substrate, 
is given as follows: 


e 0 k 2 ST 0 

K 2 + S To 


(5.8.1.16) 


In general, enzymes are proteins and carry charges; the perfect assumption for enzyme re¬ 
actions would be multiple active sites for binding substrates with a strong affinity to hold on 
to substrate. In an enzyme mechanism, the second substrate molecule can bind to the enzyme 
as well, which is based on the free sites available in the dimensional structure of the enzyme. 
Sometimes, large amounts of substrate cause the enzyme-catalyzed reaction to diminish; such 
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a phenomenon is known as inhibition. It is good to concentrate on reaction mechanisms and 
define how the enzyme reaction may proceed in the presence of two different substrates. The 
reaction mechanisms with rate constants are defined as: 


E + S^ES (5.8.1.17) 

fc-i 

The dissociation constant is related to the equilibrium constant, given by. Aq = ^ 


ES + S ESS or ES 2 

k -2 

(5.8.1.18) 

v k-2 [ES][S] 

2 k 2 [ES 2 ] 

(5.8.1.19) 

ES^E + P 

(5.8.1.20) 


The total enzyme concentration is the sum of free and conjugated enzymes with substrates. 


e 0 = E + ES 1 + ES 2 (5.8.1.21) 

When the enzyme—substrate complex is stabilized, it may reach a fixed concentration; 
therefore, there is no more change in ES: 

d\ES] = jt 2 [ ES ][ S ] _ Jt 2 [ES 2 ] -I- Jfc-ilES] — JfcitEJtS] — fc[ES] = 0 (5.8.1.22) 

The rate equation for the enzyme complex leads to product in Eqn (5.8.1.22) is defined as: 


v = k[ES} 


ES 2 was obtained from Eqn (5.8.1.19): 


[ES 2 ] = 


[ES][S] 


(5.8.1.23) 


(5.8.1.24) 


Incorporating Eqn (5.8.1.24) into Eqn (5.8.1.22), after simplification it is reduced to: 

(Jfc_i -k 2 )[ES] = h[E][S] (5.8.1.25) 

Substituting Eqn (5.8.1.24) into Eqn (5.8.1.22), the rate of enzymatic reaction with dual sub¬ 
strates is obtained: 


k h m 

k~ 1 — k 2 


(5.8.1.26) 


The reaction mechanisms may assist us in obtaining a suitable rate equation. Based on the 
enzyme reaction mechanism given by Eqn (5.8.1.18) for the intermediate enzyme—substrate 
complex, the following equations are derived for ES: 


d(ES) 


dt 


*![E][S] -M-ESr] -fe[ES][S] +k. 2 [ES 2 \ = 0 


(5.8.1.27) 








150 


5. GROWTH KINETICS 


From the equilibrium constant, the free enzyme concentration must be defined. We know 
the total enzyme concentration is the sum of the conjugated enzymes with substrates and the 
free enzymes. 


e 0 = £ + ES + ES 2 =>E = e 0 — ES — ES 2 


(5.8.1.28) 


Substituting Eqn (5.8.1.28) into Eqn (5.8.1.27), then solving for intermediate enzyme—sub¬ 
strate complex: 


h[e 0 ][S) - ft +*-0[ES] + (k_ 2 -h)[ES 2 } -* 2 [ES][S] = 0 

^-2 - 


he 0 [S] = (h+k^lES) - 


— k? 


[ES][S] 


The enzyme—substrate complex is used by substituting ES into Eqn (5.8.1.23): 

ke 0 [s\ 


= k[ES} = 


1 + JCi — 


(t- 1 ) 


At equilibrium conditions the rate constant for Eqn (5.8.1.17) is: 

MS] 


Ki = 


[ES] 


The intermediate enzyme—substrate complex is defined as: 

rrcl [E][S] e 0 S - ES 2 — ES 2 S 

[ K r ~ K t 

The second equilibrium constant for the Eqn (5.8.1.18) is also defined as: 

[ES][S] 


K, = 


[ES 2 


where the total enzyme is e 0 = E + ES + ES 2 

E = e 0 — ES — ES 2 

Let us eliminate ES 2 by substituting ES 2 = e 0 —E—ES into Eqn (5.8.1.27). 
Equation (5.8.1.34) gives: 

K 2 > 

Equation (5.8.1.32) leads to: 


(5.8.1.29) 

(5.8.1.30) 

(5.8.1.31) 


(5.8.1.32) 

(5.8.1.33) 

(5.8.1.34) 

(5.8.1.35) 


K 2 E-K 2 [ES] = [ES] [S] 

(5.8.1.36) 

fh[ES] = [E][S] 

(5.8.1.37) 

[F1 K, [ES] 

[ J [S] 

(5.8.1.38) 


The free enzyme concentration is: 
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Substituting Eqn (5.8.1.38) into Eqn (5.8.1.36) results in: 

K^ES] 


K 2 e 0 - K 2 


[S] 


- -K 2 [ES ] = [. ES)[S} 


(5.8.1.39) 


The intermediate complex ES is defined: 

[ES] = K 2 e 0 / 


S + K 2 -- 


K 2 K] 


[S] J 


(5.8.1.40) 


The enzyme rate equation with two dissociation relations at equilibrium yields: 

[S] , K t 


v = ke 0 


1 


Ki [S]J 

Now, maximize the rate at a specific substrate concentration: 

dv_ 1 Ki X, _ 1 

dt~ ~ ~I^ + S^ => S^ “ Y 2 


(5.8.1.41) 


(5.8.1.42) 


Maximum substrate concentration is defined by the square root of the dissociation 
constants. 


Smax = y/M (5.8.1.43) 

At a high substrate concentration, the rate can be simplified and a linearized model is 
obtained: 

- = l + PAe„ (5.8.1.44) 

v K 2 / 

A graph of 1 /y versus S is plotted and the slope is 1 / Kjke,,. There is an intercept in the 
graphical presentation to identify another constant. From the previous equation, K 2 can be 
calculated, which is similar to S max , where S max means that the substrate concentration gives 
the maximum rate. 


5.8.2 Kinetics of Reversible Reactions with Dual Substrate Reaction 

The reaction mechanisms for reversible reactions are slightly different. In the previous sec¬ 
tion, the second part of the reaction that leads to product was irreversible. However, if all the 
steps in enzyme reactions were reversible, the resulting rates may be affected. 

S + E^ES (5.8.2.1) 

k -1 

where /<q is the rate constant for forward and /c_j the rate constant for backward reactions. The 
second reaction is: 

h 

£S^P + £ 

k—2 


(5.8.2.2) 
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where k 2 is the rate constant for forward and /c _2 the rate constant for backward reactions. For 
dual substrates, the reaction mechanisms may be complicated if the enzyme—substrate com¬ 
plex of the first substrate reacts with the second substrate; then the dissociation constant of 
Ku is defined to present the equilibrium, and vice versa the dissociation constant for the re¬ 
action of second substrate—enzyme complex with the first substrate is K 2 i- 

e 0 = e + ESi + ES 2 + ES X S 2 (5.8.2.3) 

The rate equation for reversible reactions with two substrates is defined. 


Assume: 



k 2 k 21 

SiS 2 


(5.8.2.4) 


K,K U = K 2 K 21 
ke 0 S 2 S 1 


ke 0 S 2 Si 


S 1 S 2 + K 2 ]S 2 + X 12 S 1 + K 2 K 2 i (K X2 + S 2 ) (Kl + Si) 


(5.8.2.5) 

(5.8.2.6) 


For the special case, the rates are simplified to more familiar rates and result in the 
following: 


U max S l 


(5.8.2.7) 


K[ + S x 

where u^ ax and kj are the apparent maximum rate and Michaelis constant, respectively. 

ke 0 S 2 


Umax K„ + S 


Kl = 


12 T J 2 

K t K 2 + K 12 S 2 


K 


(5.8.2.8) 


(5.8.2.9) 


12 ■ 


If one substrate is in great excess, Ku is small or S 2 >> Ku then u max = ke 0 and K' { ~K 2 In 
this case, we can simplify the rate to: 


ke 0 S x 
K 21 + S x 


(5.8.2.10) 


5.8.3 Reaction Mechanism with Competitive Inhibition 

Generally inhibitors are competitive or noncompetitive with substrates. In competitive in¬ 
hibition, the interaction of the enzyme with the substrate and competitive inhibitor instead of 
the substrate can be analyzed with the sequence of reactions taking place; as a result, a com¬ 
plex of the enzyme—inhibitor (El) is formed. The reaction sets at equilibrium and the final 
step shows the product is formed. The enzyme must get free, but the enzyme attached to 
the inhibitor does not have any chance to dissociate from the El complex. The El formed is 
not available for conversion of substrate; free enzymes are responsible for that conversion. 
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The presence of inhibitor can cause the reaction rate to be slower than the ordinary reaction, 
in the absence of the inhibitor. The sequence of reaction mechanisms is: 

E + S^ES, K s (5.8.3.1) 

E+I^EI, Ki (5.8.3.2) 

where K s and fC, are dissociations for the Michaelis—Menten rate constant and the inhibition 
constant, respectively: 

ES^E + P (5.8.3.3) 

The total enzyme concentration is the sum of all enzymes as free, and those conjugated as 
ES and El: 


e 0 = E + ES + El 


(5.8.3.4) 


The reaction rate model is based on total enzyme, substrate, and inhibitor concentrations. 


ke 0 S 

u = - 

S + K s (l + -L) 


(5.8.3.5) 


Comparison of the ordinary Michaelis—Menten relation wit h Eqn (5.8.3.5) s hows that the 

inhibitor did not influence specific growth rate, u max , but the Michaelis—Menten constant was 
affected by the inhibitor and resulted in a constant, known as the apparent Michaelis 

constant. 

K7=K s (i+£) (5.8.3.6) 

where Km 1 ’ is apparent Michaelis constant. The rate constant is increased by the presence of a 
competitive inhibitor. The inhibitor causes the reaction rate to slow down. The competitive 
inhibitor can be unaffected or eliminated by increasing the substrate concentration. 


5.8.4 Noncompetitive Inhibition Rate Model 

The noncompetitive inhibitor is defined by the following sequence of reactions: 

EI + S^EIS, K s (5.8.4.1) 

ES + I^ESI, Ki (5.8.4.2) 

In such inhibition, the inhibitor and the substrate can simultaneously bind to the enzyme. 
The nature of the enzyme—inhibitor—substrate binding has resulted in a ternary complex 
defined as EIS. The K s and K, are identical to the corresponding dissociation constants. It is 
also assumed that the EIS does not react further and is unable to deliver any product P. 
The rate equation for noncompetitive inhibition, u max , is influenced: 

ke 0 S/ (l + 


v 


S + K s 


(5.8.4.3) 
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The maximum specific growth rate is retarded with noncompetitive inhibitor. The 
apparent specific growth rate, Umax, is smaller than the ordinary specific growth rate, u max . 


bp 

app _ 

max -i , i 

1 ~ Ki 

Ly ^CUUC £iWVVLiL iCILC, L/ maX . 

(5.8.4.4) 

If the complex of ESI can be dissociated to product, the rate equation would result in 

mixed competitive and noncompetitive inhibitors! 


EIS —>EI + P 

(5.8.4.5) 

s + KT 

(5.8.4.6) 

The competitive and noncompetitive inhibitors are 

easily distinguished in a 

Lineweaver—Burk plot. The competitive inhibitor intercepts 

on the 1 / u axis, whereas the 

noncompetitive inhibitor intercepts on the 1/S axis. The reaction of inhibitors with substrate 
can be assumed as a parallel reaction, whereas the undesired product is formed along with 
desired product. The reactions are shown as: 

A-+R desired 

(5.8.4.7) 

A A S undesired 

(5.8.4.8) 

Because enzyme is not shown in the reaction, we assume an elementary rate equation may 
explain the previous reactions. The simple kinetics are discussed in most fermentation tech¬ 
nology and chemical reaction engineering textbooks. 


EXAMPLE 1 


An enzyme is produced for manufacturing a sun protection lotion. Given kinetic data for the 
enzyme reaction with u max = 2.5^^, K m = 8.9 mM, and initial substrate S,- = 12 mM, what would 
be the time required for 95% conversion in a batch bioreactor? 

Solution 


/ mmol\ /3600 s\ / 1 m 3 \ 

m = \ 5 ^s~) \ h j ^ToOOtJ 

_ 8.9 mM, 12 (0.95) (12) _ 

Mch ~ 9mM/h 0h + 9 ~ 


= 9 


mmol 

hL 


4.23 h 


EXAMPLE 2 

Calculate K m and V max for given substrate concentrations and rates in Table E.2.1. The inverse 
rate and substrate concentrations are calculated in Tables E.2.1 and E.2.2. 

Solution 

Let us inverse the substrate concentration and reaction rate as shown in Tables E.2.2 and E.2.3. In 
evaluation of kinetic parameters, the double reciprocal method is used for linearization of the 
Michaelis—Menten Equation (5.7.3) (Figure E.2.1). 
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1. Use the Lineweaver—Burk plot as defined in the following relation: 


Err 


K,„ 1 




Slope = 


22500 - 10000 


= 0.077 


1.875 x 10 5 — 2.5 x 10 4 
lima, = 1.25 x 10 -4 mol r 1 min -1 

— = 0.077 

^max 

K m = 9.6 x IO -5 mol 1 _1 


(E.2.1) 


(E.2.2) 


2. Use another form of linear graphical presentation to evaluate K m and u max based on the 
following relation: 


E E max E max 


(E.2.3) 


This method tends to create a cluster of data near the origin as shown in Figure E.2.2. 


TABLE E.2.1 Substrate concentration and reaction rate 

S (mol r 1 ) 

e (mol 1 1 min 4 ) 

4.10 

X 

10 -3 

1.77 

X 

10~ 4 

9.50 

X 

10 -4 

1.73 

X 

10~ 4 

5.20 

X 

10 -4 

1.25 

X 

10~ 4 

1.03 

X 

10 -4 

1.06 

X 

10^ 4 

4.90 

X 

io -5 

8.00 

X 

io - 5 

1.06 

X 

io -5 

6.70 

X 

io - 5 

5.10 

X 

10 -6 

4.30 

X 

io - 5 


TABLE E.2.2 

The inverse substrate concentration and 
reaction rate 

1/S (1 mol -1 ) 

1/u (1 min mol -1 ) 

243.9 

5650 

1052.6 

5780 

1923.0 

8000 

9708.7 

9434 

20,408.1 

12,500 

94,339.6 

14,925 

196,078.4 

23,256 
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TABLE E.2.3 Data collected and calculated for the fate model 


S (mol 1 _1 ) 

u (mol 1 1 min ') 

S/u (min) 

u/S (min ') 

4.10 x 10~ 3 

1.77 x 

10~ 4 

23.00 

0.044 

9.50 x 10~ 4 

1.73 x 

10~ 4 

5.50 

0.182 

5.20 x 10~ 4 

1.25 x 

10~ 4 

4.20 

0.240 

1.03 x 10~ 4 

1.06 x 

10~ 4 

0.97 

1.030 

4.90 x 10~ 5 

8.00 x 

10~ 5 

0.60 

1.670 

1.06 x 10- 5 

6.70 x 

io - 5 

0.16 

6.250 

5.10 x 10~ 6 

4.30 x 

io - 5 

0.12 

8.330 



CI 22.5 - 6.0 

Sl0pe= 3x10-3 = 

5500 



Umax = 1-82 x 10 4 mol 1 1 min 1 


K m = ^-= 9.1 x 10~ 5 mold -1 
5500 

For the Eadie—Hofstee plot, both coordinates contain rates that are subjected to the greatest 
error, as indicated in Figure E.2.3. 

u 

v = U m ax L,,;— (E.2.4) 

A plot of u/S versus y is presented in Figure E.2.3 for defining slope and intercept, K m and u max , 
respectively. 



FIGURE E.2.1 Lineweaver—Burk plot. 
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S, mol/I 


FIGURE E.2.2 Linear model for the Monod rate equation with populated data at the origin. 
A linearization model is used to explain the equation of a simple straight line" : 

y = bx + a 


where 


Y^XiVi-Nxy 

E xf-Nx 2 
a — y — bx 


(E.2.5) 


(E.2.6) 

(E.2.7) 



v, mol.r’.min' 1 


FIGURE E.2.3 Eadie—Hofstee plot. 
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x, y are average values of x, and y, 

Slope of the line = J 

K n , 

K m = 6.5 x 10 -5 mol-l 1 
timax = 18 x 1CT 4 mold -1 min -1 


EXAMPLE 3 

In batch enzyme reaction kinetics, given K m = 1CT 3 M and substrate concentration So = 3 x 10 -5 M, 
after 2 min, 5% of the substrate was converted. How much of the substrate was consumed after 10,20, 
30, and 60 min? 

Solution 

For So « K m , the rate model is reduced to a first-order rate equation. The Michaelis—Menten 
rate equation is: 


The simplified first-order rate is: 


Carry out integrations: 


I^maxS 

K m + S 


= V* s 
dt 


-h ^ 

So 0 


In— = -v m t 
^0 

The concentration profile is predicted by the following equation. 

S = S 0 e~ v 

At time equal to 2 min: 


— = 1 - X E 
So 


C A = C Ao ( 1-X A ) 
S 
S„ 

o-XVl, 


= 0.95 


(E.3.1) 


(E.3.2) 


(E.3.3) 

(E.3.4) 

(E.3.5) 

(E.3.6) 

(E.3.7) 

(E.3.8) 


= 0.95 


(E.3.9) 
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Conversion: 


In 0.95 

2 

= 0.2565 min -1 

_ g -2.02565f 



_ ^ _ g-0.02565t 


For t = 10 min, X A = 1 - e~ 0 - 2565 = 0.226 or 22.6%. 

For t = 20 min, X A = 1 - e~°' O2565 (20) = 0.401 or 40.1%. 

For t = 30 min, X A = 1 - e~ ao2565 (30) = 0.5367 or 53.67%. 

For t = 60 min, X A = 1 - e^ O O2565 (60) = 0.785 or 78.5%. 
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(E.3.10) 


(E.3.11) 


EXAMPLE 4 

In a complex enzyme reaction, multiple substrate—enzyme complexes are formed. Assume the 
following reaction mechanisms are taking place in three consecutive stages: 

S + E^ESi^ESi^P + E (E.4.1) 

Develop a suitable rate expression using the Michaelis—Menten rate equation and the quasi¬ 
steady-state approximations for the intermediate complexes formed. 

Solution 


Equilibrium dissociation constants are defined as: 


K k [E][S] 

1 h [ESJ 

(E.4.2) 

v h [£Sil 

2 h [es 2 ] 

(E.4.3) 

e = k 5 [ES 2 ] 

(E.4.3) 

[ES 2 ] = ® 

(E.4.5) 

m - T 

(E.4.6) 

v = ^[ESx] = £-[. E][S] 

iV 2 A-i 1 X 2 

(£.4.7) 

The total enzyme concentration is: 


E o = E + ES. + ES2 = E+ ^ = E(l + S 

Ki K1K2 \ 

i i 

K-i + KiK 2 

) (E.4.8) 
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The final rate expression is: 


e 0 k 5 

V ~K^2 X 


E = 


e a 


K obs = K, 


!+(| 0S\ 

KiK 2 


apparent 


K-2 + 1 


k 5 e 0 
+ 1 


[S] 


k 5 e 0 [S] 


( hep \ 

Vk 2 +i J 


(• + (hw)[ s i) KlKl + (K ' + 1)|s| (gS) + [s| 


(E.4.9) 

(E.4.10) 

(E.4.11) 


(E.4.12) 


EXAMPLE 5 

Pesticide inhibition on an active enzyme has been reported, which caused enzyme activities to 
reduce. The collected data with and without inhibition are presented in Tables E.5.1 and E.5.2. 
Determine the rate model with and without inhibitor (see Table E.5.1). Also define the type of 
inhibition. 


Solution 

Plot both sets of data as a Lineweaver—Burk plot for competitive inhibition (see Figure E.5.1): 


ke 0 S 

v = - 

S + K s (l+±) 

The mechanism of the enzyme with substrate in the present of inhibitor is: 

E + S^ES 


(E.5.1) 


(E.5.2) 


TABLE E.5.1 Substrate concentration and enzymatic rate calculation with and without 
inhibition 


S (mol r 1 ) 

i) (no inhibitor) 

(mol 1 _1 min -1 x 10 6 ) 

v* (inhibitor) 

(mol l -1 min -1 x 10 6 ) 

3.30 x 10~ 4 

56 

37 

5.00 x 10~ 4 

71 

47 

6.70 x 10~ 4 

88 

61 

1.65 x 10~ 3 

129 

103 

2.21 x 10~ 3 

149 

125 
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TABLE E.5.2 Inverse substrate concentration and inverse enzymatic rate calculation with and without 
inhibition 


1/S 

(1 mol -1 ) 

v (no inhibitor) 

(mol l -1 min -1 x 10 6 ) 

1/e 

o* (inhibitor) 

(mol l -1 min -1 x 10 6 ) 

l/o* 

(1 min mol -1 ) 

3030 

56 

17,857 

37 

27,027 

2000 

71 

14,085 

47 

21,277 

1492 

88 

11,363 

61 

16,393 

606 

129 

7752 

103 

9709 

452 

149 

6711 

125 

8000 


Without inhibition: 


E + I^EI 
ES^E + P 
e 0 = E + [ ES ] + [El] 


ke 0 S _ ke 0 S 
S + K s = S + 8.4 x 10- 3 


KfP = K s 



1.5 x 1CT 3 


8.4 x 1CT 4 



^ = 0.786 

k 


(E.5.3) 

(E.5.4) 

(E.5.5) 


(E.5.6) 

(E.5.7) 

(E.5.8) 

(E.5.9) 



FIGURE E.5.1 Competitive 
inhibition based on the 
Lineweaver—Burk model. 
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Plug in a number: 


10 


0.786 0.786 


= 1.73 x 10 _3 jU 


88 x 10~ 6 = 


61 x 10“ 6 = 


ke 0 x 6.7 x 10 4 
6.7 x 10- 4 + 8.4x 10- 3 
ke 0 = 1.2 x 10~ 3 min -1 

1.2 x 10~ 3 x 6.7 x 10~ 4 


6.7 x 10" 4 + 8.4 x 10 - 3 (i + t) 


= 0.49 


The reading from the plot for the rate without inhibition: 

(18 - 5) x 10 3 

Slope : v --7-- = 4.2 

^ 3100 


For the data plotted with inhibition: 


(27 - 5) x 10 3 „ „ 

Slope : 3 -- = 7.3 


3000 


K 2 


= 4.2 


K s = 8.4 x 10' 4 mol 1 1 
Emax = 2 x 10- 4 mol min -1 

Based on the graphical presentation, this is a competitive inhibition. 


(E.510) 


(E.5.11) 


(E.5.12) 

(E.5.13) 


EXAMPLE 6 

The RQ is often used to estimate metabolic stoichiometry. Using quasi-steady-state and by defi¬ 
nition of RQ, develop a system of two linear equations with two unknowns by solving a matrix under 
the following conditions: the coefficient of the matrix with yeast growth (y = 4.14), ammonia 
(YN = 0)/ and glucose (ys = 4.0), where the evolution of CO 2 and biosynthesis are very small 
(o' = 0.095). Calculate the stoichiometric coefficient for RQ = 1.0 for the previous biological processes. 


Solution 

At a quasi-steady-state condition: 


d[NADH + H + ] 


Us 

2 


x a — 2b — 


1 

2 


u s 


U s (l + a) 


S 

- X V N 

n 


= 0 


dt 


(E.6.1) 
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RQ = 


moles of CO 2 a + a 
moles of O 2 b 


) 2 2 

I 

Vb ~ V S (1 + 5) - V N 

n 

l a - b(RQ) = 

—0 


The mathematical solution for this system is set as given by the following matrix: 


~V S 

2 

—2 

'a' 


_ 1 

-(RQ). 

b 



1 

2 

—0 


- v b -v s [1 + <t) ~-v N 


At a singular point, let: 



Li -(RQ )J 

-(*Q)g)-(- 2)(i) = 0 



For anaerobic fermentation, ug = 4 then RQ = 1.0. 


2 -2 ■ 

'a' 


I [ 4.14 - 4(1 + 0.095) - 0 ] 


'- 0.12 ' 

1 -1.05. 

_b. 


-0.095 


.-0.095. 


a = 0.64, b = 0.7 


'2 

-2 ' 

'a' 


■- 0.12 ■ 

.1 

-1.05. 

_b. 


.-0.095. 


a = 0.52, b = 0.58 
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(E.6.2) 

(E.6.3) 

(E.6.4) 

(E.6.5) 

(E. 6 . 6 ) 

(E.6.7) 


(E. 6 . 8 ) 

(E.6.9) 


Increasing RQ with very small changes causes, the constants a and b to change in the reaction. 


EXAMPLE 7 

For single- and multiple-substrate kinetics, single-substrate glucose, 30 g l -1 and dual substrates 
glucose and lactose with each carbohydrate at a concentration of 15 g 1 1 or total. 

A carbohydrate concentration of 30 g I 1 was used in sterilized media (Table E.7.1). The cell OD 
was measured at wavelength 420 nm. The following data for single and double substrates were 
obtained. If OD is linear in cell density with a value of 0.175 equal to 0.1 mg cell dry weight per 
milliliter, evaluate the specific growth rate, lag phase, and yield of biomass. 
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TABLE E.7.1 Optical density (OD) for single and double substrates 


Time (h) 

OD (single) 

OD (double) 

Time (h) 

OD (single) 

OD (double) 

0.0 

0.05 

0.05 

4.5 

0.89 

0.44 

0.5 

0.08 

0.06 

5.0 

1.05 

0.49 

1.0 

0.11 

0.07 

5.5 

1.05 

0.51 

1.5 

0.14 

0.08 

6.0 

1.06 

0.53 

2.0 

0.20 

0.10 

6.5 

1.06 

0.61 

2.5 

0.27 

0.14 

7.0 

1.08 

0.85 

3.0 

0.38 

0.19 

7.5 

1.08 

1.04 

3.5 

0.50 

0.27 

8.0 

1.08 

1.04 

4.0 

0.71 

0.33 

- 

- 

- 


flag = 1 h for dual substrate, 
flag = 0 for single substrate. 

Solution 


For f = 5 h: 


1 dn 

n dt ^ 

N{t) = No e^‘ 


(ori) (L05) ' N(S| 


/0.005V 
\0.175 J 


1.05 = 0.05e SM " 


In 21 = 5fi m 
fi m = 0.609 h 1 


N(0) = 0.05 


/0.1 g dry cell\ 
V 0.175 ) 


0.005 

0.175 


fj. m = 0.61 h 1 for single substrate (Figure E7.1) 


For t = 8 h: 


Therefore, yield is: 



/i m = 0.38 h 1 for double substrate 


Y = 


d-04) [^] 


0.02 


(E.7.1) 

(E.7.2) 


(E.7.3) 


30 
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■o 

"5 

o 


FIGURE E.7.1 Single and double substrate growth model. 


The shape of dual substrates with the same total concentration of sugar and lactic acid shows 
two stages such as stepwise utilization of dual substrates has taken place in the cells. 

Multiple lag phases were observed in Figure E.7.1 when the medium contained multiple carbon 
sources. This phenomenon is known as diauxic growth, which is caused by shifting in the metabolic 
pathway of the cell using glucose and lactose. After one source of carbon as substrate is exhausted 
(glucose), the cell diverts metabolisms from one source to another source of energy supply. After 6 h 
of fermentation, the second substrate—in this case, lactose—is used for energy supply. The most 
possible explanation is known as catabolic repression; such a phenomenon is used for synthesis of 
cell secondary metabolites. 


EXAMPLE 8 

Monod kinetics are considered in a CSTR with an organism growing with an initial substrate 
concentration of 50 g U 1 and kinetic parameters of K s = 2 g l -1 and n max = 0.5 h _1 . (1) What would 
be the maximum dilution rate for 100% yield of biomass with maximum rate? (2) If the same 
dilution is used, what would be number of CSTRs in series? 



Solution 

1 . 


E\n ax Mmax 


(E.8.1) 
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= (0.5 h' 1 ) x 


= 0.402 h 


1 - 


2 

2 + 50 


(E.8.2) 


2. For the first tank, use Eqn (5.7.7.5), obtained from the steady-state condition, then solve for 
substrate concentration profile. The outlet substrate concentration was calculated as: 


Si = 


DK S 


__X D 

(0.402)(2) 
~~ 0.5 - 0.402 

= 8.2 g-r 1 


(E.8.3) 


Biomass concentration is obtained from definition as substrate is utilized; it is converted to cells 
or biomass: 


X = Y x/s (S,-„-S 0Uf ) (E.8.4) 

Now substitute the outlet concentration of substrate, resulting in the following equation: 

DK S ' 

Ahnax St 

(0.402) (2)' 


Xi = Y 


So — 


Xi = ( 1 ) 


50 — 


= 4i.8 g-r 1 


0.5 - 0.402 

For the subsequent tanks, use the steady-state mass balance on substrate: 


(E.8.5) 


D(Sfeed ~ S) — — -/iX = 0 

*X/S 

(E.8.6) 

°( si -v-Y^f:i s) = o 

(E.8.7) 

x 2 - Xi = Y(Si - S 2 ) 

(E.8.8) 

x 2 = Xi + Y(Si - S 2 ) 

(E.8.9) 

n/c C \ MmaxS 2 [Xl + Y(Sl - S 2 )] 

D(Sl S2) Y(S 2 + K s ) =0 

(E.8.10) 

Solve for substrate concentration: 


D(Y)(Si - S 2 )(S 2 + Kg) = M ma xS 2 [Xi + Y(S a - S 2 )] 

(E.8.11) 

(0.402)(1)(8.2 — S 2 ) = 0.5(S 2 )[X 1 + Y(8.2-S 2 )] 

(E.8.12) 

(0.5)S^ + 22.51S 2 -6.6 = 0 

(E.8.13) 


Solving the quadratic equation, the meaningful substrate concentration is: 

S 2 = 0.29 g r 1 
N = two tanks 
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EXAMPLE 9 

For the design of a CSTR with inhibition, consider the following rate is valid for a CSTR as a 
fermentation vessel. 

Given the following data: 

Initial substrate concentration, So = 10 g I 1 
Inlet cell concentration for sterile media, Xo = 0. 

The rate constant, Ks = 1 g l -1 

The inhibitory constant, X; = 0.01 g I 1 

The inhibitor concentration, [I] = 0.05 g l -1 

The /u max = 0.5 h _1 and yield of biomass on substrate Y X /s = 0-1 g cells/g substrate. 

Solution 

The rate model with inhibition is given by Eqn (5.83.5). 

Mmax^X 


rx = 


K$ 4- S + y. Ks 


D = fj, = 


Mmax^ 


S + K s (l + i) 


Xq = 0 for sterile feed. 


X = Y x/s (S„ - S) 


(E.9.1) 

(E.9.2) 

(E.9.3) 


Rearrangement of the rate model and the equation is solved for substrate S: 

DX S + DK S (T) 


S = 


Mmax - D 


(E.9.4) 


With defined values of inhibition concentration, rate constant, and given dilution rate, the 
substrate concentration is calculated based on Eqn (E.9.4). The tabulated data are given in 

Table E.9.1. 

For substrate ratio with no inhibition and with inhibition, the following equation is simplified. 


D Ks 

Si 


1 


DK s +DK s (i) l+(ji) 


(E.9.5) 


t/W-D) 

Cell productivity can be achieved by multiplying Eqn (E.9.2) to X: 


DX = nX = 


MmaxS[ Y X/s(Sa ~ Sj)} 

Si + Ks ^1 + jrJ 


The rate equation without inhibition is: 


(DX), = 


Mmax^i 

Si + K s 


(E.9.6) 


(E.9.7) 
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TABLE E.9.1 Dilution rate, substrate concentration, cell dry weight, and productivity in a CSTR with and 
without inhibition 


D (h” 1 ) 

U 1 

= OgW 1 

[I] = 

o.o5 g r 1 

xd (g r 

1 h- 1 ) 

s (g r 1 ) 

X (g r 1 ) 

s (g r 1 ) 

x ( g r 1 ) 

i = 0 

i = 0.05 

0.05 

0.11 

0.99 

0.67 

0.93 

0.0495 

0.0465 

0.10 

0.25 

0.98 

1.50 

0.85 

0.0980 

0.0850 

0.15 

0.43 

0.96 

2.57 

0.74 

0.1290 

0.1110 

0.20 

0.67 

0.93 

4.00 

0.60 

0.1860 

0.1200 

0.25 

1.00 

0.90 

6.00 

0.40 

0.2250 

0.1000 

0.30 

1.50 

0.85 

9.00 

0.10 

0.2550 

0.0300 

0.35 

2.33 

0.77 

- 

- 

0.2700 

- 

0.40 

4.00 

0.60 

- 

- 

0.2400 

- 

0.45 

9.00 

0.10 

- 

- 

0.0450 

- 


XD 



Si + Ks ^1 + jrj 


K s + S 


(E.9.8) 


For the special case, the equation without any inhibition the maximum dilution rate is: 


D m ax tOr 


1- 


K s 


So + Ks 


The maximum dilution rate with inhibition is: 


D m ax Mn 


K, 


( 1 + i) 


i - --— 

\ So+Ks^ 1 + ^) 


Given inhibition concentration as [I] = X/10. 
Without inhibition (Figures E.9.1—E.9. 3): 


Umax — 


With inhibition (Figures E.9.1— E.9.3): 


Umax - 


S 0 + K s 

MmaxSo 


So + Ks ^1 + jr^J 


(E.9.9) 


(E.9.10) 


(E.9.11) 


(E.9.12) 

























x, g/l S, mol/l 
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FIGURE E.9.1 Substrate concen¬ 
tration versus dilution rate in a CSTR 
bioreactor. 



FIGURE E.9.2 Cell dry weight 
concentration versus dilution rate in a 
CSTR bioreactor. 


D = 


S 


Mmax^ 

s + K s(i + m;) 
_ dk s ( i + 3 |) 

M max - D 


_Mmax*-*_ 

S + K s ( l + «) 

DX s (l+M) 

Mmax - D 


XD = DY(So - S) 


(E.9.13) 


(E.9.14) 

(E.9.15) 
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FIGURE E.9.3 Productivity 
versus dilution rate in a CSTR 
bioreactor. 



EXAMPLE 10 

Microbial growth was discovered with replication of each cell to three daughter cells. With the 
growth data, define the mean time for the cell divisions. Table E.10.1 shows the cell dry weight 
increases with culture incubation time. 

Solution 


1 dX 

X It ~ M 

Because the population triples: 

M ce ll = 3M ce ll,0 

X = Xoe-"' 

Then, generation time would be: 

t 1, 3X 0 In 3 

t = -In— = - 

M X 0 n 

Table E.10.2 gives natural logarithm of cell dry weight. 

The previous data are plotted in Figure E.10.1. 

Thus, the generation time can be calculated from the slope of Figure E.10.1. 


(E.10.1) 

(E.10.2) 

(E.10.3) 

(E.10.4) 
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TABLE E.10.1 Microbial growth in a batch fermentation bioreactor 

Time (h) 0.00 0.50 1.00 1.50 

Cell dry weight (g l -1 ) 0.09 0.15 0.25 0.35 
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2.0 

0.55 


TABLE E.10.2 

Natural logarithm of the cell 
dry weight concentration 

T 

In X 

0.0 

-2.303 

0.5 

-1.900 

1.0 

-1.470 

1.5 

-1.080 

2.0 

-0.670 


CD 

* 

c 



FIGURE E.10.1 Plot of natural 
logarithm of the cell dry weight 
concentration versus time in the 
batch bioreactor fermentation. 


EXAMPLE 11 

For enzymatic reaction, kinetic data may lead to fitting experimental data for projection of 
suitable rate model. It was proposed to apply Eadie—Hofstee model for the given data in Table 
E.ll.l. Determine kinetic constants for the given data. 











5. GROWTH KINETICS 


172 

TABLE E.ll.l Given and calculated kinetic data for rate model 


C s , Substrate concentration (g 1 1 ) 

r. Rate (g (1 h)” 1 ) 

r/C s (h” 1 ) 

10 

2.6 

0.26 

16.8 

3.2 

0.19 

27.7 

3.6 

0.13 

32.2 

3.7 

0.115 

43.3 

3.9 

0.09 

50 

4.0 

0.08 

66.1 

4.3 

0.065 


The rate equation for Eadie—Hofstee model is stated as follows: 


C s . 


(E.ll.l) 


Solution 

The plotted data for rate versus r /Cs resulted in a straight line because the slope is — K m an 
intercept is V max . This is known as Eadie—Hofstee plot. However, the inverse rate may approach 
infinity as substrate concentration decreases, which gives inconsistent measurements. From the 
plotted data, the value of V max is 4.25 g (1 h) _1 and the slope of the fitted data is defined as 
K m = 15.74 g l' 1 (Figure E.ll.l). 

FIGURE E.ll.l Eadie—Hofstee 4.4 

plot rate versus rate-to-substrate 
ratio. 4.2 

4.0 

3.8 

3.6 

'.c 

T_ 3.4 

CD 

■- 3.2 

3.0 

2.8 

2.6 

2.4 

0.05 0.10 0.15 0.20 0.25 0.30 

r/C s (IT 1 ) 
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5.9 UNSTRUCTURED KINETIC MODEL 


Before discussing the principal concepts of kinetic model for growth, one has to know the 
precise application of each model, the potential to predict for special cases or use in projection 
of suitable bioreactor design, or sizing for production of desired product. 

Generally, media consist of essential nutrients that are directly affecting on microbial cell 
growth. In fact, extensive research papers are tied up with media optimization and parame¬ 
ters to enhance cell cultivation in fermentation broth. About medium composition, for this 
topic special attention paid and detail is discussed in Chapter 9. 

The simple relation in batch culture is defined by the rate cell production as a function of 
cell concentration. 


It = /(X) (5 - 91) 

Malthus has defined the nature of biomass production as a linear function of cell concen¬ 
tration with proportionality constant of fi stated here: 

/(X) = fiX (5.9.2) 

Where fi is a specific growth rate and acts as a constant and X is cell concentration. Sub¬ 
stitute the previously function in Malthus expression; then carry integration: 


x t 

( dX f , 

J ^ = f, r‘ 

X 0 o (5.9.3) 

ln-^- = /it or X = X 0 e Mf 
Xo 

The cell concentration profile is prefect prediction for exponential phase, whereas the lag 
and stationary phases were ignored. In another rate model, inhibition term is incorporated; as 
the mode is shown inhibition has prevented cell growth or has negative impact on growth 
rate. That is Riccati equation: 


1 dX 

- — = k(l - 0X) for I.C. X(0) = X 0 (5.9.4) 

Rearrange the above expression by separation of variables, partial fraction, and then inte¬ 
gration results in the Logistic model: 


x 


Xo 


dX 

X(1 - /3X) 


x x 



X 0 Xq 


/3dX 
1 - 0X 


t 


o 


kdt 


In 



+ In 


A - AQA 

V 1 - 0X ) 



A - px 0 \ 

V i -px) 


X(1 - dXo) _ kt 
X 0 (l - 0X) 


= kt or 


(5.9.5) 
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Now solve for X: 


X Q e kt 

1 - 0X O (1 - e k >) 


(5.9.6) 


Where (5 = Xq/X ih is constant and is a ratio of initial cell density and maximum cell mass. 
This equation represent a sigmoidal curve leads to stationary phase at t = k and X$ = 1 //3; at 
this point, the curve is shifting the shape of concave up to concave downward similar to "S" 
shape curve. Application of the Logistic model for inhibitory effect is explained exactly when 
toxin is generated by microorganism. The rate of toxin production is proportional to the cell 
growth rate. 


dC t 
dt 
C, - 



cm 


a(X - Xq) 


= 0 


When the mass initial cell concentration is dCf/dt = qX, then: 


(5.9.7) 


a- = q x (5.9.8) 

Separate variables and then result in similar expression as the Logistic model: 

^ = iX = kX( 1 - 0X) (5.9.9) 

dt a 

Another unstructured model that leads to prediction of the stationary phase would be at 
the condition of nutrient exhaustion, in which it is assumed constant yield as nutrients and 
cell mass are balanced. Such a case for bacterial or yeast inhibited by product or having a vol¬ 
atile product such as a high concentration of acetone and ethanol, the cell growth would be 
enhanced by the removal of product either by evaporative or extractive distillation; similar 
principles are applied in a membrane bioreactor for ethanol and lactic acid productions. 
Very promising results were obtained in a membrane bioreactor for instant removal of 
ethanol and lactic acid. Such a technique can remove product inhibition. The Logistic model 
is not able to predict death or declined phase. A model developed by Italian mathematician 
Volterra explains the death phase stated as follows: 

f 

/(X) = fiX + j k(t, r)X(r)dr (5.9.10) 

0 

Where t and r are variables involved in terms of physical expansion with respect to cell 
growth. Volterra has extended the Verlhurst model by multiplication of a term that influ¬ 
enced cell population resulted in a growth rate as follows: 

t 

dX f 

— = kX(l - 0X) + k 0 / X(r)dr ; I.C. X(0) = X 0 (5.9.11) 

o 
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The influential term would be concentration of components as nutrients in a culture me¬ 
dium as shown here: 

— = *(f)X(f) I.C. C(0) = 0 (5.9.12) 

When the value of k 0 is positive, the nutrient components promoting cell growth rate, 
whereas for negative value decline in cell concentration, inhibition significantly affects cell 
growth rate. The advantages of unstructured model is the equation has no capability to 
explain the lag phase and has no detail information on significant term to define influential 
parameter affecting on cell growth. The model is unable to give insight of the growth mech¬ 
anisms or unable to explore the stepwise biochemical reaction to clarify the pathway of 
growing cells. 

It is well understood that there is strong relations between substrate and specific growth 
rate. In continuous culture, the rate of utilization of substrate is balanced with specific growth 
rate: 


/iX = D(Si - S f ) 


Mnvix^X 

K s + S 


(5.9.13) 


Compared with growth curve based on type of carbon and nitrogen sources; the trends are 
quite similar, whereas the rate can be in different scales. Based on the definition for cell mass 
incorporated in yield calculation, the biomass balance is stated as follows: 


MX — DY X /s(Si„ — Souf) 

_ Mmax^X 

dt ~ K s + S 


(5.9.14) 


Because the feed is in sterile condition, it does not contain any cell; the biomass balance in 
the bioreactor leads to the following equation while in a steady-state condition: 

fi = D 

M max^X _ 

(5.9.15) 


D(S 0 - S) - 


Yx 


X = 


x/s (Ks + S ) 
Yx /s D(So-S)(X s + S) 

Mmax^ 


Other related rate models for specific growth rate are known as Monod, Tessier, Moser, 
Andrews, and Contois are often used for projection of cell growth in fermentation broth. 
Monod rate equation demonstrates cultivation with substrate limitation, whereas some lim¬ 
itations exist. Andrews described a rate model while taking into account substrate inhibition. 
This model was designed to resolve the existing limitation in Monod rate equation. Tables 
5.1—5.4 categorized several useful unstructured models in all of these models effective vari¬ 
ables such as substrate, biomass, and product concentrations are involved. Based on effective 
variables on rate model all are divided in five groups. Therefore we would identify them as 
substrate or product dependent because the concentrations of substrate and or product are 
appeared in the proposed model. 
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Tessier and Moser models for growth represent algebraic solutions that are more compli¬ 
cated than the Monod rate equation. The Contois model is somehow similar to Monod rate, 
except it has an apparent Michaelis constant that is proportional to biomass concentration (X). 
In fact, from the simplified model, one can conclude that specific growth rate is proportional 
to inverse concentration of biomass (paX -1 ). The specific growth rate may be inhibited by me¬ 
dium composition such as high substrate concentration or product formed. A rate model with 
substrate inhibition was proposed by Haldane as a second-order substrate inhibition affected 
on growth represented by the following equation: 


M = 


K s + S + S 2 /kj 


(5.9.16) 


The kinetic model developed by Hinshelwood was adopted for ethanol fermentation to 
describe cell growth and product inhibition. The equation looks like the Monod rate model 
was slightly modified by multiplying a correction factor influenced by ethanol concentration 
as product term: 


M Mmax 




(5.9.17) 


TABLE 5.1 Unstructured rate model depending on a substrate concentration 


Kinetic model 


Rate equation 


Mm,ix5 

K s + S 


Description 


Monod 

Tessier 

Moser 

Ming 

Andrews and 
Haldane 

Chen and 
Hashimoto 

Yue 


jit = 


M = 


Ks + S'* 

MmaxS 2 

Ks + S 2 


= /C m ax(l +K S S~ l y 


M = 


M = 


f 1 = 


K s + S + S 2 /k, 

Mmaxt 1 


Mrnax^ 


k(S 0 -S) + S kS 0 + S(1 - k) 


Simple model as a base is selected 

The growth rate is very sensitive to a low 
substrate concentration 

A model that strongly depends on a 
substrate 

This is a special case of Moser when 
A = 2 

This model incorporated inhibition term 


These two models have slightly 
differences on 

apparent saturation constant 


K s + S + k(S 0 -S) K$ + kS 0 + S(1 — k) 


TABLE 5.2 

Unstructured rate model depending on 

either on a cell and/or substrate concentration or both 

Kinetic model 

Rate equation 

Description 

Verlhurst 

M = ^max[l-^J 

Growth rate is related to biomass concentration 

Contois 

Mmax^ 

M ~~ px + s 

Saturation term is a function of biomass concentration 

Stanislas 

fi = k\S — kjX 

Rate is linear function of substrate and biomass 
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TABLE 5.3 


Kinetic model 


Aiba 


Unstructured rate model depending on product concentration 


Rate equation Description 

ft = ix max e~ klF Specific rate is inversely incorporated with product 

concentration. 


Jerusaliwski 


Hagglund 


max K P + P 
P 


M = M, 

I 1 — KpfJ. max 

fl = fcj — hi, 


Kp + P 
P 


k'+P 


The model is similar to Monod rate except instead of 
substrate and product concentration is used. 

Linear plus Monod style with product concentration. 


Westerhoff 

Herbert 


H = a + b In S 

M = G“max + m) 


K s + S. 


Linear model with log function of substrate. 

Apparent maximum specific growth rate with additional 
correction terms. 


TABLE 5.4 Unstructured rate model depending on substrate and product concentration 


Kinetic 

model Rate equation Description 


Aiba n 

Hinshelwood n 

Hansford n 

Ghose and n 

Tyagi 

Jin M 

Severly n 


max Ks+S 


-hr 


max ' Kg + S 
S 


1 _ p 

Pm 


Prr 


Kp 


K s + Sj \Kp + y x / S (S 0 - S) 


K s + S + S 2 /k, 
S 


'-E 


Mi 


max K s + S 
f Mmax 1 ^ A 


\Ks + SJ \k P + P 


e -(h P+k 2 S) 
kp 




In conjunction with Monod rate correction term applied by 
the use of product concentration. 

Monod rate is corrected with product inhibition. 


The model incorporated substrate and product inhibition. 


Substrate and product inhibitions are incorporated in Monod 
rate. 

Both product and substrate are applied in exponential 
function for correction of Monod rate. 

Monod rate with product inhibition rate model. 


Dourado 


M 


K s + S + S 2 /k, 


( kp ) 

1 P 1 

\kp + Pj 

. Pl 


Similar to the Severly model, but substrate inhibition is 
incorporated. 


Where jt is the specific growth rate, /r max is the maximum specific growth rate of biomass. 
Kg is the substrate affinity or saturated constant, and P m is the maximum concentration of 
ethanol may cause inhibition and reduce cell growth rate. Also, in ethanol fermentation, in¬ 
hibition may be due to high product and substrate concentrations. The following model may 
be useful for rate equation, which is very close to the Severly model. 

f PmaxS \ ( K P \ 

\Ki + Sj \K P + Pj 


P = 


(5.9.18) 
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The Hansford model incorporated substrate and product inhibition, whereas as the correc¬ 
tion term was applied on the Monod rate equation. In continuous culture of Saccharomyces 
cerevisiae for ethanol fermentation, high glucose concentration (200 g I ') was used. The 
following model proposed by Hansford for ethanol production with inhibition was success¬ 
fully applied. 


{ MmaxS \ ( _ Kp _ 

\K S + SJ \K P + Y X /s(So — S) 


(5.9.19) 


The model for multiple substrates is introduced by multiplication of concentrations of dual 
substrates. The projected model is stated as follows: 


(—) (—) 

\K\ + SJ\K 2 + S) 


(5.9.20) 


Deviation from exponential growth phase may occur at any time when significant amount 
of nutrients were used or toxin concentration developed in the media. In that case, the 
maximum specific growth rate was no longer valid. To demonstrate the analysis of such 
an event, the rate of toxin formation is defined as the rate of nutrient composition is propor¬ 
tional to mass of cell until a stationary phase is reached. The rate of formation of toxin is: 

j t = ~k a X (5.9.21) 

Based on mass balance, «o = ^ (Xg — Xq); the exponential growth is defined as X = Xoe^; 
if the substrate concentration is defined as X$ = Xo + / a o where Xs is depend on initial 
nutrient level. If toxin concentration is accumulated causes slow growth. 

= kX[ 1 —/(toxin concentration )] (5.9.22) 

Where toxin may linearly decrease with growth rate. 

i ay 

xli = k{l ~ bCt) < 5 ' 9 - 23 ) 


Where Cf represents toxin concentration and b is constant. It was assumed that toxin pro¬ 
duction is dependent on cell biomass concentration as stated here: 


dC t 

dt 


qX 


C t = qj Xdt ; I.C.: t = 0, C f = 0 

o 


(5.9.24) 


Now substitute toxin concentration into the previous equation for a result of the biomass 
concentration: 


d § = k x (l-bq 


Xdt 


(5.9.25) 







NOMENCLATURE 

The effective specific growth rate is 

^= * 1 * x^ = k ( y 1 - b ‘ij xd ‘) 

When cell growth is halted, that means = 0; then: 

Xdt |=0; y = J Xdt 

/ o 

When Cf = 1/b, then dX/dt = 0; this means constant biomass. Also, it means that the toxi- 
cated medium has to be diluted with nontoxicated nutrients. If the growth is halted due to 
decrease or exhaustion of nutrients; then dilution with a non-nutrient does not improve 
the growth. For the death phase projection is defined as follows: 

X = X 0 e~ kit (5.9.27) 
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(5.9.26) 


NOMENCLATURE 


H Specific growth rate, h _1 

Mmax Maximum specific growth rate, h _1 

Pceii Cell density, g I 1 

v Specific growth rate constant, g 1 1 h _1 

C,- Molar concentration of component i, g I 1 

Cif Molar concentration in feed, g I 1 

D or FIV Dilution rate, h _1 

F Flow rate, h _1 

i Inhibition concentration, g 1 1 

&2 Rate constant for forward, h _1 

k -2 Rate constant for backward, h _1 

K?J? P Apparent Michaelis constant, g I 1 

FQf Specific death rate, h _1 

Ki Inhibition constant, g 1 1 

Kg Saturation or Monod constant g I 1 

rfl Rate of product formation, g I 1 h _1 

S Substrate concentration, g I 1 

V R Culture volume, m 3 * S 

V Working volume of the bioreactor, 1 

X Cell concentration, g I 1 

Xo Initial biomass concentration, g 1 1 

ymax Apparent maximum specific growth rate constant, h _1 
Yp/s Yield of product 
Yx/s Yield of biomass 
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SUBCHAPTER 


5.11 


Case Study: Enzyme Kinetic Models for Resolution of 
Racemic Ibuprofen Esters in a Membrane Reactor 


5.11.1 INTRODUCTION 


In this case study, an enzymatic hydrolysis reaction, the racemic ibuprofen ester, 

i.e., (R)- and (S)-ibuprofen esters in equimolar mixture, undergoes a kinetic resolution 
in a biphasic enzymatic membrane reactor (EMR). In kinetic resolution, the two enantio¬ 
mers react at different rates; lipase originated from Candida rngosa shows a greater stereo¬ 
preference toward the (S)-enantiomer. The membrane module consisted of multiple 
bundles of polymeric hydrophilic hollow fiber. The membrane separated the two immis¬ 
cible phases (i.e., organic in the shell side and aqueous in the lumen). Racemic substrate in 
the organic phase enacted with immobilized enzyme on the membrane where the hydro¬ 
lysis reaction took place, and the product (S)-ibuprofen acid was extracted into the 
aqueous phase. 

In this case study, the kinetic behavior of the immobilized system was analyzed while the 
following parameters were taken into account: 

1. the rate equations for native enzymes and immobilized enzymes are not necessarily the 
same because of microenvironment and shear stress effects; 

2. within the reaction layer, the substrate should diffuse, then mass transfer and enzymatic 
reaction occur simultaneously, giving rise to substrate concentration profiles at levels 
lower than the feed concentration; and 

3. external mass transfer resistances have to be taken into account, depending on the oper¬ 
ating conditions and the reactor configuration. 

The values of the Michaelis—Menten kinetic parameters, Umax and K„ p characterize the ki¬ 
netic expression for the microenvironment within the porous structure. Kinetic analyses of 
the immobilized lipase in the membrane reactor were performed because the kinetic param¬ 
eters cannot be assumed to be the same values as for the native enzymes. 


This chapter was written with contributions from: 

Wei Sing Long, Institute of Thermodynamics, Helmut-Schmidt University, Hamburg, Germany; 
Azlina Harun Kamaruddin, Subash Bhatia, School of Chemical Engineering, Engineering Campus, 
Universiti Sains Malaysia, 14300 Nibong Tebal, Pulau Pinang, Malaysia. 
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(S)-2-ethoxyethyl-ibuprofen ester 


COOH 




2-ethoxyethanol 



(R)-2-ethoxyethyl-ibuprofen ester 



CRL, H 2 0 


(R)-ibuprofen acid 


+ 



2-ethoxyethanol 


FIGURE 5.14 Lipase-catalysed hydrolysis of racemic ibuprofen ester. CRL, Candida rugosa lipase. 


The reaction under investigation is the enzymatic hydrolysis of racemic ethoxyethylibupro- 
fen ester. The (R)-ester is not active in the above reaction, thus simplifying the reaction mech¬ 
anism, as shown in Figure 5.14. Because both enantiomers are converted according to first- 
order kinetics, the conversion of one enantiomer is independent of the conversion of the other. 

5.11.2 ENZYME KINETICS 


The initial reaction rate (u 0 ) obtained from each substrate concentration was fitted to 
Michaelis—Menten kinetics using enzyme kinetics. Pro (EKP) Software (ChemSW product, 
Singapore) was obtained for estimates V max and K m of free lipase reaction and V^[ x and 
Kw' 1 ’ and for immobilized lipase reaction. Hanes—Woolf and Simplex methods were used 
for the evaluation of kinetic parameters owing to their strength in error handling when exper¬ 
imental data are subject to random errors. 

5.11.2.1 Substrate and Product Inhibitions Analyses 

Substrate and product inhibitions analyses involved considerations of competitive, un¬ 
competitive, noncompetitive, and mixed inhibition models. The kinetic studies of the enantio¬ 
meric hydrolysis reaction in the membrane reactor included inhibition effects by substrate 
(ibuprofen ester) and product (2-ethoxyethanol) while varying substrate concentration 
(5—50 mmol l -1 ). The initial reaction rate obtained from experimental data was used in the 
primary (Hanes—Woolf plot) and secondary plots (1/V m ax versus inhibitor concentration), 
which gave estimates of substrate inhibition (Kjg) and product inhibition constants (fC/p). 
The inhibitor constant (Kjg or Kjp) is a measure of enzyme—inhibitor affinity. It is the disso¬ 
ciation constant of the enzyme—inhibitor complex. 

Table 5.5 presents the intrinsic kinetic parameters ( K m and V max ) for the free lipase system 
and apparent kinetic parameters (K^ p andV^ x ) for the immobilized lipase in the EMR using 
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TABLE 5.5 Kinetic parameters for enzymatic membrane reactor (EMR) and free lipase system 

EMR Free lipase system 

Vmax (mmol l -1 h -1 ) K m (mmol l -1 ) V max (mmol 1 _1 h _1 ) K,„ (mmol 1 _1 ) 

3.27 36.47 2.83 63.43 


fixed 2 g 1 1 lipase concentration. The immobilized lipase showed higher maximum apparent 
reaction rate and greater enzyme—substrate ( ES) affinity compared with free lipase. 

5.11.2.2 Substrate Inhibition Study 

The inhibition analyses were examined differently for free lipase in a batch and immobi¬ 
lized lipase in membrane reactor system. Figure 5.15 shows the kinetics plot for substrate in¬ 
hibition of the free lipase in the batch system, where [S] is the concentration of (S)-ibuprofen 
ester in isooctane and u 0 is the initial reaction rate for (S)-ester conversion. The data for immo¬ 
bilized lipase are shown in Figure 5.16; that is, the kinetics plot for substrate inhibition for 
immobilized lipase in the EMR system. The Hanes—Woolf plots in both systems show similar 
trends for substrate inhibition. The graphical presentation of rate curves for immobilized 
lipase shows higher values compared with free enzymes. The value for the maximum specific 
growth rate in the immobilized enzyme reactor was 15% higher than the free enzyme system. 
The fQs values calculated by EKP software are presented in Table 5.6. The inhibition constant 
( Kis ) in EMR was 49.52 mmol I 1 , higher than the value obtained in batch system 
(43.07 mmol l -1 ). 



FIGURE 5.15 Substrate inhibition plots for batch system with top left comer showing the concentration of 
substrate inhibitor designated by [S*] (left: Hanes-Woolf; right: curve fit). 
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FIGURE 5.16 Substrate inhibition plots for enzymatic membrane reactor system with top left corner showing the 
concentration of substrate inhibitor designated by [S*] (left: Hanes-Woolf; right: curve fit). 


TABLE 5.6 value for free lipase and enzymatic membrane reactor (EMR) 



Inhibition 

K IS (mmol 1 5 

Free lipase 

Uncompetitive 

43.07 

EMR 

Uncompetitive 

49.52 


ESS* 

/ 

K\s / 

S* 

K m + k p 

E + S ES -► E + P' 

FIGURE 5.17 Enzyme mechanism with uncompetitive substrate inhibition. 

A possible substrate inhibition in the system was uncompetitive inhibition, as determined 
by EKP software. The mechanism of this kind of inhibition is presented in Figure 5.17. As ES 
interact with S* it forms ESS* where S* is a sort of inhibitory substrate as illustrated in 
Figure 5.17. The reduction of was caused by a possible uncompetitive inhibition, because 
excessive substrate binds to the ES complex forming the ternary ESS * complex, as depicted in 
Figure 5.17. This phenomenon showed an apparent increase in the affinity of the enzyme 
against the substrate as a result of more substrate being bound to the enzyme, i.e., the 
ESS* formation, thus leading to a reduction in Umax- This uncompetitive inhibition effect 
was in agreement with the literature that substrate inhibition in enzyme-catalyzed reactions 
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FIGURE 5.18 Free lipase in batch system: product inhibition plots (left: Hanes-Woolf; right: curve fit). 

decreases the reaction rate for Michelis—Menten kinetics, resulting in the drop of racemate 
conversion. Matson and Lopez, Xiu and Jiang, and Xiu et al. found that when substrate 
inhibition took place, the conversion dropped and the enantiomeric reaction rate decreased, 
causing the optimal time for terminating the reaction for a racemic resolution to become 
longer. Uncompetitive inhibitor binds to the ES complex, hence pulling the equilibrium of 
the substrate binding reaction to the right (Figure 5.18), causing an apparent increase in 
the ES affinity and a decrease in the value of In other words, the inhibitor and substrate 
each bound to the enzyme independently. 

5.11.2.3 Product Inhibition Study 

The 2-ethoxyethanol was a by-product, as shown in Figure 5.13. The formation rate of 
2-ethoxyethanol was the same as the conversion rate of the (S)- or (R)-ibuprofen ester: 
1 mol of 2-ethoxyethanol was formed when 1 mol of ester was catalyzed. A known con¬ 
centration of 2-ethoxyethanol was added in the organic phase before the start of the reac¬ 
tion for product inhibition. The plots of the kinetics for the free lipase system are 
presented in Figure 5.18 and immobilized enzyme (EMR) in Figure 5.19, respectively. 
The Kjp value was 337.94 mmol l -1 for the free lipase batch system and 
354.20 mmol l -1 for immobilized lipase in the EMR. The product inhibition constants 
( Kjp) for the two systems are given in Table 5.7. The 2-ethoxyethanol was found to be a 
noncompetitive inhibitor to the substrate as determined by the EKP software, with the 
mechanism shown in Figure 5.20. 

In a noncompetitive inhibition, the substrate (S) and inhibitor (I) have equal potential to 
bind to the free enzyme (E). The inhibitor forms a ternary complex with ES, whereas the 
substrate will form another ternary complex with enzyme—inhibitor (El). Because 
the noncompetitive inhibitor had no effect on the binding of substrate to the enzyme, 
the K m value remained consistent (or unchanged). There are two different ways for the 
formation of ESI ternary complex; this complex would not form the product and therefore 
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[S](mmol/L) [S](mmol/L) 


FIGURE 5.19 Immobilized lipase in enzymatic membrane reactor: product inhibition plots (left: Hanes-Woolf; 
right: curve fit). 


TABLE 5.7 K;p value for batch system and enzymatic membrane reactor (EMR) 



Product inhibition 

K IP (mmol 1 ') 

Batch system 

N oncompetitive 

337.94 

EMR 

N oncompetitive 

354.20 


E + S 
+ 

I 


1 / 

El + S 


ES 

+ 

I 

/I 


E + P' 


K Ip 


ESI 


FIGURE 5.20 Enzyme mechanism with noncompetitive product inhibition. 


was decreased. A noncompetitive inhibitor had no effect on substrate binding or the 
ES affinity, therefore, the apparent rate constant (Km 1 ’) was unchanged. A possible reason 
for product inhibition was because of the nature of 2-ethoxyethanol, which is miscible 
in both aqueous buffer and organic solvent. K\p was larger than by an order of magni¬ 
tude, i.e., K[p was 337.94 mmol I for the free lipase system and 354.20 mmol l -1 
for EMR, whereas K[$ was 43.07 mmol I 1 for the batch system and 49.52 mmol I 1 
for EMR. 
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5.11.3 ENZYME KINETICS FOR RAPID EQUILIBRIUM SYSTEM 

(QUASI-EQUILIBRIUM) 


Enzyme reaction kinetics were modeled on the basis of rapid equilibrium assumption. 
Rapid equilibrium condition (also known as quasi-equilibrium) assumes that only the early 
components of the reaction are at equilibrium. In rapid equilibrium conditions, the 
enzyme (£), substrate (S), and ES, the central complex equilibrate rapidly compared with 
the dissociation rate of ES into E and product (P 1 ). The combined inhibition effects by 
2-ethoxyethanol as a noncompetitive inhibitor and (S)-ibuprofen ester as an uncompetitive 
inhibition resulted in an overall mechanism, shown in Figure 5.21. 


5.11.4 DERIVATION OF ENZYMATIC RATE EQUATION FROM 
RAPID EQUILIBRIUM ASSUMPTION 


The mechanism involved the overall conversion of [S] to [P]. The reverse reaction is insig¬ 
nificant because only the initial velocity in one of the forward direction is concerned. The 
mass balance equation expressing the distribution of the total enzyme is: 

[£], = [£] + [ES] + [El] + [ESI] + [ESS*] (5.11.4.1) 

The rate-dependent equation was expressed in the form: 


v = k p [ES] (5.11.4.2) 

where v indicates the initial rate of the product-forming species. The rate equation was 
divided by [£];: 


v _ k p [ES] 

[£], ~~ [E] t = [£] + [ES] + [El] + [ESI] + [ESS*] 


(5.11.4.3) 


E + 
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S* 
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E + P' 


FIGURE 5.21 Kinetics mechanism with uncompetitive substrate inhibition and noncompetitive product 
inhibition. 
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where [E]f contains a total of five enzyme species of one free and four complexes of enzyme, 
substrate, and inhibitor. The concentration of each enzyme species was expressed in terms of 
free enzyme, E. This was accomplished by rearranging the expressions for the various equi¬ 
libria. In this case, there are four equilibria: 


K [E][S] 

[ES] 

-[ES] = &E] 

(5.11.4.4) 

[El] 

_ [E] [f] 

Kip 

(5.11.4.5) 

[ESI] 

[E][S][i] 

K m Kip 

(5.11.4.6) 

[ESS*] 

[E][S][S 1 

K m K IS 

(5.11.4.7) 


Each enzyme complex in the rate-dependent equation was substituted by the previous 
equations in terms of [E]. After canceling [E] and substituting kp[E\ t = V max , the following 
rate equation was obtained. 


v 


V„ 


1 + 


ML 

K 1P 


M 

K m 

[sim i pi 

K„K m T Km 


MM 

K m K IS 


(5.11.4.8) 


The previous equation can be transformed into the Michaelis—Menten equation by multi¬ 
plying the numerator and denominator by K m : 


v = _[S]_ 

(X m + [S])(l+f)+® 

In the present work, [f] = [E] and [S*] = [S], so the equation becomes: 


(5.11.4.9) 


Vmax[S] 

(K, ( , + [S])(l+g)+g 


(5.11.4.10) 


This rate equation is in agreement with that reported by Madhav and Ching. This rapid 
equilibrium treatment is a simple approach that allows the transformations of all complexes 
in terms of [E], [S], K/s, and Kjp, which only deal with equilibrium expressions for the binding 
of the substrate to the enzyme. In the absence of inhibition, the enzyme kinetics is reduced to 
the simplest Michaelis—Menten model, as shown in Figure 5.22. 


E + S 


v 


ES 



E + P' 


FIGURE 5.22 First-order reaction kinetics mechanism without inhibitions. 
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The rate equation for the Michaelis—Menten model is given in ordinary textbooks and is as 
follows : 


v = 


V max [S] 

[S}+K m 


(5.11.4.11) 


5.11.5 VERIFICATION OF KINETIC MECHANISM 


The velocity equation for rapid equilibrium system was easily derived by inversing the 
numerator and denominator of Eqn (5.11.4.10): 


Vn 


K„ 


[S] 


v„ 


[s] 


w" 1 


1 


El 

Kip 


[S] 

Kis 


1 1 

Vnax Kip 


Km 

[S] 


[P] 


.El 

Kip 


V„ 


V„ 


El 

K, s 


K m 
' [S] 


M 

Kis 


(5.11.5.1) 


(5.11.5.2) 


(5.11.5.3) 


Plotting 1/n against [P] will result in a Dixon plot, which is plotted at different fixed [S] 
with the slope: 


J-J-ll 

Vnax Kip 


and the y-intersect: 




K m 

[S] 

]S[ 

[S] K IS 




(5.11.5.4) 


(5.11.5.5) 


The plotting of Dixon plot and its slope replot (see Eqn (5.11.5.9)) is a commonly used 
graphical method for verification of kinetics mechanisms in a particular enzymatic reaction. 
The proposed kinetic mechanism for the system is valid if the experimental data fit the rate 
equation given by Eqn (5.11.4.4). In this attempt, different sets of experimental data for kinetic 
resolution of racemic ibuprofen ester by immobilized lipase in EMR were fitted into the rate 
equation of (5.11.5.6). The Dixon plot is presented in Figure 5.23. 

Dixon plot: 


V VifC.pl [S] 111 


T f*PP 
* max 


Y a VV 

J\ r n 

ET 


.El 

Kis 


(5.11.5.6) 


The slope and intersect of the illustrated plot were determined and compared with values 
calculated from Eqn (5.11.5.7) and Eqn (5.11.5.8): 

V a VP\ 

P^tr, 


Slope = 


1 1 

T/W 

v max P^IF 


[S] 


(5.11.5.7) 
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Concentration of 2-ethoxyethanol, [P] 

FIGURE 5.23 Dixon plot: 1/d versus [P] at different initial substrate concentrations. 


i / k' w rsi\ 

In,ersec, = v*:( 1 + if + fc) (511 - 5 - 8) 

The experimental 
and intersect values 
replot given by Eqn 


Slope = " (5.11.5.10) 

v max A/p 


values fit the velocity equation with insignificant deviation in the slope 
at maximum error of ±5.94% (see Table 5.8). The corresponding slope 
(5.11.5.9) was plotted in Figure 5.24. 


Slope replot = 


Y l 

A, 


■app 


t T a VV y 
V maxAn 


T 7 a VV Y 

V max A// 


(5.11.5.9) 


TABLE 5.8 Comparison between graphical value (Figure 5.23) and calculated value 


IS] 

(mmol l -1 ) 


Slope 



Intersect 


From 

Figure 5.23 

Calculated from 
(5.11.5.9) 

Error 

(%) 

From 

Figure 5.23 

Calculated from 
(5.11.5.8) 

Error 

(%) 

5 

0.0070 

0.00720 

2.7 

2.6509 

2.567 

3.23 

10 

0.0039 

0.00400 

2.5 

1.5292 

1.4828 

3.10 

20 

0.0024 

0.00244 

1.64 

0.9360 

0.9870 

5.17 

30 

0.0020 

0.00190 

5.26 

0.8140 

0.8630 

5.68 

35 

0.0018 

0.00176 

2.27 

0.7911 

0.8406 

5.94 

50 

0.0015 

0.00150 

0.00 

0.7852 

0.8276 

5.19 
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FIGURE 5.24 Slope replot: the slope of the Dixon plot was plotted against 1/[S]. 


TABLE 5.9 Slope replot (slope of Dixon plot versus 1/[S]) 



Slope 



Intersect 


Slope replot 
(Figure 5.24) 

Calculated from 
(5.11.5.10) 

Error 

(%) 

Slope replot 
(Figure 5.24) 

Calculated from 
(5.11.5.11) 

Error 

(%) 

0.0303 

0.0315 

3.81 

0.0009 

0.00086 

4.65 


Intersect 



(5.11.5.11) 


The values determined from Figure 5.23 agree well with the values calculated from the 
equations (Table 5.9), with an error of ±3.81% for the slope and ±4.65% for the intersect, 
respectively. The obtained experimental data were consistent with the proposed enzymatic 
reaction and the reaction mechanisms with uncompetitive substrate inhibition and the 
noncompetitive product inhibition model. 
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PROBLEMS 

5.1. In a chemostat, Escherichia coli has been cultivated in an aerobic condition using glucose as 
the limiting substrate with an initial sugar concentration of 1.05 g l -1 . 

a. Based on given data in Table Q.l, determine fi m , and K s . 

b. If the cell is represented by formula as C 5 H 7 NO 27 find Yq 2 / x (mass of oxygen/mass of 
cells) and maximum oxygen consumed for maximum biomass concentration. 

5.2. Determine the kinetic coefficients k, K s , y meiX , Y, and kd from the following data obtained in 
bench-scale bioreactor with solid recycle (Table P.5.2). 

TABLE Q.l Biomass and limiting substrate concentrations with 
respect to dilution rate 


Dilution rate (h ') 

Limiting substrate, C s (g 1 ') 

x (g r 1 ) 

0.05 

0.0006 

0.45 

0.12 

0.013 

0.44 

0.24 

0.033 

0.42 

0.31 

0.041 

0.44 

0.43 

0.064 

0.42 

0.53 

0.102 

0.43 

0.60 

0.122 

0.41 

0.71 

0.241 

0.38 

0.79 

0.250 

0.35 


TABLE P.5.2 Experimental data 


Run no. 

S 0 (mg l -1 ) 

S (mg l -1 ) 

0 (day) 

x, (mg VSS r 1 ) 

0< (day) 

1 

400 

10 

0.167 

3950 

3.1 

2 

400 

14.3 

0.167 

2865 

2.1 

3 

400 

21.0 

0.167 

2100 

1.6 

4 

400 

49.5 

0.167 

1050 

0.8 

5 

400 

101.6 

0.167 

660 

0.6 
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6.1 INTRODUCTION 


To design a bioreactor, some objectives must be defined. The decisions made in design of 
the bioreactor could have a significant impact on overall process performance. Knowledge of 
reaction kinetics is essential for understanding how a biological reactor works. Knowledge 
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of other areas of bioprocess engineering such as mass and energy balances, mixing, mass 
transfer, and heat transfer is also required. 

The bioreactor is the heart of any biochemical process in which enzymes, microbial, 
mammalian, or plant cell systems are used for the manufacture of a wide range of useful bio¬ 
logical products. The performance of any bioreactor depends on many functions, such as 
those listed below: 


• Biomass concentration 

• Sterile conditions 

• Effective agitations 

• Heat removal 

• Correct shear conditions 


• Nutrient supply 

• Product removal 

• Product inhibition 

• Aeration 

• Metabolisms/microbial activities 


There are three groups of bioreactors currently in use for industrial production: 

1. Nonstirred, nonaerated system: about 70% of bioreactors are in this category. 

2. Nonstirred, aerated system: covers about 10% of bioreactors. 

3. Stirred and aerated systems: about 20% of the bioreactors in industrial operation. 

Nonstirred, aerated vessels are used in the process for traditional products such as wine, 
beer, and cheese production. Most of the newly found bioprocesses require microbial growth 
in an aerated and agitated system. The percentage distribution of aerated and stirred vessels 
for bioreactor applications is shown in Table 6.1. The performances of various bioreactor sys¬ 
tems are compared in Table 6.2. Because these processes are kinetically controlled, transport 
phenomena are of minor importance. 

Nonstirred, nonaerated vessels are used for traditional products such as wine, beer, and 
cheese. Most of the new products require growth of microorganisms in aerated, agitated vessels. 

6.2 BIOREACTORS: BACKGROUND 


The main objective of a properly designed bioreactor is to provide a controlled environ¬ 
ment to achieve optimal growth and/or product formation in the particular cell system 


TABLE 6.1 Percentage distribution of aerated and stirred vessels in 
bioreactor applications 


Type of bioreactor application 

% 

Nonstirred, nonaerated 

76 

Nonstirred, aerated 

11 

Stirred, aerated 

13 

Total 

100 
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Productive bioreactors 

Wastewater treatment 

Concentration 


10-50 

Aerobic 

Anaerobic 

(kg nr 3 ) 



5 

50 


Molds 

bacteria/yeast 


Mixed culture 

Viscosity 

High 

Low 

Low 

Low 

Oxygen consumption 

High 

High 

Low 

Absent 

Mass transfer 

Low 

High 

Low 

Absent 

Heat production metabolic (kW nr 3 ) 

3-15 

3-15 

0.03-0.14 

Negligible 

Power consumption, hp 

3-15 

Fewer than 5 

0.02-05 

Negligible 


employed. Frequently the term "fermenter" is used in the literature to refer to a "bio¬ 
reactor." 1_ The performance of any bioreactor depends on many functions including: 

• In a growth-associated bioprocess, the biomass concentration must be high enough to 
achieve a high product yield. 

• Sterile conditions must be maintained for a pure culture system. 

• Effective agitation is required for prefect mass transfer and uniform distribution of sub¬ 
strate and microbes in the working volume of a bioreactor. 

• Efficient heat transfer is needed to operate the bioreactor at constant temperature, as the 
desired optimal microbial growth temperature. 

• Creation of the correct shear conditions. High shear rate may be harmful to shear- 
sensitive organisms and disrupt their cell wall; low shear may also be undesirable 
because of unwanted flocculation and aggregation of the cells, or even growth of organ¬ 
isms on the reactor wall and stirrer. 


6.3 TYPE OF BIOREACTOR 


Aerobic bioreactors are classified into four categories; division of the aerated system 

depends on how the gas is distributed. 

• Stirred tank reactor: the most common type of bioreactor used in industry. A draught is 
fitted which provides a defined circulation pattern. 

• Airlift pressure cycle bioreactor: the gas is circulated by means of pressurized air. 

• Loop bioreactor: a modified type of airlift system in which a pump transports the air 
and liquid through an internal or external loop in the vessel. 

• Immobilized system: the air circulates over a film of microorganisms that grows on a 
solid surface. In an immobilized bioreactor, particulate biocatalysts for enzyme produc¬ 
tion and conversion of penicillin to 6-aminopenicillanic acid are used. 









196 


6. BIOREACTOR DESIGN 


• Fluidized bed: when packed beds are operated in an up-flow mode, the bed expands at 
high flow rates; channeling and clogging of the bed are avoided. Normal application is 
wastewater biological treatment and the production of vinegar. 

• Trickle bed: another variation of the packed bed; fluid is sprayed onto the top of the 
packing and trickles down through the bed. Air is introduced at the base; because liquid 
does not flow continuously throughout the column, air moves easily around the wetted 
packing media. This type of bioreactor is widely used for aerobic wastewater treatment, 
nitrification, and denitrification for further treatment of wastewater. 

• Fed-batch mixed reactor: starting with a relatively dilute solution of substrate this pro¬ 
vides control over the substrate concentration. Fligh organic loading rates are avoided. 
Fed batch is successfully used for baker's yeast production to overcome catabolite 
repression and to control oxygen demand. It is also used routinely for production of 
penicillin. 

• Batch mixed reactor: There are three principal modes of bioreactor operation: (a) batch; 
(b) fed batch; (c) continuous. 

Industrial bioreactors can easily withstand up to 3 atm positive pressure. Large fermenters 
are equipped with a lit vertical sight glass for inspecting the contents of the bioreactor. Side 
parts for pFI, temperature, and dissolved oxygen sensors are the minimum requirements for 
monitoring the cell growth. A steam sterilization sample port is provided. Mechanical agita¬ 
tors are installed on the top or bottom of the tank for adequate mixing. 

Choice of operating strategy has a significant effect on substrate conversion, product sus¬ 
ceptibility to control contamination, and process reliability. 

dfYi 

Mass balance : — = m, — m 0 + r„ — r s (6.3.1) 

at 

where r p is the rate of product formation and r s is the rate of substrate consumption. The 
design emphasis of this section will be on stirred tank bioreactors, which are the most com¬ 
mon type used commercially in many bioprocess industries. 

6.3.1 Airlift Bioreactors 

In an airlift fermenter, mixing is accomplished without any mechanical agitation. Airlift 
bioreactors are used for tissue culture because the tissues are shear sensitive and normal mix¬ 
ing is not possible due to generation of shear forces. There are many forms of airlift bioreac¬ 
tors. In the usual form, air is fed into the bottom of a central draught tube through a sparger 
ring, thus reducing the apparent density of the liquid in the tube relative to the annular space 
within the bioreactor. The flow passes up through the draught tube to the head space of the 
bioreactor, where the excess air and the by-product, CO 2 , disengage. The degassed liquid 
then flows down the annular space outside the draft to the bottom of the bioreactor. Cooling 
can be provided by either making the draught tube an internal heat exchanger or with a heat 
exchanger in an external recirculation loop. The advantages of airlift bioreactors are: 

1. In low shear, there is low mixing which means the bioreactor can be used for growing 
plant tissues and mammalian cells. 

2. Because there is no agitation, sterility is well maintained. 
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3. In a large vessel, the height of liquid can be as high as 60 m, the pressure at the bot¬ 
tom of the vessel will increase the oxygen solubility, and the value of Kia will 
increase. 

4. Extremely large vessels can be constructed. In one single cell protein plant, the reactor 
had a total volume of 2300 m 3 (a column of 7 m diameter and 60 m height with a 
reactor working volume of 1560 m 3 ). Further, in this reactor the microorganisms were 
grown on methanol for SCP, and the biochemical reactions resulted in an extremely 
large heat release. It was not possible to remove such a high exothermic heat of reaction 
with a conventional stirred-tank design. In applications of airlift bioreactors there are 
various types of fermenters. The most common bioreactors are airlift pressure cycle, in¬ 
ternal loop, and external loop. 

6.3.2 Airlift Pressure Cycle Bioreactors 

The gas is circulated by means of pressurized air. In airlift bioreactors, circulation is caused 
by the motion of injected gas through a central tube, with fluid recirculation through the 
annulus between the tube and the tower or vice versa. Figure 6.1 shows an airlift bioreactor 
with an internal loop cycle of fluid flow. 

6.3.3 Loop Bioreactor 

A modified type of airlift system with gas and liquid flow patterns is a loop bioreactor in 
which a pump transports the air and liquid through the vessel. Here, an external loop is used, 
with a mechanical pump to remove the liquid. Gas and circulated liquid are injected into the 



FIGURE 6.1 


Gas and liquid flow pattern with internal loop cyde. 



















198 


6. BIOREACTOR DESIGN 


--► 

Effluent gas 



FIGURE 6.2 Airlift bioreactor with external recirculation pump. 


tower through a nozzle. Figure 6.2 depicts an airlift bioreactor that operates with an external 
recirculation pump. 


6.4 STIRRED TANK BIOREACTOR 


The most important bioreactor for industrial application is the conventional mixing vessel, 
which has the dual advantage of low capital and low operating costs. Figure 6.3 is a sche¬ 
matic diagram for the stirred tank bioreactor. Vessels for laboratory experiments with vol¬ 
umes up to 20 1 are made of glass. For larger volumes, construction is made of stainless 
steel. The height:diameter ratio of the vessel can vary between 2:1 and 6:1, depending largely 
on the amount of heat to be removed, and the stirrer may be top or bottom driven. All tanks 
are fitted with baffles, which prevent a large central vortex from being formed as well as 
improve the mixing behavior in the vessel. Four baffles are used for vessels less than 3 m 
in diameter, and six to eight baffles are used in larger vessels. The width of the baffle is usu¬ 
ally between T /10 and T/12, in which T is the tank diameter. 

Fleight of vessel to diameter: 

^ = 2:1 and 6 : 1 (6.4.1) 

Diameter of vessel to baffle: 

D, 

10 < -A < 12 

L>b 


(6.4.2) 
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Motor 

Foam breaker 

Flat blade disc impeller 
Baffle 

Air inlet 

Drain valve 


FIGURE 6.3 Stirred tank bioreactor. 


The diameter of the tank, D tan k, is less than 3 m; four baffles of 15—20 cm may prevent for¬ 
mation of any central vortex. Typically, 75% of the designed reactor volume is used as work¬ 
ing volume. In a fermentation vessel about 75% of the total CSTR volume is filled with liquid, 
and the remaining 25% is used for gas space. If sufficient gas space exists and foaming takes 
place, there is no chance for immediate contamination. If the vessel height is equal to the 
diameter (H = D), one agitator is sufficient. If the vessel height is twice the diameter 
(.H = 2D) or more, additional sets of agitators should be mounted on the same shaft, sepa¬ 
rated by a defined distance. Installation of multiple sets of impellers improves mixing 
and mass transfer. Spargers should always be located near the bottom of the vessel with a 
distance DJ2 below the agitator, where D, is the diameter of the impellers. Power input 
per unit volume of fermentation vessel for a normal fermenter should be greater than 
100 W m~ 3 , and the impeller tip speed (nND,) should be greater than 1.5 m s 1 . Let us define 
a dimensionless number that is known as the Froude number, Fr; the value of the stated 
dimensionless number must be greater than 0.1: 

N 2 D: 

Fr = -1 < 0.1 (6.4.3) 

S 

High agitation and aeration cause major problems such as foaming, which may lead the 
fermentation vessel to unknown contamination. Antifoam and chemical agents cannot be al¬ 
ways added for the reduction of foam: it may cause inhibitory effects on the growth of mi¬ 
croorganisms, so the simplest devices have rakes mounted on the stirrer shaft and located 
on the surface of the fluid. If heat removal is a problem, as it can be in large bioreactors 
greater than 100 m 3 , up to 12 baffles can be used, through which coolant passes. 
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Careful consideration must be given to agitator design within a bioreactor because it con¬ 
trols the operation of the bioreactor. 

The most common type of agitator used is the four-bladed disk turbine. However, research 
on the hydrodynamics of the system has shown that other disk turbine agitators with 12, 18, 
or concave blades have advantages. 

Considerable research has been undertaken in gas/liquid systems with no solids present 
and where shear is not a problem. In systems that are shear sensitive and where solids are 
present, there are advantages in using an inclined bladed turbine. The number of agitators 
mounted on the shaft will be dependent on the height of liquid in the vessel. For specification 
of the correct number of agitators on the shaft, the height of liquid in the vessel should be 
equal to liquid height. Desired mixing with one set of agitators may occur. If the height of 
liquid is two or three times that of the tank diameter (H = 2T or 3T), additional agitators 
should be mounted on the same shaft. The sets of impellers are separated by a distance <p; 
then cp = T, where T represents tank diameter. Installation of multisets of impellers improves 
mixing and enhances mass transfer. 

High turbulence is required for efficient mixing; this is created by the vortex field which 
forms behind the blades. For all the gas to flow through this region it must enter the vessel 
close to and preferably underneath the disk; hence it is recommended that spargers should 
always be placed near the impellers. The location is about a distance of D,/2 below the 
agitator, where D, is the impeller diameter. 

The centrifugal force will draw the gas into the system, which ensures that sufficient tur¬ 
bulence is created. For this, a power input greater than 100 W m -3 is required from the 
agitator. Alternatively, a tip speed ( nNDj ) greater than 1.5 m s 1 or a Froude number 
( N z Dj/g ) greater than 0.1 is often used, where N is the agitator speed in Hz, and g is gravi¬ 
tational acceleration in m s 2 . 

The design of a gas inlet device is of only secondary importance for the capture and 
dispersal of the gas by the agitator. For efficient mass transfer, a multiple-orifice ring sparger 
is generally used with a gas outflow diameter of 3D,/4. However, it is only slightly better 
than a single open-pipe sparging located centrally beneath the disk. 

Foaming is often a problem in large-scale aerated systems. Antifoam cannot always be 
added for the disappearance of foam because it may interfere with the living system and 
inhibit the growth of microorganisms. However, there are several mechanical methods by 
which the foam can be broken up. The simplest devices have rakes mounted on the stirrer 
shaft located on the surface of the liquid. A more sophisticated device is the "Funda-foam sys¬ 
tem," in which the foam is destroyed by centrifugal forces. The nutrient solution held in the 
foam flows back into the bioreactor, and the air released from the foam leaves the vessel. 

There should be a minimum number of openings in the bioreactor so that sterility can be 
maintained. Small openings must be made leak proof with an O-ring, and larger openings 
fitted with gaskets. One of the most difficult areas to seal effectively is the point where the 
agitator shaft passes into the vessel; here a double mechanical shaft seal should be fitted. If 
possible the joints of all the parts connected within the sterile vessel as well as all of the pipes 
both inside and outside the bioreactor should be welded. There should not be any direct 
connection between the nonsterile and the sterile area; that is, sampling devices and injection 
ports must be accommodated in steam-sterilization closures. Most often, steam is applied to 
ensure the sterilized condition in sampling points. 
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6.5 BUBBLE COLUMN FERMENTER 


For the production of baker's yeast, beer, and vinegar, bubble column fermenters are used. 
They are also often used for sufficient aeration and treatment of wastewater. In designing 
such a bioreactor, the height of liquid to tank diameter ( H:D ) is about 2:1, a common ratio 
of H:D is also about 3:1; in bakers' yeast production the ratio of H:D is 6:1. In bubble columns 
the hydrodynamics and mass transfer depend on the size of the bubbles and how they are 
released from the sparger. The upward liquid velocity at the center of the column, for the col¬ 
umn diameter range 10 cm to 7.5 m (0.1 < D < 7.5 m), and the superficial gas velocity are in 
the range of 0 < Ug as <0A m s -1 . The liquid velocity is correlated with the following equation: 

U Hqmi = 0.9 [gDug as ] 033 (6.5.1) 

The gas superficial velocity is defined as the ratio of gas flow rate to column cross-sectional 
area: 




gas 



The mixing time is calculated by 

f mixing 



(6.5.2) 


(6.5.3) 


where H is the height of bubble column and D is the column diameter. Figure 6.4 shows a 
simple column with an air sparger installed at the bottom of the column which allows suffi¬ 
cient air to pass through the liquid. 


Exhaust gas 



FIGURE 6.4 Bubble column bioreactor. 
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6.6 AIRLIFT BIOREACTORS 


In an airlift fermenter, mixing is accomplished without any mechanical agitation. An airlift 
fermenter is used for tissue culture, because the tissues are shear sensitive and normal mixing 
is not possible. With the airlift, because the shear levels are significantly lower than the stirred 
vessels, it is suitable for tissue culture. The gas is sparged only up to the part of the vessel 
cross-section called the riser. Gas is held up; fluid density decreases causing liquid in the riser 
to move upward and the bubble-free liquid to circulate through the down-comer. The liquid 
circulates in airlift reactors as a result of the density difference between riser and down¬ 
comer. 

There are many forms of airlift bioreactors. In the usual form, air is fed into the bottom of a 
central draught tube through a sparger ring, so reducing the apparent density of the liquid in 
the tube relative to the annular space within the bioreactor. The flow passes up through the 
draught tube to the head space of the bioreactor, where the excess air and the by-product, 
CO 2 , disengage. The degassed liquid then flows down the annular space outside the draft 
to the bottom of the bioreactor. In general, airlift bioreactors have the following features: 

• Internal-loop vessels 

• Draft tubes 

• External loop or outer loop. 

The cooling duty can be provided either by making the draught tube an internal heat 
exchanger or with a heat exchanger in an external circulation loop. The mass transfer coeffi¬ 
cient for an external loop airlift fermenter is estimated by the following correlations : 

K L a < 0.32u° g 7 (6.6.1) 

The height of airlift reactors is typically about 10 times the diameter of the column (H = 10D). 
For deep-shaft systems the ratio of H:D is about 100. For large fermenters (500 m 3 ), a 
bubble column is an attractive choice, because it is simple and cheap to operate. The main 
disadvantages of airlift reactors are: 

1. High capital cost for large-scale vessels. 

2. High energy costs. Although an agitator is not required, a greater air throughput is 
necessary, and the air must be at a higher pressure, particularly on a large scale. In 
addition, the efficiency of gas compression is low. 

3. As the microorganisms circulate through the bioreactor, the conditions change, and it is 
impossible to maintain consistent levels of carbon source, nutrients, and oxygen 
throughout the vessel. 

4. The separation of gas from the liquid is not very efficient when foam is present. In the 
design of an airlift bioreactor, these disadvantages must be minimized. If the feed comes 
in at only one location, the organism would experience continuous cycles of high 
growth, followed by starvation. This would result in the production of undesirable by¬ 
products, low yields, and high death rates. Therefore, particularly on a large scale, mul¬ 
tiple feed points should be used. Similarly, air should be admitted at various points up 
the column. However, the air must mainly enter from the bottom to circulate the fluid 
through the reactor. 
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6.7 HEAT TRANSFER 


The temperature in a vessel can be controlled by removing heat by means of water circu¬ 
lating through a jacket on the outside of the vessel and / or by passing the water through hol¬ 
low baffles situated in the vessel. With an airlift bioreactor the heat can be removed through 
the hollow draught tube. The rate at which heat is transferred is given by 

Q = UAAT (6.7.1) 

where Q is heat transferred in W, U is the overall heat transfer coefficient in W m~ 2 K A is 
the surface area for heat transfer in m 2 , and AT is the log mean temperature; in approximation 
that is the temperature difference between media and cooling water in K. The coefficient U 
may represent the conductivity of the system, which depends on the system geometry, fluid 
properties, flow velocity, wall material, and thickness. The overall resistance to heat transfer 
is the reciprocal of the overall heat transfer coefficient. It is defined as the sum of the individ¬ 
ual resistances to heat transfer as heat passes from one fluid to another, and can be written as 

111111 

U-h. + k, + i^ + h + k, (6 ' 7 ' 2) 

where, h 0 is the outside film coefficient, hj is the inside film coefficient, h„f is the outside 
fouling film coefficient, hjf is the inside fouling film coefficient, h w is the wall heat transfer co¬ 
efficient (which is k/x), k is the thermal conductivity of the wall, and x is the wall thickness in 
m. The units for all film coefficients are W m 2 K -1 . This equation is applicable for all cases 
except a thick-walled tube where a correction factor must be used. The outside and inside 
film coefficients can be evaluated from semiempirical correlations of the form 

Nu = fc(Re)“(Pr) 6 (6.7.3) 

where Nu is Nusselt number, the ratio of convective to conductive heat transfer coefficients. 
The terms k, a, and b are constants. Re is Reynolds number, which is the ratio of inertial 
over viscous forces, and Pr is Prandtl number, which is the ratio of kinematic viscosity 
over the thermal diffusivity. The dimensionless numbers involved in the above correlation 
are stated as 



Re 


D,V/> D}Np 
- or —- 



v 

a 


(6.7.4) 

(6.7.5) 

(6.7.6) 


where D t is the vessel diameter, D, is the impeller diameter, all in m; p is the density in 
kg m - , /x is the viscosity in kg m” s - , y the kinematic viscosity in m s~ , k is the thermal 
conductivity in W m 1 K ', h is the convective heat transfer coefficient in W m -2 K 1 , C p is 
the specific heat in J kg -1 K , a is the thermal diffusivity in m 2 s , V is the velocity in 
m s -1 , and N is the impeller speed in Hz. The above equation applies to turbulent 
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conditions for Newtonian fluids. In stirred-tank bioreactors, normally turbulent conditions 
are attained. However, non-Newtonian behavior can occur, especially if polysaccharides 
pass into the broth. An extensive literature survey of heat transfer correlations for both 
Newtonian and non-Newtonian single-phase systems has been introduced by many re¬ 
searchers. They have shown that for holdups of less than 15%, the rates of heat transfer 
with gas addition are very close to the values obtained without gas addition. Gas holdup 
is defined as the volume of gas in the vessel per vessel volume, and can be calculated with 
the equation 



where P,, is power consumed by gassed liquid in W, Vi is liquid volume without gassing, v s is 
the superficial gas velocity in m s' 1 , and K is a constant. Other correlations for gas holdup are 
defined in the literature. 

The calculation of heat transfer film coefficients in an airlift bioreactor is more complex, as 
small reactors may operate under laminar flow conditions whereas large-scale vessels operate 
under turbulent flow conditions. It has been found that under laminar flow conditions, the 
fermentation broths show non-Newtonian behavior, so the heat transfer coefficient can be 
evaluated with a modified form of the equation known as the Graetz—Leveque equation, 

Nu = 1.75<5°' 33 Gz 0 ' 33 (6.7.8) 

where <5 is correction for non-Newtonian behavior equal to (3n+l)/4n, where n is the flow 
behavior index of power-law fluid. Gz is the Graetz number, a dimensionless number related 
to mass flow rate, heat capacity, and conductive heat transfer coefficient. 


Gz 


m'Cp 

kL 


(6.7.9) 


where m' is the mass flow rate of fluid in the tube in kg s ', and C„ is specific heat in 
J kg' 1 K -1 , k is thermal conductivity in W m _1 K -1 , and L is the length along the tube in 
m. This equation is most accurately applied in the initial stages of the bioreactor. In later 
stages growing Xanthmonas campestris, the value of the film coefficients were up to 45% lower 
than predicted by the Graetz—Leveque equation, because of fouling of the heat transfer sur¬ 
face. However, with Aspergillus niger, values of up to four times those predicted by the non- 
Newtonian form of Graetz—Leveque equation were observed. The enhancement was found 
to be dependent on cell concentration and morphology of the microorganisms. That was 
probably due to the increased turbulence of the boundary layer caused by the aggregated 
mycelial. The overall heat transfer coefficient is dependent on the agitation rate in the vessel, 
throughput of the liquid and gas in an airlift bioreactor, and the rate of circulation of cooling 
water in the jacket. The expected value of the overall heat transfer coefficient including all 
resistance for a nonfouling system should be in the range of 500—1500 W m“ 2 K 1 . In case 
of any problems, for instance, mammal and plant cells, which are shear sensitive the vessel 
side turbulence must be reduced; consequently, the heat transfer coefficient will be lowered. 
In such cases, the heat transfer will increase only by providing more heat transfer area. Addi¬ 
tional effective surface area can be obtained by having a vessel with a large height: diameter 
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ratio, because the volume of a vessel is proportional to the height multiplied by the cross- 
sectional area, whereas the surface area is the external area of the vessel that is aHD, where 
a is the proportionality factor. Where the total heat transferred must be calculated, the power 
of the agitator should be included, because a considerable amount of energy is converted to 
heat in the vessel. 

Small temperature differences, aT, in a bioreactor are usually easily stabilized, unless 
refrigerated cooling water is used; which means that the product of overall heat transfer co¬ 
efficient and the heat transfer area, "UA," must be large. Therefore, the heat transfer area 
can be maximized by having cooling water in the baffles as well as in the jacket of the 
bioreactor. 


6.8 DESIGN EQUATIONS FOR CSTR FERMENTER 


In designing a bioreactor, material balance is used for all the streams associated with the 
fermentation vessel. The biomass at inlet and outlet and the generated biomass must be 
balanced while the fermentation proceeds. The cell balance without any cell accumulation 
is shown in the equation 

F(X 0 - X) + Vr x = 0 (6.8.1) 


where X is viable cell in the effluent stream and Xo is viable cell in the feed stream, F is the 
volumetric flow rate, V is the reactor working volume, and r x is the rate of cell formation per 
unit volume. The rate equation is explained in detail by a Monod rate model. The Monod rate 
equation is well known in microbial growth kinetics. 


h = 


hmax^ 

K~+S 


( 6 . 8 . 2 ) 


where /j, is the specific growth rate, /i max is the maximum specific growth rate, and K$ is the 
Monod constant. 


6.8.1 Monod Model for a Chemostat 


A Monod rate model is used to demonstrate the rate of biomass generation. We neglect the 
cell death rate. Let us denote the ratio of biomass rate of generation to biomass concentration, 
r x / X, that is, the specific growth rate; /i also denotes the dilution rate; D is defined as number 
of tank volumes passed through per unit time, F/V. After substitution of D and fi into Eqn 
(6.8.1), the following equation is obtained: 

DX 0 = (D - n)X (6.8.1.1) 


Substituting specific growth rate based on the Monod rate equation into Eqn (6.8.2), the 
rearranging results in 



X + DX 0 = 0 


K s + S 


( 6 . 8 . 1 . 2 ) 
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For sterile media with suitable nutrients in the absence of any organisms. 

X 0 = 0, 0 = (D - fi)X 

Biomass generated is considered as X =£ 0; therefore D—p. = 0. 

D = p (6.8.1.3) 


At steady state, substrate utilization is balanced with a rate equation: 


F(S ; 



(6.8.1.4) 


When the volume of the vessel is divided by the flow rate, retention time and dilution rate 
are defined in the following equation: 


V 

F 


x 


1 

D 


Plug in Eqn (6.8.1.5) to Eqn (6.8.1.4): 

D(Si - S) 



(6.8.1.5) 


( 6 . 8 . 1 . 6 ) 


Solve Eqn (6.8.1.6) for dilution rate or substrate concentration, as follows: 


\& + sJ 


D or S 


DK S 

Mmax - D 


Material balance in terms of cell density is written as 


dPcell 

dt 


y (Pi - Po) + (p - a)Pcell 


(6.8.1.7) 


( 6 . 8 . 1 . 8 ) 


Under steady-state conditions, dp/dt = 0 for a sterile fermenter, inlet cell mass is zero 
(pi = 0), Eqn (6.8.1.8) is simplified and reduced to dilution rate, which is similar to Eqn 
(6.8.1.3) above. Substrate balance may also lead to the same results as the following 
relations: 


dS 

dt 


F 

V 


(Si - S ) 


PPcell 

Yield of cell 


^ Peril 


tfPPcell 



(6.8.1.9) 


Under steady-state conditions, where dS/dt = 0 and mp ce u « mp ce n/Y, Eqn (6.8.1.9) can 
be simplified and leads to substrate balance with growth rate: 


D(S 0 - S) 


PPcell 

~Y~ 


( 6 . 8 . 1 . 10 ) 


For the special case when p = D, the substrate balance equation reduces to yield of sub¬ 
strate to cell biomass: 


Peril — Y(Si S) 


(6.8.1.11) 
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Let us define yield factor, Y: 


Y = 


mass of cell formed 
mass of substrate consumed 


By rearrangement of Eqn (6.8.1.11) and when yield factor is inserted, it becomes the same 
equation as in Eqn (6.8.1.2): 


DX 0 


MmaxS -D IX = 0 


K s + S 


Substituting into the mass balance yields, the cell mass balance is arranged. Under steady- 
state conditions: 


D(S 0 - S) 


M max^ 

Y(fC s + S) 


( 6 . 8 . 1 . 12 ) 


For sterile conditions X 0 is zero, because no microbe is present in the feed stream and the 
feed is sterile without any contamination. 

0 = (D - n)X (6.8.1.13) 


When the cell concentration is appreciable, the dilution rate must reach a specific rate 
(XAO, D = )±). The cell mass concentration is defined in Eqn (6.8.1.13) as the dilution rate ap¬ 
proaches zero; the cell density is the product of yield and initial substrate concentration: 


Y = 



(6.8.1.14) 


Substituting Eqn (6.8.1.7) into Eqn (6.8.1.14), the biomass concentration is defined: 


X = Y(S„ 


S) = Y ( S 0 — 


DKs \ 

Mmax ~ Dj 


(6.8.1.15) 


As the dilution rate increases, the concentration level of final substrate will linearly 
increase with D, and D approaches /x max . The result of a high dilution rate would 
cause the cell density to drop. When D = /r max , X = 0. This phenomenon is known as 
wash out. 


D 


max 


bma x^o 

K s + S 0 



(6.8.1.16) 


Near the wash out, the reactor is very sensitive to variations of dilution rate D. A small 
change in D gives a relatively large shift in X and S. The rate of cell production per unit vol¬ 
ume of reactor is DX. These quantities are shown in Figure 6.5, where there is a sharp 
maximum in the curve of DX. We can compute maximal cell rate by taking the derivative 
of DX with respect to D, then solving the equation. The derivative of DX with respect to D 
is defined as 


d(DX) 


dD 


(6.8.1.17) 
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FIGURE 6.5 Effect of dilution rate on cell density, substrate concentration, and cell production rate. 


rf(XD) 

dD 


d 

dD 


YD S, 


DK S V 

Mmax ~ Dj 


= 0 


(6.8.1.18) 


After differentiation, the result is simplified for initial substrate concentration with respect 
to dilution rate: 


S 0 - 

S 0 - 


DK S DK S (/x max — D) + D 2 Ks 


Mmax - D 

DK S 


Omax - D) 
DK S /I n 


= 0 


= 0 


Mmax ^ (Mmax ~ D) 

Rearranging Eqn (6.8.1.19) gives a second-order equation with respect to D: 

(—) (S„+K s )+S„-2 — (S 0 + K s ) = 0 

\Mrnax / hmax 

Solving the quadratic equation will lead to Eqn (6.8.1.21): 


D 

Mmax 

D 


(s o + ± (S 0 + K s ) 2 - 4S„(S 0 + K s ) j- 

2(S 0 + K s ) = !± V 1 


S 0 


S 0 + K s 


K, 


bmax V 


(6.8.1.19) 


( 6 . 8 . 1 . 20 ) 


( 6 . 8 . 1 . 21 ) 
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6.9 TEMPERATURE EFFECT ON RATE CONSTANT 


Generally, in an equation of a chemical reaction rate, the rate constant often does not 
change with temperature. There are many biochemical reactions that may be influenced by 
temperature and the rate constant depends on temperature as well. The effect of temperature 
on reaction rate constant may follow Arrhenius' law. The differential form of rate constant is 
shown as follows: 


d In k E 
dT = RU 


(6.9.1) 


Integration may lead to a relation for rate constant with temperature dependency in the 
form of Arrhenius' law: 


k = Ae~ E/RT 


(6.9.2) 


For a plug flow reactor, differential volume moves along the length. The following equa¬ 
tion may express the material balance for a plug flow reactor: 

6V 


In=Out 


ST 


dx\ 


FX + dV[ — = F(x + dx) 


dt J 


(6.9.3) 


growth 


The integration may simply express the residence time for PFR: 


f p — 


dx 
dx\ 


dx A 

-r A 


11 \dt J 
V 


growth 


(6.9.4) 


The differentiation of Eqn (6.9.4) results in the following expression for plug and mixed 
flow reactors: 


dtp 


dV 


dx 



For CSTR r mix 


x 2 — X\ 



(6.9.5) 


The result in Eqn (6.9.5) shows a discrete time, which is numerically used for a PFR 
bioreactor. 
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6 .10 SCALE-UP OF STIRRED-TANK BIOREACTO R 

A general rule, which is often applied in scale-up, is that of geometric similarity between 
the small and the large vessels. However, as shown in Table 6.3, the relevant parameters that 
affect mixing can vary widely between the two scales. The pilot scale is a base line; the pa¬ 
rameters in the second column are given a numerical value of 1. Several strategies were 
used to observe the effect of design parameters on the scale-up process. The third column 
considers the situation with geometric similarity and where constant power per unit volume 
was implemented in the design calculation. The new volume is 1250 times the old volume, 
and the linear dimension scale-up is 5:1. 

The important parameters that affect mixing and growth of a microorganism are summa¬ 
rized as follows: 

• Oxygen transfer rate (mass transfer coefficient). 

• Power per unit volume, agitation, and mixing. 

• Volumetric flow rate of gas per unit volume of reactor. 

• Maximum shear rate, average shear rate and mixing time, impeller tip velocity, NDj. 

• Pumping rate per unit volume, N. 

• Heat transfer, Reynolds number, and surface area of the vessel. 

Referring to Table 6.3, it can be seen that with geometric similarities in self controls there is 
no mixing variable. In practice, we would select the important criterion that needs to be 
controlled and then size the vessel accordingly. 

Let us summarize the results of Table 6.3. In column 2, constant power per unit volume is 
maintained, giving larger mixing times and maximum shear rates than those in the pilot-scale 
vessel, but with a lower average shear rate. In column 3, a constant impeller speed and mix¬ 
ing time are maintained, which gives an increase in the power per unit volume of 6.25 times. 
This is not on scale-up as the maximum shear is also considerably increased. If constant tip 


TABLE 6.3 Various parameters on scale-up using geometric similarities 


Property 

Pilot scale 
(100 1) 

Constant 

P/volume constant 

Plant-scale 

NDj 

(125,000 1) 
Constant ND i 

Constant 

Mre 

Power, P (hp) 

1.0 

15.63 

7800 

6.25 

0.005 

P/volume 

1.0 

1.00 

6.25 

0.005 

4xl0 -6 

N, mixing time -1 

1.0 

0.48 

1.00 

0.005 

2xl0 -3 

D„ m 

1.0 

2.50 

2.50 

2.50 

2.50 

Agitator flow 
discharge, QaNDj 

1.0 

7.50 

15.63 

6.25 

2.50 

NDi 

1.0 

1.20 

2.50 

1.00 

0.40 

Reynolds number pNDj / fi 

1.0 

3.00 

6.25 

2.50 

1.00 

Froude number N 2 D,/g 

1.0 

0.60 

2.50 

1.00 

0.0003 


to — NDj, impeller speed (Hz); N 2 Dj a power; ND, a average shear rate; N a 1/mixing time. 
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velocity is maintained, as shown in column 4, the power per unit volume is drastically 
decreased and consequently the mass transfer rate of oxygen to microorganisms. In all of 
these scale-up calculations, the Reynolds number is increased. In column 5, an attempt 
was made to maintain a constant Reynolds number, which resulted in a dramatic fall in 
the power requirement and an increase in mixing time. The extremely low Reynolds number 
caused very low agitation and low power input. This is usually not a practical situation, and 
generally the Reynolds number always increases in the scale-up process. The special criteria 
chosen for the scale-up process are based on three concepts: 

• Constant power/unit volume. 

• Constant gas flow rate/unit volume. 

• Geometric similarity of the vessel. 

These criteria have been found to give comparable growth and product rates compared 
with the pilot-scale operation. If we need to control maximum shear, the value of ND, should 
be the same in both the pilot- and the large-scale vessels. 


EXAMPLE 1 

A bacterial fermentation was carried out in a reactor containing broth with average 
density p = 1200 kgm~ 3 and viscosity 0.02 N s m~ 2 . The broth was agitated at 90 rpm and air 
was introduced through the sparger at a flow rate of 0.4 vvm. The fermenter was equipped 
with two sets of flat blade turbine impellers and four baffles. The dimensions of vessel, 
impellers, and baffle width were as follows: 

Tank diameter, D f = 4 m; 

Impeller diameter, D; = 2 m; 

Baffle width, W& = 0.4 m; 

Also, the liquid depth was H = 6.5 m. 

Determine: (a) ungassed power, P ; (b) gassed power, p # (c) Kia; (d) gas holdup. 

Solution 

Let us define the ratio of tank diameter to impeller diameter: 


— = - = 2 
D, 2 

Also, the ratio of the height of the liquid level to impeller diameter is: 

H L 6.5 „ „ r 
-T = = 3.25 

D, 2 

90 rpm 

n = —— = 1.5 rps 


60 


Now define the Reynolds number: 


N Rf , = 


_ (1.5)(2) 2 (1200) _ 3 6 x 1q5 


0.02 


(E.1.1) 

(E.1.2) 

(E.1.3) 

(E.1.4) 
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1 10 100 1000 10000 100000 1000000 

Reynolds number, Re 

FIGURE 6.6 Power number versus Reynolds number for various impellers (flat blades, turbine, vaned disk, and 
marine propeller). 


The Reynolds number is greater than 10, therefore, the flow is turbulent. Based on a power 

re 6.6). 

(E.1.5) 


number defined in the turbulent regime, the power number is defined as about 6 (from Figure 6.6). 

Pg c _ P x 9.81 


N P = 6 = 


PN 3 D f (l200)(1.5) 3 (2) 5 


Power is calculated as 


P = 


(6)(1.5) 3 (2) 5 (1200) 

9131 




Correction factors are used to define actual power: 

fc = 


\ 


D, H L 


a w hl 
D. I \ D, 


2 x 3.25 
3x3 


= 0.85 


For two sets of impellers with application of a correction factor, ungassed power is 

P = (2)(0.85)(106.3) = 180.7 hp 
Dimensionless aeration rate is defined as 

FV 


N a = 


N t D1 


3 3 

F s = 0A(volume) = 0.4(4) 2 Q(6.5) = 32.67-^- = 0.5445^- 


(E.1.6) 


(E.1.7) 

(E.1.8) 

(E.1.9) 

(E.1.10) 
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FIGURE 6.7 Ratio of power requirement for aerated versus nonaerated systems. 


_ 0-5445 = 4 5 x 1Q —2 
(1.5)(2) 3 


(E.1.11) 


Using the plot of Pg/P versus N a (Figure 6.7), the ratio of gassed power to ungassed power is 
defined. 


Pi 

f = 0.58 


The gassed power is 


P g = 0.58(180.7) = 104.8 hp. 


The gas superficial velocity is 


V s =^ = 2.6^ 

mm 


(4) 2 (f) 

The mass transfer coefficient is defined as turbulent: 


K L a = 2x IQ’ 3 ( 


V° s 667 = 2 x 10' 3 


104.8 


81.68 
Gas hold up, H 0 = 


Reactor volume 


(E.1.12) 


(E.1.13) 


(260 cm.min' 1 ) = 0.095 s' 1 (E.1.14) 

Bubble volume 


(E.1.15) 


Gas holdup is defined as volume of gas per unit volume of reactor. For air in water, Richard's 
equation is defined as follows: 


(U s ) a5 = 7.63H + 2.37 


P' 


0.4 


(E.1.16) 
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/180.7\ 04 
V81.687 


^2.6 x 60 


min\ 

w 


0.5 


7.63H + 2.37 


H = 1.94 m for aeration. 


H 0 


V* 


Vt + V L 


1.94 

1.94 + 6.5 


0.23 


Gas holdup = 23%. 


(E.1.17) 


(E.1.18) 


EXAMPLE 2 

The Monod rate model is valid for a CSTR bioreactor with maximum specific growth rate of 
0.5 h -1 and K s 2 g L -1 . What would be a suitable dilution rate under steady-state conditions, where 
there is no cell death if initial substrate concentration is 50 g L _1 and yield of biomass on substrate 
is 100%. 

Solution 

The Monod rate is 


Substrate balance: 


M = 




S™,* — 


K s + S 
K S D 


D 


V-n 

Y x/S = 1 
S 0 = 50 g L - 


-D 


Mmax^ 

K s + S 


ds 

dt 




Assume no death rate, under steady-state conditions: 


ds 

Tt 


0, m = D, 


F 

V 


= D 


Use Eqn (6.8.1.15) under steady-state conditions and rearrange to obtain DX: 


q? = o, x = Y x/S (s in 




D = Y x/S 


Fn 


So- 


K s + S 

K S D 

Fm - D 



X 


(E.2.1) 


D 
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Take derivative d(DX)/dD = 0 to obtain a value for maximum dilution rate: 


Dmax P'max ( 1 

d(DX) _ 
dD ~ 


k^s )- 03 Mi) = a4h " 


( c. K * D \ 

Ks(pm - D) - K S D 

Q 

=t 

3 

3 ^ 



D 


Get Dmax Mm.ix I 1 


K S D 


K s 

' K s + S 

Then calculate the substrate concentration at leaving stream: 

Sout 


Mmax - D 0.5 — 0.4 


2(0 ' 4 ) = 8 g L 1 
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EXAMPLE 3 

A 20 m 3 working volume of a bioreactor is used for production of penicillin. What would be the 
sugar concentration (S 0 ) you choose if oxygen transfer rate is not the limiting reactant? 

Given data: 

Impeller speed = 1.5 rps (90 rpm) 

Number of blades = 8; flat, turbine types of blade 
ix = 1 mPa s 
p = 1.2xl0 3 kg m -3 
Aeration rate = 1 vvm 

Ratio of gassed to ungassed power, P g/ P = 0.4 

Driving force for OTR = 6xl0 3 kgm 3 

Specific C >2 uptake = 0.65 mmol O 2 per kg cell 

Also, the kinetic data are given as u max = 0.5 IT 1 

Specific sugar consumption rate of cells = 1.0 kg (kg cell) -1 h -1 

Solution 

Given data: 


f-^tank — 2.4 m 
Data: 


Utank — 2.4 m 

D, = Dtank/3 = 0.8 m; for three sets of impellers. 

Impeller speed 150 rpm; assume broth viscosity is 1 cp and the specific gravity of the broth is 1.2 
(density 1200 kg m -3 ); aeration rate is 1 vvm; given ratio of gassed power to ungassed system is 0.4; 
specific oxygen uptake is 0.65 mmol O 2 (kg cell) -1 ; OTR = 6xl0 -3 kg m -3 . 
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E\;mk/D] — 3 

D, = 0.8 m, three sets of impellers are used 

/x = 1 mpas 

p = 1200 kg m -3 

Pg/P = 0.4, v max = 0.5 IT 1 . 

Specific sugar consumption rate of cells = 1.0 kg (kg cell) -1 h _1 . 

Mass transfer is calculated by the empirical correlation defined for non-Newtonian filamentous 
fermentation: 


(P \ °' 6 

K L a = 2 x 10" 3 fyJ V®- 667 
K L a = s _1 

P g Gassed power hp 
V volume ’ m 3 

V s = gassuperficial velocity, 


Read power number versus Reynolds number in a turbulent region is based on the geometry of 
the impellers. The lowest power number is less than 1, for marine propellers. For flat bladed tur¬ 
bines in a turbulent region, the power number is equal to 6. The power graph is illustrated in 

Figure 6.6. 


Ungassed power, P 


N P 


= 6 = 


Pgc 

N 3 D*p 


6PN 3 D 3 _ 6 x 1200 x (1.5) 3 (0.8) 5 
“ 9M 


811.68 

745.7 


1.09 hp 


811.68 kg m s 1 


For three sets of impellers, 3(1.09) = 3.27 hp. 

P g = 0.4(3.27) = 1.3 hp 


The Correction factor for nongeometrical similarity is 


fc = 



3 442 

° * 0.8 

3x3 


1.36 


P = (3 sets of impellers)(1.36)(1.09) = 4.45 hp. 

For the agitated and aerated vessel, the ratio of power requirements for aerated versus nona- 
erated systems is expressed by a dimensionless number known as the aeration rate; the value is 
obtained from Figure 6.7. 
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N a = 


NtD 3 


N a = 


0.333 


= 0.26 


(2.5)(0.8) 

F g = 20 m 3 min -1 = 0.333 m 3 s -1 
P s = 0.4(20.56) = 8.2 hp 

V s = 2 ° m3min " 1 = 4.42 m min- 1 = 7.4 x 10 -2 m s' 1 
j2-4) 2 m 2 


K L a = 2 x lO- 3 00 (442 cm.s" 1 ) °' 667 = 6.18 x 10 -2 s -1 

OTR = K L a(C * - C) 

OTR = xq 0i = (6.18 x 10 -2 )(6 x 10 -3 ) = 4.09 x 10 -4 kgm -3 s -1 
Maximum cell concentration, OTR = xqo 2 


q Qi = (0.65 x 10 _3 )(32 x 10~ 3 ) = 2.08 x 10“ 5 kg0 2 (kg cells) -1 
4.09 xlO -4 

x s = x = -f = 19.66 kem 

2.08 x 10 -5 6 

x s = Xo 4- — C s = 0 + — C s 

q s 1.0 

C s = ^ = 39.33 kg m -3 

U.D 
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Based on study, cells and their components act as biocatalysts. In fact, the biosystem oper¬ 
ates at the Thiele module near to unity. This means that the cells are potent to operate at 
maximum rate without any diffusion limitations. If carbon sources as fuel supplied to the 
cells without oxygen limitation, the cells behave aerobically while nutrients in the presence 
of plenty of oxygen are utilized for energy. In the case of gas and liquid systems, mass trans¬ 
fer considerably increased at high concentrations of oxygen available in the vicinity of the 
cell. The transport of oxygen depends on the driving forces existing for oxygen concentration 
gradient inside and outside of the cell. The availability of oxygen depends on the solubility of 
oxygen in the aqueous phase like culture media. Aerobic activities and cell respiration may 
be related to the bulk concentration of oxygen, as the gas must diffuse through the media 
and reach the cell neighborhood. The respiration rate is the cell oxygen uptake for the 
necessary biosynthesis. The oxygen uptake may differentiate the living organisms with the 
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dying cells. The strict aerobes such as fungi and mold in the form of mycelia can be good 
evidence of the oxygen sensitivity of the cell for living. In the process of transferring a 
gaseous substrate such as synthesis gas, methane and oxygen; the gas must be dissolved 
in fermentation broth in a continuous manner for cell demands and bioconversion. In the 
operation of a high cell population and dense cell concentrations oxygen limitations exist 
due to lack of sufficient mass transfer. Such problems in large-scale fermentations for pro¬ 
duction of single cell proteins, xanthenes gum, extracellular biopolymers, and penicillin pro¬ 
duction may be serious due to insufficient oxygen transfer. One should consider the cell 
oxygen demand; how fast oxygen must be transferred from gas bubbles to the cell. In this 
case the cell may face a series of resistance before oxygen reaches the cell. This involves 
the effective process parameters, which are such as bubble size, temperature, hydrodynamic 
of the flow, cellular activities and cell density, composition of the solution, and interfacial 
area for mass transfer. 

The concept of mass transfer in film theory is valid in biological systems. For a rising bub¬ 
ble, there are seven resistances involved in the process of mass transfer: 

1. Diffusion of bulk oxygen to the gas—liquid interface 

2. Concentration gradient of oxygen in the gas film 

3. Diffusion of oxygen at the gas—liquid interface 

4. Transport of oxygen through liquid film 

5. Transport of oxygen through the bulk of liquid 

6. Transport through the cell membrane 

7. Transport inside the cell for consumption at the reaction site. 

The respiratory oxygen utilization for different substrates may vary because pathways 
of substrate utilization for energy and anabolisms might be different. It has been reported 
that nutrients and various carbon sources affected the oxygen consumption rate. The ox¬ 
ygen demands for Penicillium sp. utilizing carbon sources of lactose, sucrose, and glucose 
were 4.9, 6.7, and 13.4 mmol (L h) _1 , respectively. The yields of oxygen with respect to 
carbon source, Yo,/o for methane, fats, and carbohydrate were 1.34, 1.0, and 0.4, respec¬ 
tively. The transported oxygen is used for growth and oxidation of organic substrates to 
deliver cell energy requirements for biotransformation, biosynthesis, and primary and sec¬ 
ondary metabolites. After glucose exhaustion in living organisms, biological transforma¬ 
tions of organic compounds are involved in energy conversion. This means that 
nutrients are converted to intermediate products which are used as energy sources. 
In the final stage, in an aerobic process, oxygen molecules are required for product 
formation. 

6.11.1 Estimation of Mass Transfer Coefficient 

Estimation of mass transfer coefficient in aerated systems with bubbles is necessary to 
determine the oxygen uptake rate. In an aerated system with gas bubbles, useful correlations 
for mass transfer coefficients were introduced in the literature. Dimensionless groups such as 
Reynolds number. Re = Pl ^ u , and Peclet number, Pe = wD/Do,, are commonly used for 
generating a useful correlation. The term "u" in these dimensionless groups is related to 
the velocity of the gas bubbles relative to liquid velocity. Specifically for gas bubble velocity. 
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the difference of the densities of bubble and liquid may have an influence on the increasing 
bubble velocity. Therefore, the Grashof number should cover the density differences. The 

mass transfer correlations are also related to the Grashof number, Gr = — ft(P ! Ps \ and Schnidt 

Mf 

number. Sc = p ^ o , as Sherwood number, Sh, is a function of Gr and Sc: 


Sh = k J^= /(Gr, Sc) 


( 6 . 11 . 1 . 1 ) 


o. 


where Dj, is bubble diameter. 

For the the case of very low Reynolds number, the special case of mass transfer for small 
bubbles in fermentation broth containing active agent, 

Re<<l and Pe>>l or Pe > 1 > Re; 5S> 15^-the proposed correlation for Sc > 1 is 


Sh = Pe 1/3 


or 


( 6 . 11 . 1 . 2 ) 


For sphere bubbles and small Reynolds number, the terminal velocity of a bubble is: 


u t = 


D l A Pg 

18 ^ 


(6.11.1.3) 


Substitute Ut in the above correlation; then, regroup it for the dimensionless group. This 
resulted in an expression similar to that discussed in previous section. This correlation is 
used for a single bubble. 


Sh 


f D?APg ) 

\18 M;Do 2 / 


f D bPApg ) 1/3 f pi y /3 
V 18 P] ) \dJ 


0.38 (GrSc) y3 


(6.11.1.4) 


The above correlation is grouped into Gr and Sc. As proposed earlier, the groups of Gr and 
Sc are known as Rayleigh number (Ra). For a single bubble, very large Reynolds number, and 
noncirculating spheres the correlation is 

Sh = 2.0 + 0.6Re 1/2 Sc 1/3 for Re»l (6.11.1.5) 


Note that, Sherwood number varies with the square root of flow velocity. This may indi¬ 
cate that there should be a difference on hydrodynamic regions for Reynolds number greater 
than or less than unity. The mass transfer resulted in fluid in motion or hydrodynamic mix¬ 
ing. When a group or massive number of bubbles appears at the interface of gas and liquid, 
then sufficient mass transfer must occur. The mass transfer coefficient for bubbles compared 
to the single bubble is about 20% reduced. 

Calderbank and Moo-Young have proposed two correlations to describe their experi¬ 
mental data for the absorption of soluble gas into liquid, when the gas was consumed at 
the liquid phase. The identification of two regions was small bubbles with critical diameter 
of D c = 2.5 mm. 

For region I, as D < D c 


Sh = 0.31Gr 1/3 Sc 1/3 = 0.31 Ra 1/3 


(6.11.1.6) 
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For region II as D > D c 

Sh = 0.42Gr 1/3 Sc 1/2 (6.11.1.7) 

Change of exponent for Sc is due to change of hydrodynamic regime. For Newtonian fluid 
g is constant, independent of shear rate due to agitation speed, bubble velocity, and other 
fluid parameters. For changing to region II, D > D c , the bubble shape changed from spherical 
to hemisphere or cap shape. The critical bubble diameter in a solution with surfactant from 
2.5 mm changed to 7 mm. The changes for non-Newtonian fluid can be gradually observed. 
Mass transfer for small particles is estimated by Sherwood number (Sh = 2); whereas for gas 
oil floe the Sherwood number is defined as 

Sh = 2 + 0.31 Ra l/3 (6.11.1.8) 

This means that Sc = 1, y = Dq 2 . 

Maximum bubble size is a dimensionless constant times surface tension (er) divided by dy¬ 
namic pressure (t). The relation for maximum stable bubble size and fluid flow properties is 
explained by a dimensionless group known as Weber number. We: 

We = t- (6.11.1.9) 

G 

When D = D c , the Weber number is unity for a clean air—water system We = 1; the dy¬ 
namic pressure is r = p ; ii 2 /2; w f is bubble terminal velocity. For turbulent shear stress acts 
on bubble size D c resulting in the following correlation: 

D c = a' ^ (6.11.1.10) 

Overall mass transfer coefficient for agitated and aerated vessels as discussed before; 
the mass transfer is influenced by gas terminal velocity and (T). As indicated, the calcula¬ 
tion for determination of the mass transfer coefficient is not simple because defining 
the (^) and gas terminal velocity is also not simple. The mass transfer coefficient in a bubble 
column was proposed by Akita and Yoshida , stated as follows: 

= 0.6 Sc^Bo^Ga^H 11 ( 6 . 11 . 1 . 11 ) 

Here Bo is bond number Bo = gG>] ank pi/(r and Ga is Galileo number Ga = yD 3 ?n/c / uj. 

For tower diameter less than 60 cm the correlation is perfectly fitted whereas for tank 
diameter greater than 60 cm the correlation is useful. 

The volumetric mass transfer coefficient for an airlift bioreactor is defined by Bello 
et al. 16 : 

0.8 

0.0005 (T) 

k,a = -—— (6.11.1.12) 

1 +A d /A r v ' 
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where the A^/A r in airlift is ratio of the area of down-comer to the area of riser. For small P/V 
< 1, the term for power per unit volume vanishes. The modified correlation is 

= ° 12 ““”(2I5T47) (611L13) 

where k/a is in s _1 , and u/ and Ug are liquid and gas velocity in cm s~ 1 . 


6.11.2 Mass Transfer in Aerated and Agitated Vessels 

For aerated and agitated vessels under turbulent conditions, the correlations for mass 
transfer coefficients are projected by Sherwood number, which is a function of Reynolds 
and Schmidt numbers. 


Sk = ^= /(Re, Sc) 


o 2 


( 6 . 11 . 2 . 1 ) 


Calderbank has proposed a correlation for the turbulent aeration in fermentation 
equipment. 


Sh = 0.13Sc3Re^ 


( 6 . 11 . 2 . 2 ) 



Sherwood number correlated in terms of power per unit reactor volume is 



The mass transfer coefficient is 


(6.11.2.3) 


(6.11.2.4) 


kt 


0.13 


«v,(?A 


P/D 

V / 


1/4 

Sc ' 2 / 3 


(6.11.2.5) 


EXAMPLE 4 

Determine the mass transfer coefficient for an operating bioreactor: working volume is 100 L, 
and diameter of the vessel is 50 cm. The system is mixed by a turbine impeller with diameter of 
15 cm and agitation rate of 180 rpm. The diffusivity of air through media is 0.5 x 10~ 5 cm 2 s _1 . The 
air flow rate is 8 L min- 1 . The media have a specific gravity of 1.2 and the viscosity of broth is 
0.01 g (cm s) _1 . The bubble diameter is 1 mm. 
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Solution 

Given: 

V = 100 L 

i-^tank ~ 50 Cm 

Hi = 51 cm 

D t = 15 cm 

N, = 180 rpm = 3 rps 


Dq 2 = 0.5 x 10 5 cm 2 s 1 


Fg = 0.5 vvm 

p.; = 0.01 g (cm s) _1 


p = 1.2 g.cm 3 

p-i 0.01 

Because we know that the agitated vessel is turbulent flow, the select flat blade turbine disk type 
impeller for reading dimensionless power number from the illustrated graph is obtained: 

Power number = six. 


P = 


Pm. = 


Pg 

p,N?Df 


6(1200)(3) 3 (0.15) 5 

9.81 


= 1.5 kg m s 


(E.4.1) 


As the calculated power in terms of hp is very low, for the bioreactor the select motor for mixing 
is 1 hp. Aeration number is defined as 


K 



50000 cm 3 min 1 
180 x 15 3 cm 3 min 1 


0.082 


(E.4.2) 


For flat blade turbine impellers Pa/P = 0.6 read off from the graph power required aerated 
versus nonaerated systems. If ungas power is P = 1 hp, then the gas power would be Pg = 0.6 hp. 
The gas superficial velocity is defined as gas flow rate divided by the cross-sectional area of the 
tank: 


Us 


0.05 m 3 min 1 



(E.4.3) 


u s = 


7r(0.25) 2 m 2 


= 0.25 m min -1 = 15.3 m h" 1 
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For aerated and agitated vessel using Richards' data projected in gas hold correlation: 

\ 0.4 

u 1 / 2 = 7.63H + 2.37 


(E.4.4) 


(15.3) 5 = 7.63H + 2.37 


The calculated gas holdup is H = 0.74 as volume void fraction. Diameter of the bubble is 
calculated based on the following correlation: 


Dt 


^1.452 x 10~ 2 



(E.4.5) 


Db is in cm, and cr is gas—liquid surface tension in dynes cm 1 . The surface tension of water is 
related to temperature as given according to the expression 1 ^ 

a = 0.1232[1 - 0.00146T] (E.4.6) 

where a is N m" 1 and T is in K. For T = 330K, cr = 0.064 N m _1 . 


D b = 1.452 x 10" 2 x 


64 


1198.77 


= 0.028 cm 


Now, calculate mass transfer coefficient: 


ki = 0.13 


k, = 0.13 

0.01 




PfloJ 


D b 


1.2 x 0.5 x 10- 5 


(81000)° 


0.75 /0.5 X 10 


0.028 


= 1.32 s" 


(E.4.7) 


NOMENCLATURE 


r p Rate of product formation, g L" 1 h" 1 
— rs Rate of substrate consumption, g L" 1 h" 1 
Fr Froude number, dimensionless 
g gravity, m s~ 2 
N rotational speed, Hz 
D; Impeller diameter, m 
Np Power number, dimensionless 
Vs Gas superficial velocity, cm min" 1 
N a Dimensionless aeration rate 
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PROBLEMS 


6.1. A 25 m 3 working volume of bioreactor is used for production of antibiotics. The oxygen is 


not limited in this bioprocess. The aeration rate is 1 vvm. Assume that the physical property 
of water can be used, e.g., viscosity of water is 1 cP. 

a. What would be the required power input? 

b. What is the oxygen transfer rate (OTR)? 

Given data and useful formula: 

Pg/P = 0.4 

Equilibrium concentration of oxygen = 6xl0~ 3 kg/m 3 
Angular velocity is 60 rpm 
One hp = 745.7 kg m/s. 

Cq 2 in fact that is concentration of oxygen O 2 


Power no. 



OTR = k L -a(c* 02 — C 02 ) 



unit of mass transfer coefficient, s 



V s , cm min 
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6.2. Oxygen transport in the bioreactor is considered; an unstirred aerated Chemostat, with 

working volume of 1 1 and 10 orifices is mounted in the bottom. Each orifice is 1 mm diam¬ 
eter with and air flow rate of 15 ml min -1 . What would be the rate of biomass growth for 
oxygen limiting? 

Useful equations, data, and physical properties are given below: 


Mmax — 0.5 h 

g = 980 cm s -2 
Piiq = 10 -2 g (cm s) -1 
Y 0 2 /x = 1 g 0 2 /g cell 


K s = 0.1 mM 

Pgas = 2xl0 -4 g (cm s) -1 

V = 1.4 g IT 1 

X = 1 g W 1 


a = 72 g s -2 
D = 5xl0 -6 cm 2 s -1 
Hi = 10 cm 

/ \ 0-6 

k L -a = 2 x 10 3 (^ ) V° S M7 


Forces are balanced: 


yA pDbubble — b^donfiri’ 

Rising terminal velocity of bubbles: u t = g ^ P 


Hint: Use the dynamic model for oxygen balance and Fick's as well. Additional 
data may use physical properties of water. 

6.3. In a bioreactor, utilization of methane as substrate in the presence of oxygen on a 
continuous basis is given by the following cell growth rate equation, which is used 
for SCP production based on gaseous dual substrates: 


A Mn 


Ki + Si 


k 2 + S 2 J 


where Si substrate is oxygen and the S 2 is methane. The following data are provided: 

Ki = K 2 = 0.5 mg L -1 , Yi = 1.25 g cell (g O 2 ) -1 , Y 2 = 2 g cell (g methane) -1 , /u m = 0.8 h -1 . 

Under washout conditions the steady-state substrate concentrations are Si = 0.015 and 
S 2 = 0.007 g L -1 . Write overall mass balance for the gas and liquid system. Determine 
hydraulic retention time; x for the wash out phenomena may happen at a high liquid flow 
rate. Assume that the system is well mixed. 

6.4. Consider a 5 L unstirred aerated bioreactor with 10 orifices mounted in the bottom of the 
reactor (e.g., Biostat B). If each orifice is 1 mm in diameter and has an airflow rate of 
15 mL min -1 , what specific cell growth rate will be maintained if oxygen is limited? Neglect 
cell break up and coalescence and assume that the media are sufficiently dilute; it behaves 
like pure water. Hint: Buoyant force is equal to the rest of the existing forces. 


Mmax 0.5 h 

K s = 0.1 mM 

<7 = 72 g s -2 

g = 980 cm s -2 

H gas = 2xl0 -4 g (cm s) -1 

DD = 0.5 xlO -4 cm s -2 

H l = 15 cm 

Pgas = 1-4 g IX 1 

Mh, = 10 -2 g (cm s) -1 

X =1.0 g cells L 1 

Yo 2 /X = 1.0 g 0 2 (g cell)- 1 
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TABLE Q.5 Batch culture data 

Culture time (h) Alcohol concentration of the broth (g L -1 ) 

12 
15 
18 
21 
27 
33 
42 
48 
51 
54 
57 
60 
66 
72 


6.5. Given batch fermentation data for rate equation in Table Q.5. We are planning to use 
such data for designing a continuous bioreactor in a single vessel with a working 
volume of 100 L. Determine alcohol concentration in the broth when operated at a flow 
rate of 4 L h _1 . 
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7. DOWNSTREAM PROCESSING 


7.1 INTRODUCTION 


Bioprocess engineering treats raw materials and generates useful products. Most 
bioprocesses involve one or more of the following processes: centrifugation, chromatography, 
cooling, crystallization, dialysis, distillation, drying, evaporation, filtration, heating, 
humidification, membrane separation, milling, mixing, precipitation, centrifugation, solid 
handling, and solvent extraction. A particular sequence of unit operations and bioprocesses 
is used for the manufacture of an extra pure pharmaceutical product. 

Fermentation broths are complex, aqueous mixtures of cells, comprising soluble extracel¬ 
lular and intracellular products and any unconverted substrate or unconvertible components. 
Recovery, separation, purification, and extraction of products are important in bioprocess 
engineering. In particular, separation is a useful technique; it depends on product, its solubi¬ 
lity, size of the process, and product value. Purification of high-value pharmaceutical 
products using chromatography such as hormones, antibodies, and enzymes is expensive 
and difficult to scale up for commercialization. The necessary steps to follow a specific 
process depend on the nature of the product and the characteristics of the fermentation broth. 
There are a few steps for product recovery; the following processes are discussed, which are 
considered as an alternative for the product recovery from fermentation broth. 

Initially, fermentation broth has to be characterized based on the viscosity of the fluid. If 
the presence of biomass or cells causes trouble, the biomass and cells have to be removed. 
If the product is stored inside the cells, the cells must be ruptured and the product must 
be freed. Intracellular protein can easily be precipitated, settled or filtered. In fact, the product 
in diluted broth may not be economical enough for efficient recovery. Enrichment of the 
product from the bioreactor effluents for increasing the product concentration may reduce 
the cost of product recovery. There are several economical methods for pure product recov¬ 
ery, such as crystallization of the product from the concentrated broth or liquid phase. Even 
small amounts of cellular proteins can be lyophilized or dried from crude solution of biolog¬ 
ical products such as hormone or enzymes. Advanced technology has to be implemented to 
reduce downstream processing costs. 


7.2 DOWNSTREAM PROCESSING 


In downstream processing of a fermentation unit for enzyme production with a feed stream 
of sugar at a concentration of 35 g 1 ', the expected product to be recovered is a-amylase. The 
concentration of enzyme is very low, about several 100 milligrams per liter in the fermentation 
broth. Solvent extraction is a suitable process to recover a small amount of enzyme. The chance 
of some enzyme being intracellular is high; therefore, cells are ruptured to liberate intracellular 
enzyme, which can then interact with organic solvents. Figure 7.1 shows a simple diagram for a 
jacketed fermentation vessel for operation at constant temperature. 

Bioprocess includes the bioreactor and a subsequent section for product recovery. The 
particular separation techniques are useful for any given bioprocess, which depends not 
only on the size, charge, and solubility of the product but also on the size of the process and 
product value. For example, various forms of gel filtration, gel chromatography, and ion 
exchangers are used to purify highly valuable pharmaceutical biological compounds such as 
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Feed stream contains 35g/l sugar 



FIGURE 7.1 Schematic of jacketed fermentation vessel for enzyme production. 

hormones, interferon, antibiotics, and enzymes. This chapter emphasizes product recovery 
from fermentation products. Our discussion on separation and purification will cover several 
bioprocesses, such as solvent extraction and recovery of whole or part of the microbial prod¬ 
ucts. The ultimate challenge is to select the best combination of substrate, enzyme, or organism, 
bioreactor, and separation of the specific product. Each separation depends on initial broth 
characteristics such as viscosity, product concentration, impurities, and undesired particulates, 
and final product concentration required detail information for crystallization of the desired 
compound from the concentrated liquid product for the dried powder. 

It is often desirable to recover product and to select a suitable strain of microorganism that 
produces an extracellular rather than an intracellular product. If the product stays inside the 
cells, the cells must be ruptured, to liberate the intracellular enzyme, after which extrachon or 
purification is performed to recover the valuable product. The fermentation broth has to be pro¬ 
cessed and pass through several stages of separation and purification. The product requires a 
sequence of operations for high purification. The usual steps to follow are stated as follows: 

1. Removal of insoluble particulates using various separation techniques. Common opera¬ 
tions are filtration, centrifugation, and/or settling/sedimentation/decanting. 

2. Primary isolation is done to increase product concentration. Solvent extraction, absorp¬ 
tion, precipitation, and ultrafiltration are the best known. Ultrafiltration can discriminate 
at the molecular level. During primary isolation, desired product concentration increases 
considerably and substances of widely differing polarities are separated from the product. 

3. Product purification. For production of highly pure product the impurities have to be 
removed for further product concentration such as chromatography and adsorption. 
These operations often select for impurity removal as well as further product concentra¬ 
tion. Approaches include fractional precipitation. Other alternatives such as chromatog¬ 
raphy and adsorption are also considered as methods of process purification. 

4. Final product isolation and drying of the crystallized products are carried out in drum dry¬ 
ing, spray drying, or freeze-drying. The last steps must provide the desired product in a 
form suitable for final formulation and blending, or for direct shipping. Processes of centri¬ 
fugation, freeze-drying/lyophilization, or organic solvent removal are commonly used. 

For antibiotic production, the fermentation broth needs to be treated in a pretreatment 
tank to produce crude and highly purified antibiotic products. The bioprocesses involved 
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Acid NaOH 
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Single-stage extraction 
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FIGURE 7.2 Acid recovery by liquid—liquid method. 


in producing antibiotics are spray or continuously dried crude solids and pure solid in the 
form of crystalline antibiotic. 

Another case of bioprocess engineering is production of an alternative and renewable fuel 
from agricultural wastes. Lignocellulosic materials are an abundant and renewable source of 
energy; in acid hydrolysis, sugar is the desired product. The acid can be neutralized by 
adding sodium hydroxide or any bases; the sugar may not be fermentable in the presence 
of salts. Solvent extraction is normally performed to recover acid and reuse/recycle 
acid for the hydrolysis process. Once fermentable sugar is obtained, it is useful to carry 
out fermentation for ethanol, organic acid, enzyme, or antibiotic production. Figures 7.2 
and 7.3 show the common separation and extraction processes that are involved in purifica¬ 
tion of enzyme and fermentable sugar for the related bioprocesses. 

Lignocellulosic material + Acid —— y —> Sugar + Solid residues 

When the fermentation broth enters the downstream units, it has high viscosity and 
needs pretreatment. Addition of chemicals and coagulating aids for cell flocculation such 
as poly- electrolytes, CaCl 2 , and colloidal clay are useful pretreatment methods to recover 


h 2 o 


Amylase 

bacteria 


Solvent (amyl-acetate) 



Bacterial 

sludge 


H,0 


Solvent + 
amylase 


FIGURE 7.3 Centrifugation and solvent extraction for enzyme recovery from downstream. 
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product from downstream. Settling solids are often used in large-scale wastewater treatment 
processes as well as traditional fermentation industries. Generally, simple centrifugation 
produces a cell-concentrated stream of 15% w/v. Also, filtration produces more concentrated 
cell sludge of up to 20—35% w/v. 4 

7.3 FILTRATION 


In filtration, solid particles are separated from a fluid—solid mixture by forcing the fluid 
through a filter medium or filter cloth, which retains the solid particles. As a result, solids are 
retained by filter media and the filtrate is obtained, which is a clear solution without any solid 
particles. The solid particles deposited on the filter form a layer, which is known as filter cake. 
The deposited solids create resistance, which reduces filter flux. The depth of the filter cake 
gradually increases as more solids are retained. The filter cake may create more resistance to 
further filtration. Filtration can be performed using either vacuum or positive-pressure equip¬ 
ment. The exerting differential pressure across the filter separates fluid from solid and is called 
the filtration pressure drop. Ease of filtration depends on particle properties and fluid filtrates. 
The compactions of particles are soft or hard, compressible or non-compressible, and the viscos¬ 
ity of the fluid may create different resistances. Fermentation broths are troublesome and hard 
to filter, because of the non-Newtonian behavior of the broth. Most microbial filter cakes are 
compressible. When the filter pores are clogged by cell bodies, then the high pressure drop re¬ 
sults in major problems in the filtration of fermentation broth. Then more pressure is created and 
gradually the filtration rate drops. 

Filter aids are widely used in the fermentation industry to improve the efficiency of filtra¬ 
tion. A filter aid is a precoated filter medium to prevent blockage or blinding of the filter by 
solids, which would otherwise wedge themselves into the pores of the cloth. Filter aid can be 
added to the fermentation broth to increase the porosity of the cake as it forms. This is only 
recommended when the fermentation product is extracellular. Filter aids add to the cost of 
filtration. The minimum quantity needed to achieve the desired condition must be experi¬ 
mentally established. Fermentation broths can be pretreated to improve filtration character¬ 
istics. Heating may denature proteins while enhancing the filterability of mycelial broths 
such as in penicillin production. Alternatively, electrolytes may be added to promote coag¬ 
ulation of colloids into larger, denser particles, which are easier to filter. Finally, the filtration 
process is affected by the viscosity and composition of the broth, and the cell cake. 

Plate filters are suitable for filtration of batch fermentation broth; accumulated biomass 
must be cleaned periodically. A rotary-drum vacuum filter is used for a continuous system. 
This type of filter can be used for the removal of Penicillium and Streptomyces mycelia in the 
production of penicillin and streptomycin, respectively. In these processes, the rotary-drum 
filter is used with a pre-coated cloth filter with filter aid; the filter cake is removed by a knife 
blade that scrapes the cake from the rotating drum. 

7.3.1 Theory of Filtration 

Assume laminar flow of filtrate of liquid through the filter cake. The rate of filtration is 
usually measured as the rate at which liquid filtrate is collected. The filtration rate depends 
on the area of the filter cloth, the viscosity of the liquid, the pressure drop across the filter, and 
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filter cake resistance. At any instant during filtration, the rate of filtration is given by the 
following equation: 


1 dV f 
A df 



(7.3.1.1) 


where A is the filter area, Vf is the volume of filtrate, f is the filtration time, AP is the pressure 
drop across the filter, p c is the fluid viscosity, and W is the mass of solids in the filter cake. 
Where W is defined as: 


W = mass of solids in the cake = 


' pa) ' 
.1 — nux>. 


Vf = 


vim 

1 — mw 


(7.3.1.2) 


where m is the ratio of mass of wet cake over mass of dry cake and w is the solid mass 
fraction. 

Also from (7.3.1.1), r m is the filter media resistance and a is the average specific cake resis¬ 
tance. If the filter cake is incompressible, a is constant; for compressible cake a is defined as: 

a = a'(AP) s (7.3.1.3) 


where S is cake compressibility, and a' is constant, depending on the size of particles in the 
cake. For incompressible solids, S is about zero; for highly compressible solids, S is about 1. 
For convenient integration, rewrite (7.3.1.1) in its reciprocal form: 


df / p(o \ Vf PA 

A Sv, = Alt + Ip 


(7.3.1.4) 


The separation of variables is used for suitable integrations, which result in the following 
equations: 


A 


df 


/ pjrapaj \ / I N 

\1 — vim) \AAP ) 


V f dV f + 


AP 


d V f 


(7.3.1.5) 


(A)(f) 


( P<o \ 2 , (PfT\ 

2AAP yl — mio) f + \APj f 


(7.3.1.6) 


Use of an initial condition for calculation for defining integration constant at f = 0, Vf = 0, 
gives the integration constant as zero. By division of the above equation with Vf we can 
obtain a linear model, which we can plot and obtain the slope and intercepts. The modified 
equation after division of (7.3.1.6) is: 


PfCtpM Vf 


V f /A 2AP(l-mw) A 


PfT 

AP 


Now (7.3.1.7) is linear, as yjjj versus -j> the linearized model is (y=k\X + A^): 


f 

Vf/A 





(7.3.1.7) 


(7.3.1.8) 


where ki 
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The slopes of the above lines depend on physical properties of the fermentation broth such 
as viscosity, density, mass fraction, and pressure drop. The pH for the filtration of fermenta¬ 
tion broth in the production of streptomycin using Streptomyces griseus may show an 
additional effect; neutralizing pH should eliminate such effect. 

In general, fungal mycelia are filtered relatively easy, because mycelia filter cake has a suf¬ 
ficiently large porosity. Yeast and bacteria are much more difficult to handle because their 
small sizes can clog up the filter pores. Alternative filtration methods, which eliminate the 
filter cake, are becoming more acceptable for bacterial and yeast separation. Microfiltration 
is achieved by developing large cross-flow fluid velocities across the filter surface while 
the velocity vector normal to the surface is relatively small. Buildup of filter cake and prob¬ 
lems of high cake resistances are therefore prevented. Microfiltration is not discussed in this 
section. 


7.4 CENTRIFUGATION 


Centrifugation is used to separate materials of different densities when a force greater than 
gravity has been implemented, such as centrifugal forces. Centrifugation may be used to 
remove cells from fermentation broth; yeast, for example, is harvested in a centrifuge unit. 
For dilute suspensions each cell may be treated as a single particle in an infinite fluid. In 
the concentrated fluid with suspended solids, the particle's motion is influenced by neigh¬ 
boring particles. A continuous process is commonly used in separation of solid particles 
from fermentation broth. The particle's velocity correlates with the hindered settling particles 
( Uh ), the single particle's velocity (»„), and the volume fraction of particles (e p ). The correlation 
is stated as follows: 


Uh 

U n 




(7.4.1) 


The empirical relations for /3 in the above equation derived for various ranges of £ p are: 


! 1 + 3.05cp' 84 0.15 < ep < 0.5, irregular particles 
1 + 2.29e 8 ' 43 0.2 < ep < 0.5, spherical particles (7.4.2) 

1—2 ep < 0.15, dilute suspensions 


Another type of centrifuge is known as a scroll conveyer centrifuge. By comparing several 
types of continuous centrifuges, the scroll type of centrifuge has an important feature of the 
decanter, which is able to handle large solid particles without any clogging. The decanter 
centrifuge is used for recovery of large mold pellets and the large throughput capacity of 
the nozzle. The settled solid is easily removed with a scroll centrifuge. 


7.4.1 Theory of Centrifugation 

The particle's velocity in a particular centrifuge is compared with the settling velocity that 
occurs under the influence of gravity and the effectiveness of centrifugation. The terminal 
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velocity during gravity settling of a small particle in dilute suspension is given by Stoke's 
law: 



where Ug is the sedimentation velocity under gravity, p p is the density of the particle, pf is the 
density of the fluid, p is the viscosity of the fluid, D p is the diameter of the solid particle, and g 
is gravitational acceleration. In (7.4.1.1) the centrifugal force is implemented to obtain termi¬ 
nal velocity in the centrifuge: 

“• = (T8ir) D '" 2 ’' (74 ' ,2) 

where u c is the particle velocity in the centrifuge, m is the angular velocity of the bowl in rad 
s^ 1 , and r is the radius of the bowl or centrifuge drum. The ratio of velocity in the centrifuge 
to velocity under gravity ( ujiig ) is called the centrifuge effect or y-n limber, and is denoted as 
Z; therefore: 

(> 2 r 

Z = - (7.4.1.3) 

S 

The force developed in a centrifuge is Z times the force of gravity and is often expressed as 
so many y-forces. Industrial centrifuges have Z factors from 300 to 16,000. In a small labora¬ 
tory centrifuge, Z may be up to 500,000. The particle velocity in a given centrifuge can be 
increased by increasing the centrifuge angular velocity (o>); by increasing the particle diam¬ 
eter (D p ); by increasing the density differences between particle and liquid (A p = p P — pf); 
and by decreasing suspension viscosity (/i). 

However, where the particles reach the walls of the bowl, the separation is also affected by 
the time of exposure to the centrifugal forces. In continuous flow and devices such as the disc 
stack centrifuge, the residence time increases by decreasing the feed flow rate. Performance of 
centrifuges of different size can be compared by using a parameter known as the sigma factor 
O- For a continuous centrifuge, the sigma factor is related to the feed flow rate: 

X = — (7.4.1.4) 

2 u s 

where Q is the volumetric flow rate and u p is the terminal velocity of the particles in a grav¬ 
itational field. The sigma factor physically represents the cross-sectional area of a gravity 
settler with the same sedimentation characteristics as the centrifuge. For two centrifuges 
with equal particle velocities, the performance of their effectiveness is related by their 
flow rate: 


Qi _ Qi 


(7.4.1.5) 


where subscripts 1 and 2 denote the two centrifuges. Equation (7.4.1.5) can be used to 
scale-up centrifuge equipment. The sigma factor depends on centrifuge design. Figure 7.4 
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Feed 



FIGURE 7.4 


Disc stack bowl centrifuge for continuous separation of solids. 


shows a simplified stack bowl centrifuge. For a disc-stack bowl centrifuge, is defined as: 


2 = 


2iut) 2 (N — 1) , 3 
3 g tan 6 ' 2 



(7.4.1. 6 ) 


where m is the angular velocity in rads s , N is the number of discs in the stacks, is the 
outer radius of the disc, r\ is the inner radius of the disc, and e is half of the cone angle of 
the disc. For a tubular bowl centrifuge the above equation has to be modified. 


7.5 SEDIMENTATION 


When cells have a high tendency to aggregate closely (coagulate) or to form multicellular 
floes with the aid of polyvalent cations or extracellular polymers, the recovery of cell biomass 
becomes simple and easily applicable by the sedimentation process. Such aggregation 
provides cell recycle streams in activate sludge wastewater treatment; and several highly 
flocculent yeast strains are used in brewing beer and single-cell protein production. In fact, 
we need to remove cells from fermentation broth, so sedimentation is considered as a down¬ 
stream processing method. Alum, lime, and poly-electrolytes are commonly used to create 
macro-flocs. There are several natural and chemical coagulants used for aggregating 
suspended cells in bioprocesses. Figure 7.5 shows that cells are removed from fermentation 
broth and the sludge of coagulants with biomass settles as sludge. The clear solution is 
analysed for enzyme activity and further process purification is needed for enzyme recovery. 

The nature of chemical coagulants is such that the macrofloc may possess certain charges; 
for example lime (CaO), alum (AI 2 O 3 ), and flocculating polyvalent cations carry positive 
charges, which interact with proteins. The interactions are simply illustrated in Figure 7.6. 
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Sludge 


FIGURE 7.5 Sedimentation and settled sludge. 

It is necessary to define settleable solids and the settling velocity. Let us take barley and use 
the polysaccharide content of it with a well-known yeast for brewing beer. It is ideal to use a 
natural settling tank to have a clear solution; we can generate bioflocs that settle down the 
biomass faster than usual sedimentation. Figure 7.7 shows the free-falling solid particles in 
a fluid. When cells have a high tendency to aggregate, with the aid of polyvalent cations, 
cell biomass recovery becomes possible. 

Saccharomyces cerevisiae 

Barley (starch) —► Brewing beer 

In brewing beer and SCP production, several highly flocculent yeast strains are used. The 
special yeast strains are easily separated without the use of any expensive separation 
process/ The settling velocity is defined by: 

u s = kC- m (7.5.1) 

where m is an empirical constant in the range 1.7—2.6. Once the cell concentration achieves a 
large value, C max , further concentration occurs at a negligible rate, as seen in an activated 
sludge process. The relative abilities of sedimentation, centrifugation, filtration, and drying 
to achieve dewatering up to a desired level are important in determining which processes 
are appropriate. For example, centrifugation at Z = 3000 removes all the floe water, giving 
a pellet with 5% moisture; further dewatering may be required after cell lysis. Increased 
sedimentation rates may be possible in inclined tubes or narrow channels, leading to evolu¬ 
tion of a clear fluid zone at the top of the channel or tube. 



FIGURE 7.6 Floe with positive or negative charges. 
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FIGURE 7.7 Solid particles with free-falling velocity. 


7.6 FLOTATION 


Flotation is another method to remove solid (cells) from fermentation broth, using air 
bubbles to float protein. We may use different kinds of high shear-force devices to make 
homogeneous solutions for liberating intracellular enzymes. Figure 7.8 shows several types 
of impeller for homogenization. Nonmechanical methods are also used to break down the 
cell wall and to release intracellular enzymes or proteins. Listed below are several methods 
that fracture cell walls and release cell content: 

• Osmotic shock 

• Freezing 

• Solvent 

• Detergents 

• Based on shear forces: high-pressure homogenizer 

• Manton Gaulin homogenizer works at high pressure, about 550 atm 

• Lysis of cells for intracellular products 

• Cell wall lysed with organic solvent extraction 



Ultrasound 


FIGURE 7.8 Various impeller shapes. 
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7.7 EMERGING TECHNOLOGY FOR CELL RECOVE RY 

Particulates can be removed from aqueous suspension by attachment to rising air bubbles. 
This method is known as flotation, which is widely used for recovery of small particles from 
aqueous suspension minerals. This method is used in beer processing. A related technique for 
flotation uses air—water surface tension to strip out proteins from the broth solution 
and accumulate them in a high protein. English beer is prepared for cell separation by air 
flotation. Flotation is applied to concentrate Acinetobacter cerificans for production of SCP. 
Acinetobacter cerificans is a suitable microorganism used in the production of single cell pro¬ 
tein (SCP). The synthesized protein is concentrated by aeration using the flotation method. 
Figure 7.9 shows an aeration vessel with agitation and mechanical foam breakers. 

Application of charges and filtration may separate protein very efficiently. Electrokinetic 
deposition uses voltage gradients of 1050 V/cm to produce solid biomass with densities of 
up to 40% w/v. 


7.8 CELL DISRUPTION 


Downstream processing of fermentation broths usually begins with separation of cells by 
filtration or centrifugation. In centrifugation, a vertical rotor, horizontal rotor, or even disc 
types are used. Sedimentation and coagulation are used in downstream processing. A 
combination of bioprocesses is required for product recovery. Separation of products such 
as ethanol, citric acid, and antibiotics is extracellular but harvesting and recovery of enzymes 
inside the cells requires cell rupture. Cells are broken down by lysis of the cell wall. Cell 
disruption is used for downstream product recovery. Removal of biomass from the extracted 
product is necessary. The selection of a process such as filtration, batch or continuous, 
vacuum filtration, cross-flow, etc. is based on the nature of the product. Biomass separated 
from the fermentation broth is discarded or sold as a byproduct. For example, the products 
of recombinant proteins, which remain inside the cells, must be ruptured to release the 
intracellular products. Two categories of well-defined methods for cell rupturing are mechan¬ 
ical grinding with abrasives, high-speed agitation, high-pressure pumping, and ultrasound; 
and nonmechanical methods such as osmotic shock, freezing and thawing, enzymatic 
digestion of cell walls, and treatment with solvents and detergents. 


FIGURE 7.9 Aeration vessel with foam 
breaker for SCP production. 
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A widely used technique for cell disruption is high-pressure homogenization. Shear forces 
generated in this treatment are sufficient to completely disrupt many types of cell. A common 
type is the Manton—Gaulin homogenizer. In this system, a high-pressure pump incorpo¬ 
rates an adjustable valve with a restricted orifice through which the cells are forced at a 
pressure of up to 550 atm. The homogenizer is of general applicability for cell disruption. 
The homogenizing valve can become blocked when used with highly filamentous organisms. 
Stages involved for product recovery are: 

• Lysis of cells for intracellular product recovery 

• Extraction of lysed or ground cells 

• Removal of unconverted soluble substrate 

• Removal of biomass from extracted product 

• The choice of filtration (batch, continuous vacuum, cross-flow, etc.) 

• Centrifuge (vertical rotor, horizontal rotor) 

• Sedimentation (and / or coagulation) 

The process depends on broth conditions (temperature, pH, ionic strength), medium 
components, and final state of the desired product. 


7.9 SOLVENT EXTRACTION 


Many antibiotics have excellent solubility in organic solvents and they are water immis¬ 
cible. A multistage extraction separates the aqueous phase from the organic phase. Extraction 
can provide concentrated and purified products. 

A typical penicillin broth contains 20—35 mg l -1 of antibiotic. Filtration is used to remove 
mycelial biomass from fermentation broth. The filtration may be subjected to filter-aided 
polymers. Neutralization of penicillin at pH 2—3 is required. Amyl acetate or butyl acetate 
is used as an organic solvent to remove most of the product from the fermentation broth. 
Finally, penicillin is removed as sodium penicillin salt and precipitated in a butanol—water 
mixture. 

Extraction of penicillin from the fermentation broth is normally done using organic 
solvents such as butyl acetate, amyl acetate methyl isobutyl ketone, and methyl ethyl ketone 
(MEK). Isolation of erythromycin using pentyl or amyl acetate is another example of solvent 
extraction. For recovery of steroids, solvent extraction is used. Purification of vitamim B 12 and 
isolation of alkaloids such as morphine and codeine from raw plant materials are used in 
solvent extraction methods. Two phases are formed: the separated organic and aqueous 
phases. Vigorous mixing requires perfect contact of liquid phases and turbulences to facilitate 
solute transfer from the aqueous phase to the organic phase. However, organic solvents are 
undesirable for the isolation of proteins. Two phases are produced when a particular polymer 
plus salt are dissolved in water above certain concentrations. When biomolecules and cell 
fragments are distributed in the aqueous phase, one phase contains protein and cell frag¬ 
ments are confined to other phase. The extracted phase goes to other unit for precipitation 
or crystallization. The partition coefficient (k = C,\ u / C,\i) is constant, where Ca u is the 
equilibrium concentration of component "A" in the upper phase and Cai is the equilibrium 
concentration of "A" in the lower phase. If k > 1, component "A" favors the upper 
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phase; if k < 1, component "A" favors the lower phase. For effective separation in a single 
stage of extraction, k > 3 is required; for low k, a large volume of solute is also required. 
The yield is defined as the ratio solute extracted over the original amount of solute in the feed: 


Y 


U 


_ h u Cau 

VoCao VuCau + ViCai 


(7.9.1) 


where V 0 is the original volume, V u is the upper-phase volume, and V\ is the lower-phase 
volume. 


7.9.1 Product Recovery by Liquid—Liquid Extraction 

Solvent extraction is popular for recovery of fermentation products downstream. Antibi¬ 
otics are dissolved in an organic solvent, which may be precipitated by converting antibiotic 
to salt form and separating it from the organic solvents. Simple alcohol (R-OH, CH 3 OH, 
C 2 H 5 OH), propanol, butanol, and ketones are used in pharmaceutical industries. A simple 
separation funnel to show the two phases are clearly separated is shown in Figure 7.10. 
Two sequential stages of extraction with fresh solvent are shown in Figure 7.11. 

S + F = R + E (7.9.1.1) 


7.9.2 Continuous Extraction Column Process, Rotating Disk Contactors 

Organic solvents are used to extract antibiotics. The characteristics of antibiotics and prod¬ 
uct from extraction processes are summarized below: 

• Water immiscible 

• Multistage extraction 

• Purification provides highly concentrated products. 

Stages of the extraction process using fermentation broth for product recovery are listed 
below: 

• 20—35 g 1 1 Antibiotic. 

• Filtration: to remove mycelia with addition of polymer to get clear filtrate. 



FIGURE 7.10 Single-stage extraction in a separation funnel. 
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FIGURE 7.11 Sequence of single stages of extraction with fresh solvent. 


• Neutralization: penicillin, pH about 2—3. 

• Solvent extraction: using suitable solvent such as amyl acetate, a salt solution of peni¬ 
cillin is obtained. 

• Precipitation of antibiotics is done with butyl acetate, an isobutyl ketone, and mineral 
ions such as Na + . 

• Crystallization: solid product can easily be filtered. 

Erythromycin is extracted by an organic solvent such as pentyl acetate. Similarly, steroids, 
vitamin B 12 , morphine, and codeine are extracted with organic solvents. Countercurrent 
extraction columns are used. Figure 7.12 shows the countercurrent extraction column with 
a ternary diagram for material balance and equilibrium curve. 

The mixture of feed and solvent has been identified as the crossing lines of material 
balance and tie line connecting the desired product in organic and aqueous phases. 

M = S+F and M' = | (7.9.2.1) 


1.0 

E 






Solvent 


F 


*■ E 


FIGURE 7.12 Countercurrent extraction column with material balance in the ternary diagram. 
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Amyl acetate 



FIGURE 7.13 Separation of extract and raffinate layers. 


Equilibrium data must be obtained for material balance showing raffinate and extracted 
phases. A simple separation funnel for single-stage extraction using amyl acetate as organic 
solvent is shown in Figure 7.13. 

The equilibrium constant is defined by K, K = y/x, and the portion coefficient is also 
defined by K as a ratio of Cau/C,\i, which is constant. Based on the value of K, single or multi¬ 
stage extractions are performed to do a perfect job in bioseparation. 

Another parameter used to characterize two-phase partitioning is the purification factor, 
defined as: 


Concentration of product in the preferred phase (7 9 2 2) 

Initial product concentration 

8 C = Cai/Cao/ where product is shown in the lower phase, and 8 C = Ca u /Ca 0 , where product 
partitions to the upper phase. When single-stage extraction does not give sufficient recovery, 
repeated extraction can be carried out in a chain or cascade of contacting and separation 
units. 


7.10 ADSORPTION 


In general, adsorption is physical process as a surface phenomenon, where gas or liquid is 
concentrated on the surface of solid particles or fluid interfaces. There are many adsorption 
systems. 


7.10.1 Ion-Exchange Adsorption 

Adsorption beds of activated carbon for the purification of citric acid, and adsorption of 
organic chemicals by charcoal or porous polymers, are good examples of ion-exchange 
adsorption systems. Synthetic resins such as styrene, divinylbenzene, acrylamide polymers, 
and activated carbon are porous media with total surface area of 450—1800 m 2 g -1 . There 
are a few well-known adsorption systems such as isothermal adsorption systems. The 
best-known adsorption model is Langmuir isotherm adsorption. 
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FIGURE 7.14 

model. 


Langmuir isotherm 


adsorption 


7.10.2 Langmuir Isotherm Adsorption 

Adsorption, like extraction, depends on equilibrium relationships. Isothermal adsorption 
is projected by Langmuir isotherms. The model is illustrated in Figure 7.14, which is based 
on the linear model of the following equation: 


r* 

^ A 


C A Sink A C A 

1 + k A C* A 


(7.10.2.1) 


where, C* As is the equilibrium concentration (kg solute kg 1 solid) and CASm is the maximum 
loading of adsorbate. 


7.10.3 Freundlich Isotherm Adsorption 

Another useful model for isothermal adsorption is Freundlich model, which is presented 
by the following equation: 

C* s = k F C A /n (7.10.3.1) 

where kp and n are constants based on the characteristics of the particular adsorption system. 
If adsorption is favorable, the value of n is greater than 1. For n less than 1, the adsorption 
process is not favouable. Figure 7.15 shows the adsorption of ion exchangers, downflow 
pattern. The bed has an adsorption zone with respect to time and is saturated with solute. 


7.10.4 Fixed-Bed Adsorption 

Fixed-bed adsorption may give a higher adsorption area per unit volume than any other 
type of adsorber. The point of saturation of the bed is called the breakthrough point. By 
knowing this point, one can determine operation schedules. In designing fixed-bed adsorber, 
the quantity of resin and the time required for adsorption of a given quantity of solute must 
be estimated. 
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^ ^ ^ ^ ^ ^ ^ 




FIGURE 7.15 Ion exchange adsorption bed. 

The overall rate of mass transfer from liquid to internal surface is given by the following 
expression: 

^ = TZ^( C ^ C a) (7.10.4.1) 

where C; ls is the concentration of "A" at equilibrium, and the void function is defined as a 
fractional volume—that is, the ratio of the empty space volume in the bed and the total vol¬ 
ume s=(Vt—Vs)/Vt, where V? is the total volume and Vs the volume of resin in the packed 
bed. 


7.11 CHROMATOGRAPHY 


Chromatography is a separation procedure for resolving mixtures and isolating compo¬ 
nents. The basis of chromatography is differential migration and the selective retardation 
of solute molecules during passage through the bed of resin particles. The fluid carrying 
the solutes through the column used for elution is known as the mobile phase. The material 
that stays inside the column and effects the separation is called the stationary phase. In gas 
chromatography (GC), the mobile phase is a gas. GC is widely used as an analytical tool to 
separate relatively volatile components. For instance, separation of three solutes from a 
mixture that is injected into a column would lead to three separate peaks identified by the 
detectors on the outlet analysis. 

Chromatography is a high-resolution technique; therefore the method is suitable for recov¬ 
ery of high-purity therapeutics and pharmaceuticals. Different chromatographic methods are 
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available for purification of proteins, amino acids, nucleic acids, alkaloids, vitamins, steroids, 
and many other biological materials. These methods are adsorption chromatography, parti¬ 
tion chromatography, ion-exchange chromatography, gel chromatography, and affinity chro¬ 
matography. These methods differ in the principal mechanism by which the molecules are 
retarded in the chromatography column. There are several distinct methods of 
chromatography: 

• Adsorption chromatography. 

• Partition chromatography. 

• Ion-exchange chromatography, such as carboxy methyl cellulose (CMC), agarose, and/ 
or dextrin. 

• Gel chromatography or molecular sieve chromatography, such as polyacrylamide gels. 

• Affinity chromatography, which is the binding of biomolecules with the matrix bed, 
often used for antibodies and antigens. 

In adsorption chromatography, the bed has special characteristics to adsorb solutes. 
The recommended beds for adsorption chromatography are silica gel, alumina, and charcoal. 

In ion-exchange chromatography, agarose, dextrose, and carboxy methyl cellulose (CMC) 
are used as the media beds for separation. In gel chromatography the bed is mainly molecular 
sieves such as polyacrylamide gels. In affinity chromatography, the separating bed is a bind¬ 
ing biomolecular matrix that is able to attract antibodies or antigen, so there is good affinity 
for separating the product. The gel is defined as porous material that is cross-linked, such as 
dextrin agarose and polyacryamide gel. As flow passes through the bed, differentiation and 
separation based on molecular size occur. The large molecules are completely trapped while 
small molecules move through the gel matrix. The small molecules are able to penetrate into 
the pore of the packed bed. The intermediate-sized molecules are separated from large and 
small molecules. At the end of the process, three zones are eluted with buffers for backwash 
to separate original samples to three proportions with molecular cut-off. The capacity of the 
column is given by the following equation: 

k = Ve ~ V ° (7.11.1) 

* 0 

where k is known as the capacity of the column, and the solvent volume for eluting the bed 
is defined with V e ; also V„ is the void volume, the free volume, outside of the bed particles; 
Vi is known as internal volume of liquid in the pores of the particles; and V s is the volume 
of the gel itself. These equations are normally applied for partition coefficient, ion ex¬ 
change, and affinity chromatography. In gel filtration, the separation is a function of effec¬ 
tive molecular size, elution volume, and total gel volume. The total volume of the gel 
column is: 


V l0tal = v 0 + Vi + v s 

V e = Vo + kpVi 


where V e is the volume of eluting solvent, V 0 is the void volume outside the particles, V) is the 
internal volume of liquid in the pores of the particles, and V/ is the volume of the gel itself. 
For two solutes k| and kj are capacity factors for solutes 1 and 2, respectively. The relative 
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FIGURE 7.16 GC column in an insulated box. 


retention, 8 = is the ratio of two capacities; also known as selectivity. Also, k p is the gel 
partition coefficient, kp=(V e —V 0 )/Vi, where V l is internal volume of liquid in the pore of par¬ 
ticles, which is defined by multiplication of “a" mass of dry gel with W r : 

W r p v 

V ‘ = aW '■ = 1 ^ w y r - (7 - 1L2) 

1 + Vv,.p w 

where W r is the water regain value, that is, the volume of water taken up per mass of dry gel; 
Pg is the density of wet gel; and p w is the density of water. 

7.11.1 Principles of Chromatography 

The basis of chromatography is in the differential migration of chemicals injected into a 
column. The carrier fluid takes the solutes through the bed used for elution (mobile phase). 
The bed is the stationary phase. Based on mobility, the retention-time detectors identify the 
fast- and slow-moving molecules. According to internal or external standards with defined 
concentration, all unknown molecules are calculated in a developed method by software. 
GC columns are installed in an oven that operates at a specified temperature. A diagram 
of an oven with a GC column is shown in Figure 7.16. 


Example 1 

A 30-ml sample of broth from penicillin fermentation is filtered in the laboratory on a 3 cm 2 filter 
at a pressure drop of 5 psi. The filtration time is 4.5 min. Previous studies have shown that the filter 
cake of Penicillium chrysogenum is significantly compressible with S = 0.5. If 500 1 of fermentation 
broth from a pilot plant have to be filtered in 1 h, what size of filter is required for pressure drops of 
5, 10, and 15 psi? Neglect the resistance exerted by the filter medium. 

Solution 

Since the filter resistance in the filter medium is neglected, the second part of Equation (7.3.1.5) is 
neglected. Let us define a new constant, C, equal to the mass of solid deposited on the filter per 
volume of filtrate: 


C = 


poj 


1 — moj 


(E.1.1) 
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Equations (7.3.1.5) was modified as the second part is neglected, so the filtration time per unit 
volume is: 


t 


H c ap(i> 


V, 


/ 


Vf 2AP(1 — mw) A 2 

The obtained equation is written with respect to pressure drop: 

t ^a'AP^C 


V f 


2 A 2 


The area for a laboratory-scale filter is calculated by: 


fi e a c — 


2A l t 

lS-T/2 


fl e OL c = 


(AP) V 2 

2(3cm 2 ) 2 (4.5min) 
(5ps;) 0 ' 5-1 (30 cm 3 ) 2 


(E.1.2) 


(E.1.3) 


, „ „„ (psz) u min 

fi e a'c = 0.201 ^ ’ , - 

cm 

The area for a pilot-scale filter is obtained according to defined pressure drop. 
For a pressure drop of 5 psi, the filter area is: 

mXc(ap) s -V 2 
A = - 1 


It 

(0.201)(5)°' 5_1 (500,000cm 3 ) 2 
120min 

A = 1.37 x 10 4 cm 2 or 1.3 7m 2 


A 2 = 


For pressure drop of 10 psi, the filter area is: 

M y c (AP) s -v; 

it 

_ (0.20125) (10) a5_1 (500, 000cm 3 ) 2 
~ 120min 

A — 1.15 x 10 4 cm 2 or 1.15m 2 

The value for area A for a pressure drop of 15 psi is reduced: A. 

(0.20125)(15)° 5-1 (500,000cm 3 ) 2 
120min 

= 1.04m 2 


Having a differential pressure in the above filtration process, and increasing the pressure drop 
from 5 to 10 and then 15 psi, the filter area was reduced by 19 and 11%, respectively. One of the 
main reasons why an increase in the pressure drop results in less filter area may be due to 
compression of the filter cake and the porosity of the filter. 
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Example 2 


Filtration of 300 ml of fermentation broth was carried out in a laboratory-sized filter with a 
pressure drop of 10 psi. The filtration took 20 min. Based on previous studies, the filter cake 
obtained from Penicillium chrysogenum was compressible with the exponent "s" in the equation for 
calculation of filter area equal to 0.5. 

1. What size of filter is required to carry out filtration of 1 m 3 broth from a pilot plant in 20 h 
and at a pressure drop of 20 psi? 

2. What is the percentage increase in filter area if the pressure drop is reduced to 10 psi? 

Solution 


t /.me /ia'cAF 1 

V f = 2A 2 h.P f = 2 A 2 f 


a = a'AP s 

2A 2 t 2(10) z (20) 


(A py~ l v 2 (10f 5 (300) 


= 0.1405 


A = 


0.1405(20)' 


\^o/!c)\p-° 5 Vf 

1/2 

'(/j,a’c)\p- 05 ' 

It 


It 


V t 


2 x 2 x 60 


1/2 


(lO 6 cm 3 ) = 1.14 x 10 4 cm 2 = 1.14m 2 


Ai 

A 2 


A Pi 
A P 2 


T 2 ^ -0.25 


= 1.189 


(E.2.1) 


An 18.9% increase in the area of the filter was obtained. 


(. Ho/c/2t)°i 5 

(20)— 0 

r 

(lLa!c/2tf 2 s 

(20)-°' 5 J 

r 


0.473 

0.56 


0.84 


A 2 


Ai _ 1.14 
084 “ 084 


1.356m 2 


(E.2.2) 


The ratio of ^ = 1.189, which is approximately an increase in filter surface area of 19%. 
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Example 3 

In a batch production of penicillin, 40 m 3 capacity of the plant, sterile air is required to be 
supplied. The bioreactor requires 1 vvm (volume of air/volume of broth, min). The incoming air 
contains 3000 cells m~ 3 of air, for 100 h operation. Calculate the depth of filter, if the penetration of 
bacteria is one in one million. 

Solution 

Assume Dfji te r = 60 cm, based on availability of filter air flow rate, 

Tair=(40 m 3 )(l vvm)(60 min IT 1 ) = 2400 m 3 1C 1 
Microbial load=(3000 cells/m 3 )(2400) = 7.2 x 10 8 cells 
Cross-sectional area of filter, A = (tu/ 4)(0.6) 2 = 0.028 m 2 
Air velocity = (2400)/(0.028) = 8488 m IT 1 

N, = Ke-* (E.3.1) 

In (Ni/Nj) = kL (E.3.2) 

ln[(7.2 x 10 8 )/(10~ 6 )] = kL 
Ni = 7.2 x 10 a cells 
N 2 = 1 cell in 10 6 cells = 10 ~ 6 cells 

where L represents the length of filter, and k is the rate constant based on filter bed material = 84- 
L = (l/fc)ln 7.2 x 10 14 = (1/84)In 7.2 x 10 14 = 0.4m 


Example 4 

Microbial cells are separated from a culture broth at a flow rate of 3.35 x 10~ 3 m 3 s _1 . Assume 
the cells are spherical with average diameter of 1 pm. Select a centrifuge that can perform this 
separation. Given data: p ce u = 1.1 p water , Pwater = 997 kg nrC 1 at 25 °C; Pbroth = 3p wa t e r/ and the 
viscosity of water is 0.9 X 10~ 3 N.s.m~ 2 . 

Solution 


Z 


8 


u c = 



x 



VZ 


F 


S 


(E.4.1) 

(E.4.2) 

(E.4.3) 


x 
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F _ F(18fi) 


Hg Dp iPcell P water) 

(3.35 x 10“ 3 * m 3 /s)(18 x 0.9 x 10' 3 x 3 N■s/m 2 )( K ^/^-\ 

S = -=-^= 1.65 x 10 5 m 2 

(1 x 10- 6 m) (1.1 - l)(997Kg/m 3 )(9.81m/s 2 ) 

S = 22 

2 = 83250 m 2 (E.4.4) 


Example 5 

Microbial cell recovery is carried out in a continuous disc-stack centrifuge. The centrifuge is 
operated at 5000 rpm for separation of baker's yeast. At a feed rate of 60 1 min' 1 , 50% of the cells are 
recovered. At constant speed, solid recovery is inversely proportional to flow rate. 

1. What flow rate is required to recover 90% of cells if the centrifuge speed is fixed at 5000 rpm? 

2. What operating speed is required to recover 90% of cells if the flow rate in the centrifuge is 

maintained at 60 1 min' 1 ? 

Solution 


Si% Q 2 
S 2 % Qi 


33.33/ min * 1 


Q 2 2 2 _ uf 2 _ (5000) 2 _ 60 
Qi( % ~ 4 ~ oj 2 ~ 33.33 


<i) 2 = 6708rpm (E.5.1) 

When we need to remove cells from fermentation broth, sedimentation is considered as a 
downstream processing method. Alum, lime, and polyelectrolyte are commonly used. 


Example 6 

Enzyme Recovery Using Aqueous-Phase Extraction 

Extraction for enzyme recovery is a common process. A polyethylene glycol—dextrose mixture is 
used to recover a-amylase from the fermentation broth. Given a partition coefficient of 4.2, calculate 
the maximum enzyme recovery when: 


(E.6.1) 
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V„ 

(b) ^=0.5 

Vi 


251 

(E.6.2.) 


= VuCau = Vu = Vu 
“ V u C Au + V^Cai Vu + Vi (cm>j V u + (Vi/K) 

Define K: 


(E.6.3) 


K = 


(a) y„ = 


V u /Vi 
Y* + l 

V!~K 


5 + — 

3 + 4.2 


j- = 0.95 or 0.95 %yield 


(b) Yu = 


0.5 


0-5 + 43 


- = 0.68 


The yield for a lower value of upper-phase volume was 68%. Increase in the relative volume of 
the extracting phase enhanced the recovery. 


Example 7 

Antibody Recovery by the Adsorption Method 

Cell-free fermentation broth contains 8xl0~ 5 mol l -1 immunoglobulin C. Ninety percent of 
antibody is recovered by adsorption on nonpolar resin: 

C As = 5.5 x 10- 5 C*° 35 (E.7.1) 

where C^ s is solute adsorbed/cm 3 and is the liquid-phase solute concentration in mol/1. What is the 
minimum quantity of resin required to treat 2 m 3 of broth in a single-stage tank? The minimum quantity 
of resin required when 90% recovery of immunoglobulin occurs at equilibrium. 

The rest is 0.1x8xl0 -5 = 8xl0~ 6 mol l -1 = C* A 


C As = 5.5 x 10~ 5 (8 x lO" 6 ) 0 ' 35 
= 9.05 x 10 ~ 7 mol.cm' 3 

This is the resin capacity. Amount of antibody adsorbed is: 

0.9(8 x lQ- 5 mol/l)(2m 3 x 1000 l/m 3 ) = 1.44 x 10 ~hnol 


The volume of resin required is. 

0.144 mol 
9.05 x 10- 7 ^ 


1.59 x 10 5 cm 3 ~ 0.16m 3 resin required 


(E.7.2) 


(E.7.3) 


(E.7.4) 
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Example 8 

Hormone Separation in Qel Filtration 

Gel chromatography is used for hormone separation. A pilot-plant scale gel chromatography 
column packed with Sephadex, G-25 (Sigma—Aldrich) is used to separate two hormones, A and B. 
The column is 5 cm in diameter and 35 cm in height; the void volume is 40% of the total column 
volume, water regained by gel bed w r = 3xl0~ 3 m 3 kg -1 dry Sephadex, density of wet gel p s = 
1.25 x 10 3 kg m~ 3 . The partition coefficients are kp a = 0.38 and ftpp = 0.15. If the eluting flow rate is 
0.7 1h _ , what are the retention times for hormones A and B? 

Solution 


V T = t rr 2 h = tt(2.5 x 10- 2 m) 2 (0.35m) = 6.87 x 10“ 4 m 3 
Use Equation (7.11.2): 

Vi = (3xl 0- 3 ^/*g)(l-25 x y } x (a6 x 6 . 87 x 10 -4 } = 3 86 x 10 - 

1 + (3 x lO" 3 ) x 1000 v 1 

V eA = V 0 + K PA Vi = (0.4) (6.87 x 10" 4 ) + 0.38(3.86 x 10' 4 ) = 4.215 x 10“ 

V eB = V 0 + KpbV, = (0.4) (6.87 x 10“ 4 ) + 0.15(3.864 x 10“ 4 ) = 3.33 x 10“ 

4.215 x 10~ 4 »2 3 


tA = 


(0.71\ ( n? \ ( h \ 
\ h > V1000L7 \60min/ 


ta = 


' 0 . 7 1\( m 3 _ 

L. 

3.33 x 10- 4 m 3 

■ 0 . 72 ' ( m 3 ) f h ) 
■ h > tlOOOiJ UOmin)/ 


= 36min 

= 28.5min 


(E.8.1) 


Example 9 

Cell Filtration of Fermentation Broth 

A shake-flask broth was filtered with a filtration unit and all the process conditions and variables 
are defined in the following table. 


Process Variables 

Values 

Filter area, A 

10 cm 2 

Viscosity, p c 

2cp 

Pressure drop, DP 

0.3 atm 

Density, p 

1.1 g cm 

Solid mass fraction, v 

0.001 

Ratio of masses of wet cake over dry cake, m 

2.5 
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1. Evaluate the specific cake concentration, a, and the resistance coefficient, r, of the filter, for 
two different filtration times and volumes of filtration solution [f(s), V(ml)] = [(30, 38), 

(60, 52)]. 

2. What size filter would be needed to process 100 m 3 broth in 10 min? 


Solution 

1. Using the filtration Equation (7.3.1.7): 


[L c apV f w p c r 


V f /A 2AP(1 — mil’) A A P 
(2 x 10~ 2 g/cm.s)ct(l.l)(0.001)Vf (2 x 10~ 2 g/cm.s)r 


V f / 10cm 2 2(0.3afm)(l - 2.5 x 0.001)10cm 2 

t _ 2.2 x 10~ 7 
V f ~ 0.5985 

30 


0.3atm 


■ x VfO. + 6.67 x 10 3 r 


2A = o.79 = 1.4 x 10“ 5 a + 6.67 x 10 _3 r 
38 


>a = 7x 10 4 


, atm.s 2 .cm 2 


0-187 . 


T - 1.1- - 1.91 x io- 3 ft + 6.67 x 10- 3 1 
52 


(E.9.1) 


2. Scale-up calculation: 


t _ fJ. c apV f w p c r 
V f /A ~ 2AP(1 - mw)A + A P 


7.12 CRYSTALLIZATION PROCESS 


In all crystallization processes at a supersaturated condition, both nucleation and crystal 
particles are formed. This means crystal at first must form and then grow. As the crystal is 
introduced, nucleation occurs. Crystallization and nucleation were developed on the basis 
of an extremely pure solution for nucleus formation. There are five identified sources of 
nucleation that may be considered in industrial crystallization units: 

1. Homogeneous nucleation 

2. Heterogeneous nucleation 

3. Attrition 

4. Contact nucleation 

5. Seeding 

Generally, homogeneous and heterogeneous nucleation occur in ultra-pure solutions at a 
highly supersaturated condition; while seeding is a surrogate form of nucleation. In attrition. 
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small crystalline particles are formed; the identifiable fine crystalline matter is separated and 
returned to the body of solids as discrete particles. Their presence may increase the level of 
mechanical energy input into the crystallization system. The crystallization rate is reduced to 
a very low-value product, decreased size as particles are separated from the existing solids. 
Attrition can occur even whether or not supersaturation condition is present. 

Crystallization can be analyzed from the point of view of purity, yield energy, supersatu¬ 
ration, rate of nucleation, and growth. In formation of crystals, two steps are taking place: 

1. Nucleation, that is, formation of new crystal; even called seeding 

2. Growth of macroscopic size of fine crystals 

The driving potential is the supersaturation condition, which may be generated by the 
solubility of solute with increasing temperature by introducing salts and organic substances; 
the saturated condition becomes supersaturated by cooling and reduction of temperature. 
Evaporating a proportion of solvent and cooling may assist the process easily to reach to 
supersaturated condition. When solubility is very high, a supersaturated condition may be 
generated by the addition of a third component. The added component may act with solvent 
to reduce the solubility of the solute. Such a process is called salting; it may create precipita¬ 
tion of the solute in the aqueous phase and crystalline products are formed. 

There are differences between supersaturated solutions for growing crystals and the solu¬ 
tion at equilibrium with solute, shown as: 

Ay = y - y s 

AC = C - C s 


ac = py - p s y s = pty 


where Ay is the difference in mole fraction of the solute in solution and saturation point. The 
y and y s are the mole fractions of solute in solution and the saturation point, respectively. If 
the difference between p and p s is negligible, then the concentration ratio is: 


a 



1 + 


Ay 

y s 


N = k m e~^ E -/ RT 

The number of crystals per unit length (mm), ^ m ‘"mn S ' s: 

A N 

n = lim —— 
al— >o AL 

where N is number of crystals, L is the unit length of crystals (mm), and A E n is the activation 
energy. 

n = n 0 e~ L/RT 

The crystal growth rate, G (mm h -1 ); AL = GAf; retention time i = VJQ. 

d n nQ 
dL = GV C 
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where, Q is volumetric flow rate, V c is the total volume of liquid in the crystallizer, and At is 
the time interval involved in formation of each crystal. Separation variables; then integration 
with initial point n 0 at L = 0 

— d n " = g^dL; resulted in In ^ n = n 0 e~ L ^ Gl ; nucleation rate is defined. 

The quantity L/Gt is dimensionless; can be introduced as dimensionless length. 


7.13 FREEZE-DRYING 


Cells are not crystallized, but the by-products of cells for purified state are crystallized. 
Antibiotics and many pharmaceutical products are in crystal form. An alternative method 
for determination of cell dry weight is to remove intercellular and intracellular water; such 
a method is freeze-drying or lyopilization of cells. The known volume of sample culture is 
placed in a pre-weighed freeze-drying flask, which is rapidly frozen under vacuum refriger¬ 
ation. The flask is connected to a vacuum pump. The frozen water is directly vaporized from 
solid to vapor phase under vacuum condition. The flask after drying is weighed. Then, the 
cell dry weight can be determined. This method avoids heat decomposition of cells, especially 
plant cells and filamentous fungi. The cell dry weight is determined for a culture grown on 
simple media. However, complex media may contain appreciable amount of solids, such as 
the media, cell debris, dead cells, and living cells. The freeze-dried cells are still in living 
condition and can be viable if the culture is hydrated; therefore, cells are stored at lyophilized 
condition. In fact, protein and any biological products are very heat sensitive; a drying 
process such as lyophilization is recommended. Since microorganisms are stored and dried 
for easy transportation, the only condition for returning them back to living condition is 
hydration of the lyophilized culture. The lyophilized cell samples are in a pure state and 
sterile condition. One can transfer the lyophilized culture in front of flame by sterile loop, 
or hydrate it with sterile media for propagation, viable activities, and live in sterilized media 
after proper incubation. 


NOMENCLATURE 


r m Filter media resistance 

a Average specific cake resistance 

m Ratio of mass of wet cake over mass of dry cake 

<o Solid mass fraction 

A Filter area, m 2 

Vf Volume of filtrate, ml 

t Filtration time, min 

t Retention time, min 

AP pressure drop across the filter. Pa 

fi c Fluid viscosity, cP 

W Mass of solids in the filter cake, kg 

Uh Hindered settling particles, m s _1 

u 0 Particles velocity, m s _1 

Vp Volume fraction of particles 

Ug Sedimentation velocity, m s _1 

u c Particle velocity in the centrifuge, m s _1 
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7. DOWNSTREAM PROCESSING 


Yp Density of particle, kg m ' 

jy Density of fluid, kg m -3 

H Viscosity of fluid, cP 

Dp Diameter of solid particle, mm 

g Gravitational acceleration, m s -2 

w Angular velocity of the bowl, rad s -1 

Q Volumetric flow rate, ml h -1 

tig Terminal velocity of the particles, m s -1 

53 Performance of centrifuge, sigma factor 

N Number of discs in stacks of centrifuge 

r-y r-i Inner and outer radius of the discs, cm 

e Half of the cone angle of the disc 

C^s Equilibrium concentration (kg solute kg solid -1 ) 

CASm Maximum loading of adsorbate, g l -1 

Cau Equilibrium concentration of A in upper phase, g l -1 

Cai Equilibrium concentration of A in lower phase, gE 1 

V 0 Original volume, ml 

V u Upper phase volume, ml 

Vi Lower phase volume, ml 

W r Water regain value, g 

p g Density of wet gel, kg m -3 

p zv Density of water, kg m -3 

Vj Total volume, m 3 

Vs Volume of resin, m 3 

C\ Concentration of A at equilibrium, g l -1 

A y Difference in mole fraction of the solute in solution and saturation point 

y Mole fractions of solute in solution 

y s Mole fraction at saturation point 

E„ Activation energy 

a Concentration ratio 

N The number of crystals per unit length 

L Length, mm 

G Crystal growth rate, mm h -1 

Q Volumetric flow rate, m 3 h -1 

V c Total volume of liquid in the crystallizer, m 3 

Af Time interval involved in formation of each crystal, min 

n Population density of crystals 
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SUBCHAPTER 


8.1 


Introduction 


Microorganisms are biocatalysts actively used in the fermentation process where product 
and biomass are obtained from fermentable sugars. The cells are harvested and reused. The 
immobilization of cells has been practiced in the production of vinegar. Enzymes and whole 
cells can be bound to solid support, fixed in the form of an active layer. When substrate 
passes over the surface, enzymatic reactions change the substrate to the desired product. En¬ 
zymes and suitable microorganisms are used in manufacturing food flavors, additives, med¬ 
icines, and other goods and produced by variety of microbial metabolites. Immobilized cells 
may perform different from an equivalent mass of freely suspended cells. They may produce 
extracellular polymers, which are usually lumped together with cells in dry biomass mea¬ 
surements, resulting in overestimation of the activity of immobilized biomass. In addition, 
cell location in the form of biofilm can affect its quality and activity, because profiles of envi¬ 
ronmental conditions such as substrate concentration often exit. However, in many studies 
results for freely suspended cultures have been used to model immobilized cell bioreactors, 
usually without a lot of attention to assessing the quality of the biomass in the system. Typi¬ 
cally these models allow for the effect of difficult limitations in and around the biofilm and 
assume that the immobilized cells have the same quality and activity as the suspended cell 
culture, regardless of the position in the biofilm. 

In fact, significant substrate concentration gradients may exist for cells immobilized in bio¬ 
film. Cells located close to the nutrient supply are likely to maintain higher quality and activ¬ 
ity compared to cells located relatively further away, leading to differentiation in the quality 
or activity of the immobilized cell population. This difference is more pronounced if there are 
starvation regions. In practice, zero substrate concentration may exist inside the biofilm, 
because in these regions the cell physiology may be markedly different from that of the freely 
suspended cells. 

The cells' activities have been described based on a multispecies bio film model and the mi¬ 
crobial kinetics by a mathematical model. Using this model predicts that the biomass on the 
external surface of the biofilm has higher activity than the biomass near the solid support sur¬ 
face and that condition may occur, after the biofilm has reached a critical depth or formed a 
thick multilayer of the biofilm. The model was based on microbial growth kinetics deter¬ 
mined by Wang et al. However, no experimental results were presented in either of these 
studies to verify the model predictions, nor was the predicted immobilized biomass activity 
compared with that of freely suspended cells in a comprehensive way. 

Wang et al. and Najafpour et al. worked with immobilized microbial cells of Nitrobacter 
agilis, Sacchnromyces cerevisiae, and Pseudomonas aeruginosa in gel beads, respectively. They 
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found that the cells retained more than 90% of their activity after immobilization using spe¬ 
cific oxygen uptake rate (mg O 2 g 1 (dry biomass) h _1 ) as the biomass activity indicator. Such 
differences in immobilized biomass and activity between free and immobilized biomass 
depend strongly on the particular characteristics of the microbial systems and their interac¬ 
tion with the support matrix. 


8.2 IMMOBILIZED MICROBIAL CELLS 


Since 1978, several papers have examined the potential of using immobilized cells in 
ethanol production. Microbial cells are advantageously used for industrial purposes, such 
as Escherichia coli for the continuous production of L-aspartic acid from ammonium fuma- 
rate. Enzymes from microorganisms are classified as extracellular and intracellular. If 
whole microbial cells can be immobilized directly, procedures for extraction and purification 
can be omitted and the loss of intracellular enzyme activity can be kept to a minimum. Whole 
cells are used as a solid catalyst when they are immobilized and attached to a solid support. 

The entire work on immobilization can be categorized in two groups; the first group of 
research work emphasized on preparation and techniques of immobilization. The second 
category focused on application immobilized cell as biocatalyst in biochemical reactions or 
in bioconversion process. In this chapter, a brief technique of cell preparation and immobili¬ 
zation is introduced. However, application of the prepared immobilized cell in fermentation 
process is the major concern. Even duration of the use of immobilized cell and testing the bio¬ 
catalysts activities in the bioprocess was under extensive investigation. The overall immobi¬ 
lization techniques are illustrated in Figure 8.1. 5 

There are three general methods available for the immobilization of whole microbial cells: 
carrier binding, cell entrapment, and cross-linking. 



FIGURE 8.1 Techniques of cell immobilization. 
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FIGURE 8.2 Alternative methods used to immobilize cells: (a) carrier binding; (b) entrapment; and (c) cross- 
linking.' 


8.2.1 Carrier Binding 

As shown in Figure 8.2(a), the carrier binding method is based on binding microbial cells 
directly to water-insoluble carriers. The binding is due to ionic forces between the microbial 
cells and the water-insoluble carriers. This technique has rarely been used, because of lyses 
during the enzyme reactions. Microbial cells may leak from the carrier, thereby disrupting 
the immobilization. Therefore, this method has not been applied successfully. 

8.2.2 Entrapment 

In applying entrapment, microbial cells are directly entrapped into polymer matrices 
(Figure 8.2(b)). This method has been applied to several microorganisms by using gelatin, 
agar, polyacrylamide gel, calcium alginate, etc., as the entrapping agents. The following 
matrices are used extensively to immobilize microbial cells: 

• Collagen 

• Gelatin 

• Agar 

• Alginate 

• Carrageenan 
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• Cellulose triacetate 

• Polyacrylamide 

• Polystyrene 

In this method, microbial cells are apparently lysed within the entrapping agent, but they 
retain the desired enzymatic activity. To perform an efficient immobilization, the type and 
concentration of a bifunctional reagent for entrapment should be optimized. The advantage 
of this method is that cell leakage may act as a diffusion barrier, thus causing difficulty in 
transferring substrate and product through the matrix. 


8.2.3 Cross-Linking 

Microbial cells immobilized by cross-linking with bi- or multifunctional reagents such as 
glutaraldehyde have been reported to be successful, but active immobilizations 
have not been obtained with other reagents such as toluenediisocyanate. The microbial 
cell wall is composed of lipoproteins, with lipopolysaccharide extending from the cell mem¬ 
brane. Glutaraldehyde reacts with lysine within the protein in the lipid bilayer of the cell 
membrane. 

Furthermore, gelatin is physically absorbed on a solid support, which provides a covalent 
link between the microbial cells and the gelatin layer which is tightly bound to a solid sup¬ 
port by absorption (Figure 8.2(c)). 

Glutaraldehyde has been used as cross-linking reagent for ethanol production. Maximum 
achieving rate was reported as high as 7.4 g 1 1 h 1 ethanol produced from glucose. The ma¬ 
jor advantage of the cross-linking method is that the immobilization reagent does not act as 
diffusion barrier. Actually, a thin film of cells is provided in this system, making it ideal for 
many applications. 


8.2.4 Advantages and Disadvantages of Immobilized Cells 

There are several advantages for an immobilized cell system over a batch or CSTR system. 
The first and most obvious benefit is the capability of recycling or reusing the microorgan¬ 
isms because they are retained in the reactor as the product leaves the reactor. Second, immo¬ 
bilization can be easily used for a continuous process maintaining high cell density, thus 
providing a high productivity. 

Third, nutrient depletion and inhibitory compounds do not, in general, have a large effect 
on the immobilized cells because the cells are fixed by immobilization. In batch and CSTR 
fermentation, nutrient depletion, inhibition and accumulation of toxic by-products are major 
problems, but immobilized cells are usually unaffected by toxic by-products. 

However, there are disadvantages for using immobilized cells. The cell may contain 
numerous catalytically active enzymes, which may catalyze unwanted side reactions. Also, 
the cell membrane itself may serve as a diffusion barrier and may reduce productivity. The 
matrix may sharply reduce productivity if the microorganism is sensitive to product inhibi¬ 
tion. One of the disadvantages of immobilized cell reactors (ICRs) is that the physiological 
state of the microorganism cannot be controlled. 
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8.3 ICR EXPERIMENTS 


The ICR experiments were undertaken to determine the performance of immobilized Pro- 
pionibacterium acidipropionici in a plug-flow tubular reactor. The productivity of the ICR was 
evaluated by measuring glucose and xylose consumption, and propionic and acetic acid pro¬ 
duction, along the length of the reactor. 

The Raschig rings were sterilized and dip-coated in sterile 20% gelatin and 1.5% agar so¬ 
lution. The coated rings were dried; the dried coated rings were randomly packed in the col¬ 
umn. The packing was sprayed with a 2.5% glutaraldehyde solution. An alternative 
procedure to prepare the packing was also tested and proved to be satisfactory. In the latter 
method, the reactor column was filled with clean Raschig rings. A hot gelatin-agar solution 
was passed through the column and allowed to wet the entire packing surface. When the 
coating was dried, the glutaraldehyde solution was passed through the column in a similar 
fashion. The column was allowed to stand for 24 h and then washed with sterile, distilled wa¬ 
ter. The reactor was sterilized by passing ethylene oxide through the column. The ethylene 
oxide was allowed to stand in the column for 8 h before the system was purged with sterile 
nitrogen. The feed and product tubing were autoclaved using steam at 15 psig. 

After sterilization, a 24-h incubated seed culture was pumped through the column. An 
adaptation time of about 48 h was allowed for the establishment of a film of microorganisms 
cross-linked to the surface Raschig rings. The Raschig rings served as solid support. Feed me¬ 
dia were then pumped into the reactor. An accurate calculation of the retention time in the 
reactor was difficult, because growth and carbon dioxide evolution may take a significant 
fraction of avoid volume of the ICR, resulting in a false retention time. The microbial film 
thickness could be controlled by periodically passing sterile nitrogen or carbon dioxide 
through the column, to stop cell overgrowth. 

A feed concentration of 15 g glucose and 15 g xylose per liter was used over a feed rate of 
20—200 ml h -1 . Samples were taken at successive points along the reactor length, and the 
usual analysis for glucose and xylose consumption, organic acid production, and cell density 
were done. A kinetic model for the growth and fermentation of P. acidipropionici was obtained 
from these data. 

Analytical procedures were set up to measure cell density, sugar concentration, and 
organic acid concentration. The turbidity of the culture (optical density) was determined 
by reading the absorbance with spectrophotometer and cell counts. Sugar concentration as 
a single substrate was measured by an industrial digital analyzer. Total sugar was evaluated 
by a reducing agent such as dinitrosalicylic acid in alkaline solution. An orange color was 
produced which was read on a spectrophotometer at 540 nm. Organic acids were determined 
by a gas chromatograph, with a flame ionization detector. 


8.4 ICR RATE MODEL 


Table 8.1 presents the results of the ICR retention time studies, sugar concentration (dual 
substrate) studies, and cell density. The kinetic model for ICR was derived on the basis of a 
first order reaction, plug flow, and steady-state behavior. 
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TABLE 8.1 Continuous fermentation of dual substrate (glucose, xylose) in immobilized cell reactor 
at 36 °C 



Length of 

reactor 

(cm) 

Substrate 

concentration 
(g l" 1 ) 

Organic acid 
concentration (g 1 _1 ) 

Reaction rate 
of glucose 

(g r 1 h- 1 ) 

Cell 
density 
(cells ml -1 ) 

Retention 
time (h) 

Glucose 

Xylose 

Propionic 

acid 

Acetic 

acid 

28 

0 

15 

15 

- 

- 




15 

6.28 

10 

1.3 

7.78 

0.31 

9 x 10 n 


35 

4.52 

8.6 

1.98 

8.45 

0.37 

9 x 10 n 


60 

2.13 

7.2 

2.7 

12.4 

0.46 

9 x 10 11 


85 

1.36 

5.4 

3.25 

17.2 

0.49 

9 x 10 n 


110 

1.14 

3 

3.95 

19.1 

0.495 

9 x 10 n 

20 

0 

15 

15 

- 

- 




15 

7.1 

11 

1.2 

6.45 

0.395 

9 x 10 11 


35 

4.72 

9.8 

1.46 

8.1 

0.514 

9.5 x 10 11 


60 

2.21 

7.9 

1.87 

12 

0.64 

9.5 x 10 11 


85 

1.5 

7.15 

2.12 

16.4 

0.675 

9.5 x 10 11 


110 

1.2 

5.8 

2.4 

18 

0.69 

9.5 x 10 11 

12 

0 

15 

15 

- 

- 




15 

9.3 

14.5 

2.59 

1.33 

0.475 

1 x 10 10 


35 

6.02 

14 

3.26 

2.37 

0.75 

2 x 10 1(1 


60 

3.62 

13 

4.5 

2.45 

0.95 

3 x 10 10 


85 

2.65 

12 

5.07 

2.5 

1.03 

3 x 10 10 


110 

2.3 

10 

5.36 

2.54 

1.06 

5 x 10 10 

5 

0 

15 

15 

- 

- 




15 

9.8 

15 

0.5 

0.58 

1.04 

6 x 10 10 


35 

7.27 

14.5 

0.6 

0.76 

1.55 

1.8 x 10 10 


60 

6.05 

14 

0.65 

1.2 

1.79 

5 x 10 10 


85 

5.84 

14 

0.7 

1.36 

1.83 

5 x 10 1(1 


110 

5.2 

13.5 

0.8 

1.65 

1.96 

6 x 10 10 
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r A = kC A 


u 


dCA 

dz 


r A 


(8.4.1) 

(8.4.2) 


where r,\ is the reaction rate, k is the rate constant, C,\ is the sugar concentration, z is the axial 
reactor length, and u is the bulk fluid velocity. Substituting Eqn (8.4.1) into Eqn (8.4.2) yields: 

J/~< 

u—^ = kC A (8.4.3) 


Equation (8.4.3) is a linear first-order differential equation of concentration and reactor 
length. Using the separation of variables technique to integrate Eqn (8.4.3) yields: 


In 




(8.4.4) 


Figure 8.3 shows a plot of 1 i\Ca/Ca 0 as a function of dimensionless reactor length for the 
fermentation data obtained at a feed concentration of 15 g l -1 glucose and 15 g l 1 xylose at 
different retention times. A straight line is obtained at each retention time. The value of the 
slope increases with increasing retention time owing to decreasing velocity through the col¬ 
umn. Table 8.2 also indicates that the rate constant in the first-order reaction is fixed with 
different retention times. 

The same feed composition was experimented in CSRT; it was found that the ICR flow rate 
was five to eight times faster than the CSTR. The overall conversion of sugars in the ICR at a 
12-h retention time was 60%, at this retention time, the ICR was eight times faster than CSTR, 
but in the CSTR an overall conversion rate of 89% was obtained. At the washout rate for the 
chemostat, the ICR resulted in a 38% conversion of total sugars. Also, the organic acid pro¬ 
duction rate in the ICR was about four times that of the CSTR. At a higher retention time of 



FIGURE 8.3 Model test for immobilized cell reactor using Propionibacterium acidipropionici. 
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TABLE 8.2 Immobilized cell reactor kinetic model for immobilized 
Propionibacterium acidipropionici 1 


Retention time r (h) 

Flow rate (ml h ') 

Rate constant (h ') 

5 

214 

0.70 

8 

135 

0.69 

12 

90 

0.68 

20 

55 

0.68 

28 

38 

0.51 


28 h, the conversion of glucose in the ICR and CSTR were about the same, but the conversion 
of xylose reached 75% in the ICR and 86% in the CSTR. 


NOMENCLATURE 


Ca Sugar concentration (g 1 ') 
k Rate constant (1 h _1 ) 
ya Reaction rate (g I 1 h~ ) 
n Bulk fluid velocity (cm h _1 ) 
z Axial reactor length (cm) 
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SUBCHAPTER 


8.6 


Case Study: Ethanol Fermentation in an Immobilized Cell 
Reactor Using Saccharomyces cerevisiae 


8.6.1 INTRODUCTION 


Owing to diminishing fossil fuel reserves, alternative energy sources need to be renewable, 
sustainable, efficient, cost-effective, convenient, and safe. In recent decades, microbial pro¬ 
duction of ethanol has been considered as an alternative fuel for the future because fossil fuels 
are depleting. Several microorganisms, including Clostridium sp. and yeast, the well-known 
ethanol producers Saccharomyces cerevisiae and Zymomonas mobiiis, are suitable candidates 
to produce ethanol. 

Microorganisms under anaerobic growth conditions have the ability to use glucose by the 
Embden—Meyerhof—Parnas pathway. Carbohydrates are phosphorylated through the meta¬ 
bolic pathway; the end products are 2 mol of ethanol and carbon dioxide. 

During batch fermentation of S. cerevisiae, other influential parameters can adversely influ¬ 
ence the specific rate of growth, and inhibition can be caused either by product or substrate 
concentration. The viability of the S. cerevisiae population, its specific rate of fermentation, 
and the sugar uptake rate are directly related to the desired medium condition. It has 
been reported by Nagodawithana and Steinkraus, that the addition of ethanol to the 
cultured media was less toxic for S. cerevisiae than ethanol produced by cell bodies. This in¬ 
dicates that there are other metabolic by-products that can cause inhibition and may show 
impurity of ethanol produced in the fermentation system. Also, the death rates were lower 
with addition of pure ethanol than the similar condition with the endogenously produced 
ethanol concentration. 

Use of biofilm reactors for ethanol production has been investigated to improve the eco¬ 
nomics and performance of fermentation processes. Immobilization of microbial cells for 
fermentation has been developed to eliminate inhibition caused by high concentrations of 
substrate and product, also to enhance productivity and yield of ethanol. Recent work on 
ethanol production in an immobilized cell reactor (ICR) showed that production of ethanol 
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using Z. mobilis was doubled. The immobilized recombinant Z. mobilis was also successfully 
used with high concentrations of sugar (12—15%). 10 

The potential use of immobilized cells in fermentation processes for fuel production has 
been described previously. If intact microbial cells are directly immobilized, the removal of 
microorganisms from downstream product can be omitted and the loss of intracellular 
enzyme activity can be kept to a minimum level. 

Recently, immobilized biomass activity has been given more attention, because it has been 
acknowledged to play a significant role in bioreactor performance. Frequently, immobilized 
cells are subjected to limitations in the supply of nutrients. Thus, because of the presence of 
heterogeneous materials such as immobilized cells, there is no convective flow inside the 
beads and the cells can receive nutrients only by diffusion. Immobilization of cells to a solid 
matrix is an alternative means of high biomass retention. The cells divide within and on the 
core of the matrix. Alginate is widely used in food, pharmaceutical, textile, and paper prod¬ 
ucts. Alginate is used in these products for thickening, stabilizing, gel, and film forming. So¬ 
dium alginate is a linear polysaccharide, normally isolated from many strains of marine 
brown seaweed and algae, named "alginate." The copolymer consists of two uronic acids 
or polyuronic acids. It comprises primarily D-mannuronic acid (M) and L-glucuronic acid 
(G). Alginic acid can be either water-soluble or nonwater-soluble depending on the type of 
the associated salt. Interchange of sodium ions with calcium ions in the solution may follow 
solidification of sodium alginate in calcium chloride solution. The sodium salt, other alkaline 
metals, and ammonia are soluble in water, whereas the polyvalent cations salts (e.g., calcium) 
are not water-soluble, except for magnesium ions. 

The purpose of this research was to obtain high ethanol production with high yields of 
productivity and to lower the high operating costs. The ICR column fermenter was used 
with S. cerevisiae by an entrapment technique using alginate as a porous wall to retain the 
yeast cells. The effect of initial glucose concentration on the production of ethanol by S. cer¬ 
evisiae was evaluated. The yield for large-scale ethanol production was compared with the 
ethanol produced in batch fermentation using the same microorganism. 


8.6.2 MATERIALS AND METHODS 


8.6.2.1 Experimental Reactor System 

The ICR was a plug flow tubular column, constructed with a nominal diameter of 5 cm, 
internal diameter of 4.6 cm, Plexiglas of 3 mm wall thickness, and 85 cm length. The medium 
was fed to the ICR column from a feed tank located above the column. A variable-speed Mas- 
terflex pump, model L/S Easyload (Cole-Parmer, Vernon Hills, IL, USA) was used to transfer 
feed medium from a 20 1 polypropylene autoclavable Nalgene carboy (Cole-Parmer), the 
carboy was serving as reservoir. The effluent from the column was collected in a 20-1 poly¬ 
propylene autoclavable carboy serving as product reservoir. A flow breaker was installed be¬ 
tween the column and feed pump, which prevented growth of microorganisms and 
contamination of feed line and feed tank. Samples from the ICR column were taken from 
the inlet and outlet compartments of the column. A 16-h culture was harvested at exponential 
growth phase and mixed with 2% sodium alginate. The slurry of yeast culture was converted 
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to droplet form while it was dripped into a 6% bath of calcium chloride using a 50-ml syringe. 
Once the slurry was added to the bath, beads of calcium alginate with entrapped cells were 
formed. The bed consisted of uniformly packed 5-mm beads. The solidified beads were 
transferred to the column. About 70% of the column was packed. The extra space was 
counted for bed expansion by the fresh media. The void volume was measured by volume 
of distilled water pumped through the bed. The packed ICR column was used in continuous 
mode for the duration of fermentation. The fresh feed was pumped an in up flow manner, 
whereas sugar and ethanol concentration was monitored during the course of continuous 
fermentation. The working volume of ICR after random packing was 740 ml. The bed volume 
was about 660 ml. The experimental set up of the ICR is shown in Figure 8.4. There was no 
evidence of cell leakage from the beads to the surrounding media, the matrix was permeable 
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FIGURE 8.4 Schematic diagram of immobilized cell reactor experimental setup. Reprinted from Najajpour et al. 1 ' 
Copyright with permission from Elsevier. 
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TABLE 8.3 Physical properties and appearance of Saccharomyces cerevisiae beads 


Alginate (wt%) 

1.5 

2 

3 

6 

Beads diameter (mm) 

5 

4.9-5 

4 ^ 

bo 

1 

4 ^ 

4.5 

Growth, diameter expansion 
after 72 h 

50-60% 

25-30% 

20-25% 

No expansion 

Diffusion problem 

Nil 

Nil 

Nil 

May exists 

Cell activity 

Active 

Fully active 

Fully active 

Partly active 

Physical appearance 

Easy to break 

Flexible, hard enough 
to stand 

Flexible and hard 

Very hard 

Stability 

Not stable 

Good stability 

Stable and rigid 

Very rigid 


to substrate and product, and cell growth and glucose conversion were monitored in the ICR. 
Overgrowth of beads after a few days of operation was controlled. Carbon dioxide was 
purged to eliminate overgrowth of beads. The major overgrowth occurred at the entrance re¬ 
gion, in about the first 30 cm length of the column where the sugar concentration was very 
high. High sugar concentrations of 25, 35, 50, and 150 g l -1 were used. 

Microbial overgrowth was controlled with carbon dioxide passed through the bed. There 
was a maximum 30% increase in the beads' diameter at the lower part of column, where the 
glucose concentration was at a maximum. The void volume was measured by passing ster¬ 
ilized water. In addition to the carbon source, the feeding media consisted of 1 g l -1 yeast 
extract pumped from the bottom of the reactor, while the flow rate was constant for a min¬ 
imum duration of 24 h. 

A seed culture of S. cerevisiae ATCC 24860 (American Type Culture Collection, Manassas, 
VA, USA) was grown in a media of 5 g glucose, 0.5 g yeast extract, 1.5 g KH 2 PO 4 , and 2.25 g 
Na 2 PC >4 phosphate buffer up to a total volume of 500 ml using distilled water. The media was 
sterilized at 121 °C for 15 min. The stock culture of the microorganisms was transferred to the 
broth media for preparation of seed culture. 

Sodium alginate (Fisher Scientific, Manchester, UK) was prepared by dissolving 10 g of pow¬ 
der form in 500 ml of distilled water. A separate solution of 120 g of calcium chloride was dis¬ 
solved in 2 1 of distilled water. Sodium alginate and calcium chloride solution were 
autoclaved at 121 °C for 15 min. The sterilized sodium alginate solution and the high cell density 
of the grown seed culture were thoroughly mixed. Beads were prepared by droplet from pipette 
with about 5 mm diameter in a sterilized calcium chloride solution. The cell density of the seed 
culture for bead preparation was 3.1 g l -1 . The wet and dry weight of beads incubated for 16 h 
were measured as 3.28 and 0.5 g, respectively. The moisture content of the beads was 85%. The 
physical properties and appearance of the S. cerevisiae beads are summarized in Table 8.3. 

8.6.2.2 Determination of Glucose Concentration 

To determine the concentration of inlet and outlet glucose in the ICR, a reducing chemical 
reagent, 3,5-dinitrosalicylic (DNS) acid 98% solution, was used. The DNS solution was pre¬ 
pared by dissolving 10 g of 3,5-DNS acid in 2 M sodium hydroxide solution. A separate 
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solution of 300 g sodium potassium tartrate solution was prepared in 300 ml of distilled wa¬ 
ter. The hot alkaline 3,5-dinitrosalicylate solutions were added to sodium potassium tartrate 
solution. The final volume of DNS solution was made up to 1 1 with distilled water. A cali¬ 
bration curve was prepared with 2 g l 1 glucose solution. 

8.6.2.3 Detection of Ethanol 

Ethanol production in the fermentation process was detected with gas chromatography, 
HP 5890 series II (Hewlett-Packard, Avondale, PA, USA) equipped with a flame ionization 
detector and GC column Porapak QS (Alltech Associates Inc., Deerfield, IL, USA) 100/120 
mesh. The oven and detector temperatures were 175 and 185 °C, respectively. Nitrogen 
was used as carrier gas. Isopropanol was used as an internal standard. 

8.6.2.4 Yeast Cell Dry Weight and Optical Density 

In batch fermentation, approximately 2 ml sample was harvested every 2 h. The absor¬ 
bance of each sample during batch fermentation was measured at 620 nm using spectropho¬ 
tometer, Cecil 1000 series (Cecil Instruments, Cambridge, UK). The cells dry weight was 
obtained using a calibration curve. The cell dry weight was proportional to cell turbidity 
and absorbance at 620 nm. The cell concentration (dry weight) of 2.1 g l -1 was obtained 
from the 24 h culture broth, the free cell samples with absorbance of 1.6 at 620 nm. 

8.6.2.5 Electronic Microscopic Scanning of Immobilized Cells 

For electronic micrographs, samples were taken from fresh beads and 72 h beads from the 
ICR column. The samples were dipped into liquid nitrogen for 10 min, then freeze-dried for 
7 h (EMITECH, model IK750, Cambridge, UK). The sample was fixed on an aluminium stub 
and coated with gold—palladium by a Polaron machine model SD515 (EMITECH) at 20 nm 
coating thickness. Finally the sample was examined under scanning electron microscope 
(SEM) using a Stereoscan model S360 (SEM-Leica Cambridge, Cambridge, UK). The SEM im¬ 
ages of beads before and after use in ICR are shown in Figures 8.5 and 8.6. 

8.6.2.6 Statistical Analysis 

The size of beads was uniform and consistent, the mean diameter of beads with 3% algi¬ 
nate and based on measurement of 20 samples was 4.85 mm, with a standard deviation of 
0.3 mm and calculated variance of 0.1 mm. The standard deviation was less than 5%. The 
data for the batch fermentation experiment with 50 g l -1 glucose are presented in Figures 
8.7—8.9; they were replicated three times. The data for ICR with 25, 35, 50, and 150 g 1 1 
glucose that were conducted at a wide range of flow rates are shown in Figures 8.10—8.14, 
which were repeated in additional runs. The standard deviations of collected data for the 
batch experiments were approximately 5%, and the standard deviation for the ICR experi¬ 
mental data with a sugar concentration of 50 g l -1 was approximately 10%. Data were 
analyzed in a spreadsheet, Microsoft Excel 2000. The error analysis for the ICR data with a 
substrate concentration of 150 g D 1 was slightly higher but it was in the range of 10—12%. 
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FIGURE 8.5 Electron micrographs of the outer surface of immobilized Saccharomyces cerevisiae beads, (a) Outer 
surface of the fresh beads with magnification of 300 pm. (b) Outer surface of the fresh beads with magnification of 
2000 pm. (c) Outer surface of the used beads after 72 h with magnification of 300 pm. (d) Outer surface of the used 
beads after 72 h with magnification of 2000 pm. Reprinted from Najafpour et al . 1: Copyright with permission from Elsevier. 


8.6.3 RESULTS AND DISCUSSION 


8.6.3.1 Evaluation of Immobilized Cells 

In preparing immobilized cells, 1.5, 2, 3, and 6% alginate was used. By pressing them 
manually, the hardness and rigidity of the beads were tested. The physical criteria of the pre¬ 
pared beads are summarized in Table 8.3. The suitable alginate concentration based on activ¬ 
ity of the beads for ethanol production was 2%. The weight percentage of alginate was related 
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FIGURE 8.6 Electron micrographs of the inner surface of immobilized Saccharomyces cerevisiae beads, (a) Inner 
surface of the fresh beads with magnification of 300 gm. (b) Inner surface of the fresh beads with magnification of 
2000 gm. (c) Inner surface of the used beads after 72 h with magnification of 300 gm. (d) Inner surface of the used 
beads after 72 h with magnification of 2000 gm. Reprinted from Najafpour et al. 1 ' Copyright ivith permission from Elsevier. 


to substrate and product penetration into the beads and return to bulk of fluid. Beads with 
low alginate (1.5%) were too soft and easily breakable. The soft beads were pressed once 
they were loaded in the ICR column. Therefore they were unable to be used successfully; 
also, the soft beads faced problems such as overgrowth and expansion of their diameter 
when grown in sugar solution. The high alginate beads (6%) were very hard and almost un¬ 
breakable by pressing manually. They were very rigid; therefore, diffusion was the most 
probable cause since ethanol production declined. The 2% alginate was used because the 
beads were strong enough to hold the weight of packing in the ICR column. The packed 
beads were used in the ICR column for 10 days. The prepared beads were refrigerated for 
2 weeks and activated in sugar solution. The storage condition and ICR column were 
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FIGURE 8.7 Glucose concentration, cell density, and production of ethanol in batch fermentation with initial 
concentration of 50 g U 1 glucose versus time. Reprinted from Najafpour et al. 15 Copyright with permission from Elsevier. 
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FIGURE 8.8 Kinetic model for batch fermentation, Langmuir—Hanes plot. Reprinted from Najafpour et al. 1 ' 
Copyright with permission from Elsevier. 
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FIGURE 8.9 Relative activities of Saccharomyces cerevisiae in batch fermentation. Reprinted from Najafpour et al. 15 
Copyright with permission from Elsevier. 



FIGURE 8.10 Percentage growth of immobilized cells with various initial beads loading. Reprinted from Nnjafpour 
et al. 1 ' Copyright with permission from Elsevier. 

nonsterile; therefore, there was the possibility of contamination in the packing of the ICR and 
in the activation process. 

A series of electron micrographs were taken from the fresh and 72 h immobilized beads. 
The outer and inner surfaces of the beads are shown in Figures 8.5 and 8.6, respectively. 
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FIGURE 8.11 Consumption of glucose in the immobilized cell column. Reprinted from Najafpour et al. 15 Copyright 
with permission from Elsevier. 
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FIGURE 8.12 Conversion versus retention time in the immobilized cell column. Reprinted from Najafpour et al. 1 ' 
Copyright with permission from Elsevier. 


These micrographs were used as a comparative indicator for yeast growth on the surface of 
the solid support (2% calcium alginate). There was no apparent leakage of cells from the 
beads into the bulk of the fluid. It was also apparent that, by 72 h in the ICR, the yeast 
was growing on the outer surface. Therefore, the active sites were potentially available for 
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FIGURE 8.13 Active and fresh beads of Saccharomyces cerevisiae. (a) Active S. cerevisiae beads in ethanol 
fermentation after 14 days in continuous operation, (b) Fresh prepared beads of S. cerevisiae. 



FIGURE 8.14 Fresh prepared beads and active beads of Lactobacillus bulgaricus in production of lactic acid from 
whey, (a) Fresh beads, (b) Active used beads. 
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ethanol production without diffusion problems. The outer surface of fresh and 72 h immobi¬ 
lized cell beads at magnifications of 300 and 2000 are shown in Figure 8.5. A comparison be¬ 
tween fresh and 72-h beads indicates that the cells were present on the surface, with a few 
contaminants from a bacillus-type organism, as shown in Figure 8.5(d). This may had 
occurred during the transfer stage. 

The inner surface of the beads before and after use was compared. The cells were initially 
trapped inside the beads; after 72 h the cells apparently migrated from the inner side to the 
surface. The micrographs of the inner sides of the beads before and after use, at magnifica¬ 
tions of 300 and 2000, are shown in Figure 8.6. After 72 h the cells appeared to formed 
new colonies on the surface of the alginate layer. By contrast, the surfaces were completely 
covered with colonies after 72 h of ethanol production in the ICR. 


8.6.3.2 Batch Fermentation 


Ethanol fermentation in batch experiments was carried out in triplicate with 50 g l -1 
glucose solution as the sole carbon source for S. cerevisiae. The purpose of the batch experi¬ 
ment was to compare the amount of glucose concentration and ethanol production in batch 
fermentation and the ICR. The concentration of glucose was gradually decreased, whereas 
the cell density and ethanol production were increased for 27 h, as shown in Figure 8.7. There 
was a lag phase of 4—6 h; the glucose consumption was low at this stage. Subsequently the 
concentration profile drastically decreased during batch fermentation after 8—16 h. Because 
the cell density was initially low, sugar consumption was also low. The resulting cell growth 
curve from the batch experiment was a typical sigmoidal (S-) shape. The maximum cell den¬ 
sity of S. cerevisiae in batch fermentation was 13.7 g l -1 with 50 g I 1 glucose concentration. 
The average yield of biomass and product on substrates (Yx/s and Yp/s) were 33 and 32%, 
respectively. The rate of ethanol productivity for 24 h was 1.4 g l -1 h . A Langmuir—Hanes 
plot based on the Monod rate equation is presented in Figure 8.8. The Monod kinetic model 
can be used for microbial cell biocatalyst and is described as follows: 


S _ K s S 


(8.6.3.2.1) 


The terms K s and /x m are defined as the Monod constant and maximum specific growth 
rate, respectively. The data generated in this study were linearly fitted with the model as a 
function of concentration produced during the exponential phase versus time (Figure 8.8). 
From the plot, the maximum specific growth rate and Monod constant were determined to 
be 0.35 h -1 and 2.23 g I , respectively. The large value of the Monod constant may suggest 
that at high concentrations of substrate, more influence on the cell—substrate complex disso¬ 
ciation occurred than cell—substrate complex formation. 


8.6.3.3 Relative Activity 

The economics of an immobilized cell process depend on the lifetime of the microorganism 
and a continued level of clean product delivered by the fixed cells. It is important to eliminate 
the free cells from the downstream product without the use of any units such as centrifuge or 
filtration processes. Because the cells are retained in the ICR, the activity of intracellular 
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enzymes may play a major role. It is assumed that the deactivation of the enzyme at constant 
temperature follows a first-order equation as shown here: 

A t = A 0 exp(— k d t) (8.6.3.3.1) 

where At and Aq are activities of enzymes at time f and initial time zero, respectively. Also, k,j 
is the dissociation constant. The plot of relative activity versus time in batch fermentation 
with free cells is shown in Figure 8.9. The value of kj was 0.36 h -1 (Figure 8.9). According 
to the first-order dissociation rate constant, the half-life of the S. cerevisiae, (t = In 2/k d ), in 
batch fermentation suspended cells with 50 g I 1 of glucose was 1.95 h. The free cells were 
apparently completely deactivated after 60 h in batch operation. The data indicate that the 
free cells were deactivated rapidly compared with immobilized cells when used in a contin¬ 
uous mode for more than 7 days. 

8.6.3.4 Reactor Setup 

The volume of reactor without beads was 1.4 1. The column was loaded with the solidified 
uniform beads of S. cerevisiae. The void volume of the reactor was 660 ml when it was packed 
with immobilized beads. The growth of beads with different proportions of column packing 
is shown in Figure 8.10. A fresh feed of 10 g 1 1 glucose solution was pumped from the bot¬ 
tom of the reactor. The optimum amount of packing obtained was 65—70% of the reactor vol¬ 
ume. The trend of the collected data resembles the growth curve of yeast in suspended cell 
culture. The diameters of the beads increased with the increase in S. cerevisiae cell density, 
which indicates that S. cerevisiae was growing within the solid support. Under these circum¬ 
stances, substrate would be easily consumed at the solid surface coated with immobilized 
yeast cells. Thus, it was expected that substrate concentration at the surface would be less 
than the concentration of substrate in the bulk fluid. The main objective was to determine 
whether substrate penetrated into the beads. Because the matrix of beads was quite porous, 
it was assumed that the concentration gradient was the major force that influenced the mass 
transfer process in immobilized cells of S. cerevisiae. Therefore, the immobilized yeast system 
was preferred compared with free cells in the solution. Moreover, economic aspects of immo¬ 
bilized yeast must be considered as it eliminates the need for the extra unit for free-cell 
removal from the product stream. The other advantages of the immobilization system are 
that the substrate may not accumulate on the surface of the beads and that there was no ev¬ 
idence of cell leakage from the beads. 

The actual image of fresh and active beads before and after S. cerevisiae in ethanol produc¬ 
tion and Lactobacillus bulgaricus in lactic acid production from whey are shown in Figures 8.13 
and 8.14, respectively. 

8.6.3.5 Effect of High Concentration of Substrate on Immobilized Cells 

The fermentation was performed with various sugar concentrations to increase product 
concentrations. The initial sugar concentrations were 25, 35, and 50 g 1 1 . The sugar consump¬ 
tion profile in the ICR is presented in Figure 8.11. The sugar consumption trends of various 
glucose concentrations were similar, with a sharp reduction of substrate occurring within the 
first 3 h. A range of 55—75% of the sugars was reduced within a 3 h retention time. A 6-h 



280 8. IMMOBILIZATION OF MICROBIAL CELLS FOR THE PRODUCTION OF ORGANIC ACID AND ETHANOL 


21 1 
18- 

15- 

12 - 

9- 

6 - 

3- 

0 -- 

0 


> 

> 

c 

o 

o 

D 

"O 

o 


□ Glucose, 25 g/l 
O Glucose, 35 g/l 



2 4 

Retention time, h 


FIGURE 8.15 Ethanol production versus retention time in the immobilized cell column. Reprinted from Najafpour 
et al.' 5 Copyright with permission from Elsevier. 


retention time indicated that this was the most suitable time to achieve high sugar consump¬ 
tion. A longer retention time was required for higher sugar concentrations of up to 150 g l -1 
in the ICR column (7 h) (Figure 8.15). The amount of cell immobilized with calcium alginate 
was determined by the cell dry weight of immobilized cells and the assumption that 98% of 
the beads were considered to be loaded with active cells. Beads were measured before 
loading in the ICR column. 

Conversion of glucose versus dilution rate, used in the continuous fermentation process 
with immobilized S. cerevisiae, is shown in Figure 8.12. As the sugar concentration increased, 
the conversion may have decreased. At very high sugar concentrations, the conversion of 
sugar decreased. The maximum sugar conversion at 6 h retention time was obtained as 
74.3, 80.5, and 88.2% for 25, 35, and 50 g l -1 glucose concentrations, respectively. 

At high concentrations of sugar, conversion was highly influenced by dilution rate. The 
conversion decreased to less than 10% once the dilution rate approached wash out. The sugar 
conversion at low sugar concentrations appeared to be much less sensitive to feed dilution 
rate. The conversion for 25 g l -1 glucose was constant at 74% for a retention time of greater 
than 3 h (Figure 8.12). The trend of the data with 50 g l -1 sugar showed that conversion 
increased with retention time. At a higher sugar concentration, it required a longer retention 
time to achieve higher conversion. 

Reactor productivity was obtained by dividing final ethanol concentration with respect to 
sugar concentration at a fixed retention time. It was found that the rates of 1.3, 2.3, and 
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FIGURE 8.16 Glucose concentration and ethanol production versus retention time in immobilized cell reactor 
with initial substrate concentration of 150 g P 1 glucose. Reprinted from Najafpour et al. 15 Copyright with permission from 
Elsevier. 


2.8 g 1 1 h 1 for 25, 35, and 50 g 1 1 glucose concentrations were optimal. Ethanol productiv¬ 
ities with various substrate concentrations were linearly dependent on retention time 
(Figure 8.16). The proportionality factor may have increased while the substrate concentra¬ 
tion increased. As the sugar concentration doubled, the slope of the line for ethanol produc¬ 
tivity with 50 g 1 1 sugar increased fivefold. These results indicate that the ICR column has a 
high capacity to produce very high concentrations of ethanol. The final ethanol concentra¬ 
tions with 25 and 50 g l -1 of glucose were 7.6 and 16.73 v/v, respectively. 

A high glucose concentration of 150 g l -1 was used in continuous fermentation with immo¬ 
bilized S. cerevisiae; the obtained data for sugar consumption and ethanol production with 
retention time are shown in Figure 8.14. As the retention time gradually increased, the 
glucose concentration dropped, whereas the ethanol concentration profile showed an in¬ 
crease. The maximum ethanol concentration of 47 g 1 1 was obtained with a retention time 
of 7 h. The yield of ethanol production was approximately 38% compared with batch data, 
where only an 8% improvement was achieved. 


8.6.4 CONCLUSION 


Continuous ethanol production in an ICR was successfully done with high sugar concen¬ 
trations. In batch fermentation, when the concentration of glucose was 50 g l -1 , substantial 
substrate inhibition occurred. The advantage of the ICR was that the inhibition of substrate 
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and product were not apparent even with a 150 g 1 _1 glucose solution in the fresh feed (data 
not shown). The ICR system exhibited a higher yield of ethanol production (38%) than the 
batch system. The ICR column gave a high performance to processing feed with concentrated 
sugar. Most of ICR experimental runs resulted in a glucose consumption of 82—85%. The re¬ 
sults indicate that the immobilization of S. cerevisiae possesses the capacity not only to use 
high concentrations of sugar, but also to yield higher ethanol productivities during the course 
of continuous fermentation. Ethanol production in the ICR column increased fivefold, as the 
glucose concentration was doubled from 25 to 50 g 1 1 . The new findings in the present inves¬ 
tigation confirmed the application of concentrated feed with a higher rate of ethanol produc¬ 
tion, because the cell loaded into the gel matrices of sodium alginate shown in the SEM 
micrographs eliminated the free cells from the ethanol product stream. 


NOMENCLATURE 


A 0 Initial activity of bacterium (U g _1 cell) 

A t Activity of bacterium at time t (U g _1 cell) 
C Microorganisms cell concentration (g P 1 ) 
kj Dissociation constant (h _1 ) 

K s Monod constant (g I ') 

S Substrate concentration (g I ] ) 

T Time (h) 

H Specific growth rate (g 1 1 h _1 ) 

H„, Maximum specific growth rate (IP 1 ) 
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SUBCHAPTER 


8.7 


Fundamentals of Immobilization Technology, 
and Mathematical Model for ICR Performance 


It is well-known that pure enzymes change their behavior and stability when they are 
immobilized. In the past two decades, the immobilization of microorganisms, cells, and parts 
of cells has gradually been introduced into microbiology and biotechnology. The cell immo¬ 
bilization techniques are modifications of the techniques developed for enzymes. However, 
the larger size of microbes has influenced the techniques. As for immobilized enzymes, 
two broad types of method have been used to immobilize microorganisms: attachment to 
a support and entrapment. 


8.7.1 IMMOBILIZATION OF MICROORGANISMS 
BY COVALENT BONDS 


By these methods microorganisms are cross-linked by chemical substances, e.g., by glutar- 
aldehyde. The surfaces (especially the proteins) of microorganisms are linked with the surfaces 
of other microorganisms by aldehyde groups of glutaraldehyde. Yeast cells, for instance, react 
with free e-amino group or N-terminal amino groups to form imines. Another reaction mech¬ 
anism was proposed for a conjugated addition of amino groups to double linkages of a- and 
P-unsaturated oligomers, which are present in commercial aqueous solutions of glutaralde¬ 
hyde. This mechanism may explain the stability of the linkages. By this chemical linking, 
growth inhibition and toxic influences on the microorganisms are very intensive. These reac¬ 
tions are only partly understood and can lead to decay or death of the microorganisms. 


8.7.2 OXYGEN TRANSFER TO IMMOBILIZED MICROORGANISMS 


Availability of oxygen is one of the most important parameters that are different for immo¬ 
bilized and free microorganisms. Free organisms can get oxygen directly from the surround¬ 
ing air or, in most technical processes, from the liquid, especially water, which contains 
dissolved oxygen. The molar transfer of oxygen with respect to time, dCb/df, can be 
described by the following equation: 


d0 2 

dt 


K L a(C g - C L ) 


(8.7.2.1) 
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Kja is the volumetric oxygen mass transfer coefficient, owing to the oxygen transfer from 
the gas phase or air, C ? , to the surface of the cells, C x or to the transfer of oxygen dissolved 
in water to the surface of the cells. In principle, the same formula can be applied to immo¬ 
bilized microorganisms, but here the conditions are quite different. The adsorbed cells form 
microbial films or varying thickness during a short incubation time. Oxygen has to be trans¬ 
ferred into these microfilms, and because of this, zones of different oxygen concentrations 
exist in the films, in which the growth of the microorganisms varies in direct relation to 
the oxygen concentration. Using the unsteady-state model, the maximum oxygen penetra¬ 
tion depth for highly packed immobilized cells has been reported to be in the range of 
50—200 |im. 


8.7.3 SUBSTRATE TRANSFER TO IMMOBILIZED 
MICROORGANISMS 


In an immobilized cell bioreactor, significant substrate concentration gradients may exist. 
Cells are located close to the nutrient supply, which are likely to maintain higher quality 
and activity than cells located relatively further away, leading to differentiation in the qual¬ 
ity or activity of the immobilized cell population. This differentiation is more pronounced if 
there are starvation regions (practically zero substrate concentration) inside the reactor. 
Typical approaches for measuring diffusivities in immobilized cell systems include bead 
methods, diffusion chambers, and holographic laser interferometry. These methods can be 
applied to various support materials, but they are time-consuming, making it onerous to 
measure effective diffusivity (D e ff) over a wide range of cell fractions. Owing to the math¬ 
ematical models involved, the deconvolution of diffusivities can be very sensitive to errors 
in concentration measurements. There are mathematical correlations developed to predict 
D e ff as a function of diffusivities in broth and inside the cells (Dg, D c ). The relation can 
also be used to extrapolate D e ff measurements from one cell fraction to any other cell frac¬ 
tion. Various values of Dg/D c have been compiled in Table 8.4 for a variety of immobilized 
cell systems. These diffusivity ratios for specific systems (i.e., diffusing species, cell type, 
and gel material) facilitate the prediction of D e & values for a wide range of operating con¬ 
ditions. For a few systems, the diffusivity ratios are very large (°°). The infinite diffusivity 


TABLE 8.4 Methods of immobilization 


Attachment 

Without support cross-linking 
With support 


Aggregation of floe for formation of cross-linking 
Covalent binding 

Adsorption to ion-exchangers or inorganic sorbent 
Biofilm formation 


Entrapment 


Organic polymer 
Inorganic polymer 
Semipermeable membrane 
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TABLE 8.5 Microbial cells covalently linked to various supports 


Species 

Support 

Product 

Acetobacter 

Metal hydroxides 

Acetic acid 

Aspergillus niger 

Glycidyl methacrylate 

Gluconic acid 

Micrococcus luteus 

CM-cellulose 

Urocanic acid 

Saccharomyces cerevisiae 

Aminopropyl silica 

Ethanol 

S. cerevisiae 

Hydroxyalkyl methacrylate 

Killer toxin 

S. cerevisiae 

Cellulose 

Ethanol 

Zygosaccharomyces lactis 

Hydroxyalkyl methacrylate 

P-Galactosidase 


ratio corresponds to a diffusing solute that does not enter the cells (i.e., D c = 0); such cases 
were observed with large molecules of disaccharide (galactose), polysaccharides and cells of 
Zymomonas mobilis (Table 8.5). 


8.7.4 GROWTH AND COLONY FORMATION 
OF IMMOBILIZED MICROORGANISMS 


It was pointed out by several scientists that immobilized microorganisms differ in their 
growth rates and show altered morphological forms of colonies. Adsorbed cells form 
micro- and macrofilms in which the microorganisms in the outer region have a different 
morphology than in the inner region. These microfilms often show different colony forms in rela¬ 
tion to their density. Thick films have a slimy character; thin films often show the presence of in¬ 
dividual microorganisms. These characteristics can be observed with bacteria, yeast, and with 
molds. They are caused by differing oxygen concentrations and limited concentrations of nutri¬ 
ents. By referring to our previous work on ICR, a mathematical model for ICR performance may 
be obtained by applying a mass balance over a differential volume element of the column: 


dC A dC A 
at dz 


(8.7.4.1) 


where e is the void volume of the packed column, C A is the substrate concentration (g 1 '), u 
represents the bulk fluid velocity (cm h ), z is the axial reactor length (cm), and r A denotes 
the rate of substrate transfer to microbial film (g l -1 h -1 ). 

Assuming plug-flow and steady-state behavior, Eqn (8.7.4.1) reduces to: 


u 


<3Ca 

dz 


r A 


(8.7.4.2) 


Plug-flow behavior has been shown in this type of reactor by tracer studies (Table 8.6). 
The reaction rate for simple fermentation systems is normally given by the Monod equa¬ 
tion. This model indicates that the specific conversion rate is constant when applied to an 







8.7.4 GROWTH AND COLONY FORMATION OF IMMOBILIZED MICROORGANISMS 287 

TABLE 8.6 Experimental studies of diffusion in immobilized cell systems and their associated values 
of D 0 /D c 


Cell type 

Immobilization 

Solute 

D 0 ID c 

Saccharomyces cerevisiae 

Ca-alginate 

Glucose 

0.1 

Baker's yeast 

Ca-alginate 

Glucose 

10.6 

Ehrlich ascites tumor 

Agar, collagen 

Glucose 

2.4 

Zymomonas mobilis 

K-carrageenan, Ca-alginate 

Glucose 

00 

Pseudomonas aeruginosa 

Ca-alginate 

Glucose 

2.3 

Saccharomyces cerevisiae 

Ca-alginate 

Glucose 

2.8 

Plant 

Ca-alginate 

Sucrose 

00 

Baker's yeast 

Ca-alginate 

Galactose 

15.8 

Zymomonas mobilis 

Ca-alginate 

Galactose 

00 

Baker's yeast 

Ca-alginate 

Lactose 

00 

Ehrlich ascites tumor 

Agar, collagen 

Lactic acid 

6.7 

Clostridium butyricum 

Polyacrylamide, agar collagen 

Hydrogen 

3.2 

Escherichia coli 

Natural aggregates 

Nitrous oxide 

3.9 

S. cerevisiae 

Fermentation media 

Oxygen 

2.3 

S. cerevisiae 

Ca-alginate, Ba-alginate 

Oxygen 

0.1 

Escherichia coli 

Fermentation media 

Oxygen 

2.2 

Penicillium chrysogenum 

Fermentation media 

Oxygen 

5.6 

Bacillus amyloliquefaciens 

Ca-alginate, PVA-SbQ gel 

Oxygen 

1.8 

S. cerevisiae 

Ca-alginate 

Ethanol 

0.1 

Baker's yeast 

Ca-alginate 

Ethanol 

00 


immobilized cell system (Table 8.7). If a first-order rate equation for sugar consumption is 
used, Eqn (8.7.4.2) yields: 

u ^A = kC A (8.7.4.3) 

oz 

Equation (8.7.4.3) is a linear first-order differential equation for concentration and reactor 
length. After separation of variables, the equation can be integrated as: 


/ 


Ca 


0 


dCA 

C A 


Z 



kdz 


o 


u 


(8.7.44) 
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TABLE 8.7 Ethanol productivity from immobilized systems 


System 

Feed sugar 
concentration (g l -1 ) 

% of Feed 
sugar utilization 

Dilution 
rate (h _1 ) 

Max. ethanol 
productivity 

(g r 1 h- 1 ) 

Saccharomyces cerevisiae carrageenan 

Glucose 100 

86 

1.0 

43 

S. cerevisiae Ca-alginate 

Glucose 127 

63 

4.6 

53.8 

S. cerevisiae Ca-alginate 

Molasses 175 

83 

0.3 

21.3 

S. cerevisiae Carrier A 

Molasses 197 

74 

0.35 

25 

Zymomonas mobilis Ca-alginate 

Glucose 150 

75 

0.85 

44 

Zymomonas mobilis Ca-alginate 

Glucose 100 

87 

2.4 

102 

Z. mobilis carrageenan 

Glucose 150 

85 

0.8 

53 

Z. mobilis flocculation 

Glucose 100 



120 

Z. mobilis borosilicate 

Glucose 50 



85 

Z. mobilis carrageenan-locust 
bean gum 

Whey-lactose 50 

98 


178 


Integration of the above differential equation yields: 

ln(C A /C Ao ) = | (8.7.4.5) 

Thus a linear relation between ln(C A /C Ao ) and the reactor length should exist if the model 
accurately describes the immobilized cell reactor. The experimental data fitting the model 
were discussed previously. 


8.7.5 I MMOBILIZED SYSTEMS FOR ETHANOL PRODUC TION 

The most significant advantage of immobilized cell systems is the ability to operate with 
high productivity at dilution rates exceeding the maximum specific growth rate (/i max ) of the 
microbe. Several theories have been proposed to explain the enhanced fermentation capacity 
of microorganisms as a result of immobilization. A reduction in the ethanol concentration in 
the immediate microenvironment of the organism owing to the formation of a protective 
layer or specific adsorption of ethanol by the support may act to minimize end product inhi¬ 
bition. Alternatively, substrate inhibition may be diminished in the case of a gel matrix, if the 
rate of fermentation meets or exceeds the rate of glucose diffusion to the cell. A third possi¬ 
bility is that alteration of the cell membrane during immobilization provides improved trans¬ 
fer of substrate into and product out of the microbe. 

The effect of temperature on the rate of ethanol production is markedly different for free 
and immobilized systems. Thus while a constant increase in rate is observed with free S. 
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cerevisiae as temperature is increased from 25 to 42 °C, a maximum occurs at 30 °C with cells 
immobilized in sodium alginate. The lower temperature optimum for immobilized systems 
may result from diffusional limitations of ethanol within the support matrix. At higher tem¬ 
peratures, ethanol production exceeds its rate of diffusion so that accumulation occurs within 
the beads. The achievement of inhibitory levels then causes the declines observed in the 
ethanol production rate. 

Significant differences are also apparent for the effect of pH on the fermentation rate. The 
narrow pH optimum characteristic of a free cell system is replaced by an extremely broad 
range upon immobilization. This effect stems from the gradient pH that exists within the 
bead. 
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9.1 INTRODUCTION 


All microorganisms require nutrients for propagation and to produce metabolites as useful 
byproducts. Medium is supplied to the reaction vessel while the products leave through 
effluent for downstream processing. Balancing individual elements assists us in understand¬ 
ing biocatalytic activities and monitoring the downstream process. Nutrients are supplied in 
aqueous media with carbon, nitrogen, and phosphorus sources. Mineral elements, vitamins, 
and oxygen are also provided to enhance microbial growth. Once a system is selected, we 
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balance the inlet and outlet compositions. Knowledge of microbial elemental compositions 
such as C, H, N, S, P, Mg, Na, and K is required to solve the elemental balance equation. Nor¬ 
mally trace metals and minerals such as Fe, Cu, Zn, Co, Mn, and Mo are required in small 
quantities, which act as growth stimulants with sufficient energy sources to provide adeno¬ 
sine triphosphate (ATP) as needed, for biochemical reactions to precede and progress. 
Carbohydrates as substrates are used in the cells to generate energy and carry out biosyn¬ 
thesis. An adequate carbon source is essential to ensure cell growth. Nutrients are frequently 
added into the media in substantially excessive amounts than are required by the cell, but the 
amount of trace metals and minerals supplied is limited. 

For any viable microorganism in a fermentation process, we should be able to respond to 
the following questions: 

• What would the respiration quotient be related to the concentration of CO 2 generated in 
the fermentation process, known as off gas? 

• What fraction of substrate is consumed and how much substrate is converted to 
biomass and end products? 

• If the process is aerobic, how much O 2 is required? 

• What would the oxygen transfer rate be? 

To answer these questions, the media used to propagate and culture organisms are dis¬ 
cussed; then, mass balance is required for microorganisms to determine conversion and 
how much air has to be supplied into the fermentation broth. The substrate consumption 
or production rates must be set as a starting point. To provide suitable answers to these state¬ 
ments, we may approach the questions by reviewing a few biological processes and illus¬ 
trating the assumptions and process conditions. 


9 .2 MEDIA PREPARATION FOR FERMENTATION 

A recent survey showed that many research papers are published for the purpose of iden¬ 
tifying suitable a media composition for maximum growth and productivity. Various soft¬ 
ware packages have been developed to optimize the chemical composition of media. 
Appropriate media for cultivating microorganisms are necessary to contain carbon, nitrogen, 
and phosphorous sources. The media have to be prepared in advance before inoculum is 
transferred to them. Media have to meet certain requirements to provide a suitable environ¬ 
ment for an organism to have safe and sustainable growth. All organisms are required to live 
in water while necessary nutrients are available for the organism in the aqueous phase. Water 
acts as the desired environment for keeping all nutrients in the soluble phase. Based on the 
concentration of gradients, nutrients diffuse through the cell wall. In addition, the energy 
source for all viable cells is supplied by a carbon source and nitrogen and phosphorous com¬ 
pounds are required for the biosynthesis of essential compounds such as amino acids and 
nucleic acids. Enzymes have an important role as biocatalysts and energize biochemical re¬ 
actions to be formed. Most enzymes for an active state require a center core of metal ions 
(e.g., Co, Cu, Mn, Mo, Zn, Fe, and B). For certain organisms, vitamins and supplementary 
nutrients are essential to secure cell growth. Some organisms are unable to synthesize nucleic 
acids, amino acids, and vitamins. Therefore, specific growth factors are identified and 
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incorporated as supplements into media. In addition, media should have mineral and trace 
metals for enzymes to function properly. Most organisms such as yeast can easily grow in 
simple media consisting of glucose as a carbon source; yeast extract for the purpose of nitro¬ 
gen supply and phosphate buffer provides a medium stability of pH and phosphorylate car¬ 
bohydrates. A carbon source is used as the energy requirement for the synthesis of 
biomolecules through anabolism and catabolism, which may assist organism in selecting a 
living respiration path. The yield of biomolecule generation for one organism may be 
different from that of others. 

9.2.1 Medium Formulation 

In designing media for the propagation of organisms in synthesizing energy and biomol¬ 
ecules, knowledge of the elemental composition of an organism, including C, H, O, N, and P, 
and S and trace metal elements, is required. In fact, in the growing media elemental balance is 
essential to determine the ability of an organism to synthesize a product. 

Media for the growth of bacteria requires carbon and nitrogen sources plus supplements of 
yeast extract, meat extract, and peptone. For a yeast cell to grow, common media would be 
yeast extract (1%), peptone (2%), plus glucose: media with three components. The addition of 
1.5% agar is used for plate agar to culture organisms on a Petri dish. The yeast extract (1%), 
malt extract (1.5%), and bacto-agar (1.5%) is known as YM agar medium for culturing most 
organisms. It is recommended to incubate the inoculated medium at 32 °C. Bacteria form col¬ 
onies on plate agar; one can identify the purity of a culture by inspecting the appearance of 
the colony while filamentous organisms such as fungi form spores; therefore, colony counting 
may not be suitable for such organisms. 

Mclnemey et al. proposed enriched complex media for growing anaerobic methanogenic 
bacteria to convert fats into biogas as a energy source. Mixtures of all vitamins are stirred for 
several hours without heating; then, they are dispensed into plastic storage bottles and kept 
in a freezer for future use. The vitamin solution has to be refrigerated for short or long dura¬ 
tions of use. Metal ions and trace minerals essential for growth are summarized in Table 9.1. 


TABLE 9.1 Mixture of stock solution of trace metals and minerals 


PFN minerals 

si - 1 

PFN trace metals 

gl - 1 

kh 2 po 4 

10.0 

ZnS0 4 ■ 7H 2 0 

0.1 

MgCl 2 -6H 2 0 

6.6 

MnCl 2 0-4 H z O 

0.03 

NaCl 

8.0 

H 3 BO 3 

0.3 

NH 4 C1 

8.0 

CoCl 2 • 6H 2 0 

0.2 

CaCl 2 • 2H 2 0 

1.0 

CuC1 2 H 2 0 

0.01 



NiCl 2 -6H 2 0 

0.02 



Na 2 Mo0 4 ■ 2H 2 0 

0.03 



FeCl 2 -4H 2 0 

1.5 



Na 2 Se0 3 

0.01 
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TABLE 9.2 Vitamin stock solution 


B Vitamins 

mgl -1 

Biotin 

20 

Folic acid 

20 

Pyridoxal HC1 

10 

Lipoic a. (thioctic a.) 

60 

Riboflavin 

50 

Thiamine HC1 

50 

Ca-D-pantothenate 

50 

Cyanocobalamine 

50 

p-Aminobenzoic acid 

50 

Nicotinic acid 

50 


The metal ions and trace minerals are introduced as Pfennig (PFN) metals and PFN trace 
metals, respectively. The mineral media for use are dispensed into 100-ml quantities in serum 
bottles and autoclaved for 20 min for further use. 

Genthner et al. investigated the impact of effective vitamins in the growth of anaerobic 
bacteria; the stock solution of vitamins is shown in Table 9.2. The basal media used for anaer¬ 
obic bacteria ( Peptostreptococcus ) products are summarized in Table 9.3. 


TABLE 9.3 Basal media composition in 1000 ml solution 


Composition 

gl _1 

•V- 1 

Glucose or sodium acetate 

10 

6 

Yeast extract 

1 

0.5 

PFN minerals 

50 ml 

30 ml 

PFN trace metals 

1 ml 

1 ml 

B vitamins 

5 ml 

5 ml 

Resazurin (0.1%) 

1 ml 

- 

NaHCOs 

2.5 

2.4 

Ammonium chloride 


2.6 

Distilled water 

1000 ml 

1000 ml 


Note: Use full volume of water to allow for some loss during boiling. 
a Cultured Rhodospirillum rubrum for hydrogen production. 
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9.2.2 Preparation of Anaerobic Media 

The preparation of media for strict anaerobe organisms is not easy, especially using the 
media to bioconvert synthesized gas to hydrogen. A mixture of all ingredients for media 
preparation, except NaHCCb, is prepared in a separate boiling flask. Place cotton into the 
mouth of a 1 ml pipette with a gas mixture of 80% N 2 and 20% CO 2 flowing through the 
pipette; degas the hot clear media solution to prevent the presence of any dissolved oxygen. 
Otherwise, place it in a boiling flask and hang it above the gas burner, about 10 cm from the 
flame. Bring the solution to the boiling point and then boil it for 2 min to derive off dissolved 
O 2 . After boiling, leave the flushing pipette in the neck of the flask, flow it with N2:C02 to 
prevent O 2 from being pulled into the flask as it cools. When the solution has cooled to about 
50 °C, add the NaHCCb to the flask (the media color will change to bright pink). Flush the 
pipette with a 16 G 1.5 needle in the neck of the flask several times. Place gas lines into the 
bottles or tubes before, while, and after filling, for about 30 s. Carefully pull out the gas 
line while inserting a rubber septum and crimp an aluminum seal over the rubber septum. 
The prepared bottled media are autoclaved for 20 min. The pH of prepared media for gas 
bioconversion after autoclaving is about 7. Table 9.4 shows the composition of media for 
anaerobic bacteria. 

To prepare basal media, details are listed as follows: 

1. For basal medium without yeast extract, add only 0.2 g NaHCCb/'lOO ml medium. The 
media final pH is about 7. 

2. For basal medium without yeast extract plus 5 ml/100 ml medium of filtered sludge, 
add 0.25 g NaHCCb/'lOO ml medium to get a media final pH of about 7. 

3. For basal medium without yeast extract plus 1.5% sodium acetate, add 0.25 g NaHCOa/ 
100 ml medium to obtain a media final pH of about 7. Always check the pH on a 
finished bottled medium. Withdraw 1 ml with a sterile syringe and put the solution into 
a 2 ml conical centrifuge tube. Check the pH of the sampled medium. Use the bottle of 
medium at a later time. The pH can change from time to time if the CC> 2 % varies or if 
the distilled water composition has changed. 

For media preparation, distribute serum bottles under anaerobic conditions; special pre¬ 
cautions are required. First, all ingredients are mixed except sodium bicarbonate (NaHCOj); 
then, boil the solution. Cool it off with a gas mixture of N 2 :CC> 2 , 80:20%. Cool to about room 


TABLE 9.4 Anaerobic media composition for variable volume 


Media composition 

400 ml 

500 ml 

600 ml 

750 ml 

800 ml 

Yeast extract, g 

0.4 

0.5 

0.6 

0.75 

0.8 

PFN minerals, ml stock 

20 

25 

30 

37.5 

40 

PFN trace minerals, ml 

0.4 

0.5 

0.6 

0.75 

0.8 

B vitamins, ml stock 

2.0 

2.5 

3.0 

3.75 

4.0 

Resazurin (0.1%), ml 

0.4 

0.5 

0.6 

0.75 

0.8 

NaHCQ 3 , g 

1.0 

1.25 

1.5 

0.88 

2.0 
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TABLE 9.5 Media for methanogenic bacteria, composition of media in 1000 ml 


NH4C1 

2-7 g 

FeS0 4 

0.01 g (dissolve 0.1 g in 10 ml distilled water) 

Sodium acetate 

2.5 g (optional) 

NaHCOa 

2 g 

Mineral solution I 

50 ml 

Mineral solution II 

50 ml 

Trace metals III 

10 ml 

B vitamins IV 

10 ml 

Resazurin (0.1%) 

1 ml 


TABLE 9.6 Minerals, trace metals and vitamin composition for the preparation of media 


Mineral I 

gl _1 

B vitamins IV 

mg l -1 

k 2 hpo 4 

6 

Biotin 

2.0 

Mineral II 

gr 1 

Folic acid 

2.0 

kh 2 po 4 

6.0 

Pyridoxine HC1 

10.0 

(nh 4 ) 2 so 4 

6.0 

Riboflavin 

5.0 

NaCl 

12.2 

Nicotinic acid 

5.0 

MgCl 2 -6H 2 0 

4.0 

Ca-pantothenate 

5.0 

MgS0 4 • 7H 2 0 

2.6 

Cyanocobalamin (vitamin B 42 ) 

0.10 



p-Aminobenzoic acid 

5.0 



Lipoic acid (thioctic acid) 

5.0 


temperature and then add NaHCC >3 before bottling anaerobically. The final pH of the pre¬ 
pared media is about 7. The bottled media are autoclaved for 20 min. The media composition 
of methanogenic bacteria is listed in Table 9.5. Table 9.6 introduces media with minerals, trace 
metals, and vitamins. The composition of mineral solutions I and II and vitamin combina¬ 
tions are summarized in Table 9.6. Table 9.7 shows several combinations of trace metal 
ions effective for microbial growth. 

For media preparation, mix all ingredients except NaHCCb and boil for 2 min with 80% 
N2:20% CO 2 . Cool and add NaHCCb before bottling anaerobically. The pH of media before 
boiling is 6.6, after boiling the pH drops to 5.8, whereas after adding NaHCCb the pH is 
nearly neutral (6.97). The pH after autoclaving is 7. The solution of 0.25 g NaHCC >3 in 
100 ml will rise to pH 7 or even slightly greater than 7. The minimal medium used for meth¬ 
anogenic bacteria is shown in Table 9.8. Table 9.9 lists minerals and vitamins required for mi¬ 
crobial growth. Table 9.10 shows different constituents of the complex media. 
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TABLE 9.7 Different combinations of trace metal ions used as growth stimulants 


Trace metals III 

GP 1 

CoCl 2 

0.1 

Na 2 M0 4 • 2H 2 0 

0.024 

NiCl 2 -6H 2 0 

0.024 

Nitrilotriacetate 

1.5; adjust pH with KOH, then add to other minerals 

Na 2 Se0 3 

0.024 in 10 ml concentrated HC1 (optional) 


TABLE 9.8 Minimal media composition for 500 and 1000 ml 


Components 

Grams per 1000 ml 

Grams per 500 ml 

NH 4 C1 

2-7 g 

1.35 g 

NaHC0 3 

2 g 

1.0 g 

Mineral solution I 

50 ml 

25 ml 

Mineral solution II 

5 ml 

25 ml 

Wolfe's minerals III 

1 ml 

5 ml 

Wolfe's vitamins IV 

1 ml 

5 ml 

Resazurin (0.1%) 

0.1 ml 

0.5 ml 

Distilled water 

88 ml 

470 ml to allow under gas boiling 


TABLE 9.9 

Combinations of minerals and vitamins used in complex media 


Mineral I 

gl _1 

Wolfe's vitamins IV 

mgr 1 

k 2 hpo 4 

6.0 

Biotin 

2.0 



Folic acid 

2.0 

Mineral II 

gl 1 

Pyridoxine HC1 

10.0 

kh 2 po 4 

6.0 

Riboflavin 

5.0 

(nh 4 ) 2 so 4 

6.0 

Nicotinic acid 

5.0 

NaCl 

12.0 

Ca-pantothenate 

5.0 

CaCl 2 • H 2 0 

1.6 

Vitamin B J2 

0.10 

MgS0 4 ■ 7H 2 0 

2.4 

p-Aminobenzoic acid 

5.0 



Thioctic (lipoic) acid 

5.0 



Thiamine HC1 

5.0 
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TABLE 9.10 Complex media with different constituents 


Wolf's minerals III 

81 1 


gl _1 

Nitrilotriacetic acid 

1.5 

ZnS0 4 

0.01 

MgS0 4 

3.0 

CuS0 4 

0.01 

MnS0 4 

0.5 

A1K(S0 4 ) 2 

0.01 

NaCl 

1.0 

H 3 BO 3 

0.01 

FeS0 4 

0.1 

Na 2 Mo0 4 

0.01 

CaCl 2 

0.1 

NiCl 2 -6H 2 0 

0.024 

CoCl 2 

0.1 




TABLE 9.11 Complex medium with defined chemical composition 
in 100 ml medium 


Minerals 

5.0 ml 

Trace metals 

0.5 ml 

B vitamins (same solution as basal medium) 

2.0 ml 

Amino acid solution (2 mg I 1 of each in final medium) 

12.5 ml 

Resazurin solution (0.1%) 

0.1 ml 

Distilled water 

80 (+5) ml 


Note that some methanogenic bacteria can grow well by adding sodium acetate. An exact 
amount of sodium acetate, 0.25 g in 100 ml medium, is added, or 0.5 ml of 2 M sodium ace¬ 
tate (sterile) may be added to 50 ml of the prepared medium. Table 9.11 shows rich medium 
with known chemical compositions. 

In mixing the basal medium, the pH is adjusted to 5 before boiling. Other cultures may 
require pH 6—7. The required carbon source such as synthesized gas should be added after 
inoculation. The mixture of amino acids mostly contains valine, threonine, arginine, histidine, 
methionine, lysine, leucine, cysteine, glutamic acid, phenylalanine, serine, asparagines, and 
tryptophan; each amino acid has a concentration of 16 mg 1 1 Table 9.12 shows a complex 
medium for anaerobic culture. The media required trace metal ions and amino acids. 

For a culture, if it is grown in culture tubes, a gas flow of helium over the medium instead 
of N 2 /CO 2 is used. Add a synthesized gas pressure of 10—15 psi as carbon source. As synthe¬ 
sized gas is used, the He should maintain a positive pressure in the bottle or tubes; this 
should not produce a vacuum inside the bottle or tube. For growth in bottles, autoclave 
with purge gas of N 2 /CO 2 in the gas phase; then, synthesized gas after inoculation is 
used. Initially the culture is flushed and then charged. Several suggested ATCC media for 
certain organisms are listed in the following tables (see Tables 9.13—9.16). 
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TABLE 9.12 Chemical composition of a complex medium 


Trace metals 

gl _1 

Grams in 500 ml 

Minerals 

Grams in 500 ml 

gl _1 

Nitrilotriacetate 

1.5 

0.75 

(NH 4 ) 2 S0 4 

5.0 

10.0 

MgS0 4 • 7H 2 0 

6.1 

3.05 

nh 4 ci 

5.0 

10.0 

MnS0 4 ■ H 2 0 

0.5 

0.25 

kh 2 po 4 

68.0 

136.0 

NaCl 

1.0 

0.5 




FeS0 4 -7H 2 0 

0.1 

0.05 




CoC1 2 -6H 2 0 

0.1 

0.05 




CaCl 2 • 2H 2 0 

0.1 

0.05 




ZnCl 2 

0.1 

0.05 




CuCl 2 • xH 2 0 

0.01 

0.005 




A1K(S0 4 ) 2 ■ 12H 2 0 

0.01 

0.005 




H 3 BO 3 

0.01 

0.005 




Na 2 MoO • 2H 2 0 

0.01 

0.005 




NiCl 2 -6H 2 0 

0.05 

0.025 




Na 2 Se0 3 

0.0005 

0.00025 





TABLE 9.13 ATCC medium for culturing Rhodocyclus gelatinosus 


Composition 

Grams in 100 ml 

Grams in 300 ml 

gl _1 

k 2 hpo 4 

0.1 

0.3 

1.0 

MgS0 4 • 7H 2 0 

0.1 

0.3 

1.0 

Yeast extract 

1.0 

3.0 

10.0 

PFN minerals (trace) 

0.1 ml 

0.3 ml 

1.0 ml 

Resazurin (0.1%) 

0.1 ml 

0.3 ml 

1.0 ml 

PFN vitamins 

0.5 ml 

1.5 ml 

5.0 ml 


TABLE 9.14 

ATCC medium with yeast malt extract for Streptomyces 

sp. 

Composition 

Grams in 100 ml 

Grams in 300 ml 

gl _1 

Yeast extract 

0.4 

1.2 

4.0 

Malt extract 

1.0 

3.0 

10.0 

Glucose 

0.4 

1.2 

4.0 

Agar 

2.0 

6.0 

10.0 
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TABLE 9.15 ATCC medium with peptone—yeast extract for 

B revibacterium lactofermentum and Z ymomonas mobilis 


Components 

% 

Components 

% 

Glucose 

1 

Glucose 

2 

Bacto-peptone 

1 



Yeast extract 

1 

Yeast extract 

1 

NaCl 

0.5 

kh 2 po 4 

0.2 


TABLE 9.16 ATCC medium for Acetobacterium 

Composition 

Grams in 
100 ml 

Grams in 
300 ml 

Grams in 

500 ml 

Yeast extract 

0.1 

0.3 

0.5 

NH 4 C1 

0.1 

0.3 

0.5 

MgS0 4 • 7H 2 0 

0.01 

0.03 

0.05 

KH 2 P0 4 

0.04 

0.12 

0.2 

k 2 hpo 4 

0.04 

0.12 

0.2 

Wolfe's vitamins 

1 ml 

3 ml 

5 ml 

Wolfe's mineral 

1 ml 

3 ml 

5 ml 

Fructose (2.5 ml of a 20% 
solution) 

0.5 ml 

1.5 ml 

2.5 ml 

Resazurin (0.01%) 

0.1 ml 

0.3 ml 

0.5 ml 

NaHCCX, 

0.3 

0.9 

1.5 


Adjust the pH to 7.2 and prepare the medium through the usual anaerobic technique. After 
boiling, add 0.2 g NaHCCh in 100 ml solution; the final pH is 7. 

Fructose is sterilized separately and added after autoclaving. The pH of the medium is 
adjusted to 6.7. Media are prepared by the usual anaerobic technique. The preparation of 
tris maleate buffer solution and composition of Wolfe's mineral solution are shown in Tables 
9.17 and 9.18, respectively. 


TABLE 9.17 Tris maleate buffer solution 


Solution A: 250 ml 1“ 

25 ml 

62.5 ml 

125 ml 

250 ml 

Solution B: 200 ml [ 1 

20 ml 

50 ml 

100 ml 

200 ml 

Distilled water to volume 

53 ml 

132.5 ml 

265 ml 

530 ml 
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TABLE 9.18 

Wolfe’s mineral solution 

Composition 

gl -1 

Nitriloacetic 

1.5 

MgS0 4 

3.0 

M 11 SO 4 

0.5 

NaCl 

1.0 

FeS0 4 

0.1 

CaCl 2 

0.1 

CoCl 2 

0.1 

ZnS0 4 

0.1 

CuS0 4 

0.01 

A1K(S0 4 ) 2 

0.01 

H3BO3 

0.01 

N CI 2 M 0 O 4 

0.01 


The media rough pH estimation will be about 6.7. 

Solution A: Contains 0.2 M Tris acid maleate; add 24.2 g tris (hydroxymethyl) aminome- 
thane, 23.2 g maleic acid, or 19.6 malic anhydride in 11 distilled water. 

Solution B is 0.2 M NaOH, which is 8 g NaOH dissolved in 11 distilled water 
MgS0 4 ■ 7 H 2 O. prepare a 1% solution. Use 10 mil -1 to get 0.01%. Store in a refrigerator. 
For MnS 04 -H 2 0 : prepare a 0.1% solution. Use 10 ml I 1 to get 0.001%. Store in a 
refrigerator. 

9.2.3 Preparation of Minimal Media and Standard Media 

Minimal medium contains the essential nutrients for growth of bacterial species. The me¬ 
dium is often used for a particular microbial species of heterotroph organism that has no 
nutritional requirements beyond core sources of carbon (dextrose) and nitrogen for the syn¬ 
thesis of amino acids and nucleic acids. Auxotroph organisms with nutritional require¬ 
ments may not be able to grow on minimal medium. The medium components are 
glucose as the carbon source and nitrogen source. Often, ammonium chloride is used as 
the nitrogen source because most bacterial species are unable to use atmospheric nitrogen 
to convert to an amine group. In fact, nitrogen is used to synthesize amino acids for pro¬ 
teins and bases for nucleic acids. Mineral ions and trace metals are present in the medium 
as core nutrients such as sodium, potassium, calcium, phosphorus and magnesium. Phos¬ 
phate buffer 0.1 M solution (sodium phosphate, Na 2 HP 04 - 7 H 20 and potassium phosphate, 
KH 2 PO 4 ) is prepared (Table 9.19). 

The pH of medium is adjusted to 6.8 by gassing with a mixture of N 2 and C0 2 . The me¬ 
dium is dispensed into serum bottles under mixed gas of 80% N 2 and 20 % CO 2 and then 
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TABLE 9.19 Modified minimal medium ATCC medium 


Components 

gl -1 

NH 4 CI 

0.1 

MgS0 4 • 7H 2 0 

0.2 

CaCl 2 ■ 2H 2 0 

0.1 

k 2 hpo 4 

0.05 

NaHC0 3 

20 mM 

Thiosulfate 

10 mM 

Wolfe's mineral solution (see Table 9.18) 

10 ml 

Vitamin solution (see Table 9.9) 

10 ml 

Distilled water 

1000 ml 


For solid medium 1.5% agar is added. 


TABLE 9.20 Standard medium for growth of Candida sp 


Composition 

gl" 1 

Mineral I 

gl _1 

Maltose 

1.0 

Maltose 

1.0 

NaN0 3 

3.0 

NH 4 C1 

1.89 

k 2 hpo 4 

1.0 

k 2 hpo 4 

1.0 

MgS0 4 • 7H 2 0 

0.5 

MgS0 4 • 7H z O 

0.5 

KC1 

0.5 

KC1 

0.5 

FeS0 4 -7H 2 0 

0.01 

FeS0 4 -7H 2 0 

0.01 

Agar 

15.0 

Agar 

15.0 

pH adjusted to 5.6 


pH adjusted to 5.6 



TABLE 9.21 Standard medium peptone, glucose, yeast extract for P ropioni bacterium 

Medium composition 

100 ml 

250 ml 

500 ml 

1000 ml 

Peptone 

!g 

2.5 g 

5g 

10 g 

Yeast extract 

!g 

2.5 g 

5g 

10 g 

Glucose 

!g 

2.5 g 

5g 

10 g 

MgS0 4 ■ 7H 2 0 

1 ml 

2.5 ml 

5 ml 

10 ml 

MnS0 4 • H 2 0 

1 ml 

2.5 ml 

5 ml 

10 ml 
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TABLE 9.22 Preparation of standard medium with 
bioextract for Saccharomyces cerevisiae 


Nutrient components 

gl _1 

c 6 H 12 o 6 

10 

(nh 4 ) 2 so 4 

2.6 

k 2 hpo 4 

1.0 

kh 2 po 4 

0.5 

Na 3 P0 4 T2H 2 0 

3.66 

MgS0 4 

0.2 

CaCl 2 2H 2 0 

0.01 

Yeast extract (Difco) 

0.5 

Peptone 

2.0 

Glucose 

20.0 


autoclaved for 20 min. The vitamin and mineral solutions are added after autoclaving 100 |il 
per 100 ml of medium. For growth the serum bottle is supplied with synthesized gas for 
40—60% gas space. 

The standard media are designed based on a simple concept of energy and synthesis sour¬ 
ces with minimal bases. Tables 9.20—9.22 are a universal standard media composition for 
Candida sp., Propioni bacterium, and Saccharomyces cerevisiae, respectively. 


9.3 GROWTH OF STOICHIOMETRY AND ELEMENTAL BALANCES 


Even though cell growth is a complex process, it has to follow the laws of conservation 
of mass and energy. Nutrients, organic compounds, and other elements for life are 
involved in metabolic activities. As a result, cells grow, energy is generated, biosynthesis 
is accomplished, and products are formed. From these examples, the law of conservation 
of mass can be successfully used to determine unknown components. Cell growth also 
obeys the law of conservation of mass. Living matter mainly consists of four major ele¬ 
ments: C, H, O, and N. These are the four major elements found in carbohydrates, lipids, 
and proteins used in metabolic processes of cells. The biological products of aerobic growth 
are carbon dioxide and H 2 O. Each element is balanced with the amount removed from the 
environment. In other words, the amount of metabolic product formed or the amount of 
heat released by cell growth is proportional to the amount of the substrate consumed 
and CO 2 formed. Because metabolic products and organic compounds are different from 
the cell material released into the medium, nutrients and substrates are depleted from 
the medium; as a result, cells grow and products are formed. Macroscopically, a cell is 
considered a system in which cell growth is independent of biochemical reaction pathways. 
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Employing the overall growth rate, as substrate has to penetrate into the system based on 
concentration gradient and the product and additional biomass leave the system, cell 
growth is achieved. 

Cell growth and metabolic activities are similarly described as a simple chemical reaction. 
It is also necessary to establish a definite formula for dry cell matter. The elemental compo¬ 
sition of certain strains of microorganism is defined by an empirical formula, CH ft O i ;N,' J . The 
general biochemical reaction for biomass production is based on consumption of organic sub¬ 
strate, as shown below. Substrate oxidation is simplified in the following biochemical 
oxidation: 


C n ,H v O y N z + a0 2 + VHgO h Ni -► cCH„O rt N„ + dC0 2 + eH 2 0 (9.3.1) 

substrate nitrogen source biomass 


About 95% of Escherichia coli is C, H, O, and N. The chemical formula for cell composition 
and the stoichiometric coefficients in (9.2.1) depend on the media composition and the envi¬ 
ronment surrounding the cell. All major elements in the above equation have to be 
balanced. 

The stoichiometric coefficients are then identified by simultaneously solving the system of 
equations: 

C balance: w = c + d. 

H balance: x + bg = ca + 2e. 

O balance: y + 2a + bh = c(5 + 2d + e. 

N balance: z + bi = c5. 

Notice that we have five unknown coefficients (a, b, c, d, and e) but four equations. 
This means we need an additional equation to solve a system of five equations with 
five unknowns. An important and measurable parameter in a living system is the 
respiration quotient (RQ), which is defined as moles of CO 2 produced per mole of O 2 
uptake. 


Respiratory quotient (RQ ) = 


Moles of C0 2 produced 
Moles of 0 2 consumed 


d 

a 


(9.3.2) 


The chemical composition of strains of microorganisms depends on the chemical compo¬ 
sition of the media. Even for single strains of organisms such as E. coli grown in different me¬ 
dia, the fractional composition of C, N, O, and H are different if the media compositions are 
different. There are a few environmental factors known as growth-rate limitations that 
affect cell growth and environmental conditions. If a specific nutrient in the medium is sud¬ 
denly increased, does the growth rate of the cell increase? First, it is necessary to briefly 
discuss sources needed for microbial growth, and then to respond directly to the points. 
Often the composition of media is based on a single component that is growth-rate limiting. 
This means that changing the concentration of the specified nutrient may influence cell 
growth, and depleting the specified nutrient may retard the growth pattern. Growth can 
also be inhibited by the product formed. On the other hand, changing the concentrations 
of components of the medium causes relatively insignificant changes in the alteration of 
the growth rate. In reality this may not be true because cell growth does not depend on a sin¬ 
gle substrate; even the growth of cells is extended on yeast extracts. Cell metabolism is not 
limited to carbohydrate catabolism: fats, lipids, and proteins are involved in the generation 
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of energy for biosynthesis. The elemental composition of selected microorganisms can be 
defined as : 

Escherichia coir. CH1.77O0.49N0.24- 
S. cerevisiae: CH1.g4O0.52N0.i6- 
Candida ntilis: CH1.g3O0.54N0.10- 

When RQ is given, the stoichiometric coefficients can be solved simultaneously. 


9.4 ENERGY BALANCE FOR CONTINUOUS ETHANOL 

FERMENTATION 


Saccharomyces cerevisiae is anaerobically grown in a continuous culture at 30 °C. Glucose is 
used as the substrate and ammonia as the nitrogen source. A mixture of glycerol and ethanol 
is produced. The following reaction is proposed for the related bioprocess : 

Glucose + NH 3 —> Biomass + Glycerol + Ethanol + C 0 2 + H z O (9-4.1) 

The basis of the calculation is operation for 1 h. Necessary data are presented in Table 9.23. 

The energy balance is based on the first law of thermodynamics: 

^2 n in h in - ^2 noutKut + (-AH ot ) = 5Q - <5W (9.3.2) 

Assume an isothermal operation in which no work done by the system. Then, the first law 
simplifies to: 

6Q = -A H rxn (9.4.3) 

Before energy balance is calculated, we need to make mass balance. Figure 9.1 shows the 
material balance for ethanol and glycerol fermentation. Put simply, mass into the system 
equals mass out of the system. The mass of carbon dioxide is calculated by adding the 


TABLE 9.23 Heat of combustion in fermentation process for production of glycerol and alcohol 


Component 

A/i°, kj gmol 1 

Molecular mass 

kj kg" 1 

Glucose 

-2805.0 

180 

-1.558 x 10 4 

nh 3 

-382.6 

14 

-2.251 x 10 4 

Glycerol 

-1655.4 

92 

-1.799 x 10 4 

Ethanol 

-1366.8 

46 

-2.971 x 10 4 



i 

‘ C0 2 

Cells 2.81 kg.h' 1 
Glycerol 7.94 kg.h' 1 

Glucose: 36 kg.h' 1 

NH, : 0.4 kg.h' 1 

Fermenter 




Ethanol 11.9 kg.h' 1 
H 2 0 0.15 kg.h' 1 


FIGURE 9.1 Flow sheet for ethanol 
and glycerol fermentation. 
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mass of the dry cell, the mass of glycerol, the mass of ethanol, and the mass of water at the 
product stream and then subtracting the sum from the feed stream. As a result, the mass of 
carbon dioxide is obtained. The heat of reaction is calculated by the following equation: 




X! n Kvroducts - U Kr 


(9.4.4) 


-AH™ = 36(—1.558 x 10 4 ) + 0.4(-2.251 x 10 4 ) - 7.14(-1.799 x 10 4 ) 

—2.81(—2.12 x 10 4 ) - 11.9(—2.971 x 10 4 ) = -1.392 x 10 4 kj 

Q = -1.392 x 10 4 kj 

Because heat is generated as the system liberates energy, this reaction is considered 
exothermic. 


9.5 MASS BALANCE FOR BIOLOGICAL PROCESSES 


EXAMPLE 1 

A batch process is customary for producing antibiotics. A submerged culture is used to prop¬ 
agate fungus with suitable carbohydrate resources. This assumption is based on simplicity in cal¬ 
culations and the normal use of penicillin in the pharmaceutical industry. Assume that we are 
required to produce an antibiotic, 1 kmol penicillin G (334 kg) per batch. The general equation for 
the production of penicillin G and biomass is: 

flC 6 H 12 0 6 + &H 2 S0 4 + cNH 3 dCi 6 H 18 0 4 N 2 S + eC0 2 +/H 2 Q + gC 4 H 7 0 3 N (9.5.1) 


Our next assumption is related to process yield; yields of product and biomass are 20% and 50%, 
respectively (Tp/s = 0.2, Y x /g = 0.5). Do the material balance of antibiotic production based on the 
given data. 

Solution 

Moles of penicillin G produced are based on a stoichiometric relation, as given in (9.5.1). 


d = 


334 kg 
334 ^ 


= 1 kmol 


Also, moles of glucose needed in penicillin production are based on a stoichiometric relation: 


a 


334 kg penicillin G 


n ? kg penicillin G , r, n _kg_ 
kg glucose A lou kmol 


9.28 kmol 


The third product is the cell biomass. Moles of biomass produced are given by: 
0.5 x (9.28 kmol glucose) x 180 


S = 


H7As_ 

kmol 


= 7.14 kmol 
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Moles of the remaining components are found using elemental balance. The method has been 
discussed, so now we balance for each element. 

N balance: c = (2 x d) + (1 x g), 

S balance: b = 1 x d, 

C balance: (6 x a) = (16 x d) + (1 x e) + (4 x g), 

Overall balance: (180 x a) + (98 x b) + (17 x c) = (334 x d) + (44 x e) + (18 x f) 4- (117 x g). 
The known variables are substituted into the equations to get values for c, b, e, and /. Upon 
solving these equations simultaneously, the unknown coefficients are obtained. 

Moles of ammonia required: 


C = 9.14 kmol 


Moles of sulfuric acid required: 


B = 1 kmol 


Moles of carbon dioxide released: 


E = 11.12 kmol 

Moles of water produced: 

F = 14.73 kmol 

Therefore, the stoichiometric coefficients for the projected equation in production of penicillin G 

a ‘'' 9.28C 6 H 12 0 + H 2 S0 4 + 9.14NH 3 —>Ci 6 H 18 0 4 N 2 S + 11.12C0 2 

+14.73H 2 0 + 7.14C 4 H 7 0 3 N 

Material balance is carried out at the inlet and outlet of the fermenter, summarized in Table 9.24. 
Based on the results presented in this table, the error for calculation of the mass balance is less than 
1%—negligible in fact—so the method is reliable and useful for process design. 


TABLE 9.24 

Summary of material balance for inlet and outlet of the 
fermenter 

Substance 


Inlet (kg) 

Outlet (kg) 

Glucose 


1670.40 

0.00 

h 2 so 4 


98.00 

0.00 

nh 3 


155.38 

0.00 

Penicillin G 


0.00 

334.00 

co 2 


0.00 

489.28 

Water 


167.04 

432.18 

Biomass 


0.00 

835.38 

Total 


2079.18 

2090.84 






308 9. MATERIAL AND ELEMENTAL BALANCE 


TABLE 9.25 Density and mass fraction of inlet and outlet of the fermenter 


Substance 

Density (kg m 3 ) 

Inlet (kg) 

Outlet (kg) 

Mass fraction 

Inlet Outlet 

Glucose 

1544 

1670.40 

0.00 

0.80 

- 

h 2 so 4 

1834 

98.00 

0.00 

0.05 

- 

nh 3 

597.1 

155.38 

0.00 

0.07 

- 

Penicillin G 

3420 

0.00 

334.00 

- 

0.16 

co 2 

110.1 

0.00 

489.28 

- 

0.23 

Water 

1000 

167.04 

432.18 

0.08 

0.21 

Biomass 

1013 

0.00 

835.38 

- 

0.40 

Total 


2079.82 

2090.84 

1.00 

1.00 


2090.84-2079.18 

Error = -209084- X 100% = °- 56% 

The density and mass fraction of the inlet and outlet of the fermenter are shown in Table 9.25. 


EXAMPLE 2 

In a continuous wastewater treatment plant, 10 5 kg of cellulose and 10 3 kg of bacteria enter into 
the digestion unit as a feed stream on a daily basis, whereas 10 4 kg of cellulose and 1.5 x 10 4 kg of 
bacteria leave in the effluent. The rate of cellulose digestion is 7 x 10 4 kg day -1 . The bacterial 
growth rate is 2 x 10 4 kg day -1 . The cell death rate by cell autolysis is 5 x 10 2 kg day -1 . Do the 
material balance for cellulose and bacteria based on the given data. 

Solution 

Basis: 1-day operation. 

Cellulose Balance 

Cellulose in the wastewater stream is not generated but it is consumed and biomass is produced 
by the microbial population as a substrate for energy. 

[Cellulose in] — [cellulose out] + [cellulose generation] — [cellulose consumption] 

= [cellulose accumulation] 

In — Out + Generation — Consumption = Accumulated cellulose 
10 5 - 10 4 + 0 - 7 x 10 4 = 20,000 kg cellulose 
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Biomass Balance 

Applying the same concept for mass balance, the mass of sludge accumulated is: 

Cell in — cell out + growth rate — death rate = cell accumulation 
10 3 - 1.5 x 10 4 + 2 x 10 4 - 5 x 10 2 = 5,500 kg bacteria 
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Based on the law of conservation of mass, mass is neither created nor destroyed, except in 
nuclear reactions. Therefore, in a definite system, mass in is equal to mass out. 


EXAMPLE 1 

Humid air with O 2 is prepared for gluconic acid fermentation. The humid air has been prepared 
by a special humidification chamber in which 1.5 l-h _1 of liquid water enters; at the same time dry 
air and 15 mol-mbT 1 dry O 2 enter the chamber. The exiting gas stream contains 1% (w/w) water. 
Draw and label the flow sheet and do the material balance for the humidifier. 


Solution 

The air humidification flow diagram for material balance is shown in Figure 9.2. The mass flow 
rate for water into the humidification unit is: 


1.5 j-x TfX An lh 
h 11 60 mm 


25 g min 4 H20 



t 

4 

k 

1 % h 2 o 

Liquid H 2 0 

25 g.min ' 1 

Humidifier 

1 


2 

k > 

k 

3 


Dry air 

480 g/min 9 


FIGURE 9.2 Flow diagram for oxygen enrichment and air humidification. 
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The mass flow rate for dry oxygen is: 


15^ x 

min 


32 g 
gmol 


480 g min 1 0 2 


Basis of calculation: 1 min. 


Water Balance 

The mass of water in is equal to the mass of water out, because the enriched air with 
oxygen should have only 1% humidity. Therefore, the mass of humid air can be calculated as tie 
element: 


25 = 0.01 m 4 

=> mi = 2500 g Humid air rich with 0 2 


Overall Material Balance 

Total mass in is equal to total mass out: 


m 4 + m 2 + m 3 = mj 
2500 = 25 + 480 + m 3 
m 3 = 1995 g 

The mass flow rate of dry air in is 1995 g min -1 . 


EXAMPLE 2 

A fermentation broth containing Streptomyces kanamyceticus cells is filtered by a vacuum rotary 
filter. The feed rate is 120 kg h _1 ; each kilogram of broth contains 60 g of cells. To improve 
filtration, filter aids are added at a rate of 10 kg h 1 . The concentration of kanamycin in the broth 
is 0.05%. The filtrate is collected at a rate of 112 kg h _1 . The concentration of kanamycin in the 
filtrate is 0.045%. The filter cake contains cells, and filter aid is continuously removed from the 
filter cloth. 

(a) What is the moisture content in the filter cake? 

(b) If the concentration of kanamycin in the filter cake is the same as in the filtrate, how much 
kanamycin is absorbed per kilogram of filter aid? 

Solution 

Basis of calculation: 1-h operation. 

The simplified flow diagram of continuous filtration with stream lines of material balance is 
shown in Figure 9.3. Mass in is equal to mass out: 

120 + 10 = 112 + M filter cake 
M filter cake = 18 kg h 1 
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6% cell 

0.05% kanamycin 


M 






Filter 

Filter cake 

Filter aid 
lOkg/h 






Filterate 

112 kg/h, 

' 0.045% kana 



FIGURE 9.3 
filtration. 


Flow sheet for continuous 


H2O Balance 

The mass of water at inlet streams is equal to the mass of water at the filtrate and filter cake. 

120[(1 — 0.06) — 0.0005] = 112.74 kg 
= 112(1 — 0.00045) + cake moisture 
M(H 2 0 in the filter cake) = 0.79 

The filter cake moisture content is calculated as: 

0.79 

——- x 100 = 4.4% moisture 
18 

The mass of water in the filtrate is 112 — 0.05 = 111.95 kg 
Amount of kanamycin in the moisture = 0.79(0.00045) = 3.6 x 10~ 4 kg 


Kanamycin Balance 

The mass of kanamycin in is equal to the mass of kanamycin out. 


0.0005 x 120 = (112)(0.00045) + (0.79)(0.00045) + 

M tabs . = 0.06 - 0.05075 = 9.245 x 10" 3 kg 

9.245 

Kanamycin absorbed per kilogram filter aid = — = 9.245 x 10- J kg kg~ 


EXAMPLE 3 

Various sources of carbohydrates are used in the fermentation processes. Molasses and corn 
steep are the most common carbon sources used to generate energy for biosynthesis. Having the 
correct composition and desired concentration is necessary in actual experimental work. 

Corn steep liquor contains 2.5% invert sugars and 50% water. The rest of the feed is considered 
residual solids. Beet molasses containing 50% sucrose, 1% invert sugar, and 18% water and the 
remaining solids are mixed with corn steep liquor in a mixing tank. Water is added to produce a 
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FIGURE 9.4 Flow sheet for diluting 
sugar and mixing tank. 


125 kg/h Corn steep liquor 
2.5% Invert sugar 
50% H 2 0 
47.5% Solid 


45 kg Molasses 
I % Invert sugar 
50% Sucrose 
31% Solid 


Water 



P 

-► 

2% Invert sugar 
Sucrose ,v = 12.59% 
Solid v = 41% 


diluted mixture with 2% invert sugar, 125 kg corn steep liquor, and 45 kg molasses, which is fed 
into an enzymatic hydrolysis tank. 

(a) How much water is required? 

(b) What is the concentration of sucrose in the final mixture? 

Solution 

A flow diagram for diluting carbohydrates, corn steep liquor, and molasses in the mixing tank is 
shown in Figure 9.4. 

Mass Balance 

Let us assume that mass in is equal to mass out. 

125 + 45 + W = P 

Now we can balance the invert sugar: 

(0.025 x 125) + (0.01 x 45) = 0.02 P 
P = 178.75 kg 
W = 8.75 kg 

The next step is to take sucrose into the balance: 

(0.5) (45) = (x)(P) 

(0.5) (45) = 178.75x 

The concentration of sucrose in the product mixture is * = 0.1259 or 12.59% of the product. 

The residual solids in corn steep, molasses, and the diluted mixture are also balanced: 

(0.31) (45) + (0.475)(125) = 178.75y 
y = 0.41 

The amount of solid in the product mixture is 41%. 


9.6.1 Acetic Acid Fermentation Process 

In fermentation for the production of acetic acid, ethyl alcohol is used in an aerobic pro¬ 
cess. In an ethanol oxidation process, the biocatalyst Acetobacter aceti was used to convert 
ethanol into acetic acid under aerobic conditions. A continuous fermentation for vinegar 
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production was proposed for use of nonviable A. aceti immobilized onto the surface of algi¬ 
nate beads. 


EXAMPLE 1 

The production rate of acetic acid is 2 kg h" 1 , where the maximum acetic acid concentration is 
12%. Air is pumped into the fermenter with a molar flow rate of 200 mol h _1 . The chemical reaction 
is presented in (E. 1.1) and the flow diagram is in Figure 9.5. Determine the minimum amount of 
ethanol intake and identify the required mass balance for the given flow sheet. The ethanol 
biochemical oxidation reaction using A. aceti is: 

C 2 H 5 0H+0 2 -> CH 3 C00H+H 2 0 (E.1.1) 

Ethanol A.aceti Acetic acid 

The process flow diagram for the fermentation of ethyl alcohol is shown in Figure 9.5. Assuming 
steady-state condition, the air intake has no moisture, and that the volume and molar fractions are 
about the same, ethanol is not going to vaporize while fermentation is taking place. Assume the 
only biochemical reaction that takes place is acetic acid production, which means ethanol is not used 
for maintenance or ATP generation. No side reactions occur. Relative molecular masses are: ethanol 
46, acetic acid 60, oxygen 32, and water 18 g -mol -1 . Also, air consists of 21% oxygen and 79% 
nitrogen. 

Solution 

The basis for calculation is 1 h operation and 2 kg acetic acid produced. 

Mass flow rate of air: (0.2 kg mol h _1 )(28.84 kg-kg mol = 5.768 kg IT 1 . 

Mass flow rate of 0 2 : 0.2 x 0.21 x 32 = 1.344 kg h" 1 . 

Mass flow rate of N 2 : 0.2 x 0.79 x 28 = 4.424 kg h" 1 . 

Sum of 0 2 + N 2 : 1.344 kg ID 1 + 4.424 kg ID 1 = 5.768 kg fT 1 . 

The product stream with 12% acetic acid has a mass flow rate of: 

P= 0l2 = 16.67 kgh- 1 

Moles of acetic acid are calculated as: 

- ^ - = 3.333 x 10" 2 kgmol 

60 kgmol kg " 1 & 


E, ETOH. E kg/h 
VP. H,0. w kg/h 


Off gas 
G, kg/h 


> 


Fermenter 


▲ 


-► 

P, Product 

2 kg/h. 12% acetic acid 
16.67-2 = 14.67 H,0 


FIGURE 9.5 
production. 


Flow sheet for acetic 


acid 


Ait- 

200 mol/li 
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From the reaction stoichiometry, for each mole of acetic acid, 1 mol of oxygen is used. 
So the equal molar oxygen consumption is: 

(3.333 x 1CT 2 ) (32) = 1.067 kg O z consumed 

Excess amount of 0 2 = 1.344 — 1.067 = 0.277kgh _1 

The off gas stream consists of all inlet nitrogen plus excess oxygen. 

Off gas, G, is the sum of excess oxygen plus inert nitrogen. 

G = N 2 + excess 0 2 = 4.424 + 0.277 = 4.701 kg 
Off gas composition is 0.277/4.701 = 0.059, 5.9% 0 2 and 94.1% N 2 


Water Balance 

The sum of water at the inlet stream and water generated by the chemical reaction is equal to 
water at the outlet stream. 


H 2 0 in + H 2 0 generated = H 2 0 out 

Mass of H 2 0 generated: (3.333 x 10~ 2 )(18 kg-kg mol 1 ) = 0.6 kg. 

Water at inlet stream: 14.67 kg — (0.6 kg, H 2 0 generated) = 14.07 kg. 

Ethanol Balance 

Ethanol concentration at the inlet plus ethanol generated is equal to ethanol in the outlet stream 
as unreacted reactant plus ethanol consumed. For each mole of acetic acid, 1 mol ethanol is used. 
The mass of ethanol used is: 

Mass of ETOH consumed = (3.333 x 10' 2 ) (46 kg-kgmol -1 ) = 1.533 kg Ethanol 

Assume all of the ethanol (100%) is taken by the bacteria and that there is no ethanol 
generation or evaporation. This means that ethanol in is equal to ethanol consumed in the oxidation 
process. 

Ethanol in = ethanol consumed = 1.533 kg ETOH 


9.6.2 Xanthan Gum Production 


EXAMPLE 1 

Xanthan gum is produced using Xanthomonas campestris in a batch culture. Laboratory experi¬ 
ments have shown that for each gram of glucose used by the bacteria, 0.23 g oxygen and 0.01 g 
ammonia are consumed whereas 0.75 g gum, 0.09 g cells, 0.27 g gaseous CO?, and 0.13 g H 2 0 are 
formed. Other components such as phosphate can be neglected. A medium containing glucose and 
ammonia dissolved in 20,000 1 of water is pumped into a CSTR fermenter and inoculated with X. 
campestris. Air is pumped; the off gas recovered during the entire batch is 1250 kg. The final gum 
concentration is 3.5 wt%. What is the percentage of excess air and how much glucose and ammonia 
are required? 
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Reaction stoichiometry per unit mass of glucose: 

1 g glucose + 0.23 g O 2 + 0.01 g NH 3 —>0.75 g gum + 0.09 g cell + 0.27 g CO 2 + 0.13 g H 2 0 

Solution 

Figure 9.6 shows the schematic diagram for production of xanthan gum with inlet and outlet 
streams. 

Overall Mass Balance 


F + A = 1250 +P 

The amount of glucose required is: 

lkg glucose x ^ 0^035P —j _ o.0467Pkgglucose 

The mass of oxygen based on reaction stoichiometry is: 

0.23 kg0 2 x ( 0- 035P ^ = 0.0107P kg 0 2 

\0-75ggumJ 5 

The amount of ammonia needed is: 

0.01 kg NH, x ( 0- 035P ] = 0.00047P kg NH, 

\0.75ggumJ 

Products 

The mass of the cell with respect to the mass of the product stream is: 

0.09 kg cells x ( —j = 0.0042P 

8 \0-75 g gumy 

The mass of carbon dioxide generated is: 

0.27 kg CO 2 x ( 0- 035P ) = 0.0126P kg C0 2 

6 \0.75ggumJ 6 


Offgas FIGURE 9.6 Flow sheet for xanthan gum 

1250 kg/h production. 






Feed .F 

Fermenter 

P. Product 

35% Xanthan gum 

20.000 kg H 2 0 ” 



i 

Air 

L 

Mole fraction Mass fraction 

0.21 0.233 


A k S 0.79 0.767 
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The amount of water according to reaction stoichiometry is: 


0.13 kg H 2 0 x 


/ 0.035P \ 
\0.75 ggum) 


0.00607P kg H 2 0 


O2 Balance 

The mass of oxygen in the inlet air stream is equal to the oxygen consumed and the excess 
oxygen leaving the outlet stream. 

0.233A = 0 2 out + 0.0107P02 used 

The outlet stream: 


0 2 out = 0.233A - 0.0107P 


N2 Balance 

The mass of nitrogen at the inlet is equal to the mass of nitrogen in the outlet steam. 

0.707A = N 2 out 

The mass of carbon dioxide generated is equal to the mass of CO 2 at the outlet stream. 

C0 2 out = C0 2 generated = 0.0126P 


Off Qas Balance 


1250 = (0.233A - 0.0107P) + 0.767A + 0.0126P 

o 2 = n 2 — co 2 

1250 = A+ 1.9 x 10~ 3 P 

The mass of air is: 

A = 1250 - 0.0019P 
m = (0.0467 + 0.00047)/P + 20,000 
20,000 + 0.04717P + A = 1250 + P 

Substitute A into the above equation, then solve for P: 

20,000 + (1250 - 0.0019P) = 0.9528P + 1250 
P = 20,949 kg 

Replace P in the above equation and then solve for A: 

A = 1250-0.0019(20,949) = 1210.2 kg 

Solve for m: 

m = 20,988.2 kg 

P = 87.986 kg cell + 263.96 kg C0 2 + 127.1 kg H 2 0 
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Off gas = 57.8 kg O z + 928.2 kg N 2 + 263.96 kg CO z 

57.8 


57 8 

Excess air = " ’ x 100 = 25.8% = - n - nr ,, nnr .. n 
224.15 0.0107(20949) 


x 100 


9.6.3 Stoichiometric Coefficient for Cell Growth 

Stoichiometric coefficients for cell growth for the production of single cell protein (SCP) 
from hexadecane are given by the following reaction: 

C ia H 34 +izO 2 — iiNTT, —* cCH 2 AA Oo 27N0.2 -\~dCO2 — eH 2 0 ( 9 . 6 . 1 ) 

Substrate Biomass(SCP) 

where CH 1 . 66 O 0 . 27 N 0.2 represents the chemical composition of the cell biomass. 


EXAMPLE 1 

Based on the stoichiometric relation of the above equation for SCP production, if RQ = 0.43, find 
the stoichiometric coefficients a, b, c, d, and e in (9.9). 

Solution 

C balance: 16 = c + d —* d = 16—c. 

H balance: 34 + 3 b = 1.66c + 2e. 

O balance: 2 a = 0.27c + 2d + e. 

N balance: b = 0.2c. 

RQ: 0.43 = d/a^d = 0.43a. 
d = 0.43a = 16—c. 

Substituting and rearranging: 

34 +0.6c = 1.66c+ 2e 

2 a = 0.27c + 2(16 - c) + e 2a = 0.27c + 32-2 c + e 
74.4 - 4.65c + 2c - 0.27c = 32 + e 
2(e + 2.92c = 42.4) c = 10.63 
-(2e + 1.06c = 34) d = 5.37 
a = 12.49 
b = 2.13 

e = 2(12.49) + 0.27(10.63) - 2(5.37) = 11.37 
Therefore, the exact stoichiometric coefficients for the above reaction are: 

Ci 6 H 34 + 12.50 2 + 2 .I 3 NH 3 —> 10.63CHi. 66 Oo. 27 N 0 .2 + 5.37CQ 2 + 11.4H 2 0 
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9.7 EMBDEN-MEYERHOF-PARNAS PATHWAY 

The metabolic pathway for bacterial sugar fermentation proceeds through the Embden— 
Meyerhof—Parnas pathway. The pathway involves many catalyzed enzyme reactions that 
start with glucose, a six-carbon carbohydrate, and end with 2 mol of three carbon intermedi¬ 
ates, pyruvate. The end pyruvate may go to lactate or be converted into acetyl Co—A for the 
TCA cycle. The fermentation pathways from pyruvate and the resulting end products are 
shown in Figures 9.7 and 9.8. The overall catabolism of glucose into lactate and acetate, in 
which 2 mol of glucose yields 2 mol of lactic acid, 3 mol of acetic acid, and 5 mol of ATP, 
are shown below: 


2C 6 Hi20 —> 2 lactic acid + 3 acetic acid + 5 ATP (9.7.1) 

Reactions involve several enzymes that have to follow in sequence for lactic acid and 
alcohol fermentation. This is known as the catabolic pathway of glucose, with emphasis on 
energetic and energy carrier molecules such as ATP, ADP, and nicotine adenine dinucleotide. 
In this pathway, the six-carbon substrate yields two three-carbon intermediates known as pri¬ 
mary metabolites, each of which converts through a sequence of reactions into the stable end 
product of pyruvic acid. 



FIGURE 9.7 Glyconeogenesis illustrated in the Embden—Meyerhof—Parnas pathway. 
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2Glucose 

I ,— 2ATP 

| *• 2ADP 

2Glucose-6- phosphate 


Fructose-6- phosphate 

r 


Fructose- 6-phosphate 


Erythrase-4- phosphate 


I 


Acetyl phosphate 
■ ADP 
ATP 


Heptose phosphate + 
triose phosphate 

2 Acetyl phosphate 

iDP 
2ATP 


_ 

Acetic Acid 


2 Acetic 


,—2 ADP 
c —>: 


2 Glyceraldehyde-3-phosphate 
4 ADP + 2P, 


4ATP 




Acid 


— 2NAD 
( '~-». 2NADH; 


2 Pyruvic Acid 

2NADH. 
. 2NAD 
2 Lactic Acid 


jviv. nuu 

I 2N, 


FIGURE 9.8 Fermentation of glucose to acetate or lactate via the Embden—Meyerhof—Parnas pathway. 


9.7.1 Description of Glycolysis 

Glycolysis under anaerobic conditions to ethanol fermentation of pyruvate occurs 
in the presence of a biocatalyst such as yeast, which occurs as an alternative pathway 
in homolactic fermentation for lactic production. In addition, pyruvate in aerobic 
respiration for oxidative phosphorylation through the TCA cycle is converted into 
carbon dioxide and water molecules. The fermentation of glucose to ethanol by 
yeast has resulted in useful end products. The theoretical yield of ethanol fermentation 
is 51.1%. Control of the metabolic pathway is possible by facilitating the fermentation 
conditions. The optimal pH and temperature for ethanol production, with the aid of S. 
cerevisiae, are 5.6 and 32 °C, respectively. The overall reaction of glucose to pyruvate is 
as follows: 

Glucose + 2 ADP + 2P, + 2NAD+ -> 2Pyruvic acid + 2 ATP + 2NADH 2 (9.7.2) 

The detailed pathway for bioconversion of glucose into pyruvate is illustrated in Figure 9.9 
with energy carrier biomolecules is as follows: 

The overall reaction for ethanol fermentation from pyruvate is as follows: 

2 Pyruvic acid —>2 Ethanol + 2 CO z (9.7.3) 

The alternative pathways for the oxidative phosphorylation process, anaerobic fermenta¬ 
tive alcoholic and anaerobic homolactic fermentative, are shown in Figure 9.10. The media 












320 


9. MATERIAL AND ELEMENTAL BALANCE 


Glucose-> Glucose — 6 — Phosphate 

ATP ~ADP 

▼ 

Fructose — 6 — Phosphate-> Fructose — 1, 6 — Diphosphate 

ATP^ADP 

▼ 

2 Pi + Glyceraldehyde diphosphate 
For oxidation/ reduction CoA or 2NAD+H* 

2NADH 2 

2(1, 3-Diphosphoglyceride) 

▼ 

Phosphoenolpyrvate-> Pyruvate 

r 2ADP~2ATP J 



FIGURE 9.9 Pathway of glucose to pyruvate bioconversion. 



2NADH 


FIGURE 9.10 Pathway of glucolysis in anaerobic fermentation and oxidative phosphorylation. 
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composition and fermentation conditions for the cell propagation and anabolisms should be 
investigated to determine how the organism can select specific pathways for a desired end 
product. 


EXAMPLE 1 

There was an old and outdated fermenter in our school warehouse. The dean of the school 
wanted the equipment to be used for undergraduate students to learn about bioprocess 
concepts. The technician ran the equipment experimentally but forgot to weigh the glucose 
carbon source and did not analyze the ethanol. The product stream was analyzed as follows: 
lactic acid 10 mol, acetic acid 5 mol, carbon dioxide 15 mol, and hydrogen 10 mol. It was 
expected that sugar oxidized, converted to pyruvic acid, and then was sent though the 
Embden—Meyerhof—Parnas pathway. No product except ethanol was formed. The problem 
was adjusted by pH control and restarting the process with no contamination. How many 
moles of ethanol were in the waste product stream? The overall biological reaction is sum¬ 
marized as: 


flC fi H 12 O fl + WHO—> cCH 3 CH 2 OH + 10CH 3 CH(OH)COOH + 5CH 3 COOH + 15C0 2 + 10H 2 

(E.1.1) 


Solution 

Carbon balance: 6a = 2c + 30 + 10 + 15. 
Hydrogen balance: 12a + 2b = 6c + 60 + 20 + 20. 
Oxygen balance: 6a + b = c + 30 + 10 + 30. 


6a — 2c = 55 
12 a + 2b-6c = 100 
6 a + b — c = 70 


Rearrange the first equation for —2c gives: 


! —2c = —6 a + 55 
12 a + 2b-6c = 100 
6 a + b — c = 70 

Then, substitute the first equation into the second and third equations: 

( 12a + 2b — 3 x 6a + 3 x 55 = 100 
\ 12a + 2b 6a + 55 = 140 


Add both sides: 


—6a + 2 b = —65 
6 a + 2b = 85 
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Solving the above equation for b yields: 

+4 b = +20 
b = 5 

a = 12.5 
6 a — 55 
C = 2 
c = 10 

Substitute the values of a, b, and c into Eqn (E. 1.1); the defined equation is: 

12.5C„H 12 0 6 + 5H 2 0 —> 10CH 3 CH 2 OH + !OCH 3 CH(OH)COOH + 5CH 3 COOH + 15C0 2 + 10H 2 


EXAMPLE 2 

Assume that cells can convert 67% of carbon source to biomass. Hexadecane and glucose are 
used as carbon sources. Calculate the stoichiometric coefficients of the following reactions: 

C 3 gH 3 4 + ai0 2 + a 2 NH 3 —>^ 1 (C4.4H7. 3 Nq.860i. 2 ) (E.2.1) 


Solution 

Figure 9.11 shows the flow sheet for stoichiometry and material balance in a cell. According to 
the problem, two thirds of the carbon source goes to biomass. 

| (16) = 4.4ft 

Therefore: 


ft = 2.424 

The remainder of the carbon source, one third, goes to carbon dioxide: 

| (16) = ft = 5.333 

Nitrogen balance: a2 = 0.86 02 = 2.085, 

H2 balance: 34 + 3 a2 = 7.3 02+2 03, 

B3 = 11.28, 


Substrate 

C+.H/ftNz 


a 0 2 


N source 
b H ? 0„N; 



Biomass 
> c CH.O^N^ 

> dC 0 2 
*■ e H 2 0 


FIGURE 9.11 Flow sheet for stoichiometry and material balance in a cell. 
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02 balance: 2al = 1.2 B1 + 2 B2 + B3 = 1.2(2.424) + 2(5.333) + 11.28, 
al = 12.43. 

Glucose oxidation to SCP: 

C 6 H 12 0 6 + a[0 2 + <4 NH 3 ^/? , 1 (C 4 .4H 7 . 3 No. 8 60 1 . 2 ) + 0 2 C 0 2 + /3)H 2 0 (E.2.2) 

2 

C — balance : - (6) = 4.4/3i 
/3) = 0.909 
*( 6 ) = fe = 2.0 

N 2 Balance: a' 2 = 0.86/3) = 0.78 
H 2 Balance: 12 + 3a) = 7.3/3) + 2/3) 

12 + 3(0.78) = 7.3(0.909)+2/3) 

/3) = 3.85 

O 2 Balance: 6 + 2a) = 1.2/3) + 2/3) + /3) 

2a) = 1.2(0.909) +2 x 2 + 3.85 - 6 
a) = 1.47 

Cells are able to use chemical energy efficiently. Like any actual process, energy retained in the 
substrate is released as heat. 


EXAMPLE 3 

From the above biomass production, calculate the yield coefficients. Based on the definition, the 
yield of biomass on glucose means how much biomass is produced per gram of glucose used in a 
cell. The yield of biomass on glucose is calculated as follows: 


Yx/s — 


Biomass 
Glucose 

0.909(4.4 x 12 + 7.3 + 0.86 x 14 + 1.2 x 16) 


Glucose 


180 


83 03 

Yx/s = - 7 ^- = 0.46 g cell g^ 1 glucose 


180 


(E.3.1) 


The yield of biomass produced per gram of oxygen consumed is: 

83.03 „ _i 

x/ ° 2 = 2 x 1.47 x 16 = L76 S cells S~ ox yS en 

Cells use energy from substrate in an efficient way, like a real chemical process. Some of the 
energy is released as heat. The generated metabolic heat has to be removed from the bioreactor; the 
temperature must be controlled for optimal cell growth. Also, the liberated heat is proportional to 
the cell growth. The yield factor is defined as grams of cell produced per kilocalorie of heat 









324 


9. MATERIAL AND ELEMENTAL BALANCE 


evolved. This is analogous to the yield of biomass to the substrate and the heat of combustion of the 
substrate and cell, A H s , and A H c , respectively. The following equation relates the yield factor to the 
yield of biomass and the net heat evolved resulting from cell growth. 


Va 


Yx/s 

AH S - Y x/s AH f 


(E.3.2) 


Given heat of combustion of sugar: 


Afi s 


673 kcal mol 1 
180 


3.74 kcal g 1 biomass 


Heat of combustion of cell: 


AH C = 5.8 kcal g 1 dry cell mass 
Now substitute the values into (E.3.2) to obtain the yield factor. 


Ya = 


0.46 


= 0.43 kcal g 1 biomass 


3.74 - 0.46 x 5.8 
The yield of biomass to substrate for hexadecane is obtained. 

2.424(91.34) 


Yx/s — 


226 


= 0.988 g cell g glucose 


The molecular mass of C 16 H 34 is 226. 


221 4 

Yx ^ = 12.43 x 32 = 0 - 56 g Cdl g"° 2 


Ta = 


0.988 


= 0.18 g cell g 1 glucose 


11.2-0.988 

AHs is the possible heat evolved from oxidation of hexadecane. 


EXAMPLE 4 

Citric Acid Production in Solid-State Fermentation 

Citric acid is manufactured by submerged cultures of Aspergillus niger in a batch reactor operated 
at 30 °C. For an incubation period of 2 days, 2500 kg glucose and 860 kg oxygen were consumed to 
produced 1500 kg citric acid, 500 kg biomass, and other byproducts. Ammonia was used as the 
nitrogen source. Power input to the system by mechanical agitation was about 15 kW. Approxi¬ 
mately 100 kg of water evaporated during the 2 day operation. 

Estimate the energy consumption for cooling requirements. 

Solution 

Figure 9.12 shows the flow diagram for production of citric acid in solid-state fermentation. The 
basis of calculation is 1500 kg citric acid. 

AiT evap i H 2 o at 30°C, steam table = 2430.7 kj kg -1 
Heat of reaction at 30°C = —460 kj mol 1 O 2 used 
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2500 kg glucose 


▲ 


e=? 


Fermenter 
30 °C 


1500 kg Citric acid 
500 kg Biomass 
100 kg HiO vapour 

-► 


NH 3 + 860 kg 0 2 

FIGURE 9.12 Flow sheet for citric acid production in solid-state fermentation. 


Fermentation reaction: 

Glucose + NH 3 -f- 0 2 > Biomass + C0 2 + H 2 0 + Citric acid 

Mass is balanced at the beginning and end of the process. The evaporated water in solid-state 
fermentation may not be required for energy balance. 

MaSSbeginning — MaSS e nd T FI 2 Ovap 

The first law of thermodynamics is valid for the energy balance. 

-AH rxn - m H20 AH emp = 5Q - 5W (E.4.2) 

-AH„„ = ( —460) (861 kg) (1000 g kg -1 ) (1 gmol 32 g -1 ) = -1.24xl0 7 kJ 

Heat lost by vaporization of 100 kg H z O: 

m v AH evap = (100 kg) (2430.7) = 2.43 x 10 5 kj 

Mechanical work: 

W s = (15 kW) (kj s -71 kW^ 1 ) (2 days) (24 h day -1 ) (3600s IT 1 ) = 2.59 x 10 6 kj 
Q = 1.24 x 10 7 - 2.43 x 10 5 + 2.59 x 10 6 = 1.47 x 10 7 kj (removed heat) 


EXAMPLE 5 
Penicillin G Production 

To calculate the yield for penicillin G (Pen G) production based on material and energy balance 
using the biosynthesis pathway as proposed by the following stoichiometry reaction: 

a C 6 Hi 2 06 + b NH 3 + c 0 2 + d H 2 SC >4 + e PAA —> n Pen G + p C0 2 + q H 2 0 (E.5.1) 

where a, b, c, d, e, n, p, and q are the stoichiometric coefficients and PAA stands for phenyl-acetic 
acid. In this reaction, the theoretical yield of penicillin G production is 1.1 g Pen G per gram of 
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glucose. The projected formula for Pen G and PAA are C 16 H 18 O 4 N 2 S and C 6 H 5 —CH 2 —COOH, 
respectively. The respiration quotient is defined as: 

CO 

RQ = —- = 4; Y PmG /giucose = 1.113g PenG glucose 

U2 


Solution 

Let us define clearly that for each mole of Pen G 1 mol of PAA is required. We shall rewrite the 
above formula, replace the desired formula for Pen G and PAA, and then apply the elemental mass 
balance: 

a + b NH 3 + CO 2 T d H 2 SO 4 T C 8 H 8 02 — > Ci 6 Hi 804 N 2 S 4 - p CO 2 I q H 2 0 (E.5.2) 

Sulfur balance d= 1, nitrogen balance b = 2, and RQ = 4 = p/c results in p = 4c. 

Carbon balance: 6a + 8 = 16 + p. 

Hydrogen balance: 12 a + 6 + 2 + 8 = 18 + 2 q. 

Oxygen balance: 6a + 2c + 4 + 2 = 4 + 2p + q. 

Substitute p in the above equation. 

6a = 8 + 4c. 

12 cz = 2 + 2 q; q = 6a—1. 

6a — — 2 + 6 c + q = — 2 + 6 c + 6a—1 resulting in 6 c = 

a = 

6 a = 8 + 4(0.5) = 10; 

= 

The stoichiometric coefficients are defined and substituted into the proposed reaction: 

^C 6 H 12 0 6 + 2 NH 3 + ^O z + H,S0 4 + C 8 H 8 0 2 ^C 16 H 18 0 4 N 2 S + 2 C0 2 + 9 H z O (E.5.3) 

6 2 

The theoretical yield seems to be high because glucose is not the single carbon source for the 
production of Pen G. In fact, for 1 mol of Pen G, 1.67 mol of glucose and 1 mol of PAA are required. 
The actual theoretical yield should be based on the total carbon sources: 

Y = 334/(300 + 136) = 0.766 

The fact is that Penicillin sp. requires nutrients for growth and maintenance; therefore, the yield 
cannot be greater than 1. It must be lower than 0.7. 


3; c = 0.5. 

hi 

~6 
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PROBLEM 

1. Clostridium acetobutylicum is carried out in anaerobic fermentation, to convert glucose into 
biomass cells, acetone (CsHgO), butanol (C 4 H 10 O), butyrate (C 4 H 8 O 2 ), acetate (C 2 H 4 O 2 ), ethanol 
(C 2 H 6 O), CO 2 , and H 2 . The product analysis is obtained from using 100 mol of glucose and 11.2 mol 
of NH 3 as the nitrogen source, shown below. 


With formed product 

Moles 

Cells 

13 

Butanol 

56 

Acetone 

22 

Butyric acid 

0.4 

Acetic acid 

14 

C0 2 

221 

H 2 

135 

Ethanol 

0.7 


Determine the elemental composition of the cells. 
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10. APPLICATION OF FERMENTATION PROCESSES 


10.1 INTRODUCTION 


In World War I, Germany needed to synthesize glycerol to manufacture explosives. It was 
found that glycerol was generated in alcoholic fermentation. Nearburg discovered that the 
addition of sodium bisulfite to the fermentation broth was favored and enhanced the produc¬ 
tion of glycerol at the expense of ethanol. German scientists quickly developed industrial- 
scale fermentation with a yield capacity of 1000 tons of glycerol per month. 

Ethanol is an essential chemical used as a raw material for a vast range of applications 
including chemicals, fuel (bioethanol), beverages, pharmaceuticals, and cosmetics. The feed¬ 
stock for ethanol generally comes from renewable sources such as starch (from wheat, barley, 
maize, potato, cassava, sweet potato, etc.) and molasses or syrups originating from sugar beet 
or sugar cane, and so forth. The second generation of bioethanol uses raw material feedstock 
not related to human food sources: nonfood base raw material such as cellulose and organic 
wastes. Cellulose is natural polymer of glucose, which is the major constituent of almost all 
plants and is a renewable source by plantations. For instance, wood is made of cellulose, 
hemicellulose, and lignin. Hemicellulose is a hetero-polymer of glucose and xylose (hexose 
and pentose). Cellulosic material should be hydrolyzed and converted to a monomer of 
fermentable sugar for ethanol fermentation. The strategy for producing renewable and inex¬ 
pensive raw material involves ethanol fermentation in a single or two-step process. In a single 
step, pure or mixed cultures of organisms are used to break down cellulose and then ferment 
the resulting sugar solely into ethanol. Organisms that have such a capability are apparently 
rare; therefore, a two-step process has to be implemented. In this process, one organism 
breaks polymeric sugar into monomers. The alternative approach is a single operation unit 
to break down cellulose and ferment the resulting sugar into ethanol. An organism is 
required to deliver enzymes for enzymatic hydrolysis while ethanol fermentation is taking 
place. Such a phenomenon in a single organism may not be possible unless investigators pre¬ 
sent species of organisms genetically engineered with induction and incorporation enzyme- 
producing genes into ethanol producers to take two different metabolic pathways for 
saccharification while an anaerobic pathway for ethanol production is in progress. Then, in 
the fermentation of sugar, a second organism is used to produce bioethanol. The six- 
carbon sugar is easily fermented by bacteria or yeast into ethanol. It is believed that there 
are more efficient bacteria such as Z ymomonas mobilis and Thermoanaerobacter ethanolicus for 
the bioconversion of carbohydrates to ethanol. Bioethanol is produced via fermentation tech¬ 
nology. The fermentation product downstream is processed with subsequent enrichment by 
distillation/rectification and dehydration. 

Bioethanol is becoming a viable solution as a source of renewable energy because it is 
considered a non-fossil fuel. It may originate from renewable agricultural sources, resulting 
in clean combustion without emissions into the atmosphere. 


10.2 PRODUCTION OF ETHANOL BY FERMENTATION 


Carbohydrates obtained from grain, potato, or molasses are fermented by yeasts to pro¬ 
duce ethanol in the production of beer, alcohols, and distilled spirits. Fermentation of sugar 
using Saccharomyces cerevisiae produces ethanol under anaerobic conditions. The batch 
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fermentation system is affected by high substrate and product inhibition. Glucose concentra¬ 
tion has a major role in increasing the concentration of ethanol and the cell growth rate in the 
fermentation broth. Cell density, ethanol concentration, and glucose concentration are 
measured. Industrial-grade sugars and molasses are used to produce bioethanol. Today, 
alcohol technologies are well developed. Many integrated extractive distillation, evaporative 
vacuum distillation, membrane separation, and purification techniques have enhanced 
ethanol production plants, and the process is considered economically feasible for competing 
with fossil fuel prices. 

In the process of integration in bioethanol production, a membrane bioreactor (MBR) is 
designed to reduce ethanol distillation and purification costs. This means that while ethanol 
is produced in a bioreactor, the synthesized bioethanol is vaporized and extracted in a lique¬ 
fied nitrogen gas trap. This process is developed to eliminate substrate and production inhi¬ 
bitions resulting from the use of high sugar concentrations in fresh feed and high ethanol 
produced in a fermentation broth. A breakthrough invention may occur in the next stage 
of technology development while we can demonstrate a commercial plant working with 
MBRs. For knowledge-based research, an MBR is developed and necessary data are collected 
for the fabricated MBR; details of the design process and experimental data are further dis¬ 
cussed in a case study in Chapter 16. 


10.3 BENEFITS FROM BIOETHANOL FUEL 


Alcoholic fermentation and ethanol production by S. cerevisiae have been well known for a 
few decades. Many obligate aerobic fungi, such as common molds of the genera Aspergillus, 
Fusarium species and Mucor, are also well known for their ability to produce ethanol. Ben¬ 
efits are: 

• Use of renewable resources 

• Cleaner environment owing to cleaner combustion 

• No net carbon dioxide emissions 

• Expanded market opportunities in agriculture 

• Less dependence on crude oil 

10. 4 STOICHIOMETRY OF BIOCHEMICAL REACTI ON 

The following biochemical reaction represents sugar fermentation. Ethanol is the end prod¬ 
uct, which may be used as a useful bioprocess chemical. 

C 6 Hi 206 Yeast fermentation 2 C 2 H 5 OH + 2 CO 2 
Glucose Ethanol Carbondioxide 

180 g moT 1 46 g moT 1 44 g moT 1 (10.4.1) 

Two popular microorganisms can produce a high concentration of alcohol: one is bacteria 
and the other is yeast. Their tolerance to high concentrations of ethanol and substrates is 
stated in the literature. The most common ones are Z. mobilis and S. cerevisiae. Ethanol 
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can also be produced from any organic waste; Kluyveroviyces marxianus is able to produce 
ethanol from cheese whey permeate. Feedstock from cellulose is hydrolyzed into ferment¬ 
able sugar; then in single or two-step fermentation, ethanol is produced. The most common 
organisms applied in different processes for ethanol fermentation are S. cerevisiae, Z. mobilis, 
T. ethanolicus, Clostridium thermocellum, Clostridium thermohydrosulfuricum, Clostridium ther- 
mosaccharolyticum, Monilla species, and Fusarium species. 


10.5 OPTICAL CELL DENSITY 


Cell growth is identified by cell density. Cell concentration is an indication of the viability 
of a microorganism. It is possible to distinguish between viable and nonviable cells by stain¬ 
ing the culture sample with a stain such as methylene blue or trypan blue. The dead cells 
will be stained. The cell population or total number of cells may be counted on a cell count 
slide under a microscope as a defined volume of diluted culture introduced into a special 
slide known as a hemocytometer slide. Typically, the area under one small square is 
2.5 x 10’ 3 mm 2 and the depth under the glass slide cover is 0.1 mm. There are 25 small 
squares in one square and the total number of small squares is 625. The total volume of 
the counting slide is 0.156 mm 3 . In 1 ml of culture the number of cells is counted and 
defined. Because there is no uniform distribution of cell counting and it is impossible to 
count all boxes, random selection of five boxes is done. Certainly there is error in this 
method: Cells may aggregate and form clumps, and counting fungus mycelia is not simple 
so this method is not reliable for filamentous fungi. Another method of measuring cell pop¬ 
ulation and cell distribution is to use a Coulter counter. An electrode is placed in the diluted 
culture sample while the reference electrode is under vacuum. The current is generated in 
presence of living cells in the diluted sample, detected by the analyzing electrode. The 
principles of a Coulter counter for total cell concentration measurements are shown in 
Figure 10.1. 

Nephelometry and turbidity are the suitable approaches for determining the amount of 
cloudiness, or turbidity based on measurements of absorption, transmission, and light scat¬ 
tering owing to the presence of molecules causing turbidity or cloudiness in a solution. 



FIGURE 10.1 


Coulter counter principle for total cell measurements. 
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Nephelometric and turbidimetric methods are techniques used in microbiology to deter¬ 
mine the levels of cell density equivalent to accumulated broth proteins. Turbidity meters 
are used as an alternative method for a densely populated culture to identify cell density. 
In an alternative method, cell colony counters are used to culture a dilute sample in a Petri 
dish with nutrient agar medium for an identified number of colonies. The most accurate 
method is cell dry weight versus optical cell density, which cell light absorbance in a spec¬ 
trophotometer at a defined wavelength. The optical cell density of S. cerevisiae is measured 
at a wavelength of 580 nm. Other wavelengths such as 600 nm or less may also be used, but 
one must be consistent by testing the sample at maximum absorbance. A growth curve is 
developed based on the incubation time and cell dry weight. A standard calibration curve 
is needed before an actual experiment. A calibration curve should be generated to relate the 
absorbance to the cell dry weight. The usual rules of operating a spectrophotometer are 
often applied. For example, the accuracy of the method is greatest when the absorbance 
readings are in the range of 0.1—1.3. For a given culture sample, a good spectrophotometer 
should yield a linear relation between the number of cells and the absorbance. However, 
optical density is also a function of cell morphology such as size and shape, because the 
amount of transmitted or scattered light depends strongly on these factors. Consequently, 
an independent calibration curve is required for each condition in accurate research 
work, since the cell size and shape depend on the specific growth rate and the nutrient 
composition. As a rule of thumb, an optical density of one unit corresponds to approxi¬ 
mately 1 g l -1 of dry cell. This is also commonly referred to as the turbidity measurement. 
This simple assumption involved in the above techniques is that fresh culture may consist 
of viable organisms; therefore, it is necessary to apply these methods for an incubated cul¬ 
ture less than 24 h. 


10.6 KINETICS OF GROWTH AND PRODUCT FORMA TION 

It has been suggested that fungi grow in a filamentous form at an exponential rate with a 
constant specific growth rate (/i) until some substrate becomes growth limiting, according to 
the Monod equation : 

M = (10-6.1) 

where /x max is the specific growth rate of the organism in h~ ', Ks is the saturation constant in 
kg m“ 3 , and S is the concentration of the limiting substrate in kg m -3 . The cell-specific 
growth (/ x ) is a function of time in a typical batch culture; once the organism passes the delay 
or lag phase it follows an accelerating pattern known as the exponential growth phase until (i 
reaches a stable constant value known as the stationary phase, where it is at a zero rate from 
where nutrient depletion started. One can evaluate rate expression in three cases: 

1. When S is much greater than K$, the reaction falls into zero order where /i = /z max 

2. When the value of S is equal to the Monod constant; fi = /x max /2 

3. The value of S is low compared with the saturation constant, and thus the rate equation 
falls into first-order kinetics. 
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TABLE 10.1 Values for saturation constant for several organisms with 
identified desired substrate 


Microorganism 

Substrate 

K s , mg l -1 

Escherichia coli 

Glucose 

6.8 x 1CT 2 

E. coli 

Lactose 

20 

Aspergillus niger 

Glucose 

5 

Candida utilis 

Glycerol 

4.5 

Saccharomyces cerevisiae 

Glucose 

25 

Pseudomonas sp. 

Methanol 

0.7 

Klebsiella aergenes 

Carbon dioxide 

0.4 


The saturation constant may be expressed as the affinity of the organism for the substrate. 
A high Ks value means low affinity for a substrate whereas for a low value it is the reverse. At 
a low saturation constant, the rate is a function of substrate, which is mostly related to vita¬ 
mins and trace metal act as substrates. Table 10.1 represents some typical values for a satu¬ 
ration constant that vary from one organism to another; the type of substrate may also reflect 
values of K$ preferred by organisms for the desired substrate. 

The ethanol fermentation performance and bioprocess criteria are summarized below: 

• High conversion yield 

• High ethanol tolerance 

• Resistance to inhibitors in a hydrolyzed product 

• No oxygen requirement 

• Low fermentation pH 

• Broad substrate usage range 


10.7 PREPARATION OF STOCK CULTURE 


It is best to store organisms in pure culture for a long time without a lack of nutrients. A 
nutrient broth may not last for weeks. Solid media nutrients with agar in slants are used for 
stock culture to preserve organisms for a long duration. Normally freeze-dried culture ob¬ 
tained from the American Type Culture Collection (ATCC) (Rockville, MD) is hydrated 
and grown in broth media, and is then transferred to a culture tube with slant agar. 
Figure 10.2 shows a stock culture on slant agar in a sealed tube that can be stored and 
kept in a refrigerator for a minimum of 4—6 months. 

Several steps are involved in transferring pure culture from a broth cultured on slants. It 
should be an aseptic technique without transfer of any contaminants. An inoculating loop is 
flamed on a Bunsen burner until it is red hot. It is then cooled off on a comer of the media 
before touching and picking up any colony of organism to be introduced into the culture 
broth. A full loop of cultivated culture is brought in front of the flame and then transferred 
to the surface of the slanted agar with continuous streaking; it is incubated at 30 °C until 
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FIGURE 10.2 Stock culture of Rhodospirillum rubrum on slant agar (a photosynthetic bacterium hydrogen 
producer). 


growth is visible as colonies appear on the surface. The stock culture tube can then be kept in 
a refrigerator and is good for use within 6 months. Renewal is necessary for a 6-month-old 
stock culture. 


10.8 INOCULUM PREPARATION 


To have stock culture in a slant, a single isolated colony of yeast should be found 
on the Petri dish from which the culture can be transferred to the fermentation media. 
This technique may ensure that the stock culture is not contaminated with other 
organisms. 

Take a loop full of the creamy culture off the agar plate. Dip the loop into a 250-ml flask 
containing 100 ml of 5.0 g l -1 glucose and 1 g 1 1 yeast extract. Swirl the loop in the nutrient 
solution to dislodge the selected culture from the loop. 

Flame the neck of the flask and the cotton plug before inserting the plug back into the flask. 
Also, flame the loop to kill residual microorganisms. 

Place the flask in a temperature-controlled shaker at 37 °C. The exponential growth phase 
will last from 2 to 24 h after inoculation. The exact time and duration depend on the physi¬ 
ological condition of the inoculum. The data in Table 10.2 are plotted and a growth curve is 
obtained for an exponentially growing culture. Figure 10.3 shows the typical growth curve 
obtained for a viable organism. 


TABLE 10.2 Data sheet for batch fermentation at constant agitation 


Time, 

h 

Absorbance, 

^520 nm 

Cell 

concentration, 

gl _1 

Concentration 
of carbohydrates, 

gl _1 

Ethanol 

concentration, 

gl _1 

0 

0.0 

0.0 

31.5 

- 

6 

0.68 

0.5 

27.78 

1.85 

8 

1.0 

0.78 

21.5 

3.8 

12 

1.4 

1.1 

14.3 

5.8 

24 

1.9 

1.55 

11.0 

8.9 
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FIGURE 10.3 Standard curve for 
cell density defined based on growth 
of Saccharomyces cerevisiae. 



10.9 INOCULATION OF SEED CULTURE 


Seed culture of S. cerevisiae (ATCC 24,860) is grown in a rich medium composed of 1 g 
glucose, 0.1 g peptone, 1 g yeast extract, 0.33 g KH 2 PO 4 , and 0.03 g Na 2 HPC >4 in 100 ml 
distilled water. The media is autoclaved at 121 °C and 15 psig for 20 min. The stock culture 
from ATCC media is transferred to a prepared seed culture. The pH of the medium isadjusted 
to 5.5 using 0.03 M phosphate buffer solution. A pH meter (model WTW,Wissenschaftlich- 
Technische-Werkstaetten, 82,362, Weilheim, Germany) is used to read pH and control it in 


FIGURE 10.4 A 50-mi seed culture is used for 
inoculation of batch fermenter. 
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the experiment. Figure 10.4 shows a typical seed culture prepared for inoculation of batch 
fermentation. The transformation is carried out in front of a flame with a sterile syringe. 


10. 10 ANALYTICAL METHOD FOR SUGAR ANALY SIS 
10.10.1 Quantitative Analysis 

For each fermentation broth sample, the glucose concentration is measured with 
3,5-dinitrosalicylic acid (DNS) reagent. The DNS solution is prepared by dissolving 10 g 
DNS in 200 ml of 2 M NaOH. A separate solution of 300 g sodium potassium tartrate is pre¬ 
pared in 500 ml of distilled water; mixing and heating is required. The hot salt solution 
(sodium potassium tartrate) is added to the DNS. The volume of the solution is made up 
to 11 by adding distilled water. A standard glucose solution (2 g l -1 ) is prepared a day in 
advance for any structural deformation or changes. A calibration curve is prepared. 
A straight line can easily be obtained in the range of 200—1600 mg l 1 glucose. 


10.10.2 Analysis of Mixed Sugar by Ultraviolet 

Normally, analysis of a mixture of carbohydrates, high-performance liquid chromatog¬ 
raphy as an analytical tool is recommended. Because the process may be hectic and expen¬ 
sive, simple ultraviolet (UV) spectrophotometry was developed to analyze mixture of 
pentose and hexose (xylose and glucose). A standard salt solution as reagent was prepared 
by dissolving sodium chloride (12 g) and boric acid (2 g) in 100 ml distilled water. The 
mixture of sugars with salt reagent and sulfuric acid are detectable with UV at a desired 
wavelength. The method follows Beer's law. The absorbance of each sample reads at two 
defined wavelengths. At given wavelengths, the following systems of equations are given: 


( 10 . 10 . 2 . 1 ) 


Ano — G 310 C 1 + X 310 C 2 
A340 = G340C1 + X340C2 

Also, the solutions in form of metrics are defined for glucose and xylose concentrations: 


Glucose Ci 


A310 X310 


G310 4I310 

-^340 .X340 


G340 a 340 

G310 X310 


G310 X310 

G340 X340 


G340 X340 


( 10 . 10 . 2 . 2 ) 


Given the slope of these straight lines, the concentrations for glucose and xylose are 
defined by the solution of metrics, as follows: 


^ . .. , ,-l\ ^310X340 — X310A340 

Glucose Goncentration (g 1 J = ———-———— x dilution rate 

G310X340 — X310G34O 

Xylose Concentration (g D 1 ) = ^ 310 ^ 340 — G 340 A 310 ^ dilution rate 

G310X340 — X310G340 


(10.10.2.3) 
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where A 340 and A 310 stand for absorbance at a defined wavelength; G 340 , G 310 , X 340 , and X 310 
represent glucose and xylose, respectively, at the specified wavelength. Also, Ci and C 2 are 
concentrations of components 1 and 2: glucose and xylose, respectively. A standard solution 
of mixed sugars may be prepared according to the mixture of glucose and xylose, as follows: 


Mixture of glucose and xylose solution 

Glucose, g r 1 0.03 0.06 0.09 

Xylose, gT 1 0.06 0.1 0.14 


Sample Preparation 

Remove solids from the samples by means of filtration, using Whatman filter paper for a 
clear sample. Dilute the sample to a 1:500 ratio with distilled water. Mix 0.5 ml of diluted 
sample with 0.5 ml of the salt reagent in a clean dried test tube; use a micropipette for exact 
sampling. Mix the mixture well using a tube vortex mixer for 10 s. Add 8 ml concentrated 
sulfuric acid to each test, mixing for 10 s. Then heat the sample with reagent and acid in a 
70 °C water bath. Degas the sample after 20 min, mix it for 10 s, and then return it to the wa¬ 
ter bath for 30 min of heating. Finally, cool the sample in ice water to stop the reaction. Allow 
the samples to return to room temperature. The UV spectrophotometer should be read at 
15—20 min. The spectrophotometer mode is on absorbance with a response of 0.5. Turn the 
power on, turn on both lamps, and enter two wavelengths for absorbance reading at 310 
and 340 nm. When the system is ready and stable, start to read UV absorbance of each sam¬ 
ple. Blank for zero absorbance is concentrated sulfuric acid. 


10.11 ANALYTICAL METHOD FOR ETHANOL ANAL YSIS 

The ethanol concentration in the fermentation broth is determined using gas chromatog¬ 
raphy (GC) (HP 5890 series II with HP Chemstation data processing software, Hewlett Pack¬ 
ard, Avondale, PA) with a Poropak Q Column, and a Hewlett Packard model 3380A 
integrator. A flame ionization detector is used to detect the ethanol. The oven temperature 
is maintained at 180 °C and the injector and detector temperature are maintained at 
240 °C. The sample taken from the fermentation media has to be filtered and an internal stan¬ 
dard must be added for analysis based on internal standard methods; otherwise, the area 
under the peak must be compared with known standard samples for calculation based on 
external standard methods. 


10.12 REFRACTIVE INDEX DETERMINATION 


The refractive index (RI) is used to analyze the sample. It can also be used to help to deter¬ 
mine the percentage of a chemical (such as ethanol) in an aqueous solution. The RI is always 
reported to four decimal places. An example of the RI scale is shown in Figure 10.5. The cor¬ 
rect reading from the RI of the sample would be 1.3764. 
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1.3764 


1.370 


1.380 



FIGURE 10.5 
ethanol solution. 


Refractive index reading for 


10.13 CELL DRY WEIGHT MEASUREMENTS 


About 5 ml of sample is withdrawn from the fermentation broth for every 4—6 h. The 
absorbance reading of the sample at 580 nm is measured using a Hitachi U-2000 spectropho¬ 
tometer. The sample is filtered through Whatman filter paper with a pore size of 2.5 pm and 
diameter of 47 mm. The dry weight of cells is measured to monitor the microbial cell popu¬ 
lation and cell density. A plot of optical density reading from the spectrophotometer against 
cell dry weight can be obtained. The cell density, a standard calibration curve for S. cerevisiae 
at a wavelength of 580 nm, has been experimentally determined, as shown earlier. 


10.14 YIELD CALCULATION 


Normally, the yield is the ratio of the products over the reactants. In the fermentation pro¬ 
cess, carbon sources are used while the desired product as metabolites and cell mass are 
formed. The yield coefficient is defined as the mass of cells or product per unit mass of 
consumed nutrient. The yield of the cell mass or biomass produced per gram of carbohydrate 
or any other carbon source and the yield of the desire product per unit mass of substrate is 
defined as follows: 


Yx/s — 

Yp/s = 


AX 
AS 
A P 
AS 


(10.14.1) 

(10.14.2) 


In an aerobic process for the complete oxidation of glucose as full energy is released: 
AG° = —2850 kj mol -1 . The energy released via alcoholic fermentation (ethanol) results in 
AG° = —235 kj mol -1 . Because 2 mol ethanol is produced per mole of glucose, a yield of 
51% is obtained. In fact, the exact theoretical yield cannot be achieved because some of the 
substrate is consumed for biomass production; however, a 90—95% theoretical yield is achiev¬ 
able. To calculate the yield percentage, one needs to know the theoretical value that can be 
obtained, based on material balance and whether 100% of the reactant(s) is converted to prod¬ 
uct. After obtaining the experimental value (actual yield), divide it by the theoretical value 
and then multiply by 100 to get the percentage yield. 


Yield% 


Experimental value 
Theoretical value 


x 100 


(10.14.3) 
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10.15 BATCH FERMENTATION EXPERIMENT 


It is simple to perform batch fermentation in a small flask with a volume of, say, 200 ml. 
Our target is to use a 2-1 B. Braun fermenter. All accessories are shown in Figure 10.6. The 
fermentation vessel only, as shown in Figure 10.7, with about 250 ml of media without acces¬ 
sories but with some silicon tubing attached with a filter for ventilation, is autoclaved at 
121 °C for 10 min at 15 psig. After that, the system is handled with special care and all 


FIGURE 10.6 Continuously 
stirred tank fermenter: experi¬ 
mental setup with instrumenta¬ 
tion, controllers, and effluent. 



FIGURE 10.7 Geometrical dimensions of B. 
Braun fermentation vessel. 
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accessories are attached. Media are separately sterilized and pumped into the vessel. Inoc¬ 
ulum is transferred and the batch experiment is started right after inoculation of the seed cul¬ 
ture. An initial sample is withdrawn for analysis. 


10. 16 CONTINUOUS FERMENTATION EXPERIMEN T 

The experiment is accomplished with a 2-1 B. Braun fermenter biostat (Germany) equipped 
with DO and pH meters. Temperature and level controllers are sensitive, with highly accu¬ 
rate response from the sensors installed in the vessel. Figure 10.8 shows a complete contin¬ 
uous fermentation setup used in photosynthetic production. A small modification of the 
sampling port is necessary to change the sample jar with a stainless-steel tube sample port 
connected with a rubber septum, which is gas tight. A simple syringe needle is used to 
take liquid samples aseptically. The original fabricated sampling jar must be attached to on¬ 
line steam to prevent contamination while liquid is withdrawn. The fermentation vessel is jac¬ 
keted and an external heating and cooling water bath is provided with the fermentation unit 
to control the temperature, set at 32 °C. Because ethanol fermentation requires no oxygen, 
neither air nor pure oxygen is supplied. The CO 2 is vented from the carboy by installing a 
sterilized air filter. 

Draw a sample at the time intervals proposed in Table 10.2. The fermentation should last 
for approximately 24 h before the culture enters the stationary phase. 

• A 5-ml sample is adequate to analyze optical density, glucose/sucrose concentration, 
and ethanol concentration. For sugar analysis you may dilute 1 ml of sample and 9 ml 
of distilled water to have a suitable concentration range for DNS analysis. 



FIGURE 10.8 Complete laboratory setup of biostat, B. Braun fermenter with external feed pumps, and product 


reservoirs. 
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• Save a drop of the sample on a slide for later microscopic examination of the purity of 
the culture. 

• Initially, when the cell density is still low, the optical density of the sample can be 
measured without dilution with water. Perform this step quickly with a spectrophotom¬ 
eter at 580 nm. Then, filter out the cells from the sample. Afterward, withdraw 1 ml of 
the sample by pipetting from the culture vessel and then put it into a test tube for 
optical density measurement. Force the remaining sample through a filter. Normally a 
sterile syringe is used to withdraw the sample. A suitable filter case fitted on the tip of 
syringe is used to remove cells. The filtered sample is used for analysis by GC. Ethanol 
is determined by GC. Otherwise, the RI method is easy to use but it may not be accu¬ 
rate for research purposes. 

• The clear filtrate is collected in a tightly capped sampling vial for later analysis. 

Freezing the filtrate will better preserve the existing condition. 

• If a 1-ml sample is saved for optical density measurement, dilute the sample with 5 ml 
of water. Record the optical density. 

10.17 MEDIA STERILIZATION 


The prepared nutrient must be sterilized. Usually, this is done by autoclaving. However, 
autoclaving is not a practical sterilization method for the formulation used in this experiment. 
The heat of autoclaving may caramelize the sugar and darken the nutrient to a brown color. 
In addition, vitamins will be destroyed by the heat. Furthermore, the loss of liquid as a result 
of boiling during autoclaving will change the concentration of various nutrient components, 
including the rate-limiting carbon source. Evaporation loss is especially severe when ethanol 
is the designated carbon source. Even with all of the disadvantages of an autoclave, it is still 
customary to use autoclave routine equipment with some modifications, such as for a fast 
program or to sterilize sugar and media separately. 

Instead, membrane filtration may be used to sterilize the nutrient in this experiment. This 
can be accomplished by drawing the nutrient from a mixing jar and forcing it through an 
inline filter (0.2 pm pore size) either by gravity or with a peristaltic pump. The sterilized me¬ 
dium is fed into an autoclaved nutrient jar with a rubber stopper fitted with a filtered vent 
and a hooded sampling port. 

For each run, calculate and plot the cell biomass concentration, glucose concentration, 
ethanol concentration, and pH as a function of time. Identify the major phases in batch 
fermentation: lag, exponential, stationary, and death phases. 


10.18 BATCH EXPERIMENT 


10.18.1 Optical Cell Density, Ethanol, and Carbohydrate Concentration 

Measure the optical cell density of S. cerevisiae at a wavelength of 520 nm. Try to collect 
data based on information required in Table 10.2. Draw a growth curve based on incubation 
time and cell dry weight. The cell concentration indicates microorganism growth. A standard 
calibration curve is needed before an actual experiment. 
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10.18.2 Continuous Ethanol Fermentation Experiment 

The batch experiment had neither incoming fresh media nor a product stream leaving the 
fermentation vessel. A complete experimental setup with a B. Braun Biostat, is shown in this 
laboratory experimental setup. The continuous flow of media requires a feed tank and prod¬ 
uct reservoir. The batch process has many disadvantages, such as substrate and product in¬ 
hibition, whereas in the continuous process the fresh nutrients may remove any toxic 
by-product formed. 


10.19 EXPECTED RESULTS 


1. The parameters of the Monod cell growth model are needed: For instance, the maximum 
specific growth rate and Monod rate constant for cells, and the Michaelis—Menten con¬ 
stant for enzymes are required for a suitable rate equation. Based on data presented in 
Tables 10.2 and 10.3, the kinetic parameters for the experimental data in ethanol produc¬ 
tion are obtained. It is customary to have a linear model and to plot a double reciprocal 
model known as the Lineweaver—Burk plot. From the data obtained, it is easy to see 
that at a retention time of more than 12 h, the rate of substrate uptake is low, whereas 
at a low retention time of 4—8 h, the rate of glucose uptake is much higher than 

t = 24 h. That is most probably because of the limited substrate available in the fermen¬ 
tation broth. From the given data, it is recommended that the substrate concentration be 
increased to a much higher value. Let us propose that 90—110 g T 1 is the target for a 
high production rate, whereas we need to define the desired retention time. 

2. Another parameter for living organisms is the media pFI, which may change during the 
course of the fermentation. The change in pFI results from product formation and me¬ 
tabolites being liberated from the cells. The question is whether the change in pFI coin¬ 
cides with the different batch growth phases. The answer may not be clear, because it 
depends on the activity of the microorganisms and the media absorbing the metabolites. 
In ethanol fermentation, maximum ethanol productivity is obtained at a pFI range of 
5.6—5.8. The fermentation media composition is 10% glucose, 0.1% yeast extract, 0.44% 
KH 2 PO 4 , and 0.044% Na 2 FIP 04 for the ethanol producer S. cerevisiae. There is a direct 
relation between the media composition and the pFI of the media and microbial growth 


TABLE 10.3 Data sheet for continuous ethanol fermentation, So = 35 g 1 1 


Media 
flow rate, 
ml h” 1 

Retention 
time, t, h 

Cell 

density, 

gl" 1 

Substrate 

concentration S, 1/S, 

gl' 1 g" 1 

— Rate of 
substrate uptake, 

gl“ 1 h“ 1 

1 l~r A 

Ethanol 

concentration, 

gl _1 

83 

24 

2.30 

8.3 

0.12 

1.11 

0.90 

8.9 

125 

16 

1.95 

9.5 

0.105 

1.59 

0.63 

6.9 

167 

12 

1.45 

13.0 

0.0.77 

1.83 

0.55 

5.2 

250 

8 

1.03 

20.5 

0.049 

1.81 

0.55 

3.8 

500 

4 

0.38 

27.5 

0.036 

1.88 

0.53 

1.5 
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pH 

FIGURE 10.9 Specific rate of hydrogen production versus pH. 

and productivity. In addition, the pH of the media is directly affected by the kinetic data 
of hydrogen production in the bioconversion of synthesis gas through a water-gas shift 
reaction. In this reaction, Rhodospirillum rubmm was used as the biocatalyst. To deter¬ 
mine the effect of pH in rate studies, complex media were used with malic acid as the 
carbon source. The pH was adjusted to the desired value using 1M sodium hydroxide 
solution. The range of pH was 3—12. The data in Figure 10.9 illustrate the specific rate of 
hydrogen production from synthesis gas with respect to a variable pH; the desired pH 
for the maximum specific rate of hydrogen production is in the narrow range of 7.5—8. 

3. Identification of the major elements of life for living organisms is necessary for a deep 
understanding of the growth pattern, i.e., nutrient requirement, in a typical yeast cell. 
Trace metals and minerals act as cofactors in enzyme activities, so the amount of each 
element such as Zn, Cu, Co, Mg, Mn, and Mo in a typical yeast cell may have a major 
role. In fact, these essential elements or trace metals may need to be represented in very 
small amounts, even micrograms, in our synthetic medium formulation. From the rela¬ 
tive ratios of the elements present in the media, we may be able to identify the limiting 
substrate. It is well known that the carbon source is the limiting substrate in application 
of kinetic models such as the Monod rate model. 
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11. PRODUCTION OF ANTIBIOTICS 


11.1 INTRODUCTION 


Antibiotics are classified based on their mechanism of action or their function in a host. 
Some antibiotics are bactericides (an agent that destroys bacteria) whereas others are bacte¬ 
riostatic, meaning they may inhibit the growth of organisms and multiplication of bacteria 
but do not kill them. In fact, they act by interfering with the synthesis of folic acid inside 
the cell anabolism. Another method of classifying antibiotics is based on mode of action as 
antibiotic interact with an antigen. There are four modes of actions: (1) inhibition of cell 
wall synthesis, (2) damage of the membrane of the cell surrounded by cytoplasm, (3) inhibi¬ 
tion of nucleic acid protein synthesis, and (4) inhibition of specific enzyme systems. 

Penicillin, cephalosporin, cytoserine, vancomycin, and bacitracin are among the antibiotics 
that act as inhibitors of cell wall synthesis or biosynthesis of the peptidoglycan structure of 
the cell wall. These antibiotics hinder the formation of the peptidoglycan polymer, thus for¬ 
mation of the cell wall for cell synthesis is inhibited. 

All prokaryote cells have a common peptidoglycan structure in their cell walls. The bio¬ 
polymers are responsible for cell shape and wall strength. The peptidoglycan polymer 
alternatively builds subunits of N-acetylmurmic acid, which is similar to 
N-acetylglucosamine. Pyruvic acid in between units serves as chain reaction for cross- 
linking of the cell wall with the biopolymer. There are four side chain units that act as 
cross-linking agents of the cell wall structure: L-alanine, D-glutamic acid, diaminopimelic 
acid (a compound like an amino acid), and D-alanine. The peptidoglycan content of the 
cell wall of different strains of bacteria may vary. The contents of cell walls of more than 
50% of Gram-positive bacteria and less than 10% of Gram-negative bacteria are the 
biopolymer of peptidoglycan. 

There are a number of bacteria not susceptible to penicillin or inhibition of the cell wall; the 
biosynthesis of peptidoglycan is not working in the antibiotic mechanisms; that is due to 
absence of these biopolymers in the cell wall structure. For instance, in Mycoplasma, the cell 
wall is completely lacking peptidoglycan structures. Therefore, penicillin is not able to func¬ 
tion as an inhibitor in such organisms. The rigidity of the cell wall and the shape of the cell 
depend on the content of the peptidoglycan polymer. If an organism is unable to synthesize 
such a biopolymer for its cell wall, then its replication is hindered. Such mechanisms of action 
certainly work for Gram-positive bacteria. 

Penicillins are known as fi-lactam antibiotics and have a related structure with different 
properties and activities. The antibiotic, with various side chains of chemicals attached to 
main core of the antibiotic, makes different generations of penicillin. Some strains of bacteria 
are resistant to penicillin as a result of enzymes produced that break down and inactivate 
antibiotics. One such enzyme is penicillinase, which deactivates penicillin. The enzyme is 
synthesized by group of Gram-negative bacteria. In addition, penicillin is deactivated by 
heat, sodium hydroxide, and strong acid solutions. Among the penicillins, which are 
much more resistant to acid, may act more efficient would be penicillin V. It is now known 
that a new generation of a synthesized penicillin with active side chains may be a bacteri¬ 
cide; it kills the bacteria rather than inhibits their growth. The bacteria may be destroyed 
from osmotic damage of the unprotected outer wall, which means that penicillin may not 
be a suitable antibiotic for the treatment of Gram-negative bacteria because of its cell wall 
composition, which is completely different than others. However, a high biopolymer content 
of peptidoglycan of Gram-positive bacteria is a suitable target for penicillin to act as an in¬ 
hibitor of biosynthesis of the cell wall. 
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Antibiotics are produced by fermentation. The process may take a few days to obtain an 
extractable amount of product. Antibiotic production is done in a batch process. Oxygen 
transport is the major concern; therefore, sufficient polymeric sugar and protein with a trace 
amount of elemental growth factors are used to enhance production yield. An antibiogram 
test is used to observe the amount of antimicrobial agent in the fermentation broth. A 
bioassay determines the activity unit of the bactericides. 


11. 2 HERBAL MEDICINES AND CHEMICAL AGEN TS 

Herbal medicine was used in ancient treatments. Natural chemicals extracted from herbs 
were used. For 17 centuries, natural quinine extracted from the bark of a particular tree known 
as cinchona was used to treat malaria. Native Americans and southern Asians were able to 
fight malaria by chewing the bark of cinchona trees. Over time, chemical agents were identi¬ 
fied and used for treating patients. Toxic compounds such as mercury were used to treat 
syphilis for 18 centuries. Even arsenic compounds were used to cure many diseases without 
great danger to the patient. Arsphenamine and neoarsphenamine were also used to treat pa¬ 
tients with syphilis. Investigation of chemotherapy expanded into a wide range of com¬ 
pounds. Chemotherapy is known as the treatment of disease with chemicals called 
chemotherapy agents. Treatment with chemicals had been practiced for many centuries. During 
the mid 1950s, the first generation of sulfonamide was used successfully against certain bac¬ 
teria, which was a great victory in the field of medicine. Antibiotics as chemotherapy agents 
were discovered. The action of drugs or chemical agents was to destroy germs, to control the 
growth of microorganisms, or to prevent microbial growth, with the aim of treating a patient. 
The chemical substances had selective toxicity, and overdosing created complications for the 
host. The side effects of chemicals were monitored based on observed symptoms during and 
after treatment. The drug targeted specific germs and parasites. In general, germicides are not 
selective in their mechanisms and often interfere with the immune system. Inactivation of 
germs and parasites with antigens and antibody mechanisms played a major role in the devel¬ 
opment of germicides and antiseptic agents. The action was similar to the inactivation of 
protein antigens—by destroying, killing, or deactivating any unknown bodies penetrating 
the host. The action of chemotherapeutic agents in a host can be summarized as follows: 

• The antibiotic agents may destroy or prevent the germs or parasites, without creating 
any injury to the host cell or with only minimal toxicity to the host. 

• The chemical agents should contact the parasite by prevention or by diffusion through 
the cells and tissues of the host at suitable doses and effective concentrations. 

• The action should not disturb the immune system, such as cell defense actions (known 
as phagocytosis) production of antibodies, which takes place naturally in the presence of 
parasites. 

• These agents profoundly prevent production of bacterial nucleic acids and inhibit ge¬ 
netic replication. 

Sulfonamides are very useful in treating bacterial infections, especially the infectious 
agents of known microorganisms such as meningococci and Shigella, respiratory infections 
caused by streptococci and staphylococci, and urinary tract infections resulting from 
Gram-negative microorganisms. Sulfonamide drugs are strongly recommended for rheu¬ 
matic fever, endocarditis, and urinary tract infections after any surgery. 
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11.3 THE HISTORY OF PENICILLIN 


The original organism for producing penicillin, Penicillium notation, was isolated by Alex¬ 
ander Fleming in 1926 as a chance contaminant while culturing other organisms. However, 
all the penicillin-producing strains were isolated and purified from an infected cantaloupe ob¬ 
tained from a market in Peoria, Illinois. The infecting organism was Penicillium chrysogenum. 
The original wild strain of Penicillium produces a yellow pigment devoid of antibiotic prop¬ 
erties that colors the final product. Production of antibiotics by mutants does not produce any 
pigment and yields a colorless end product. 

The chemotherapeutic agent extracted or obtained from secondary metabolites of living cells is 
known as an antibiotic. The terms antibiotic and antibiosis were introduced during the 20th century 
when Alexander Fleming, during the 1930s, accidentally found mold contaminating a culture 
while he was cultivating microorganisms. At the time, Fleming was culturing Staphyloccus aureus 
on a plate with a thin agar layer. His cultured plate was contaminated with a mold. The amazing 
part of his work was that he found no microbial growth within a radius of 3—5 cm of the mold. 
Normally, any contaminated culture is taken out of the investigation cycle, but Fleming was 
curious and decided to continue his investigation. He wanted to know why there was no growth 
in presence of the mold. He needed to know what the toxic metabolite was that killed the organ¬ 
isms in the neighborhood of the mold. He found that the cell metabolites were able to lyse and 
dissolve the cell walls of the microorganisms. He identified the contaminants as mold. Later, 
the mold was identified as Penicillium sp. Fleming named the drug penicillin, which was isolated 
from P. notatum. Fleming had discovered a new antibiotic, and for his great contribution he was 
awarded the Nobel Prize, in the field of medicine and physiology in 1945. His discovery 
answered his question of why the colony of Staphylococcus did not grow in presence of P. notatum. 

The commercial production of penicillin and other antibiotics is the most dramatic 
example of industrial microbiology. The annual production of bulk penicillin is about 33 
million lb, with an annual sales market of more than US$344 million. 

Production of penicillin has been superseded by a better antibiotic-producing mold spe¬ 
cies: P. chrysogenum. The development of submerged culture techniques has enhanced the 
cultivation of the mold in large-scale operations using a sterile air supply. The development 
of advanced fermentation technologies lead in to utilize suitable nutrient resources, potential 
strain of microorganisms and the biosynthesis of organic compounds stated as follows: 

• Streptomycin is produced by Actinomycetes. 

• Molasses, com steep liquor, waste product from the sugar industry, and wet milling 
corn are used for the production of penicillin. 

• P. chrysogenum can produce 1000 times more penicillin than Fleming's original 
culture. 

The major steps in the commercial production of penicillin are as follows: 

1. Preparation of inoculum. 

2 . Preparation and sterilization of medium. 

3. Inoculation of the medium in the fermenter. 

4 . Forced aeration with sterile air during incubation. 

5. Removal of mold mycelium after fermentation. 

6. Extraction and purification of the penicillin. 
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11.4 PRODUCTION OF PENICILLIN 


There is only one choice for the antibiotic production process: the synthesis of benzylpenicil- 
lin (penicillin G, originally known as penicillin). This, the most renowned antibiotic and the first 
one manufactured in bulk, is still prescribed universally. Although originally made by surface 
liquid culture, penicillin G is now produced by airlift fermentation under aerated conditions. 

Penicillin G is not a typical fermented antibiotic; it is made by the fungus P. chrysogenum. 
The number of antibiotics from fungal sources is few, although they do include penicillin G 
and V, and cephalosporin C. These three antibiotics are the major starting materials for the 
semisynthetic (3-lactam antibiotics. The systemic antifungal antibiotic griseofulvin is also of 
fungal origin. Most antibiotics are produced by fermentation using fungi, including strepto¬ 
mycin and the tetracycline family, among numerous others. Streptomycin is the next impor¬ 
tant antibiotic after penicillin G that is available for clinician use. It has played an important 
role in the fight against tuberculosis. 

Penicillin production occurs as batched fermentation, during which a volume of sterile me¬ 
dium in a vessel is inoculated. The broth is fermented for a defined period, then the tank is 
emptied and the products are separated to obtain the antibiotic. The vessel is then recharged 
for batch operation with medium and the sequence is repeated, as often as required. Contin¬ 
uous fermentation is not a common practice in the antibiotics industry. The antibiotic concen¬ 
tration rarely exceeds 20 g/L and may be as low as 0.5 g/L. 


11.5 MICROORGANISMS AND MEDIA 


A mutant strain 6 , P2-4, derived from Penicillinm chrysogenum ATCC 48271 has been used in 
solid-state fermentation for penicillin production. Also a series of experimental studies in a 
2-L B Braun airlift fermenter. A complex growth medium for P. chrysogenum was prepared. 
The medium contained 20 g sucrose, 10 g lactose, 5 g peptone, 13 g (NLLLSCh, 3 g 
KH 2 PO 4 , 0.5 g Na 2 SC> 4 , 0.55 g ethylenediamene tetraacetic acid, 0.25 g MgSC^LLO, 0.05 g 
CaCl 2 -2H 2 0, 0.25 g Fe 2 S 04 - 7 H 2 0 , 0.02 g MnS0 4 -4H 2 0, 0.02 g ZnS0 4 -7H 2 0, 0.01 g 
Na 2 MoC >4 • 2 H 2 O, and 0.005 g CuSC^-STLO in 1000 mL distilled water. The medium was ster¬ 
ilized in an autoclave at 121 °C for 30 min. 


11.6 INOCULUM PREPARATION 


Most fungi sporulate on suitable agar media, but a large surface area is required to pro¬ 
duce sufficient spores. A roll-bottle technique is used to produce spores of P. chrysogenum, 
with 300 mL medium containing 3% agar sterilized in a 1-L cylindrical bottle. After auto¬ 
claving, the medium is cooled to 45 °C and rotated on a roller mill so that a layer of agar 
formed on the cylinder wall. The inoculum used for inoculation was of a spore suspension 
is incubated at 24 °C for 6—7 days. 

Submerged culture is common for sporulation of fungi such as P. chrysogenum. Sporulation 
is induced by inoculating 300 mL of a spore suspension in a 1-L shaking flask containing 
spores from a well-sporulated agar culture, which is then incubated for a sufficient time. 
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At this stage, a 2-L fermenter is inoculated with a pure inoculum (300 mL) and harvested in 
the fast-growing (logarithmic) phase, so that a high cell density is obtained in the culture. The 
organism P. clirysogenum grows in a filamentous (hypha) form, with branching occurring to a 
greater or lesser extent. The B Braun airlift fermenter is used for production. A pressurized air 
filter is used to circulate the mycelia in an internal loop pattern. Air is supplied continuously 
and bubbles lose oxygen as they rise up the column. At the same time, carbon dioxide and 
other gaseous metabolites are released in the overhead gas compartment. The production 
of penicillin G is very sensitive to temperature, with a tolerance of less than 1 °C. Heat is 
generated by the metabolism of nutrients and has to be removed by a well-controlled cooling 
system. Cooling coils are used for isothermal operation. The fermentation vessel is fitted with 
several probes to detect foaming, to monitor temperature, to control the media level, and to 
record parameters such as pH. The rate of airflow through the fermenter is measured, and the 
exhaust gases that emerge from the top of the vessel may also be analyzed. Originally, all 
penicillin G was manufactured using lactose in this way, and some manufacturers still prefer 
this technique. 

Calcium, magnesium, phosphates, and trace metals added initially are usually sufficient to 
last throughout fermentation, but the microorganisms need an additional supply of nitrogen 
and sulfur to balance the carbon feed. Nitrogen is often supplied as ammonia gas. Ammo¬ 
nium ions can contribute to pH control, with carbon metabolism being acidogenic and 
balanced by the alkalinity of the ammonia. Sulfate is usually supplied in common with the 
sugar feed and the flow is adjusted with suitable feed stream ratios. 

All feed streams are sterilized before being entered into the fermentation vessel. Con¬ 
taminants resistant to the antibiotic rarely find their way into the fermenter. When they 
find a way to contaminate media, their effects are so catastrophic that prevention is of para¬ 
mount importance. A resistant, P-lactamase-producing, fast-growing bacterial contaminant 
can destroy the penicillin. The contaminants not only consume nutrients intended for the 
fungus, but also cause loss of pH control and interfere with the subsequent extraction 
process. 

A Petri dish culture of penicillin is shown in Figure 11.1(a). The action of the an tibiotic 
shows an overlay plate, in which a central colony of the fungus P. notation was allowed to 
grow on agar for 4—5 days. The plate was then overlain with a thin film of molten agar 
containing cells of the yellow bacterium Micrococcus lutens. The production of penicillin 
by the fungus creates a clear zone free of organisms, which means the antibiotic activities 
of penicillin cause growth inhibition of the yellow bacterium. Figure 11.1(b) shows the 
typical asexual sporing structures of a species of Penicillium. The spores are produced in 
chains from flask-shaped cells (phialides), which are found at the tips of a brushlike aerial 
structure. 

Penicillin has an interesting mode of action in that it prevents the cross-linking of small 
peptide chains in the peptidoglycan—the main cell wall polymer of bacteria. Preexisting cells 
are unaffected, but all newly produced cells grow abnormally. The newly formed cells are 
unable to maintain their wall rigidity and are susceptible to osmotic lysis. 

The clinical aspects of several antibiotics such as penicillin G, cephalosporin, and many 
other antibiotics are summarized in Table 11.1. The potential microorganisms for the produc¬ 
tion of various antibiotics and their activities onsite or the mode of action of the antibiotics are 
also listed. 
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FIGURE 11.1 (a) Action of penicillin, (b) Structure of a species of Penicillium. (c) An antibiogram testing several 

antibiotics is effective, as noted by the surrounding clear space, (d) Unsuccessful antibiotic surrounded with cell 
growth at the 2, 7, and 11 O'clock positions. 


TABLE 11.1 Clinically important antibiotics and the producing microorganism 


Antibiotic 

Producer organism 

Activity 

Site or mode of action 

Penicillin 

Penicillium chrysogenum 

Gram-positive bacteria 

Wall synthesis 

Cephalosporin 

Cephalosporium acremonium 

Broad spectrum 

Wall synthesis 

Griseofulvin 

Penicillium griseofulvum 

Dermatophytic fungi 

Microtubules 

Bacitracin 

Bacillus subtilis 

Gram-positive bacteria 

Wall synthesis 

Polymyxin B 

Bacillus polymyxa 

Gram-negative bacteria 

Cell membrane 

Amphotericin B 

Streptomyces nodosus 

Fungi 

Cell membrane 

Erythromycin 

Streptomyces erythreus 

Gram-positive bacteria 

Protein synthesis 

Neomycin 

Streptomyces fradiae 

Broad spectrum 

Protein synthesis 

Streptomycin 

Streptomyces griseus 

Gram-negative bacteria 

Protein synthesis 

Tetracycline 

Streptomyces rimosus 

Broad spectrum 

Protein synthesis 

Vancomycin 

Streptomyces orientalis 

Gram-positive bacteria 

Protein synthesis 

Gentamicin 

Micromonospora purpurea 

Broad spectrum 

Protein synthesis 

Rifamycin 

Streptomyces mediterranei 

Tuberculosis 

Protein synthesis 
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11.7 FILTRATION AND EXTRACTION OF PENICIL LIN 

At harvest, the cells are removed. Penicillin G is the cell product in the solution that is an 
extracellular product, with a host of other metabolites and medium constituents. The first 
step in harvesting penicillin is to remove the cells by filtration. This stage is done under con¬ 
ditions that avoid contamination of the filtrate with enzymes, which may destroy the antibi¬ 
otic. The p-lactamase-producing microorganisms could react with the antibiotics, which may 
cause serious or total loss of the product. The next stage is to isolate penicillin G. Solvent 
extraction is the generally accepted process. In aqueous solution at a pH of 2—2.5, there is 
a high partition coefficient in favor of certain organic solvents, such as amyl acetate, butyl ac¬ 
etate, and methyl isobutyl ketone. The extraction has to be done quickly because penicillin G 
is very unstable at low pH values. The penicillin is then extracted back into an aqueous buffer 
at a pH of 7.5. The partition coefficient now strongly favors the aqueous phase. The solvent is 
recovered by distillation for reuse. 


11.8 EXPERIMENTAL PROCEDURE 


The inoculate was prepared in 250-mL flasks containing 100 mL growth medium, which 
was inoculated with 10 mL of spore suspension. The mixture was shaken at 250 g and the 
temperature was controlled at 26 °C for 48 h. Then, 110 mL of the resulting mycelia suspen¬ 
sion was used to inoculate a 1000 mL broth in the airlift fermenter. The sterilized media were 
pumped slowly into the bioreactor at a flow rate of about 100 mL h until 2 L working vol¬ 
ume was used completely. Aeration rates of 0.5, 1, and 2 wm (1, 2, and 4 L of air per min) 
were used. Samples were taken at 24 h intervals and evaluated for biomass, sugars, and 
antibiotic concentrations. 


11.9 FERMENTER DESCRIPTION 


A 2-L B Braun airlift fermenter with a working volume of about 2000 mL is used. Sterile 
air is sparged through a sintered plate located near the bottom of the central concentric 
tube. There is no mechanical stirring; only the air nozzle was forced through the central 
tube, and the flow was directed to the annulus tube side. Aeration causes circulation of 
the media; the flow was gentle without serious shear forces. Temperature was maintained 
at 26 °C. 


11.10 ANALYTICAL METHOD FOR BIOASSAY AND DETECTION 

OF ANTIBIOTIC 


The extracted antibiotic was used in an antibiogram test. Petri dishes of Bacillus subtilis 
ATCC 6633 are cultured for bioassay of penicillin. Small circular paper filters (3—5 mm) are 
placed at different positions on the surface of the agar. The small circular filters were 
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FIGURE 11.2 


Antibiogram test diffusion of antibiotic on agar layer, preventing microbial growth. 


sterilized earlier. A few drops of concentrated and extracted antibiotic were poured on the 
filter. The small circular filter held the antibiotic after incubation for 24 h. There was a clear 
circle around the paper filter without any microbial growth. This bioassay is called an anti- 
biogrnm. Figure 11.2 shows an antibiogram test diffusion of antibiotic on an agar layer, 
which prevents microbial growth. Normally, an antibiogram is used for clinical purposes 
to identify a suitable antibiotic for infected patients. High-performance liquid chromatog¬ 
raphy is commonly used for quantitative analysis. The carbohydrate concentration is 
determined using the dinitrosalicylic acid method. The biomass is evaluated by 
measuring the total solid concentration. Cell dry weight may represent the growth curve 
in the fermentation broth. The samples were centrifuged at 4500 rpm for 20 min, and the 
sediment was washed with distilled water and dried in an oven at 105 °C to determine cell 
dry weight. 


11.11 ANTIBIOGRAM AND BIOLOGICAL ASSAY 

Antibiotic activities are examined by transfer of seed culture of B. subtilis on nutrient 
agar on a Petri dish. The seed culture for B. subtilis is a simple basal media of 1 g glucose, 
1 g peptone, and 1 g yeast extract; it does not require a complex medium. The antibiogram 
test for diffusion of the antibiotic product obtained with solvent extraction using amyl ac¬ 
etate or methyl fso-butyl ketone is then distilled and concentrated for bioassay. A few 
drops of antibiotic are tested according to the antibiogram test shown in Figure 11.1. 
The Petri dish media is a simple basal media with 3% agar. The Petri dishes are prepared 
in advance and stored in a refrigerator so they are ready to use for microbial growth tests. 
The Petri dishes inoculated with B. subtilis are incubated at 32 °C. The clear area around the 
antibiotic shows that B. subtilis is unable to grow near the antibiotic. The activities are 
scaled from +1 to +4, based on the radius of the clear circle of 5—10 mm without any mi¬ 
crobial growth. 
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11.12 SUBMERGED CULTURE 


11.12.1 Growth Kinetics in Submerged Culture 

The use of stirred fermenters with automatic control of the culture environment is the 
most suitable technique to evaluate bacterial or fungal kinetics. Cultures can be operated 
in discontinuous mode (batch cultures). The growth curve of the batch culture of a micro¬ 
organism can be divided into six phases (Figure 11.3): the lag phase (phase I), the acceler¬ 
ating growth phase (phase II), the exponential growth phase (phase III), the declining 
growth phase (phase IV), the stationary phase (phase V), and the death phase or lytic 
decline phase (phase VI). The growth curve is often represented by mathematical models. 
In the case of media limitation, the Monod equation is most often used to describe growth 


rate: 



( 11 . 12 . 1 . 1 ) 


where p m is the maximum specific growth rate per hour and K$ is the saturation constant in 
grams per liter. For special cases when K$ «S, then S / (K$ + S) ~ 1 and the growth is sta¬ 
ble at the stationary phase. If the value of Ks is relatively high compared with the substrate 
concentration (S), when substrate concentration decreases, a decelerating growth phase is 
reached. Values of growth rate (ji) are dependent on a combination of media—fungus, 
but most often the projected value is between 0.1 and 0.4 h _1 . Values of K$ can be deter¬ 
mined by plotting 1 / ji m against 1/S. The linear rate equation becomes a Lineweaver—Burk 
plot: 

1 K 1 1 

- = — ( 11 . 12 . 1 . 2 ) 

Figure 11.4 shows the growth curve with the log, stationary, and death phases for micro¬ 
organism growth. In the case of nonexponential growth (Figure 11.4), the value of K$ can be 
approximated from the curve [i=f(S). Growth of fungi in batch culture is difficult to trace 


IV v 



Generation time 


FIGURE 11.3 Batch growth curve with various phases. 
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FIGURE 11.4 Nonexponential growth curve in a batch culture. 


because of the exponential increase in biomass concentration for the organism, with more 
than five doubling times. After a certain growth time, the fungus eventually modifies the 
physicochemical condition of its environment and, correspondingly, growth slows the pro¬ 
cess as a result of low substrate concentration, limitation of nutrients, low oxygen transfer 
rate, product inhibition, and accumulation of undesired products. Morphologically, linear 
growth can be correlated with a blockage of the branching, when branching of the mycelium 
or the fermentation of blastospores (yeastlike cells) induces an exponential increase of the 
biomass. 


11.13 BIOREACTOR DESIGN AND CONTROL 

Incubation control necessitates the precise control of several influential parameters, which 
are the primary process variables and growth conditions : 

• Temperature 

• Agitation 

• pH 

• Dissolved oxygen 

• Pressure 

• Airflow 

• Nutrients 

• Redox 

The pH is typically controlled by acid—alkali feeds. Dissolved oxygen and redox loops are 
controlled as a cascade loop using airflow, agitation, pressure, auxiliary feed, or a combina¬ 
tion thereof. The control of these and any other parameter is most usually done in fermenter 
vessels designed specifically for this purpose and that accommodate various working vol¬ 
umes, depending on the yield and production requirements. Laboratory-scale vessels have 
a capacity of 10 L or less, whereas clinical trials and production vessels may be as large as 
several thousand liters. 
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The actual incubation of the culture is known as the fermentation process, which is part of 
the batch cycle. A complete fermentation cycle typically includes the following steps, depend¬ 
ing predominantly on bioreactor design: 

• Sterilization of empty vessel and piping using direct steam injection 

• Medium charging 

• Indirect sterilization by steam injected into the vessel jacket 

• Cooling and jacket drain 

• Preinoculation of vessel environment under control 

• Inoculation (injection of a small sample of the monoculture) 

• Incubation of the fermentation process 

• Harvest of the product (extraction process) 

A control system must, therefore, provide flexibility in such a way that the results are ac¬ 
curate and repeatable. Also, precise control of the fermentation environment is necessary and 
includes the following: 

• Precise loop control with set point profile programming 

• Recipe management system for easy parameterization 

• Sequential control for vessel sterilization and more complex control strategies 

• Secure collection of online data from the bioreactor for analysis and evidence 

• Local operator display with clear graphics and controlled access to parameters 

A conventional batch fermenter and the important parts of the fermentation vessel are 
shown in Figure 11.5. 


11. 14 ESTIMATION OF DIMENSION OF FERMENT ER 

Suppose a fermenter has a working volume of 10 m 3 (^working = 10 m 3 ); let us add 20% 
overdesign as a safety factor. The total volume (V) is 

T , Vworking 10 m , _ _ o 

V = n n * = ——— = 12.5 m 
0.8 0.8 

The volume of a fermenter for a cylindrical system is defined as 

V = | x Df x H l (11.14.1) 

where D f is the diameter of the tank in meters and Hl is the height of the fermentation vessel. 
Let us take the ratio of the liquid level to the tank diameter to be 2:1; therefore, 

V = | x Df x 2D, (11.14.2) 

V = 0.5t r x Df = 12.5 m 3 
Solving for tank diameter, D f , and liquid height, 

D f = 2.0 m 
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FIGURE 11.5 Conventional batch fermenter: A, agitator motor; B, speed reduction unit; C, air inlet; D, air outlet; E, air 
bypass valve; F, shaft seal; G, sight glass with light; H, sight glass clean-off line; I, manhole with sight glass; J, agitator shaft; 
K, paddle to break foam; L, cooling water outlet; M, Baffle; N, Cooling coil; O, cooling water inlet; P, mixer; Q, sparger; 
S, outlet; T, sample valve. 


H l = 2 X D, = 2 x 2.0 = 4.0 m 

The diameter of the impeller is set to one-third of the tank diameter: 


= 3 = 


D, 2.0 m 


= 0.67 m 


Let us take the required aeration as 1.0 wm. The volumetric flow of air for a 12.5 m 3 
fermenter is defined as 


m 3 1 min 


F„ = 1.0 wm x 12.5 m = 12.5 —— x 


= 0.21 m 3 s 


3 „-l 


min 60 s 

The gas superficial velocity is defined as the ratio of gas flow rate to vessel cross-sectional 
area: 


U, = -4 = 


12.5 Fh 60 min 


A |(2.0) m 2 1 h 


= 238.73 mk 1 
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11.1 5 DETERMINATION OF THE REYNOLDS NUMB ER 

To calculate the Reynolds number, let us define an average density at the inlet using 
weight fractions: 

Pave.in = (0-80 x 1544) + (0.05 X 1834) + (0.07 x 597.1) + (0.08 x 1000) 

Pave.in = 1448.70 kg nC 3 

Also, the average density of the outlet stream is 

Pave.in = (0-16 x 3420) + (0.23 X 110.1) + (0.21 x 1000) + (0.40 x 1013) 

Pave.in = 1187.72kgnr 3 

The highest density of the solution is used to determine the Reynolds number. The broth is 
viscous and viscosity is assumed to be /x = 0.1 Pa s _1 . The rotational speed of the impeller is 
set at N = 150 rpm = 2.5 rps. 

The Reynolds number is calculated based on provided data: 

_ pND] _ (1448.70 £) x (2.5 rps) x (0.67 m) 2 
Re = = (0.1 Pa s- 1 ) 

Re = 16,258 

The high Reynolds number represents the turbulent flow regime. 


11.16 DETERMINATION OF POWER INPUT 


First it is necessary, using knowledge of the flow regime, to read the power number 
directly from a power graph (as discussed in Chapter 6 and illustrated in Figure 6.6). The 
reading for Reynolds numbers greater than 16,000 is P no = 6. The equation for the power 
number is 



Therefore, ungassed power is calculated as 


(11.16.1) 


P = 


6 x (l448.70§) x (2.5 rps) 3 x (0.67 m) 5 


9.81 § 


P = 1557.66 lhp 


745.7 


k g m 


= 1869.2 kg m s 1 
2.5 hp 


That is the input power required for one set of impellers. Correction factors (f c ) for nongeo¬ 
metric similarity are required to include the effect of known factors in precise calculations. 
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fc = 


( 

ft)' 

(ft)' 

\ 

(ft) 

(ft) 


(11.16.2) 


where the parameter in designing the bioreactor is set at Df/D, = 3 and H[/Di = 3. On substi¬ 
tution, for the previous cases the correction factor is calculated as 




f 40.A 
y0.67 J y0.67 J 

3^3 


3x6 

3x3 


= 1.414 


Therefore, the actual power with the correction factor is 

P* = 1.414 x P = 1.414 x 2.09 hp = 3.54 hp 


The dimensionless aeration rate is defined by the following equation: 


N a 



0.21 — 

_S_ 

(2.5 rps) x (2.0 m) 3 


0.0105 


(11.16.3) 


Read the ratio of gassed power to ungassed power from Figure 6.7. The reading from the 
graph is Pg/P = 0.9. The gassed power for the motor to rotate is 

P g = 0.9 x 3.54 hp = 3.2 hp 


11.17 DETERMINATION OF OXYGEN TRANSFER RATE 


The mass transfer coefficient for noncoalescing air bubbled in the fermentation broth in a 
turbulent regime is discussed frequently in the literature. The volumetric mass transfer co¬ 
efficient is defined by the following correlation: 

/p \ 06 

K L a = 2 x 10~ 3 ( yM (V s ) 0 ' 667 (11.17.1) 

where the gas superficial for the previous case is calculated as V$ = 0.21 m 3 s -1 per 7r (2 m) 2 , 
and the vessel working volume is 

V L = 47r m 2 x 4 m = 167T m 3 

Substituting Vs and Vi into the previous equation allows one to determine the volumetric 
mass transfer coefficient. The volumetric mass transfer coefficient is calculated as 


K L a = 2 x 10~ 3 


/2.664hp\ 06 
V 16 t r m 3 ) X 


/0.21 m\ 
\ An s ) 


2.24 x lO^s^ 1 
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TABLE 11.2 Fermenter design specification sheet 



Fermenter 




Identification: 

Item: Fermenter 


Date: 24-02-2005 
By: Nicky Teoh 

Function: 

To produce Penicillin G from the raw materials fed 


Operation: 

Batch 



Type 

Batch reactor 



Material handled: 

Inlet 


Outlet 

Quantity (kg) 

Composition 

2079.81 


2090.84 

Penicillin G 

- 


334.0 

Water 

167.04 


432.18 

Glucose 

1670.40 


- 

h 2 so 4 

98.00 


- 

nh 3 

155.38 


- 

n 

o 

u 

- 


489.28 

Biomass 

- 


835.38 

Pressure (bar) 

1.00 


1.00 

Temperature (°C) 

25.00 


25.00 

Design data: 




Tank 


Turbine 


Height (m) 

4.0 

Turbine impeller diameter, m 

0.67 

Diameter (m) 

2.0 

Impeller speed, rpm 

150 

Capacity safety factor (%) 

20.0 



Capacity (m 3 ) 

12.5 

Ungassed power, hp 

2.96 

Operating pressure (bar) 

1.0 

Gassed power, hp 

2.664 

Operating temperature (°C) 

32.0 

Oxygen transfer rate, kg > m~ 3 > s _1 

1.344 x 10~ 7 

Material of construction 

Stainless steel 



Utilities: 

Chilled water 



Tolerances: 

Rules of thumb and 
heuristics 
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The simple equation for the oxygen transfer rate is based on the driving forces existing for 
the equilibrium value for oxygen concentration and the dissolved oxygen available in the 
liquid phase: 

OTR = K,a(C* - Ci) (11.17.2) 

The assumption was made that the equilibrium value for oxygen was C£ = 6 ppm and all 
oxygen available in the liquid phase was used by microorganisms (Ci = 0), which means the 
growth was mass transfer limited, the organisms were growing fast, and the limited oxygen 
transfer can retard the biological process. The oxygen transfer rate is calculated as 

OTR = 2.24 x 1CT 5 (6 x KT 3 - 0) = 1.344 x 1CT 7 kg 0 2 m~ 3 s^ 1 


11.18 DESIGN SPECIFICATION SHEET FOR THE BIOREACTOR 


The characteristics and design specification sheet for the bioreactor are summarized in 

Table 11.2. 
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12.1 INTRODUCTION 


Citric acid is an intermediate organic compound in the tricarboxylic acid (TCA) cycle and is 
found naturally in citrus fruits, pineapples, and pears and crystallized as calcium citrate. It 
is an important chemical used in medicines, flavoring extracts, food, candies, and the manu¬ 
facture of ink and dyes. It also is used in detergents as a surfactant in the form of trisodium 
citrate. Citric acid is a six-carbon TCA that was first isolated from lemon juice. It is used for 
various purposes in the food and beverage industry, as pharmaceuticals, and for other 


Biochemical Engineering and Biotechnology 
http://dx.doi.org/! 0.1016/B978-0-444-63357-6.00012-2 


363 


Copyright © 2015 Elsevier B.V. All rights reserved. 









364 


12. PRODUCTION OF CITRIC ACID 


industrial uses. It is an organic carboxylic acid and can be extracted from the juice of citrus 
fruits by adding calcium oxide (lime) to form calcium citrate, which is an insoluble precipitate 
that can be collected by filtration; the citric acid can be recovered from its calcium salt by add¬ 
ing sulfuric acid. Citric acid is mainly produced by fermentation. There are many potent mi¬ 
croorganisms including fungi, yeast, and bacteria that are able to produce citric acid by 
fermentation. It also is obtained by fermentation of glucose with the aid of the mold 
Aspergillus niger. Citric acid is used in soft drinks and also used as food additives. Its salts, 
the citrates, have many uses; for example, ferric ammonium citrate is used in making blue print 
paper. Sour salt, used in cooking, is citric acid. Most citric acid is produced by fungal (A. niger) 
fermentation. For production of enzymes from fungi, nitrogen and phosphate sources 
are specifically involved in synthesis and liberation of enzymes. A. niger is a potential organism 
for the synthesis of oxalate and citrate as members of TCA cycle while limitation of nitrogen 
and phosphate sources may influence on concentration of organic acid production. In addition, 
metal ions such as copper, iron, and manganese may be influential in the high productivity 
of citric acid. Aspergillus niger may propagate in the form of mycelia, which may cause 
clogging problems in a continuous system. Yeast such as Sacclwromycopsis lipolytica, however, 
does not form mycelia; the organism is very stable with a high citric acid yield on glucose. The 
disadvantage of yeast in the production of citric acid is the by-product of isocitric acid, which 
is also synthesized in parallel as a side reaction. Candida lipolytica grown on normal paraffin 
mixture continuously produced citric acid. The process yield by weight is significantly higher 
than other carbon sources. Other species such as Candida guilliermondii use molasses for 
the production of citric acid. The rate of productivity of organic acid is estimated to be 
0.35 g (L h) _1 . In fact, citric acid is considered a secondary metabolite, which is synthesized 
via the TCA cycle. The production rate may be enhanced if the organisms are under catalytic 
repression by limiting nitrogen sources such as ammonia. Chemical synthesis of citric acid 
is possible, but it is not cheaper than fungal fermentation. However, a small amount of citric 
acid is still produced from citrus fruits in Mexico and South America, where they are available 
economically. There are basically three different types of batch fermentation process used 
in industry. Two very common and practical fermentation processes are the liquid surface cul¬ 
ture and the submerged fermentation process. The second process, submerged culture fermen¬ 
tation, is more popular. Continuous fermentation has been studied at the laboratory scale. 


12.2 PRODUCTION OF CITRIC ACID IN BATCH BIOREACTORS 


Citric acid fermentation of cane molasses is created through submerged fermentation in a 
2 L biostat stirred fermenter (B. Braun). A strain of A. niger is the most widely used for com¬ 
mercial production. A. niger is also highly recommended in this study, and can be obtained 
from American Type Culture Collection (ATCC; Rockville, Maryland, USA). Molasses from 
cane sugar is used with the addition of trace metals at the desired concentration. 

The sources of sugar and initial pH of the media play a major role in citric acid production. 
Submerged and surface cultures are customarily used with cheap but purified and high- 
concentration sources of sugars. A variety of sugars may serve as the substrate for the produc¬ 
tion of citric acid; however, molasses and cane sugar are generally used in fermentation pro¬ 
cesses. Carbohydrates, along with nutrients, are incorporated into a medium with necessary 
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trace metals and minerals. The medium is sterilized and then inoculated with the mold spores. 
The process is aerobic; adequate mixing and aeration for supply of oxygen is required. Air 
passes trough a suitable filter in a sterile condition then is supplied to a large-scale fermentation 
tank. The strain of mold used, the composition of the medium, the necessary amount of oxygen 
supply, the incubation temperature, and pH affect the yield of citric acid produced. 

12.2.1 Microorganism 

Aspergillus niger (ATCC 11414) can be used for citric acid fermentation. It should be ordered 
from the ATCC. The culture was maintained on 10.0% sterilized molasses obtained from Central 
Sugar SDN BHD (pH 5.8). The slant stock cultures of A. niger are stored at 5 °C in the refrigerator. 
All the culture media, unless otherwise stated, are sterilized at 121 °C (15 psig pressure) for 15 min. 

Aspergillus niger utilizes beet molasses, fructose, glucose, and starch hydrolysates as substrates 
for fermentation. Inoculation proceeds by introducing the active inoculum at its optimum stage. 
The substrate is used at a concentration of 10—15%. The production stage usually lasts for 5 days 
and takes place in stirred, aerated fermenters at 30 °C. Agitation is in the middle range, about 
200 rpm. Regulation of the dissolved oxygen concentration in the medium is done by the air 
supply, pressurized air, and impeller speed; regulation of the pH value; and regulation of the level 
of free potassium hexocyano ferrate in the medium. The trace metal potassium hexacyano ferrate 
is used for surface fermentation in citric acid production. The media used for fermentation in 
batch culture consists of 30—150 g glucose, 0.1 g yeast extract, 0.3—1.3 g ammonium chloride, 
0.3 g monopotassium phosphate, 0.2 g magnesium sulfate, and 0.0001 g thiamine hydrochloride 
in one liter. The medium pH is adjusted to 5.5 then autoclaved to create a sterile medium. 

Although A. niger has mainly been used in citric acid production, other strains of fungi, 
various kinds of yeast, and some bacteria are known to accumulate citric acid in the medium. 
The reasons for choosing A. niger over other potential citrate-producing organisms are that 
cheap raw materials (molasses) can be used as substrate and a high product yield can be 
obtained. There is general agreement in the literature that the pelleted form is desirable for 
acid production. An ideal 1.2- to 2.5-mm-diameter pellet configuration is formed after 5 
days. The pellet form is a favorable spore. Pellet cultures have low viscosity, causing 
improved bulk mixing and aeration conditions and lower oxygen consumption than cultures 
composed mainly of filamentous forms. Furthermore, problems of wall growth and pipe 
blockage are reduced and the separation of biomass from culture liquid by filtration is consid¬ 
erably enhanced by the pellet form. 


12.3 FACTORS AFFECTING MOLD GROWTH AND THE 
FERMENTATION PROCESS 


Trace element nutrition is one of the most important factors affecting the yields (grams of 
citric acid per gram of sugar) from citric acid fermentation. In particular, the levels of manga¬ 
nese, iron, copper, and zinc are critical. If the levels of these trace elements are correct, other 
factors have less pronounced effects. Conversely, the medium will not allow high production 
unless the trace element content is controlled carefully. Manganese (Mn 21 ions) in the nutrient 
medium plays a key role in the accumulation of large amounts of citrate by A. niger. When the 
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Mn 2+ concentration is maintained below 0.02 mM (which does not affect growth rate or 
biomass yield), large amounts of citric acid are produced. It has been foundl that up to 
0.5 mg iron per liter of medium is essential for high yields of citric acid by A. niger while 
the organism utilizes sucrose in the submerged culture. The medium with 40% sucrose was 
purified with an ion exchanger; resistance measured 3.5 Mfi, and it was diluted to 14.2% sugar 
content. The medium composition is KH 2 PO 4 , 0.014%; MgSCh.TT^O, 0.1%; (NH^COs, 0.2%; 
FeCl 3 , 0.05% and pH is adjusted to 2.6 using diluted HC1 solution. Excess amounts of Fe 3+ 
may drastically reduce the yield of citric acid from 88 to 39%. The effect of iron ions on the 
yield of citric acid is shown in Figure 12.1. 

Aspergillus niger normally produces many useful secondary metabolites; citric and oxalic 
acids are stated as the dominant products. Limitation of phosphate and certain metals 
such as copper, iron, and manganese results in a predominant yield of citric acid. The addi¬ 
tional iron may act as a cofactor for an enzyme that uses citric acid as a substrate in the TCA 
cycle; as a result, intermediates of the TCA cycle are formed. 

The presence of excess iron favors the production of oxalic acid. Copper ions play an impor¬ 
tant role in reducing the deleterious effect of iron on citric acid production. It also has been 
reported that copper ions can successfully counteract the addition of manganese to citric 
acid fermentation media and are inhibitors of cellular manganese uptake. It was found that 
copper is an essential requirement for citric acid production. An optimum concentration of 
Cu 2 1 is 40 ppm for high yields. Low concentrations of zinc in the fermentation medium are 
generally favored in most media for citric acid production. It was reported that zinc defi¬ 
ciencies promote citric acid production. The zinc ion plays a role in the regulation of growth 
and citrate accumulation. At high zinc concentrations (about 2 pM) the cultures are maintained 



FIGURE 12.1 Effect of iron concentration on yield of citric acid by Aspergillus niger. 
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in the growth phase, but when the medium becomes zinc deficient (<0.2 pM), growth is termi¬ 
nated and citric acid accumulation begins. The addition of zinc to citrate-accumulating cultures 
results in their reversion to the growth phase. Because molasses (beet or cane) contains inhib¬ 
itory amounts of metal ions such as zinc, iron, and copper, it is absolutely necessary either to 
remove these ions or to render them ineffective by pretreatment. The most commonly used 
methods of pretreatment are the addition of ferro- or ferricyanide to precipitate iron, zinc, 
copper, and manganese; decreasing the available manganese content to below 0.002 ppm; or 
passing the medium over ion exchange resin. 


12.4 STARTER OR SEEDING AN INOCULUM 


From the beginning of the experiment Petri dishes of nutrients are prepared with a media 
composition of 50 g glucose; 2 g monopotassium sulfate; 1 g magnesium sulfate heptahy- 
drate; 8 g peptone, 2 g yeast extract, 20 g agar, and 1000 mL distilled water. Media and Petri 
dishes are sterilized separately. It is recommended each Petri dish be wrapped separately in 
aluminum foil. Media must be distributed in the presence of a flame. The stock culture is 
transferred to the Petri dish for cultivation. The conidia are harvested then transferred to 
the defined media for A. niger. Also, cultivation can be done in a cotton-clogged head of 
a flask with desired media in a shaker for good aeration. After 18 h of growth, mycelia in 
the form of short and fat hyphae, known as small pellets, develop. If Petri dishes are 
used, one should wait for 2 days for spore formation. The conidia are washed with 1% 
saline solution (sodium chloride 10 g L~ ) and collected in an Erlenmeyer flask in sterilized 
media. Aseptic transformation is required. 


12.5 SEED CULTURE 


A seed culture is prepared as sterile media, and the stock culture is induced for spore forma¬ 
tion. Ferrocyanide (200 ppm) in a medium containing 100 g L 1 sugar is used as the basal fermen¬ 
tation medium. The sugar solution must be pretreated and filtered and then passed through a 
cation and anion exchange column. After determining the media, the sterile media is inoculated. 
The culture conditions are typically incubation temperature (30 °C), initial pFI (6.0), air supply of 
1—2 dm 3 min 1 (0.5—1.0 wm), agitation intensity (200 rpm), and batch experiment time about 
3—5 days. The yield of citric acid is about 67—70%. The pH gradually drops to an acidic condition, 
which retards the process. Since it has been shown that the nature and quantity of trace metals, 
carbon and nitrogen source, air supply, and media pH are very important for successful citric 
acid fermentation, all these factors are considered in the course of fermentation. Standard media 
for yeast and fungi are used. The composition is shown in Table 12.1. 


12.6 CITRIC ACID PRODUCTION 


Citric acid fermentation of cane molasses by submerged fermentation is performed in a 2 L B. 
Braun stirred fermenter (2-L working volume). A strain of A. niger (ATCC 11414) obtained from 
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TABLE 12.1 Initial media composition for seed culture preparation 


Media composition 

Concentration 

Ammonium chloride 

50 mg L~ x 

Monopotassium phosphate 

30 mg L~ x 

Magnesium sulfate heptahydrate 

20 mg L~ x 

Ferrous sulfate heptahydrate 

10 mg L~ x 

Zinc chloride 

10 mg L- 1 

Copper(II) sulfate pentahydrate 

10 mg L~ x 

Distilled water 

1000 mL 


the ATCC is used in this study. Ferrocyanide-treated molasses (ferrocyanide 200 ppm) medium 
containing 100 g L 1 sugar is used as the basal fermentation medium. Different cultural condi¬ 
tions such as incubation temperature (30 °C), initial pH (6.0), air supply (1.0 L L 1 min -1 ), agita¬ 
tion intensity (200 rpm), and incubation time (about 5 days) are optimized for enhanced citric 
acid production. A maximum amount of anhydrous citric acid with 100 g L of substrate is 
in the range of 71—88 g L 1 . If the product is removed as it is formed, the yield can be maxi¬ 
mized. Final pH and cell dry weight are about 2.1 and 10 g L 1 , respectively. 

Aspergillus niger remains the organism of choice for the production of citric acid. In a sub¬ 
merged fermentor, either purified compressed air or oxygen and agitation are used. Molasses 
is a desirable raw material for citric acid fermentation because of its availability and relatively 
low price. 

Incubation temperature plays an important role in the production of citric acid. Tempera¬ 
tures between 25 and 30 °C are usually used for culturing of A. niger, but at temperatures 
above 35 °C citric acid formation is inhibited because of the increased production of by¬ 
product acids and the inhibition of culture development. Citric acid production by A. niger 
is sensitive to the initial pH of the fermentation medium. The maximum production of citric 
acid (6.5%) was obtained at pH 5.4 in the molasses medium. The appropriate pH is important 
for the progress and successful termination of fermentation. The citric acid produced by A. 
niger is extremely sensitive to trace metals present in the molasses. Trace metals such as 
iron, zinc, copper, and manganese present a critical problem in submerged fermentation. 
The organisms need major elements such as carbon, nitrogen, phosphorus, and sulfur, in 
addition to various trace elements, for growth and citric acid production. 


12.7 ANALYTICAL METHOD 


12.7.1 Cell Dry Weight 

Cells, spores, and mycelia are filtered (0.45 pm), the filter is dried in an oven at 80 °C, and 
the cell dry weight is determined according to the procedure explained in chapters 5 and 10 
for the measurements of cell growth and cell optical density. 
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12.7.2 Carbohydrates 

Sugars are estimated with a reducing 3,5-dinitrosalicylic acid (DNS) reagent based on the 
colorimetric method developed in chapter 10 section 10 for analytical method. The samples 
are determined by the color that develops, which is detected by a spectrophotometer at a 
wavelength of 540 nm. In large-scale operations, mycelia are separated by a rotary drum filter. 


12.7.3 Citric Acid 

The citric acid obtained from fermentation is removed from the culture by precipitation. 
The fermentation broth is harvested and then filtered in a rotary vacuum filter to remove 
A. niger mycelium. The precipitation is formed by adding 200 g L 1 calcium hydroxide at 
70 °C. The pH of solution is adjusted to 7.2. Tricalcium citrate tetrahydrate is collected by 
filtration. The tricalcium citrate as filter cake of rotary vacuum filter is dissolved in sulfuric 
acid at 60 °C with 0.1% excess, the solid retained is calcium sulfate, and the free citric acid 
is obtained. The free concentration of citric acid is determined with an enzymatic kit available 
from Merck. Gas chromatography/high-performance liquid chromatography is recommen¬ 
ded for high accuracy of any research work. 


12.8 PROCESSES FOR RECOVERY AND PURIFICATION 

OF CITRIC ACID 


In commercial plants, calcium hydroxide solution should not have magnesium ions 
because magnesium citrate is more soluble and would remain in the solution. The filtered cal¬ 
cium citrate is dissolved in sulfuric acid just to precipitate the insoluble calcium sulfate and 
release citric acid in the solution. To remove any impurities, the solution is passed through 
activated carbon for decolorization, then is passed through cation and anion exchange resins. 
The aqueous citric acid is evaporated to the point of crystallization at 36 °C. The crystals of 
citric monohydrate are separated from the continuous centrifuges; then the crystals are dried 
at 60 °C for marketing purposes. 


12.9 EXPERIMENTAL RUN 


Based on the above discussion we are now ready to start a real experiment. Molasses is 
transferred from the sugar industry and kept in a cool room. The ATCC culture order arrived 
and has been hydrated. Stock culture was prepared and aseptic transfer successful. Prepare 
spores and fungal conidia/small pellets in a Petri dish or cotton-plugged flask for 48 h. 
Harvest the spores in a separate flask with media for propagation. Once in the separated 
flask, the concentration of spores has reached about 3 million per liter. It is now ready to 
be transferred to a 2 L B. Braun biostat fermenter. The minimum volume of harvested spores 
in the flask is 300 mL. Media must be prepared based on sufficient carbon source with 
10 g L 1 sugar, nitrogen sources, and trace metals, as explained earlier and defined in 
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TABLE 12.2 

Experimental run 

12. PRODUCTION OF CITRIC ACID 

for production of citric acid 


Time (h) 

Dissolved 
oxygen (mg L _1 ) 

Citric acid 

concentration (g L _1 ) 

Cell dry 
weight (g L _1 ) 

Sugar concentration 
(gL” 1 ) 

0 

8 

0 

0.1 

10 

12 

7 

0.4 

0.3 

9 

24 

7 

0.9 

0.5 

8 

36 

6 

1.35 

0.7 

7 

48 

6 

2.1 

1 

6 

60 

5 

2.9 

1.1 

4 

72 

5 

3.6 

1.2 

2 

84 

4 

3.9 

1.3 

1 

96 

4 

4 

1.3 

1 

108 

6 

4 

1.3 

1 

120 

7 

4 

1.3 

1 


Table 12.1. Air or pure oxygen is supplied to ensure the availability of oxygen for sufficient 
aeration. The experimental data obtained are reported in Table 12.2. 

Production of citric acid using S. lipolytica at a high substrate concentration in batch 
resulted in a high concentration of citric acid. Saccharomycopsis lipolytica is sensitive to nitro¬ 
gen source (ammonia) while citric acid is produced. Figure 12.2 illustrates that the glucose 
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FIGURE 12.2 
culture. 


Substrate, biomass, and citric acid concentration profiles using Sacchnromycopsis lipolytica in batch 
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concentration profile reduces with respect to incubation time—maximum reduction occurred 
in 3—4 days—while cell density also exponentially increased. Once biomass concentration 
reaches a stable condition then the concentration of the product is gradually increased. 
From the concentration of cell dry weight and citric acid, one can see the increasing trend 
of product formation. Therefore, citric acid production is associated with cell growth. Signif¬ 
icant concentration of citric acid as the targeted product is detected after 48 h of incubation. 
High concentration of citric acid may encourage longer fermentation for maximum citric acid 
production. The yield of citric acid at optimum media composition with a desired nitrogen 
source based on substrate utilization is calculated to be 71%. 


12.10 KINETIC MODEL IN BATCH CITRIC ACID FERMENTATION 


The typical growth of A. niger or S. lipolytica in citric acid production shows rapid growth 
in an optimum medium composition. These organisms may be adapted to medium to elim¬ 
inate any lag phase. In the late stage of exponential growth, the organism demonstrates exces¬ 
sive mass of cells in batch culture. The cell may gain sufficient age at the stationary phase. The 
best harvesting time would be the upper part of the sigmoid exponential growth curve. The 
cell growth for citric acid production is divided into two parts: growth of hyphae and pellet 
formation. Cell growth is identified as the tropho phase, in which the cell is actively growing; 
this means cells are able to demonstrate synthesis of primary metabolites in the tropho phase, 
whereas in the idio phase the culture in a stationary point can produce secondary metabo¬ 
lites. In fact, most of the important metabolites often used in the pharmaceutical industry 
are categorized as secondary metabolites. In kinetic modeling, the simplest type, known as 
the unstructured model and based on either substrate or product, is introduced. Because 
cell growth is a complex phenomenon—we are unable to explain or illustrate in terms of 
equations how the cell growth mechanisms function. The model only considers the entire 
cell mass as a single component while ignoring all sequences of biochemical reactions and 
enzymes catalyzing synthesis or anabolism. The only major concern would be substrate uti¬ 
lization for biomass growth. Therefore, the simple growth model is useful for a single compo¬ 
nent involved in the stoichiometric relation between the substrate and product. In the 
fermentation process, when the product is formed, the rate of formation is associated with 
cell growth. This means that, without the presence of cell mass, synthesis may not occur. 
The modified growth rate model, known as the Leudeking—Piret equation, is used. The 
model consists of two parts; the first part is based on cell concentration (X) and the second 
part is the rate of biomass accumulation ( r x ), as stated below: 

r P = aX + l3r x (12.10.1) 

where a and /8 are proportionality constants. In the course of citric acid production, ammo¬ 
nium ions or a nitrogen source should be used by the growing cells; the production may not 
be detected in an early stage as the lag phase. Then the rate of production is proportional to 
the biomass growth rate: 


rp = kr x 


( 12 . 10 . 2 ) 
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where r x is the biomass growth rate. The model predicts different types of cells exist in 
fermentation broth, such as mycelium in hyphae and the pellet. Each type of cell have 
different rate of productivity. Based on the above concepts discussed for Leudeking-Piret 
model, an equation similar to equation (12.10.1) is written: 

r P = k 1 r x + k 2 X (12.10.3) 

where k\ and k 2 represent growth- and nongrowth-associated constants. The expanded form 
of the Leudeking—Piret model can be rewritten incorporating yield based on biomass and 
product: 


1 dP h r x dX 

Yp/s dt Yx/s dt 

The rate for substrate utilization is stated as follows: 


(12.10.4) 


dS _ 1 dX ldP 
~dt ~ Y^ s lf + Y^ s ~dt + 2 

d 4=~Y d 4~vX (12.10.5) 

dt dt 

u la (3 

where y = —- + —; v = — + k 2 

i X/s r P/s i P/s 

A simplified model representing cell metabolite has been developed using the main 
reaction inside of the cell. In this regard, biomass and product yields are the main concern; 
the actual biomass and product yields should not exceed one as stated as follows: 

Yp/s + Y x/S < 1 (12.10.6) 

Rearrangements and integration resulted, as follows: 


In 


In 


m 


X s - X(f)J 

m . 


= kt — In 
X s - X, 


Xs - Xn 


Xs - X(t) 


x n 


X 0 
= kt 


(12.10.7) 


where X(t) is the biomass concentration with respect to time, Xs is the biomass at the station¬ 
ary phase, and X 0 is the initial biomass at inoculation or the starting point. The above 
equation resembles exponential growth while we consider biomass concentration with 
respect to time. 

The logistic model describes the growth kinetic of S. lipolytica. The logistic equation leads 
to an explanation of the lag phase, an exponential phase, and stationary phases. The specific 
growth rate predicted by the model is explained by the following equation: 


dx 

dt 


= t L max X 




( 12 . 10 . 8 ) 
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where ii mnx is the maximum specific growth rate (h" ') and x rnax is the maximum cell dry 
weight concentration (g L '). The above expression is known as the Riccati equation, which 
is integrated to give the following logistic equation: 


x 


x 0 exp{n max t) 

1 ~ (^)( 1 - ex P^"- f )) 


(12.10.9) 


The logistic growth kinetic model successfully predicted the batch culture for citric acid 
production. The maximum specific growth rate and maximum cell concentration as the 
kinetic parameters with an initial substrate (glucose) concentration of 50 g L 1 were 
0.25 IT 1 and 4.71 g L 1 , respectively. The model can project a rate constant of 1.6 g (L h) 1 
for an initial cell concentration of 100 mg L 1 and an incubation period of 10 h. 


NOMENCLATURE 


X Cell concentration, g IC 1 

X(f) Biomass concentration with respect to time, g IC 1 
Xg Biomass at stationary phase, g IC 1 
X 0 Initial biomass at inoculation, g IC 1 
rx Rate of biomass accumulation, g (L h)~ 

Yp/s Product yield, that is mass of product per unit substrate, g g _1 

Yxis Biomass yield, mass of cell produced per unit mass of substrate, g g _1 

fci and Growth- and nongrowth-associated constants; depends on unit used 
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13.1 INTRODUCTION 


Microbial processes are developed and implemented in many ways. These processes are 
operated at different scales, such as bench, pilot, and plant scales. For economic reasons, 
large-scale bioprocesses should not be disturbed, and any modification to the running pro¬ 
cesses may not be considered. For research, many small-scale processes are developed to 
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screen and develop better strains, improve existing culture, use efficient media, and handle 
the process more efficiently with maximum productivity. The role of biochemical engineers 
in microbial processes is well defined. First, they should have a clear understanding of the 
bioprocess and know the action of biocatalysts to stimulate biochemical reactions. Second, 
they should maintain optimal growth and the environmental conditions required to obtain 
maximum production yield. The microbial environment involves substrate and product con¬ 
centrations, media composition, pH, and temperature. There are many physical and chemical 
parameters involved in the growth environment once the organisms are propagated in a well- 
advanced bioreactor with instrumentation control. The process parameters are the flow 
dynamics and chemical dynamics of the biochemical system such as mass transfer, mixing, 
shear generated by agitation, power input, dilution rate, nutrients, and growth stimulants. 
The chemical parameters of the process are well controlled and optimized for growth 
kinetics; physical factors are based on process design. The process design, geometric shape, 
and size of the bioreactor are affected by dilution rate and substrate consumption rate. The 
operating parameters are well controlled. Changing bioreactor size must follow certain rules 
to meet special criteria. Most bioprocess designers have attempted to follow only vessel geo¬ 
metric similarities and some dimensionless numbers. However, only increasing volume and 
dimensions by keeping some dimensionless number constant may not satisfy the needs of 
bioprocess design. 


13.2 SCALE-UP PROCEDURE FROM LABORATORY 
SCALE TO PLANT SCALE 


The usual procedure for scale-up of a fermenter based on concepts is well known. 
The following criteria are translated between two scales of operation. They are selected as 
a procedure for scale-up. 

1. Similar Reynolds number or momentum factors. 

2. Constant power consumption per unit volume of liquid, Pg/V. 

3. Constant impeller tip velocity, NDj. 

4. Equal liquid mixing and recirculation times, t m . 

5. Constant volumetric of mass transfer coefficient, Kpa. 

6. Keep all environmental factors for the microorganism constant. 


Based on the practical history of scale-up, most fermentation processes for alcohol and 
organic acid production have followed the concepts of geometric similarity and constant po¬ 
wer per unit volume. From the above concept, and as a strong basis for translation of process 
criteria, only physical properties of the process were considered in the scale-up calculation. 
For power consumption in an agitated vessel, there is a fixed relation between impeller speed, 
N, and impeller diameter, D ( . The constant power per unit volume for a mechanical agitated 
vessel is given by: 


P 

V 


pN * 1 2 3 D f 


for Re > 10 4 5 6 


(13.2.1) 
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The power per unit volume is constant. From power consumptions in a bench-scale biore¬ 
actor, the necessary agitation rate is calculated for the scale-up ratio, using Eqn (13.2.1). 
The choice of criterion is dependent on what type of fermentation process has been studied. 
The following equation expresses relations for the impeller size and agitation rate in small 
and large bio reactors: 

= N 2 3 Df 2 (13.2.2) 

The agitation rate is proportional to impeller diameter to the power of 2/3. 

(D \ 2/3 

N 2 = N, (13.2.3) 


Similarly, that is true for the rotational speed of a large tank, which is related to a small 
tank with the ratio of impeller diameter of large and small tanks to the power of 2/3. 


rpm 2 = rprrij 



(13.2.4) 


The characteristics of an agitated vessel with impeller spacing are illustrated in Figure 13.1. 


13.2.1 Scale-up for Constant Kia 


The mass transfer coefficient fQyz is constant; the general correlation is considered by many 
to be proportional to the power per unit volume with constant exponent, and gas superficial 
velocity to another constant power as shown below: 


K L a = 



(13.2.1.1) 



FIGURE 13.1 Characteristics of agitated vessel with impeller spacing. 
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TABLE 13.1 Constants in mass transfer correlation for 
various fermenter size 


Fermentation vessel size, / 

a 

b 

5 

0.95 

0.67 

500 

0.60-0.7 

0.67 

50,000 

0.40-0.5 

0.50 


There has to be a relation between Kia with aeration rate and agitation speed, and scale-up 
factor has to be determined. To eliminate the effect of viscous forces, the rheology of the me¬ 
dia and broth for a large vessel has to be similar to that of a bench-scale vessel. For scale-up 
based on geometric similarity, the constant values a and b are proposed for the mass—transfer 
correlation in Table 13.1. 

The oxygen transfer rate (OTR) is calculated based on oxygen concentration gradient, by 
determination of the oxygen level in the liquid phase and the equilibrium value. 

OTR = K,a(Q, - C AL ) - XQ 0l (13.2.1.2) 

At steady-state condition, the change of oxygen concentration with time approaches zero. 
The value of Kia should be estimated by a correlation developed for various sizes of fermen¬ 
tation vessel. 

K L a = * Qo > (13.2.1.3) 

l al - 

where Qo, is OTR and X is biomass concentration. 


13.2.2 Scale-up Based on Shear Forces 


The scale-up calculation is based on constant shear forces, in which shear is directly related 
to impeller tip velocity. Shear forces are defined as. 



(13.2.2.1) 


where t is the shear stress, dit/dx is the shear rate, and fi is the fluid viscosity. Since the 
shear is defined as S, which is proportional to pND„ the concept of constant impeller tip 
velocity and constant power per unit volume were applied. Now introduce variable S 
for impeller tip velocity NDj into Eqn (13.2.2), then multiply both sides and divide by 
impeller diameter, so that the power equation is reduced to shear forces related to impeller 
diameter: 


S L = S s 


Du 

PiJS. 


1/3 


(13.2.2.2) 
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The constant shear concept has been applied for bioreactor scale-up that uses mycelia, in 
which the fermentation process is shear sensitive and the broth is affected by shear rate 
of impeller tip velocity. For instance, in the production of novobiocin, the yield of antibiotic 
production is dependent on impeller size and impeller tip velocity. 

The impeller is a device in which shear forces are transmitted to the fermentation 
broth. Since the process is sensitive to a high agitation rate, it is necessary that the special 
bioreactor be scaled up, based on shear forces for maximizing product yield, such as 
antibiotics. 

This is the main reason for keeping the impeller tip speed constant; in practice, it is recom¬ 
mended that this is in the range 0.25—0.5 m s -1 . If the above conditions hold, it is not neces¬ 
sary to follow the geometric similarity constraint; however, it may violate the rule of power 
consumption per unit volume. Therefore keeping the impeller at a constant speed and keep¬ 
ing Kyi constant may be required for special case studies for bioreactor design in antibiotic 
fermentation. 


13.2.3 Scale-up for Constant Mixing Time 

The problem associated with poor mixing in a large vessel was identified as low dissolved 
oxygen in the aerated vessel. The mixing time has been correlated with turbulent flow. In a 
large-scale operation, the corrected function for mixing time incorporates the actual mixing 
time with impeller speed, tank diameter, and liquid height. The function of mixing, /(f) is 
defined as constant mixing time: 

/(f) = f m (NDf) 2/ V /6 D ! 1/2 Y 1/2 Df /2 (13.2.3.1) 


where f m is the mixing time, g is gravity, D f is the tank diameter, and Y is the depth of the 
liquid. Substitute Eqn (13.2.2) into Eqn (13.2.2.2) as power per unit volume is constant; the 
resulting equation is the mixing time: 


fmL 

fmS 



(13.2.3.2) 


That is proportional to impeller diameter to the power of 0.65. Then, solving for mixing 
time: 


fmL — fmS [ r-\ 


®) 


11/18 




0.65 


(13.2.3.3) 


Equation 13.2.3.3 is used for geometric similarity, where t m $ and t ln j represent the mixing 
time for small and large fermentation vessels. Mixing and mixing time have been major con¬ 
cerns for several investigators, because large-scale vessels may not have uniform mixing, 
whereas in small vessels mixing is not a problem. The mixing time in large vessels has 
been correlated based on dimensional analysis. 
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In 1953, Rushton proposed a dimensionless number that is used for scale-up calcula¬ 
tion. The dimensionless group is proportional to NR e , as shown by the following 
equation: 

* = k(N Re ) a (13.2.3.4) 


where the Reynolds number for an agitated vessel was defined as: 


Re 


pNDj 


(13.2.3.5) 


Since the process is more complex, the proposed method may not be valid for scale-up 
calculation. The combination of power and Reynolds number was the next step for corre¬ 
lating power and fluid-flow dimensionless number, which was to define the power number 
as a function of the Reynolds number. In fact, the study by Rushton summarized various geo¬ 
metries of impellers, as his findings were plotted as dimensionless power input versus 
impeller Reynolds number; the plot is known as a power graph. The plot is presented 
in Figure 6.6, Chapter 6. Equation 13.2.3.6 correlates the power number as a function of 
the Reynolds number. 

Np = k{Rey m (13.2.3.6) 


In fact, the power number is a dimensionless number that is the ratio of ungassed power to 
gassed power in a normal bioreactor. 


N p 


Pgc 
pN 3 D f 


(13.2.3.7) 


where P is ungassed power, in W or hp. 

In a mixed agitated vessel with a high agitation rate, a vortex often forms at the center of 
the vessel. To prevent a central vortex in tanks less than 3 m in diameter, four baffles, each 
with a baffle width of 15—20 cm, are necessary. A basic assumption is to select a ratio of 
liquid height to tank diameter from 2:1 to 6:1. 

^ = 2 : 1 - 6 : 1 (13.2.3.8) 

D t 

It is common for an agitated vessel to have the tank diameter equal to the liquid working 
volume. 


Hl 

D t 


1 


Also, select a ratio of tank diameter to baffle width from 10 to 12: 


(13.2.3.9) 


= 10-12 

Di, 


(13.2.3.10) 


A suitable impeller interspacing (Hi) is preferred for good mixing that has to be in distance 
of less than 2 Df. 


Di < Hi < 2D ; 


(13.2.3.11) 
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It is well understood that mixing and mass transfer is affected by agitation and 
aeration rates. Typically, in an agitated vessel, the working volume is about 75% of nominal 
continuous stirred tank reactor (CSTR) volume. 


13.2.4 Scale-up Based on Physical Concepts 

For bioreactor scale up, an aerated and agitated vessel for a gas and liquid system, a 
specific fermentation in a bench-scale femmenter is preformed. The proposed operation 
focused on large-scale fermentation while the same geometrical design is applied. The 
problem associated with a large vessel would be mass transfer limitation; proper aera¬ 
tion is required. An estimation of mass transfer coefficient for desired agitation is impor¬ 
tant for sufficient mixing. It was assumed that for either small- or large-scale bioreactor 
operations there were no significant changes in physical properties of fermentation me¬ 
dia. In addition, to eliminate any side effects, both small and large systems are geomet¬ 
rically similar. The mass transfer coefficients for small and large scales are defined as 
follows: 


(M Sm „„ = (F/V\ (Hn\ (dn\ 2/3 (7b2\ 1/2 
(M Large (F/V) 2 \H L2 J\d B J \yj 


(13.2.4.1) 


where F/V stands for volume of gas per volume of liquid per minute (vvm) or rate of 
aeration. Hi is liquid level, dg is bubble diameter, and y = p/[i is kinematic viscosity of 
the fluid. Let us denote that the subscript 1 and 2 represent small and large systems, 
respectively. Assume bubble size and kinematic viscosity of media in both systems 
are the same while no significant changes were observed; then the above equation is 
simplified: 


(F/V) i = (Hn\ 
(F/V) 2 \hJ 


(13.2.4.2) 


Let us define a volumetric scale factor of 125, and aeration rate in small fermenter is 1 vvm; 
then what would be the aeration in large-scale fermenter? The volumetric scale-up is 125; 
then, the scale-up ratio of liquid height would be ^ = 5. 


1 vvm 

JfJVT 2 = ; 


(F /V) 2 = 0.2 vvm 


However, the effect of emerged and segregated oxygen bubbles in an aerated system may 
disregard the above assumptions. For a bench-scale aerated vessel, the above correlation 

( \ 2/3 

should be corrected by liquid height ratio ( ) ; then, the corrected aeration rate for segre¬ 

gated bubbles would be: 

(F/V) 2 = 5' 2/3 = 0.34 


That means, instead of 0.2 vvm oxygen, 0.34 wm oxygen is required in large-scale 
aerated vessel. The concept of scale-up is based on constant physical properties of broth 
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during the course of fermentation, while keeping geometric similarities for aerated sys¬ 
tems. This means in a baffled bioreactor, we need to keep media composition, temper¬ 
ature, pH, and dissolved oxygen concentration constant. The proportionality factors in 
terms of power, aeration, and many other useful terms used for scale-up are stated 
below: 


PocN 3 Df 


(13.2.4.3) 


where P stands for power, N is angular velocity, and D, is diameter of the impeller. Also for 
gassed power (P,.,) and ungassed power (P) as a function of aeration number is: 


_ i 

P 


= /K> 


13.2.4.4 


Where N a is aeration number in terms of scale, proportional factors are used as stated 
below: 


K 



(13.2.4.5) 


FjOcNDf 

^ oc N 3 Df 

V oc Df 



(13.2.4.6) 


where Fg/V is the liquid circulation rate occur inside the fermenter. Also, the impeller tip 
velocity represents the liquid shear rate, which is stated as: 

vocNDi (13.2.4.7) 

The Reynolds number. Re = NDjp/p, can be simplified for proportionality factor used for 
scale up calculation shown below: 

Re°c ND? (13.2.4.8) 

Table 13.2 summarizes all physical properties for small- and large-scale fermenters 
using a scale-up factor of 125. The physical properties of a large-scale bioreactor, 
including P, P/V, F, F/V, ND,, and Re are calculated for constant D;, while N is varied 
from 0.1 to 2. 

To explain the given numbers in the above table, we had to follow up exactly the propor¬ 
tional factors given for scale-up. In the first row of the above table, the numbers are based on 
the power calculation given in second row. Just multiply the numbers by a scale-up factor of 
125. The angular velocity, N for large-scale, reduced power to 25, then the velocity is reduced 
by 1/5 and the last value is 0.2/5, which is equal to 0.04. The gas volumetric flow rate (F) is 
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TABLE 13.2 Relations based on physical properties as a base for scale up" 1 


Property 

Small scale, 100 1 



Large scale, 12.5 m 3 



N 

1.0 

0.1 

0.34 

0.5 

0.67 

1.0 

2 

P 

1.0 

3.125 

125 

390 

940 

3125 

25,000 

P/V 

1.0 

0.025 

1.0 

3.125 

7.5 

25 

200 

D t 

1.0 

5.0 

5.0 

5.0 

5.0 

5.0 

5.0 

F 

1.0 

12.5 

42.5 

62.5 

83.75 

125 

250 

F/V 

1.0 

0.1 

0.34 

0.5 

0.67 

1.0 

2 

ND t 

1.0 

0.5 

1.7 

2.5 

3.35 

5.0 

10 

NDfp 

1.0 

2.5 

8.5 

12.5 

16.75 

25 

50 


proportional to ND, for N = 0.34 and D, = 5, the calculated F is 42.5 for the other given values 
just followed N-values. For F/V, just divide the given F-values by volume of scale-up factor. 
The next row, ND„ can be calculated for the given N and D,. The last row. Re. is proportional 
to ND„ just multiply the above row by D,. 

Scale-up based on constant power per unit volume: 


P 

V 


Small 


p 

v 


Large 


NlD 


2 

z,l 


= n 3 2 d 


2 

1,2 


N 2 = Ni 



5 2/3 = 0.34 


(13.2.4.9) 


In scale-up for constant power, the proportional factor for scale-up would be Dj: 

(13.2.4.10) 


Pi 

Pi 


NlD 3 1 


N 3 (D \ 

In the above equation, substituting ^ resulted in an expression of power ratio 

that would be in terms of impeller diameter: 


h. = (RuVfRiA 5 = (RiA 

Pi \dJ \dJ \d,J 


3 


(13.2.4.11) 









384 


13. BIOPROCESS SCALE-UP 


The scale-up for power ratio ends up to be the same scale-up factor for volumetric 
proportion that is 125 for the above case. 


13.3 BIOREACTOR DESIGN CRITERIA 


The bioreactor is the major piece of equipment used in biochemical processes. It differs 
totally from a simple chemical reaction vessel. To control physical operating parameters 
and microbial environmental conditions, there are several influential variables: 

• Biomass concentration 

• Sterile condition 

• Effect of agitation and mass transfer 

• Heat removal for temperature control 

• pH control of the media 

• Correct shear conditions. 

Bioreactors in terms of operation and specific criteria are well defined. The most useful and 
applied types of bioreactor are: 

• CSTR 

• Air lift: air is used for fluid circulation by pressurized air 

• Loop reactor: modified air lift, pump transport the air and fluid through the vessel 

• Immobilized system: air and fluid circulate over a film of microorganisms grown on a 
solid support 

• Tower fermenter 

• Membrane bioreactor. 

13.3.1 General Cases 

If the height of liquid. Hi, is equal to D f , one set of agitators is enough to obtain sufficient 
mixing. For Hi equal to 2Df or 3D f , additional sets of agitators separated by distance H, are 
required, mounted on the same shaft. Spargers are placed at a distance D;/2 from the bottom 



than 1.5 m s -1 . Also, the Froude number is N greater than 1.0. tt, is impeller interspacing. 

Foam in the bioreactor is troublesome: it can reduce the OTR. Antifoam is use to prevent 
foam formation. However, excess antifoam may cause growth inhibition in the course 
of fermentation. The simplest device is known as a foam breaker, which is mounted on the 
stirrer shaft located on the surface of liquid. It is a flat blade. 

13.3.2 Bubble Column 

For production of baker's yeast, beer, vinegar, and, in wastewater treatment, bubble col¬ 
umns are used. Generally these columns should be long enough so that bubbles are used 
as they rise while passing through the column. Column diameters range from 10 cm to 
7.5 m. The height of the column is three to six times greater than the diameter. The common 
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height and diameter ratio ( H/D) is in the range 2—6. The H/D ratio that is commonly used is 
3:1; the ratio especially used for baker's yeast production is 6:1. Hydrodynamics and mass 
transfer in bubble columns are dependent on the bubble size and the bubble velocity. As 
the bubble is released from the sparger, it comes into contact with media and microorganisms 
in the column. In sugar fermentation, glucose is converted to ethanol and carbon dioxide: 

C 6 H 12 0 6 ^2C 2 H 5 0H + 2C0 2 (13.3.2.1) 

The superficial gas velocity is the air flow rate per unit cross-sectional area of the column. 
The superficial gas velocity is less than 0.4 ms” 1 , and the media flow rate is based on liquid 
velocity. Then, the column may have a hydraulic retention time that is a function of fluid ve¬ 
locity and column diameter. The liquid velocity is given by 5 : 

U L = 0.9(dDl4)°' 33 (13.3.2.2) 

where lig is the upward gas bubble velocity at the center of the column, the gas superficial 
velocity is in the range of 0 < Ug < 0.4 m s _1 , and the column diameter is in the range 
0.1 < D < 7.5 m. The hydraulic retention time is obtained by division of column height and 
the actual liquid velocity; while the gas terminal velocity is defined by air flow rate over cross 
sectional area: 

(13.3.2.3) 


(13.3.2.4) 

where Hi is the height of bubble column. 


14 = 


Air flow rate Q g 

Cross sectional area A 


The mixing time, t m/ is given by 2 : 


= < 


gU* 

D 2 


-0.33 


EXAMPLE 1 

Let us have a bubble column with an H/D ratio of 3, diameter 0.5 m, and a gas flow rate of 
0.1 m 3 h , which gives a superficial gas velocity of 1.42 x 10~ 4 m s _1 . What would the liquid media 
flow rate be? 


Solution 

Once the superficial gas velocity is defined, then liquid velocity is given by Eqn (13.3.2.2): 

U =Qf = 4(0,1 m ^ h ) = 0.51 mh" 1 = 1.42 x loams’ 1 
g A 7r(0.5) 2 m 2 

U L = 0.9[(9.81)(0.5)(1.42 x 10 -4 )] 0 ' 33 = 0.082ms- 1 
Equation (13.3.2.4) is used to calculate mixing time. 


T m 11 


1.53 /(9.81)(1.42 x 10" 


0.5 




(0.5)- 


Based on mixing time, the liquid media flow rate is: 


Ql — — — 

T 


y ^1.5 rnj (0.5) 2 7r m 2 /4 


183 h 


= 183 h 


= 1.61 x 10“ 3 m 3 h _1 
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EXAMPLE 2 


Calculate the speed of an impeller and the power requirements of a production-scale bioreactor 
with 60 m 3 using two different methods. Also, match the volumetric mass transfer coefficient. The 
following optimum conditions were obtained with a small-scale fermenter of volume 0.3 m 3 and 
60% of the vessel working. The density of broth, pbroth, 1200 kg m~ 3 , working volume 0.18 m 3 , 
aeration rate of one volume of gas per volume of liquid (1 vvm), OTR 0.25 kmol m~ 3 h _1 , liquid 
height inside the vessel. Hi, 1.2D f . Two sets of standard, flat-blade turbine impellers were installed. 

Solution 


V 1 = — x D 2 (1.2D,) = 0.3 ttD; 


Diameter of the vessel: 


Df = 


V 1 V /3 _ f°-18\ 


0.37T / Io.3tJ 


. !/3 


= 0.576 m 


Diameter of the impeller: 


1 0.576 

D u = - x D t = —— = 0.192 m 

The height of liquid media was assumed to be 1.2 times the diameter of the fermentation vessel. 

H,j = 1.2 x 0.576 = 0.691 m 

Diameter of the larger vessel: 

. i/3 / ,;n \ V3 


D tl , - 

“ \o.3irj 

The impeller size for the larger vessel is: 


- ( Vt v - ( 60 V - 


0.3tt/ 


3.36 m 


0.36 


D, 2 = — = 1.12 m 
3 

and the liquid media height in the second fermenter is: 

H L2 = 1.2 x 3.36 = 4.03 m 

Assume the fermentation broth has the same viscosity as water: 

RT = lep 

Aeration rate for 1 vvm is: 

Fi = 1 x 0.18 = 0.18 m 3 muT 1 = 3 x 10~ 3 m 3 s~ 
Gas superficial velocity is: 

0.18 x 60 


Ur = 


f(0.576) 2 


= 41.45 mh' 1 
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Let us take average values for the partial pressure of oxygen. 


1 atm + 


^o 2 = 


i + irs atm 


x 0.21 = 0.213 atm 


The OTR is: 


KvP , 


o 2 


= 0.25 kmol m 3 h 


The mass transfer coefficient is: 


Kv i = 


0.25 

0.213 


= 1.174 kmol m 3 h 1 atm 1 


Use the imperial correction based on the following equation for mass transfer in the bioreactors. 
1,2 The general equation for evaluation of Kpu is: 


K ^ a = x (y ) (u s y 


(E.2.1) 


where x, y, and z are empirical constants. For Newtonian fluids, noncoalescing broth, and gas 
bubbles, the following correlation is valid for a working volume of less than 4 m 3 and a power 
per unit volume of 500—10,000 W m~ 3 . 


K v = 0.002 


U 


(E.2.2) 


For the gassed power per unit volume, ) is 630.7 W; the gassed power, P* was 0.15 hp. Since 
the flow regime is turbulent, the power number obtained from Figure 6.6, power number versus 
Reynolds number. Re, reads P no = 6. For two sets of impellers: 


N P = 2(6) = 12 


(E.2.3) 


P i = 


12 x 1200 x N 3 x (0.192) 5 


0.383 N 3 W _ . . 

1 —j- = 5 x 10“ 4 N 3 hp 


9.81 745.7 Whp 

Using Michel and Miller's correction factor for power calculation : 


P g i = 0.5 


PM\° 

p r J 


(E.2.4) 


Knowing the power input, we can calculate the rotational speed: 

"(5 x 10“ 4 ) 2 (N 3 ) 2 (0.192) 


Pg i = 0-5 


(3 x 10- 3 ) 056 
Ni = 10 rps 
Ni = 600 rpm 


= 0.15 
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The power input for an ungassed system is: 

?! = 5 x 10" 4 N 3 = 5 x 10“ 4 (10) 3 = 0.5 hp 


For constant power input based on geometric similarity of the vessels, the agitation rate is 
calculated. 


pN?P?i pNfDg, 
Vi V 2 



n 2 = n 2 


(Cdf 



0.192\ 5/3 

Jv) 


185 rpm<— 


For constant input velocity for a large system: 


N 2 = Ni 



600 


0.192N 

1.12 J 


103 rpm<— 


(E.2.5) 

(E.2.6) 


13.4 CONTINUOUS STIRRED TANK REACTOR CHEMOSTAT 
VERSUS TUBULAR PLUG FLOW 


The performance of a biochemical reactor is designed and evaluated based on the reaction 
rate equation. The rate of biomass generation is based on the Monod rate model: 


kC s x kxS 
^ k s + C s ci + S 


(13.4.1) 


where S = ^ and a = ^ are dimensionless, K s is the Monod rate constant, g 1 ', and kx rep¬ 
resents the maximum specific growth rate, g 1 1 h _1 . The fresh media dilution rate for cell 
production is D, h’ '. 


_ (h _ 4*5 

x C sf - C s 

The substrate concentration is defined as: 

x = Y x/s (C sf -C s ); S = ^ 

L sf 

x = (1 - S)Y x/s C sf 

The yield is incorporated into Eqn (13.4.1). 

= «Ts (1 " s ) Yx / sCs / 


(13.4.2) 


(13.4.3) 


( 13 . 4 . 4 ) 
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EXAMPLE 1 

A special CSTR fermentation known as a chemostat bioreactor is used for microbial cell growth. 
The rate of biomass generation is given by: 


4 C s x g cells 
qx = 3 Q+ 4 rfh“ 


(E.l.l) 


We wish to compare the performance of two reactor types, plug flow versus CSTR with a 
substrate concentration of C s y=60gnrC 3 and a biomass yield of Y x /s = 0.1. In a plug flow 
bioreactor with a volume of 1 m 3 and a volumetric flow rate of 2.5 m 3 h ', what would the 
recycle ratio be for maximum q x compared with corresponding results and rate models proposed 
for the chemostat? 


Solution 

To maximize q x , we need to take the derivative of the following function; if is maximum, 
then the derivative must be set to zero. 


d rs(i - sy 

dS a + S 


(1 — 2S)(a + S) — S(1 — S) 
(fl + S) 2 


(1 — 2S)(a + S) — S(1 — S) = 0 
S 2 + 2 aS — a = 0 


0 


S = — a + Va + a 2 

The quadratic equation is solved for a. 

= Km = ± = ]_ 
a C sf 60 15 

Yx/s = 0.1 

Maximum cell production is obtained in a chemostat at: 


S - -a+V^W - 0-2 

S = = 0.2 

'-s/ 

1 4 + C s 3 

_ =: _ ^ _ 

q x C s x x 4 


(E.1.2) 

(E.1.3) 

(E.1.4) 

(E.1.5) 


(E.1.6) 


Now we can generate data by plug-in numbers in the above equation. We need to illustrate 
inverse rate versus substrate concentration. After the data are plotted, we can justify a suitable type 
of bioreactor. 


X = Y x/s (C cf - C s ) = 0.1(60 - 12) = 4.8 
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The performance data for plug versus mix reactors were obtained. The data were collected as the 
inverse of q x versus inverse of substrate concentration. Table E.1.1 shows the data based on obtained 
kinetic data. From the data plotted in Figure E.1.1, we can minimize the volume of the chemostat. A 
CSTR works better than a plug flow reactor for the production of biomass. Maximum q x is obtained 
with a substrate concentration in the leaving stream of 12 g m~ 3 . 


S = 


1 

5 


Cs 

60 


Then, the substrate concentration is: 


C s = 12 g m~ 3 

In a tubular bioreactor design with infinite recycle ratio, the plug flow operation may leads to a 
CSTR, that behave like chemostat. The recirculation plug flow reactor is better than a chemostat, 
with maximum productivity at C s = 3 g m~ 3 . Combination of plug flow with CSTR that behave like 
a chemostat was obtained from the illustration of minimized curve with maximum rate at 
Cs/~ 3 g m~ 3 . In a plug flow reactor, the value for Cs is reduced from 12 to 3 g m~ 3 , then the 
retention time and rate model with recycle ratio in a plug flow reactor can be written as: 


C sf V 

Vo 



dC s 

4u SI C s 

3(C s +4) 


(E.1.7) 


K m , (C sf + RC S \ 

y ln (r«H 



R + 1 K m 
R X f + R 


1 

R 


(E.1.8) 


TABLE E.1.1 Substrate concentration versus inverse biomass concentration 


Substrate concentration, C s (g m 3 ) 

Inverse of biomass rate 1 lq x (m 3 g 1 li ') 

3 

0.31 

5 

0.25 

10 

0.21 

15 

0.21 

20 

0.225 

25 

0.25 

30 

0.28 

35 

0.33 

40 

0.41 

45 

0.54 

50 

0.81 

55 

1.61 
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Cs, g m 3 


FIGURE E. 1.1 Performance plot for plug versus mix reactor. 


where Sf is the inlet to outlet substrate ratio, R is the recycle ratio, and / is the ratio of inlet to 
outlet substrate concentration. Solve R by trial and error, with calculation for right- and left-hand 
sides with the assumption of a value for R: 


4/3 , /60 + 2.5(3)^ , , ( 2.5 + 1 
6073 ln v 25(3) J ^ 23 


2.5 +1 4/3 

■ x ■ ' 


2.5 


1 


20 + 2.5 2.5 


Let us plug in/= 20, k ln = |, and R = 2.5 into Eqn (E.1.9), then calculate kx 


ki = (R) 
kx = (2.5) 


ln 


R + 1 
R 


Km , (Csf + RC. 

7 l — 


fm(-) 

+ ^ln( 

'60 +2.5(3) V 

[ V2.5J 

20 

v 2.5 )\ 


(E.1.9) 


kx = 1 


EXAMPLE 2: APPLIED CALCULATION METHOD LOR SCALE-UP 

The bioreactor will be scaled up by a factor of 125. It is necessary to discuss the effect of operating 
variables resulting from constant power per unit volume, agitation rate, and speed tip velocity, NRe. 
The data for a small-scale bioreactor volume of 100 L fermenter with 132 rpm and additional data 
are given below: 

Vi x 125 = V 2 = 12.5 m 3 
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^ = Constant 
N,D, = Constant 


(E.2.1) 

(E.2.2) 


Factoring for scale-up, we make some assumptions and may use a few known correlations to 
progress our calculations. Let us say P°cf/ = D 3 , H/D = 1, and D/D,- = 3. Also, use constant power 
per unit volume for the small- and large-scale bioreactor. 


= (N?D?) 


Large 


(E.2.3) 


Since we assumed power per unit volume is constant, it is possible (NJJ i)i may not be equal with 
(NjDj) 2 - Now calculate the agitation rate for a large vessel. 


N * = Nn VDg 


D„ N 2/3 


= 132, j 


2/3 


= 45 rpm 


H NiD 3 
— a — A 
V D? 


V = LhD> = ^ = 9 rrD? 

4 4 4' 


Now assume H ~ D,D = 3D„ and bioreactor volume is proportional to impeller diameter to the 
power of V oc D 3 . The Reynolds number is written as: 


Re, = 


pND, 


(E.2.4) 


The power for laminar flow is proportional to agitation rate, N 2 , and if the flow is turbulent, 
the power is proportional to ~N 3 D 2 . Let us assume the mass transfer coefficients remain constant 
(Kia unchanged): 

= °- 33 
D, 

NDi = 0.5 m s” 1 

Also assume the height of liquid media is 1.2 times the tank diameter. 

— — 1.2 
D t 


y s = 1001 = 


1.2 x 9 


- 7 rDf 


The diameter of small tank is 68.28 cm. Since the impeller is one third of the tank diameter, 
D. = 22.76 cm. 


Re, = 


pVDj (1 g cm 3 )(50cms 1 )(22.76cm) 
0.01 g (cm s)“ 


= 113800 Turbulent flow 


(E.2.5) 
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Power is defined for a well-agitated vessel with a mechanical stirrer; then read power number for 
turbulent flow from Figure 6.6, Chapter 6: 

P — — gc — 6 
” pN 3 D f 

NDj = 0.5 

N -mr 6 - 22 ^ (Ei6 > 

Calculate power for a small-scale vessel: 

Psnu,n = 3.98 W (E.2.7) 

The power for a large vessel is based on a scale factor value of 125, which is calculated as the 
following: 

P Large = 125 x 3.98 = 497.5 W (E.2.8) 

For mass transfer calculation: 


K L a = Constant 

V s = 100 1 D, = 22.76 cm D, = 68.28 cm 
ND; = 0.5 


N: = 


0.5 


= 2.2 rps = 132 rpm 


0.2276 

When Re = 113,800 for turbulent flow, the power number versus Re, we can read: 

Pno = 6 

P ~ Rg 

1 NO — 


P Small 


Scale-up factor = 125. 


P NfD f 

6 x 1000 x 2.2 3 x 0.2276 5 
9M 

3-98 „„ „ W 

“oT “ 3 ' 8 S 3 


Ps (NfDf), 1 

Pi fN 3 D 5 C 125 


= 3.98 W 


(NfDf), 

The power required for a large vessel is: 

P, = 3.98 x 125 = 497.5 W or 0.67 hp 
The power per unit volume of small bioreactor is 


(E.2.9) 


(E.2.10) 


(E.2.11) 


P/V = 3.98/0.1 = 39.8 Wm" 3 


(E.2.12) 
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The volume of a large vessel is. 


V L = 2450/196 = 12.5 m 3 


=25 


vP fi , 

Da. = (0.84 m) 

|D 3 = |(2.515) 3 = 12.5 m 3 


(E.2.13) 


We have understood the following concepts are true; our calculations also support the fact that 
power per unit volume is constant. 

ND,A constant N 3 D 3 = constant 

V L = 125V S 


D u . = 


3 /12.5 x 4 


Di i = 2.515 m Du = 0.84 m 


N„ L = N,, s (g£) = (3-125) =lrps 


Re; t = 


f m . (1000X0-84)^(1) = ym x 10 , 


0.001 


Kg 


Pno = 6 
Power = 0.5 hp 


(E.2.14) 


EXAMPLE 3: POWER CALCULATION 

A 20-m 3 working volume of bioreactor is used for production of penicillin. What is the initial 
substrate concentration, so that you choose when there is a limitation in sufficient OTR and there are 
no limiting reactants? 


Bioreactor Characteristics and Given Data 


Drank = 2.4 m 
Dj = 0.8 m 
Ni = 2.3 rps 
Number of blades = 8 


Turbine 
Mbroth 1 mPa s 
P = 1 -2Pi i 2 o 
Aeration rate = 1 vvm 


Pg/P = 0.4 


If you aerate a bioreactor, power consumption is much less than a nonaerated bioreactor. 
Oxygen concentration: 6 x 1 CT 3 kg m~ 3 . 

Oxygen uptake rate, OUR: 0.65 mmol O 2 kg -1 cell. 
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Specific growth rate, i' ma x- 0.5 h _1 . 

Specific sugar consumption rate = 1.0 kg kg -1 cell h _ . 

The mass transfer coefficient is calculated by the following correlation: 

Ki^s” 1 ) = 2 x 10" 3 V°' 667 (E.3.1) 

where Pj/V is the power per unit volume (hp m” 3 ), and Vs is the gas superficial velocity (cm min” 1 ). 

Solution 

The flow regime is turbulent because the Reynolds number is large. 

N Re = ^ = 120 °(°- 8 ) 2 ( 2 - 3 ) = 1.92x10* 

p p, 0.1 

Read power number N p from the graph P no versus Re: N p = 6. 

^ 8 ° — d — „j\.r3n5 , 


N„ = 


P = NppN^/gc 


pN D; 

= 6 x 1200 x (2.5) 3 x (0.8) 5 /9.81 
3758 Kg m/s hp 


745.7 Kg m/s 

Correction factor for non-geometrical similarity: 


= 5.04 hp 


fc = 


(D ( /D,)*(H t /D,)* _ /3 x 5.53 
(D,/Dj)(H L /Di) V 3x3 

^ = ^ = 3 


= 1.36 


(Hl/D,)‘ = 


20 m 3 


(2-4) 2 (f) 


0.8 m = 4.42/0.8 = 5.53 


The power input for three sets of impellers in a single shaft is: P = (5.04 hp)(1.36)(three sets of 
impellers) = 20.5 hp. 

F, 

Aeration rate = N a — _ _ *, 

N,D 3 

F g = 20 m 3 min -1 = 1 wm x V L = 0.333 m 3 s _1 
Given gassed power is 40% of ungassed power. 

P g /P = 0.4 P g = 0.4 x 20.5 = 8.2 hp 
F x 0.333 

N„ = ‘ ^ = 0.26 

N,D 3 2.5 x (0.8) 3 

= 20 m 3 mm = ^ ^ min _i = ?A x lcp 2 m g -i 

f x (2.4) 2 m 2 


(E.3.2) 
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The mass transfer coefficient is calculated. 


K L a = 2 x 1CT 3 



0.068 s” 1 


(E.3.3) 


With an assumption of oxygen concentration at the interface, equilibrium with the liquid phase is 
6 ppm, and the OTR is calculated. 


OTR = K,MO 02 - C 02 ) = (0.068) (6 x 10' 3 ) = 4.09 x 10' 4 kg m' 3 s' 1 

OTR = xc]o 2 = (0.65 x 10' 3 )(32 x lO' 3 )* 

OUR q 02 = 2.08 x 10' 5 kg 0 2 kg' 1 cell' 1 s' 1 


Cell Balance: 


4.09 x 10' 4 
2.08 x 10- 5 


19.66 kg m 3 


19.66 = x s = x 0 + — 

q s 


r - 19 ' 66 
0.5 


39.3 kg m' 3 


(E.3.4) 


(E.3.5) 


EXAMPLE 4 

Scale-up Calculations 

Calculate mass transfer, gas hold-up, and gassed and ungassed power for the fermenter with the 
given data: 

Pbwth = 1200 kg m" 3 n = 0.002 N s m' 2 N, = 90 rpm 

D, = 4 m D, = 2 m wt, = 0.4 m H L = 6.5 m 

Air is sparged with 0.4 vvm; it is equipped with two sets of impellers and a flat-blade turbine 
with four baffles. 

Calculate: (a) power, P; (b) power, P g ; (c) Kia; (d) gas hold-up. 

Solution 

(Df/D;)* = 2 
(H L /D,r = ^ = 3.25 


N = 90rpm/60 = 1.5 rps 
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ND 2 p 1.5 x 2 2 x 1200 , 

Nr ' = — = - 0002 -= 3 - 6 X 10 

Read N p from Figure 6.6, Chapter 6, power versus Re, for a turbulent regime, N p = 6. 

6 = - P 3 X 9-81 -=*P = 105 hp 

(1.5) 3 (2) 5 (1200) 

Correction factor for non-geometrical similarity: 


__ l (D t /D i y(H L /D i )* _ 2 x 325 _ 

fc '/ (D t /D,) (H L /Di) V 3x3 


(E.4.1) 


P = 2 x 0.8 x 105 = 168 hp 

The gas flow rate is: 

F g = 0.4(4) 2 Q (6.5) = 32.67m 3 miir 1 = 0.5445 m 3 s“ 
The aeration number is: 


N a = 


0.5445 


N,D 3 1.5 x (2) 3 


= 0.045 


Reading gassed power to ungassed power ratio from the plot for the ratio of P g /P, defined in 
Figure 6.6, Chapter 6: 

P P 

4 = ^ = 0.74 
P P 

The gassed power is always less than the ungassed power. 

P g = 0.74P = 0.74(168) = 124.3 hp 
The mass transfer coefficient for turbulent flow is: 


K l = 2 x 10~ 3 ( ^ ) V a667 


(E.4.2) 


K L n = 2 x 10“ 


124.3 x 754.7 W hp“'\ 0 6 /0.54\ a667 _ 


26 7T 


47T / 


58.62 s“ 


where the gas and liquid velocities are: 


0.5445 m 3 s 1 , 

V s = ---- V L = 4tt x 6.5 = 267t = 81.68 m 3 

47rm^ 
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EXAMPLE 5 


Calculate mass transfer coefficient in a 60 m 3 fermenter with a gas and liquid interfacial area of 
a = 0.3 m 2 m~ 3 , given Pbroth = 1200 kg m~ 3 . The small reactor has working volume of 0.18 m 3 , 
1 wm aeration rate. The OTR is 0.25 kmol m~ 3 h _1 . There are two sets of impellers, and flat-blade 
turbine types of impeller were used. Hi = 1.2D t . Find the exact specifications of a large fermenter. 

V = 0.18 = |d?(i.2D,) = 0.3tt Df 

The diameter of the tank is: 


/ 0.18\ 1/3 

° f = — = 0.576 m 


Also, the impeller diameter is: 


The liquid media height is: 


The large tank diameter is: 


D, = -D, = 0.576/3 = 19.2 cm 


H l = 1.2 x 0.576 = 0.691 m 


V 2 \ 1/3 ( 60 \ 1/3 

= 3.36 m 


D h = —A = 


0.37 x) \0.3 ttJ 


and the impeller for the large tank is: 


D, 2 = 3.36/3 = 1.12 m 
H u = 1.2 x 3.36 = 4.03 m 


The air flow rate is: 


F 1 = 1 x 0.18 m 3 min 1 = 3 x 10 3 m 3 s 


Gas superficial velocity: 


Oxygen partial pressure: 


,, 0.18x60 „„ „ r , _ t 

LI S = - w — 41.45 m h 1 

(tt/4)(0.576) 2 


Pn, = 1 atm +11 + ^ L !!' atm ) x 0.21 = 0.213 atm 


10.3m 


OTR = K, ■ Pry, => K l , = 0 25 m ' h = 1.174 kmol m" 3 h" 1 atm” 1 


0.213 atm 


H: D = 3 : 1 = 6 : 1 
The column diameter is in the range of 0.1 < D < 7.5 m. 
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The mass transfer for freely rising gas bubbles is governed by conservation of mass and 
momentum balance. When the distance, velocity, and concentration of substances provide the major 
driving forces for fluid motion, three dimensionless numbers explain the mass transfer. The 
dimensionless numbers are the Schmidt number, the Grashof number, and the Sherwood number. 
The Schmidt number relates viscous forces with mass diffusivity. The Grashof number deals with 
free convection and buoyant forces. The Rayleigh number results from the multiplication of the 
Schmidt number and the Grashof number. Finally, the Sherwood number is the ratio of conductive 
forces and mass diffusivity. Based on the analogy in mass transfer, the Sherwood number is similar 
to the Nusselt number in heat transfer. The Sherwood number can be correlated with the Schmidt 
and Grashof numbers for calculating mass transfer coefficients in a mathematical expression. 


Sc = 


D, 


o 2 


Sh 


k,D 

D ^ 2 


Gr 


D 3 b-Pg 

18/if 


and the Rayleigh number: 


Gr-Sc = Ra 


ftDo, 


(E.5.1) 

(E.5.2) 

(E.5.3) 


(E.5.4) 


Calderbank's correlation for turbulent flow aeration shows mass transfer is proportional to Dj 
and Re 3/4 : 


Sh = 0.13 Sc 1/3 Re 3/4 


(E.5.5) 


U, 



(E.5.6) 


13.5 DYNAMIC MODEL AND OXYGEN 
TRANSFER RATE IN ACTIVATED SLUDGE 


The oxygen requirements for an activated sludge system with aeration and agitation for 
complete mixing are shown by a mathematical model as the rate of oxygen transferred is 
equal to the difference of inlet and outlet concentration plus the oxygen used for generation 
of biomass: 


J/—i 

= a-ji(C S o - C s ) + bVX (13.5.1) 

at 

where V is aeration tank volume in m 3 , and dCo 2 /dt is oxygen accumulation rate in kg 
O 2 m 3 day -1 , a, and b are empirical constants (kg O 2 kg -1 BOD) and (kg O 2 kg -1 
MLSS day -1 ), respectively. Also constant is the flow rate of fresh wastewater (m 3 day -1 ); 
MLSS stands for mixed liquor suspended solids, Cs is the BOD in effluent from aeration 
tank (kg BOD m -3 ), Cs 0 is BOD in fresh wastewater, and X is the sludge concentration in 
the aeration tank (kg MLSS m -3 ). 
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EXAMPLE 1 

In a specific activated sludge plant, the organic load is carried out at 0.8 kg BOD per kg 
MLSS day -1 with an 80% BOD removal efficiency. Values for the above mathematical model are as 
follows. The fresh feed flow rate is 1 m 3 h ', the initial BOD concentration is 20,000 ppm and V is 
10 m 3 . The yield of biomass on substrate is 0.5 g g _1 BOD. 

a = 0.55 kg 0 2 kg" 1 BOD 

b = 0.35 kg 0 2 kg _1 MLSS day -1 

What is the oxygen requirement per kg BOD removal? 

Solution 

Making oxygen balance for the aeration tank, the dynamic transfer rate of oxygen is obtained: 

T dCo 2 


V- 


dt 


= a-fi(Cso - Cs) + bVX 


(E.1.1) 


Dividing the oxygen balance by the volume of the aeration tank and concentration of biomass, 
XV, the above equation will be simplified as follows: 


1 dCo 2 /r / ,—i \ , , 

a vx {Cs °- Cs)+b 


H-Cso 
VX = 

kg BOD 
kg MLSS day 


/■m 3 \ f kg_BOp\ 
''day-' V m 3 J 

(m»)(S^2) 


= 0.8<— BOD loading 


The BOD removal is 80%. 


1 dCo 2 

ci-Cso | 

<1 

X dt 

VX 1 

V Cso) 

80 

Cso — Cs 

(l Cs ^ 

100 

Cso 

V Cso) 


0.8 = 1 - 


Cso 
Cs = 0.2Cso 


1 dC, 


o 2 


X dt 


= 0.4 x 0.55(0.8) +0.35 = 0.526 


kgO z 


kg MLSS — day 


(E.1.2) 

(E.1.3) 

(E.1.4) 

(E.1.5) 

(E.1.6) 

(E.1.7) 

(E.1.8) 

(E.1.9) 


Now we can increase the BOD removal efficiency with decreasing organic loading. What would 
the amount of oxygen required per kg BOD removal be, with 90% removal efficiency? Given data 
for constant coefficient a = 0.5 and b = 0.3: 


1 dC, 


o 2 


X dt 


a 


v) X (Cso - ^ ^ 


(E.1.10) 
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Given BOD loading: 

FC so (m 3 day)(kg BODm~ 3 ) 1 ID 

VX (m 3 )(kg MLSS m -3 ) 1 1 

so ~ s = 0.9=>1 - —^ = 0.9 (E.1.12) 

Cso Cso 

Cs = O.lCgo 


^ L ^jr = °' 5 X °' 4 X °' 9 + 03 = 0,48 kg ° f ° 2 ks_1 MLSS_1 day' 1 

In fact, the more organic load there is, the more oxygen is needed in the treatment process. 


EXAMPLE 2 

A bioreactor of V = 20 m 3 working volume produces penicillin. What sugar concentration will 
you choose if OTR is not limited? Hint: If you aerate a bioreactor, the power consumption is less 
than a nonaerated bioreactor, and the specific sugar consumption rate is 1 kg kg -1 cell IT 1 . 


Given Data 
D, = 2.4 m 
D t = 0.8 


Ni = 2.5 rps 

Number of blades = 8, turbine 
Pg/P = 0.4 

Specific O 2 uptake = 0.63 mmolCh kg -1 cell 


Three sets of impellers 
p = 1 mPa s 
p = 1200 kg m~ 3 
Aeration rate = 1 vvm 
OTR = 6 x 10~ 3 kg m~ 3 

u,„ = 0.5 tr 1 


Solution 

Let us find the Reynolds number. 

Re = pN D ? = 1200 x 0.8 3 x2.5 = 19><104 
/x 0.1 

When flow is turbulent, the power number is obtained from Figure 6.6, Chapter 6, using Re from 
power curves. 

= P no = 6 

n £ P-g n 6pNfDf 6 x 1200 x 2.5 3 x 0.8 5 

Pno ~ 6 “ ~pNfDf =>P ~ ~^g “ 9M “ 5hp 

Ungassed power = 5x3 sets of impellers = 15 hp. 


9.81 

















402 


13. BIOPROCESS SCALE-UP 


Correction factor for scale-up using non-geometry similarity: 


fc 


(p t /p,r(H t /D,r 

(A/P.KHi/P,-) 


3 x 5.53 
3x3 


1.36 


Dt/Dt = 3 
H l /P = 3 

(H l /P,)* = [(20)/(2.4) 2 (7r/4)]/o.8 = 5.53 


Gassed power, P g = 0.4 (15)(1.36) = 8.14 hp. 
For three sets of impellers using aeration: 




20 m 3 min 1 
(7r/4)(2.4) 2 m 2 


= 4.4 m 3 min 1 = 7 x 10 2 m s 1 


The mass transfer coefficient for a turbulent regime is: 

K L a = 2 x 10“ 3 (442)°' 667 = 6.8 x lO’V 1 

The OTR is: 


OTR = K L a(q - Ci) = 6.8 x UP 2 (6 x 10~ 3 - 0) 
OTR = xcjo 2 = 4.07 x 10~ 4 kg O z m“ 3 s" 1 

q Ql = 0 x 10- 3 g x kg O z kg^'cell m“ 3 s" 1 


2.08 x 10' 3 


0.65 x 10’ 3 


mol 0 2 
kg cell 


32 kg 
kmol 


Biomass concentration is calculated. 


4.07 x lO" 4 
2.08 x 10- 5 


19.56 kg cell m 3 


What is your desired sugar concentration? 

To answer the above question, we need to know the yield of biomass on the substrate. Based on 
the availability of oxygen, there is a good chance of sufficient biomass being generated; therefore, 
nutrients and carbon sources must be available to carry on the process. 


EXAMPLE 3 

Let us scale-up a small fermenter with a volume ( V) of 0.3 m 3 . The scale-up factor is 200-fold. The 
large fermenter has a volume (V 2 ) of 60 m 3 . The working volume is 60% of the nominal volume; that 
is, 14 = 0.18 m 3 

Aeration rate = 1 wm. 

Density, p = 1200 kg m~ 3 . 

Oxygen transfer rate, OTR = 0.25 kmol m~ 3 h _1 . 
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H L /D f = 1.2. 

Two sets of impellers, turbine and flat blade. 


The usual procedures for scaling up are summarized as following: 

1. Reynolds number 

2. Power consumption per unit volume of liquid 

3. Tip velocity of an impeller, N,D; 

4. Liquid circulation time, mixing time 

5. Volumetric oxygen transfer coefficient 

Solution 


V, = |d 3 (1.2D ( ) = 0.18 m 3 



D, = 1/3D, = 0.192 m 


H u = 1.2 x 0.576 = 0.691 m 


Large reactor: 



and: 



H Ll = 1.2 x 3.36 = 4.03 m 


Air flow rate: 


F, = lx 0.18 m 3 min” 1 = 3 x 10” 3 m 3 s” 1 


Gas supply velocity: 


0.18 x 60 


= 41.45 mh” 1 


(tt/4)(0.576) 2 



= 0.213 atm 


2 


OTR = K„-Po 2 


K, 


0.25 kmol m” 3 h 1 


= 1.174 kmol m” 3 h 1 atm” 1 


0.213 atm 
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Pg = 3.22V = 3.22 x 0.18 = 0.58 hp 

For turbulent flow, the power number is about six, and for two sets of impellers it will be 
doubled. 


Re—>N P = 6 x 2 = 12 


N P 



12 x 1200 x Nj(0.192) 5 /9.81 


0.383N 3 hp 


If you have access to the graph P g /P that is good, read the gassed power to ungassed power ratio 
off of the graph. 

Read aeration number (N fl ) from Figure 6.7, Chapter 6. Now we make use of Miller's correlation 
for gassed power calculations 3 : 


P* = 


0.5 


PlN.Dl 

fO.56 


0.58 = 0.5 


(0 ■383) 2 (N?) 2 N 1 D^ 
(3 x lO- 3 ) 0 ' 56 


>N-i = 116 rpm 


P, = 0.383N 3 = 0.383(116) 3 = 2.75 hp 


P g /P = 0.58/2.75 = 0.21 
Power input constant, geometric similarities: 

pNfDfj pN|Df 2 fN 2 \ 3 fV 2 \(D a ' 5 


Vi 


_2j3 i2 

v 2 


v 2 y / 3 m n 


V 3 /n..\ 5 / 3 / 60\/0.192\ 5 ^ 3 


NiJ \ViJ \D i2 j 

n ^ hv ,) ® -^snsr-**- 

Constant impeller tip velocity: 

NiDfi = N 2 D,2 

P g /V = 0.58/0.18 = 3.22 hp 

p * = Q * i 36m3 i = 116 h p 


p = 2 - 75 'ra) - 550 hp 
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EXAMPLE 4: FILTER AND AIR FILTRATION 

A batch production of penicillin of 40 m 3 capacity is required to supply sterile air through a 
bioreactor at one volume of air per volume of culture per min (1 vvm). Incoming air contains 3000 
bacteria per cubic meter of air for 1 h operation. Calculate the filter depth, if the penetration of 
bacteria is one in one million. 

Solution 

Assuming: 

Dfiner = 60 cm based on availability 

Air flow rate: 


Fair = (40 m 3 ) (l wm)60 min h 1 = 2400 m 3 h 1 
Microbial load = 3000 cell m~ 3 
Cell rate = 2400 x 3000 = 7.2 x 10 6 cell h _1 


Filter cross-sectional area 


(tt/4)(0.6) 2 = 0.0283 m 2 


Air velocity 


Volumetric flow rate 2400 
A = 0.0283 


8488 mh -1 


Removal of organisms may follow the following exponential format of equation with implan¬ 
tation of initial condition, resulted as follows: 


N t = N 0 e~ kt 


1 ^ IrT 

In— = kL 
A?2 

, 7.2 xlO 6 „ 
In———-— = kL 

io - 6 

Nj = 7.2 x 10 6 cells 


(E.4.1) 


N 2 = 1 cell in 10 6 cells = 10 6 cells 

where L is the length of filter, and k is rate constant for bed materials 40 nrC 1 and/or 84 m _1 . 
The length of the filter is based on filter materials: for a large k, a shorter length of filter was 
obtained. 


L = ^ln(7.2 x 10 12 ) = ^_ln(7.2 x 10 12 ) = 0.74 m 

L = — ln(7.2 x 10 14 ) = 0.35 m 
84 v ’ 
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EXAMPLE 5 


In a batch fermentation of ethanol, kinetic data were collected as product formed. The data are 
shown in Table E.5.1. The data will be used to design a continuous bioreactor (CSTR) with a 100 1 
working volume. 

1. If the feed rate, F, is 5 x 1CT 3 m 3 IT 1 , calculate the ethanol concentration in the product 
stream. Keep in mind there was no ethanol in the feed stream. 

2. If the product yield is 45%, what would the sugar concentration in the feed stream be? 

Experimental data are shown in Table E.5.1. 

The data are plotted in Figure E.5.1. 

Use material balance for ethanol production: 

= D(C Po - C P ) + r v (E.5.1) 

At steady-state condition, the product concentration remained constant, dCp/dt = 0. Initially 
there was no ethanol in the feed stream, Cp a = 0. When there is no accumulation, the balance 
equation is reduced to: 

D(-C P )+r p = 0 (E.5.2) 


TABLE E.5.1 

Ethanol production in batch fermenta¬ 
tion with respect to inoculation time 

Time (h) 

Ethanol (g l -1 ) 

0 

0.0 

10 

2.0 

15 

4.0 

18 

6.2 

21 

10.0 

27 

16.0 

33 

30.0 

42 

56.5 

48 

75.7 

51 

85.0 

54 

96.0 

57 

103.5 

60 

107.3 

66 

110.5 

72 

113.0 
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FIGURE E.5.1 Ethanol concentration profile with respect to fermentation time in batch mode of operation. 


— DCp — — Cp 


(E.5.3) 


C - V r 

Cp — — r P 


(E.5.4) 


Since there were no significant changes in temperature, then it was assumed that there was no 
wall temperature effect. 


/ \ 014 

= 




= 1 


From plotted data: 


§.,3 8 l-h- 
^ r P = (^] ^ = Jcp 


dt 


V 


Cp = 


/ 0.1 m 3 \ i _ t . 330 ! 

( 5 >,10-»m3h-' ) (3 - 3S ' h, -^ Sl - 66kSm 


v5 x 10 -3 m 3 h 
Ethanol concentration in the product stream is 66 g 1 _1 . 


Y P , s = 0.45 


So = 


‘P/S 


= 147 g r 1 

0.45 8 


(E.5.5) 

(E.5.6) 
(E-5.7) 
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EXAMPLE 6: VINEGAR PRODUCTION IN A JACKETED 
BIOREACTOR 


Ethanol is oxidized to acetic acid in the production of vinegar using Acetobacter. The reaction is 
exothermic: 


C 2 H 5 OH + O z Acetob “ cter > CH 3 COOH + H 2 0 AH rxn = —119 kcal moU 1 (E.6.1) 

The biochemical reaction rate followed the Monod rate model, with a Monod rate constant of 
ks = 6.2 x 10 " 6 g cm ~ 3 and a specific growth rate of p max = 6.67 x 1CT 7 g cm ~ 3 s _1 . 

Design the bioreactor with a suitable heat transfer area. 


Given data 

N = 500 rpm = 30000 rph 

T = 32 °C = 90 °F 

D; = 0.75 ft 

k = 0.356 Btu tr'fr 1 °F _1 

p — 62.4 lbm ft -3 

C p = 1 Btu lb -1 °F _1 

H = 1 cp = 2.42 lbm ft- 1 h _1 

£ 

II 

53 


Solution 

V S 

L/ max L -' 

~ T ‘ " K^S 

K s = 6.2 x lCT 6 g cm -3 and v max = 6.67 x 10 7 g cm -3 s _1 
Figure E.6.1 shows the jacketed bioreactor. 

From the graph, the overall heat transfer coefficient for the jacketed vessel is: 

ti = 100 Btu h _1 ft -2 °F _1 


Re 





Cooling HoO, in 


(E.6.2) 


(E.6.3) 


FIGURE E.6.1 Diagram of jacketed vessel with impeller location. 
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For turbulent flow: 


Nn = = 0.36Re 2/3 Pr 1/3 

k 


hi 

h 2 


( 1 ) 11 ) 


The power for the fermentation vessel was projected by the following general equation: 
Power (hp) = 1.29 x 10 -*d 1a L Z72 N 2S6 w 03 H°- 6 n ou p 086 

pND 2 _ (62.4) (30000) (0.75ft) 2 


(E.6.4) 

(E.6.5) 

(E.6.6) 


Re = 


2.42 


= 4.3 x 10 3 


From Kern page 718, for the given Re, read the Nusselt number, hD/k = 2000. 

Di = 1 
D, 3 

h = 2000 X 0356 = 600 Btu h-’fr^F- 1 
3 x 0.75 

Assuming the thickness of jacket is one inch, the film coefficient in the cold side of tube is 
estimated to be: 

hcold water =550 Btu h 1 ft 2 °F _1 

The clean design over all heat transfer coefficients is defined as: 


U c = 


_hX = 550 x 600 1 2 1 

h + h 0 1150 


The dirt factor is assumed: 


R d = 0.005 

i = i + ^ = 300 + 0 - 005 = °' 0083 


1 (L- 2 O-C-l 


U D = 120 Btu h _ ft 

The inlet and outlet temperature of the jacketed bioreactor is shown in Figure E.6.2. The log mean 
temperature is: 


ATln = 


(T-fcJ —(P —O 


In 


T- f C „ 
T-t c 


(E.6.7) 


AT, = (32 - 15 ,>7,f- 25) - 11.27 -C 

ln( 7 ) 

Heat transfer is based on the resistance theory for the composite wall. The heat transfer overall 
coefficient is calculated. 
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*c. oui - 25°C 


FIGURE E.6.2 Temperature pattern in a jacketed bioreactor for log mean temperature. 


1 
U 

Heat transfer area: 

A = 7r[(D 2 /4) + (DH L )] 

Q = AU D \T ln (E.6.10) 

Q = (25.18) (120) (1.8) (11.27) = 61,300 Btuh 1 
The temperature differences in cooling water is 10 K = 18R. 

Qcooling mpPoOpAf (E.6.11) 

61,300 Btu h" 1 = m Hz Q (1 Btu lb m °F) (18R) 
m H 2 0 = 3405 lbm h_1 

The mass flow rate of cooling water through energy balance as heat transfer from the reactor is 
equal to heat absorbed by cooling water = 3405 lb m h . 


1 Ax 1 
hi + ~k + ~h„ 


(E.6.8) 


tt[( 2.25) 2 /4 +3(2.25)] = 25.18ft 2 (E.6.9) 


13.6 AEROBIC WASTEWATER TREATMENT 


The well-known aerobic downflow process is a trickled bed filter. Attached growth is used 
in the biological treatment of wastewater. Air passes through the bed while the liquid is forced 
down by gravity. Figure 13.2 shows the liquid gas system for the mass transfer process in a 
biological filter. The system is known as attached growth. Modes of bioreactor operation are: 

• Batch 

• Fed batch 

• Continuous. 
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Influent Air 



FIGURE 13.2 Liquid gas mass transfer process in biological filter, attached growth system. 


For mass balance: 


For batch operation: 


dm 

dt 


= mi — m n 


mi — m 0 = 0 


V = constant: 


-r s = -r A = - 


1 d(SV) « max S 


V dt 
dC A 


~r A = — 


dS 

dt 


dt 


K, 


■M ' 


K. 


M ' 


- dt = 


So 


X 


M ' 


dS 


thatch = — ln| + — (Sf-S 0 ) 

^max ^max 


where Sq and Sf are initial and final substrate concentration in mol 1 1 . 


(13.6.1) 

(13.6.2) 

(13.6.3) 

(13.6.4) 

(13.6.5) 

(13.6.6) 

(13.6.7) 
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13.6.1 Substrate Balance in a Continuous System 

Substrate balance: 


dS 

dt 


^ fc c \ dP cell 


V 


y. 


x/s 


WlPcell 


Yieldofcell 


tfpPcell 

Nu trien tmain tenance 


Glucose - 

ATP+P j —> ADP+7,8kcal 


G6P 


At steady-state condition: 



When: 


mPcell 


^ dPcell 

-y^ 


D(S t - S) 


^ for SCP 


P-Pcell | tfpPcell 

y77 ^7 


for ethanol 


/i = D 


Pcell ~ Yx/s {Si S ) 

dink E 
dT ~ RT 5 
k = k 0 e~Tv 


(13.6.1.1) 

(13.6.1.2) 

(13.6.1.3) 

(13.6.1.4) 

(13.6.1.5) 


(13.6.1.6) 

(13.6.1.7) 

(13.6.1.8) 


EXAMPLE 1 

For production of an enzyme used for synthesis of a sun protection lotion, the required kinetic 
data and constants are: 

I’max = 2.5 mmol m -3 s _1 

K m = 8.9 mmol 1 _1 
S 0 = 12 mmol 1 1 

Find the reaction time for 95% conversion of raw materials. tbatch = ? for xa = 0.95. 
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Solution 


^max 


2-5 mmol\ /3600 s\ 

, m3 s Jv h ) 


f 1 m 3 


\1000 1 


9 mmol 
lh 


, _ K m . S 0 

*batch ^ p i 

^max 


So - Sf 

^max 


8-9 12 0-95 x 12 

hT(l-0-95)(12) + 9 

= 4-2 h 


13.6.2 Material Balance in Fed Batch 

In fact, fed batch is a batch system operating without any outlet stream. The differences in 
substrate in and out are equal to the rate of product generation. 


The retention time: 


F 

V 


C Si - s ) 



V 

V 


T = 


1 

D 


V 

F 


D(Si - S ) 


t^maxS 

K m + S 


dpcell 

^ dt^ 

At steady state — 0 


F 

V 


( \ 


( 

\ 

Pi Po 

+ 

p - 

a 

y sterile system j 


^ growth 

death ) 


Pcell 


The simplified material balance would lead to growth rate: 

F 


(13.6.2.1) 


(13.6.2.2) 

(13.6.2.3) 


(13.6.2.4) 


(13.6.2.5) 




















414 

13. BIOPROCESS SCALE-UP 


EXAMPLE 1 


A 10-m 3 bioreactor with H/D = 2.5D, 75% working volume, with two sets of standard flat blade 
impellers was used for a baker's yeast production unit. The operating dilution rate was set at 0.5 h _1 . 
The rate equation satisfying the reactor design was a Monod model with ju max = 0.65 h _1 and 
k$ = 3 kg m~ 3 . The initial substrate concentration was 65 g 1 1 with 1 wm aeration, a broth density of 
1200 kg m~ 3 , and a viscosity p, = 0.02 N s m~ 2 . The yield of biomass on glucose was 0.5 g cell g~ 4 
glucose. Calculate power consumption for a 90 rpm agitation rate and OTR of 0.05 g 1 _1 . State the 
controlling resistance in the mass transfer process. 


Solution 

The flow regime is turbulent flow. Read the value for the power number using Figure 6.6, 
Chapter 6. 

10 = | (2-5 D)D 2 
D f = l-7m 
D, = 0■57 m 


Re = 


(1-5 rps)(0-57) 2 (1200) 


0 - 02 ^ 


2-9 x 10 4 


The flow regime is turbulent flow. Read the value for the power number using Figure 6.6 in 
Chapter 6. 


K = 


N P = 6 
7-5 m 3 min -1 


ND f (90 rpm)(0-57) : 


= 0-45 


where N a is known as the aeration number; then use Figure 6.7 in Chapter 6 to find the ratio of 
gassed power to ungassed power. 


P ., 

-f = °' 95 


N P = 


Pgc 

pn 3 D 3 t 


p = 6 x 1200(1-5) 3 (0-57) 3 = ^kgm 


9-81 

149 

745-7 


= 0-2 hp 


1 hp = 745 • 7 kg m s 1 
P = 2x0-2 = 0-4 hp 


Conversion factor: 










NOMENCLATURE 


P g = 0-95(0-4) = 0-38 hp 
= 0-051 wT 1 

OTR: 

OTR = K L a(C — C L ) = 7-9 x lCT 4 (0-03) = 4 x 10“ 5 kgm 3 s" 1 

Given: 


K L a = 2 x 10 —3 Vj' 7 ( ^ 


= 7-5 m- mm = = h -r 

(tt/4)(1-72) 2 

K L a = 2 x 10~ 3 (323 cm min -1 ) 0 7 (0-051)° 2 = 7-9 x 1CT 4 s“ 
Liquid film was the controlling resistance. 
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NOMENCLATURE 


N Impeller speed, rpm 

D,- Impeller diameter, m 

Qo 2 Oxygen transfer rate, mmol min -1 

X Biomass concentration, g 1“ 1 

PglV Power per unit volume, hp m~ 3 

NDi Impeller tip velocity, m s _1 

t,„ Mixing time, min 

Kia Mass transfer coefficient, h~ 

r Shear stress. Pa 

jjjj Shear rate, s _1 

/r Fluid viscosity, cp 

Froude Number, dimensionless 

g 

Hi Impeller interspacing, cm 

Llg Upward gas bubble velocity, m s _1 

g Gravity, m s~ 2 

OTR Oxygen transfer rate, kmol m~ 3 h _1 
Vs Us Gas superficial velocity, m s _1 
K m Monod rate constant, g I 1 
e m ax Maximum specific growth rate, mmol m~ 3 s _1 
k x kx Maximum specific growth rate., g I 1 h _1 
D Fresh media dilution rate, h~ 

F Flow rate, ml min -1 

MISS Mixed liquor suspended solids, kg m~ 3 
V Volume, m 

Yx/s Yield of biomass on substrate 

Sf Inlet to outlet substrate ratio 

R Recycle ratio 

/ Ratio inlet to outlet substrate concentration 
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14. SINGLE-CELL PROTEIN 


14.1 INTRODUCTION 


The term single-cell protein (SCP) is used to describe protein derived from cells or protein 
extracted from various microorganisms such as yeast, fungi, algae, and bacteria, which are 
grown for mass production from various inexpensive carbon sources such as agricultural 
wastes for the synthesis of food for humans or animals. The dried cells of microorganisms 
or the whole organism is harvested and consumed. This is a rich protein source that can be 
used as a human food supplement and in animal feeds. SCP production may have great po¬ 
tential for feeding the ever-increasing world population. Massive quantities of SCP can be pro¬ 
duced in a single day. As a source of protein, it is very promising, with potential to satisfy the 
world shortage of food as the population increases. SCP may be enriched with a high content 
of proteins, fats and carbohydrates, nucleic acids, and vitamins. However, the disadvantage of 
SCP as a human food source is the high content of nucleic acids, which may cause serious prob¬ 
lem in the human digestive track due to the limited capacity for the complete digestion of 
nucleic acids. SCP may be more attractive for animal food usage due to the flexibility of animal 
food and soft regulations for animal feedstock. Over the past decades, a variety of raw mate¬ 
rials have been tested for SCP production, including carbon dioxide, methane, methanol, 
ethanol, various sugars, and even petroleum hydrocarbons and agricultural and industrial 
wastes. Several carbon sources are used as energy sources for microorganisms growing and 
producing SCP. In some cases, raw material requires pretreatment or hydrolysis before use. 
Waste sources of carbon used for SCP production are customary and cheap. SCP technology 
is a suitable process for converting waste materials to useful biomass containing protein. 
The broth is concentrated protein that is dried with limited moisture; it is stored for use as 
food or feed for humans and animals. Waste recycling has been advanced as a method for pre¬ 
venting environmental decay and increasing food supplies. It may be possible to convert waste 
streams into valuable products by separation and recovery or by biological conversion. 
Many products are produced biologically from food process waste. The potential benefits of 
successful recycling of agricultural wastes are enormous. It may be the only method for 
large-scale protein production that does not require a concomitant increase in energy consump¬ 
tion. In addition, it may be the most effective method for producing animal and human food 
from lignocellulose materials, although they have little nutritive value and are therefore used 
for fuel production. One advantage of the biological process is the flexibility of the microorgan¬ 
isms to adapt to different feedstock. Therefore, when combined with the treatment of process 
waste streams, the biological conversion of these wastes to products can be both environmen¬ 
tally and economically favorable. In the production of antibiotics, sufficient growth of fungi in 
submerged cultures has created potential sources of biomass as SCP and as flavor additives to 
replace mushrooms; the biomass contains 50—65% protein Production of mushroom from 
lignocellulosic waste seems to be a suitable and economical process because the raw material 
is inexpensive and available in most countries. Petroleum-based SCP was produced based on 
oxidation of methane to synthesize methanol; then, methanol as a carbon source was fed to the 
bioreactor using bacterium known as Metliylophilus methylotrophus for biomass production, an 
80% enriched produced protein known as Pruteen. Large scale production of SCP from petro¬ 
leum may not be economical due to the high costs of petroleum. Extensive research has been 
conducted on the use of food processing wastes such as potato and orange peels for the 
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production of SCP. One has to be very careful in using fungi species, since the synthesis of sec¬ 
ondary metabolites may cause food poising. Fungi are easily able to produce toxin and afla- 
toxins with the improper storage of animal feedstock; for instance, Aspergillus flav us as a 
secondary metabolite synthesizes toxins that are highly carcinogenic. 

This chapter discusses the present status of microbial SCP production from agricultural 
wastes and describes some of the technical and economical problems related to the produc¬ 
tion processes that must be overcome for large-scale application to be possible. 


14.2 DISSOLVED OXYGEN IN SINGLE-CELL PROTEIN 

PRODUCTION 


In fermentation broth, the dissolved oxygen (DO) concentration is kept constant, while the 
production of SCP may reach the steady state condition, and the viable protein is continuously 
harvested. The concentration of protein is proportional to the oxygen uptake rate. Control of 
DO would achieve steady SCP production. Variation of DO may affect retention time and other 
process variables such as substrate and product concentrations, retention time, dilution rate, 
and aeration rate. Microbial activities are monitored by the oxygen uptake rate from the sup¬ 
plied air or oxygen. Microbial cells in the aerobic condition take up oxygen from the gas and 
then liquid phases. The rate of oxygen transfer from the gas phase to the liquid phase is impor¬ 
tant. At high cell densities, the cell growth is limited by the availability of oxygen in the me¬ 
dium. The growth of aerobic bacteria in the fermenter is then controlled by the availability 
of oxygen, substrate, energy sources, and enzymes. Air has to be supplied for the aerobic pro¬ 
cess to enhance the cell growth. Oxygen limitation may cause a reduction in the growth rate. 
The supplied oxygen from the gas phase has to penetrate into the microorganism. Several steps 
are required to let such a phenomenon take place. The oxygen first must travel through the 
gas—liquid interface, then the bulk of liquid, and finally into the microbial cell. 

The above data show that in the case of high oxygen demand for SCP production, oxygen 
is drastically depleted after an incubation period of 12—24 h. Therefore, pure oxygen is 
commonly used when the DO level drops to 2 ppm; additional oxygen may enhance oxygen 
availability in the fermentation media. 

Several DO probes are available. Some well-known branded fermenters, like New Bruns¬ 
wick, Bioflo series, and the B. Braun Biotstat B fermenters are equipped with a DO meter. This 
unit has a 2-1 fermentation vessel equipped with a DO meter and pH probe, an antifoam 
sensor, and level controllers for harvesting culture. The concentration of DO in the media 
is a function of temperature. A higher operating temperature would decrease the level of 
DO. A microsparger is used to provide sufficient small air bubbles. The air bubbles are domi¬ 
nated in the media using a suitable gas sparger. 


14.3 BATCH AND CONTINUOUS FERMENTATION FOR 
PRODUCTION OF SINGLE-CELL PROTEIN 


The fermentation vessel is a jacketed vessel with a defined working volume. The media are 
made of phosphate buffer at a neutral pH with 3.3 g KH 2 PO 4 and 0.3 g Na 2 HP 04 , 1 g yeast 
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extract, and 30 g glucose in 11 of distilled water. The media should be sterilized in a 20-1 
carboy. The fermentation vessel with a working volume of 2 1 may have 500 ml media 
initially sterilized by stream under 15 psig and 121 °C. The seed culture is transferred to 
the fermentation vessel with filtered and pressurized air; the production of SCP is monitored 
by pumping fresh nutrients and supplying air. Continuous culture with constant volume and 
controlled dilution rate is conducted in SCP production, as fresh and sterilized media are 
pumped into the culture vessel. It is desirable to control pH, temperature, and aeration 
with a constant air flow rate. The most common continuous culture system is the chemostat. 
The word chemostat refers to the constant chemical environment at a steady-state condition. 
Another continuous culture vessel is the turbidostat, in which the cell concentration in the cul¬ 
ture vessel is kept constant by monitoring cell optical density. The chemostat experiment is 
carried out for 24 h at a constant temperature of 32 °C and by controlling pH and monitoring 
DO concentration. The medium consists of an excess amount of nutrients that is required to 
synthesize the desired concentration of SCP. The growth limiting nutrient controls the steady- 
state SCP production rate. The data for optical density, DO level, cell dry weight, and mea¬ 
surements of protein and carbohydrates are carried out at 8 , 12, 16, and 24 h in batch mode. 
The continuous operation is extended for another 24 h to monitor all parameters and measure 
SCP. The results should be compared with batchwise production. The expected results for 
reduction of sugar in real experiments were similar. The data were obtained by aeration of 
pharmaceutical wastewater. A well-known reagent for determination of carbohydrates, dini- 
trosalicylic acid, was used to reduce the organic chemicals in the aforementioned wastewater 
for the course of three days incubation. The method of measurement will be discussed in 
the following sections. If the aforementioned experiments are conducted, they may lead us 
to a new set of data that are totally different, and only the reduction trend would be about 
the same. SCP production has to be determined by experimentation, and research is needed 
to obtain the data. Maximum carbohydrate reduction took place after 24 h of aeration. Since 
the carbon source was initially low, the rate of biomass production was not appreciable. 

The role of DO in the treatment system is absolutely vital. Therefore, the DO level must be main¬ 
tained at not less than three to four ppm in the wastewater for effective aeration. SCP production is 
very oxygen-dependent. The results would be very satisfactory if pure oxygen was used. 

14.3.1 Analytical Methods for Measuring Protein Content of Baker’s Yeast 

Protein concentration can be determined using a method introduced by Bradford, which 
uses Pierce reagent 23,200 (Piece Chemical Company, Rockford, IL, USA) in combination 
with an acidic Coomassie Brilliant Blue G-250 solution to absorb at 595 nm when the reagent 
binds to the protein. A 20-mg 1 1 bovine serum albumin (Piece Chemical Company, Rock¬ 
ford, IL, USA) solution will be used to prepare a standard calibration curve for determination 
of protein concentration. The sample for analysis of SCP is initially homogenized or vibrated 
in a sonic system to break down the cell walls. 

14.3.2 Seed Culture 

How do we start the real experiment? A 100-ml seed culture is prepared in advance. A 
100-ml media consists of 0.1 g yeast extract and 1 g glucose with 0.33 g KH 2 PO 4 and 0.03 g 
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Na 2 HPC> 4 . It is sterilized, then the microorganism, Saccharomyces cerevisiae (ATCC 24,860), on 
a yeast and malt extracts (YM) slant tube used as stock culture is transferred to the sterile 
cooled media. The inoculated media is incubated and harvested after 24 h. The first stage 
of the work is the batch experiment, which is then changed to a continuous experimental 
run with glucose as a carbon source and the microorganism, S. cerevisiae, as an organism sen¬ 
sitive to aeration. The last stage demonstrates how agitation plays an important role in the 
mass transfer process. 


14.4 BAT CH EXPERIMENT FOR PRODUCTION OF BAKER ’S YEAST 

The fermentation vessel is a jacketed vessel with a working volume of 2 1. The media is 
made of phosphate buffer at neutral pH with 3.3 g KH 2 PO 4 and 0.3 g Na 2 HPC> 4 , 1 g yeast 
extract, and 50 g glucose in 11 of distilled water. The media should be sterilized in a 20-1 
carboy. The fermentation vessel with 500 ml media is initially sterilized under 15 psig steam 
at 121 °C for 20 min. The seed culture is transferred to the fermentation vessel, and the feed is 
gradually pumped in at a flow rate of 350 ml h _1 . The filtered pure oxygen or pressurized air 
is continuously supplied. The production of baker's yeast should be monitored for 48 h by 
batch experiment at a constant temperature of 32 °C, controlling pH and monitoring DO 
level. Sufficient air is blown at a flow rate of 2000 ml min _1 (1 wm). 

Data collection for optical density, DO level, cell dry weight, protein, and carbohydrates is 
done at 6 , 12, 18, 24, 36, and 48 h in batch mode, as projected in Table 14.1. 


14.5 SEPARATION OF MICROBIAL BIOMASS 


Bacteria, yeast, and algae are produced in massive quantities of protein sources as food for 
animals and humans. SCP is considered a major source of feed for animals. The production 
of valuable biological products from industrial and agricultural wastes is considered through 
the bioconversion of solid wastes to added-value fermented product, which is easily market¬ 
able as animal feedstock. However, the waste streams cause pollution and threaten the 


TABLE 14.1 Batch production of baker’s yeast with air flow rate of one vvm and an 
agitation speed of 350 rpm 


Time, 

hours 

DO, 

mgl - 1 

Optical density, 
absorbance, 

X 520 nm 

Cell dry 
weight, 
mg ml -1 

Protein 

concentration, 

gl " 1 

Sugar 

concentration, 

gl _1 

Yield, 

Tx/s 

0 

7.9 

0.00 

0.00 

0.00 

32.0 

— 

6 

5.6 

0.28 

0.14 

0.83 

30.0 

0.42 

12 

4.1 

0.50 

0.29 

4.75 

21.0 

0.43 

18 

2.4 

1.55 

1.10 

8.90 

13.0 

0.47 

24 

1.5 

2.00 

1.45 

11.15 

5.0 

0.41 

36 

1.1 

4.20 

2.00 

11.95 

1.7 

0.40 

48 

0.2 

4.45 

2.65 

12.35 

0.5 

0.39 
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environment can be considered as a raw material for SCP production using suitable strains of 
microorganisms. 


14.6 BACKGROUND 


It is evident that the conversion of photosynthetically produced organic compounds into 
human and animal food is the limiting process in human food production. The worldwide 
annual production of organic material by photosynthesis has been estimated to be between 
25 and 50 tons. Any practical method capable of converting a small fraction of this yield 
into human food should find wide application and go a long way to reducing chronic 
food shortages. 

The growth of microorganisms, more rapid than that of the higher plants, makes them 
very attractive as high-protein crops; whereas only one or two grain crops can be grown 
per year, a crop of yeasts or molds may be harvested weekly, and bacteria may be harvested 
daily. The use of microorganisms as a source of protein for human and animal food is not a 
new development. Traditional foods and feeds such as cheese, sauerkraut, miso, and silage 
have a high content of microorganisms to which their nutritional properties are due in 
part. The high-quality proteins synthesized during the growth of these microorganisms 
compare favorably with those derived from the better grains. There are many convincing 
reports on the availability of essential amino acids and the protein quality of SCP. Although 
there are few data on animal feeding trials using SCP produced from lignocellulose wastes, 
there is a large and growing body of information about SCP from petroleum and methanol. 
This information should be applicable to SCP from agricultural wastes, with proper allow¬ 
ance for the undesirable contaminants in the sources. In petroleum, there has been concern 
about accumulation of carcinogenic hydrocarbons. In agricultural wastes, there is concern 
about accumulation of pesticides and herbicides. The guidelines for testing SCP as a major 
supplement in animal diets should be consulted for further details on feeding trials. Many 
more feeding trials will be needed before SCP from lignocellulose wastes is accepted for 
routine feeding. 

The main carbon source for production of SCP is petroleum. It has been used by many 
companies around the world. Other potential substrates for SCP include bagasse, citrus 
wastes, sulphite waste liquor from pulp and paper, molasses, animal manure, whey, starch, 
sewage, and agricultural wastes. 


14.7 PRODUCTION METHODS 


Some of the proposed methods for conversion of agricultural wastes into animal feed are 
presented in Table 14.2. These methods will be briefly evaluated in the following. First, a 
distinction should be made between the production of SCP from the lignocellulose parts of 
the plant and the production of SCP from the soluble carbohydrates of many agricultural 
wastes. At present, there are many plants around the world that operate for the production 
of SCP. The Ceres Ecology Corporation of Chino, California, in the United States will process 
waste from more than 100,000 dairy cattle for feed recycling and for control of salt in 
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TABLE 14.2 Methods for 

conversion of cellulosic 

agricultural wastes into animal feed 


Treatment 

Microorganism 

Substrate 

Protein produced 

Fiber used 

Dilute alkali 

None 

Straw 

No 

Yes 

Aerobic mesophiles,25 °C 

Cellulomonas 

Bagasse 

Yes 

Yes 

Mold growth, 25 °C 

Trichoderma viride 

Waste paper 

Yes 

Yes 

Aerobic thermophiles, 55 °C 

Thermoactinomyces 

Fermented livestock 

Yes 

Yes 


wastes 


groundwater. Other plants in Toulouse (France), Zacantecos (Mexico), and Sterling (Colo¬ 
rado, USA) use processes that depend on an anaerobic fermentation in a silo or covered ditch. 
The manure undergoes a lactic acid fermentation due to the action of anaerobic bacteria 
(chiefly streptococci and lactobacilli), and a typical silage odor results in place of the odor 
of manure. The processing of poultry for production of prepared food generates waste con¬ 
taining fats and starchy materials. The waste is used in a biological process to be converted to 
SCP using several microorganisms. These short-time anaerobic fermentation processes do 
not use the fiber and are therefore a partial solution to the waste problem. The fibrous residue 
may be used as a soil conditioner before or after composting. Figure 14.1 shows the various 
types of waste produced annually. 

Rates of soluble sugar use of 10—30 g per liter per hour have been reported for SCP pro¬ 
duction by yeast. Rates of 5—15 g per liter per hour have been claimed for the use of selected 
hydrocarbons. For the process of SCP production under present market conditions to be an 
economical, the rate of use of cellulose must be at least 1— 5 g per liter per hour. As no pilot 
plants have been operated, it is not possible to report commercial rates, but laboratory-scale 
fermenters have been run at 1 g per liter per hour on pretreated wastes. It has been reported 
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D Agricultural and food 
wastes 

■ Manure 

□ Urban refuse 

□ Logging and other wood 
wastes 

■ Industrial wastes 

0 Muncipal sewage solids 


■ Micellaneous organic 
wastes 


FIGURE 14.1 Solid wastes in the United States in units of tons per year. 






424 


14. SINGLE-CELL PROTEIN 


that gram-negative aerobic bacteria, Cellulomonas sp., grow rapidly on cellulose at 25—30 °C, 
but cannot use lignin or lignocellulose. Therefore, extensive pretreatment of lignocellulosic 
material such as rice husks with hot alkali is required. The microorganism must be har¬ 
vested by centrifugation. Amino acid analysis and animal feeding trials have shown that a 
high-quality SCP can be produced. Enzymes produced by the mold Trichoderma viride are 
used for production of soluble sugars from waste paper cellulose. Yeasts or bacteria for 
SCP production can then ferment these sugars. The enzyme reaction takes place in four steps: 

1. Pretreatment of waste by ball milling or hot alkali 

2 . Enzyme production by growth of T. viride on pretreated cellulose 

3. Depolymerization of cellulose by T. viride enzymes 

4. SCP production by yeast or bacteria. 

Several potential and mutant strains of T. viride have been identified in SCP production. 
Their capacity for amyloletic enzyme production was enhanced several fold in SCP from ling- 
nocellulosic resources. The process of bioconversion of agricultural wastes to SCP appeared 
to be too complex to find an economic application for agricultural waste. 

14.8 MEDIA PREPARATION FOR SINGLE-CELL PROTEIN 

PRODUCTION 


Sago starch in Malaysia is abundant, inexpensive, and common as raw material for SCP 
production. Fifty grams of sago starch is dissolved in 1 1 of 0.1 M NaOH solution. The mixture 
is heat-treated until it is absolutely dissolved in deionizer water with 4 g of NaOH, then the 
pH is adjusted to 7. Supplementary nutrients are added: 3.3 g KH 2 PO 4 , 0.3 g Na 2 HP 04 , and 
yeast extract; the media is autoclaved and used as feed for a fermenter. One hundred milli¬ 
liters of seed culture are prepared a day in advance for inoculation of fermentation. Saccha- 
romycopsis fibuligera ATCC9947 or ATCC9266 is grown in a media comprising 0.33 g 
KH 2 PO 4 , 0.03 g Na 2 HP 04 , 0.1 g yeast extract, and 1 g glucose in 100 ml distilled water. 
The seed culture is harvested after 24 h of incubation at 32 °C. The microorganism is pur¬ 
chased from ATCC, and after hydration is kept in a stock culture of YM media (Difco, 
USA) slants. The inoculum for seed culture is the organism transferred from the prepared 
slant media. 

The culture medium used for growth of Penicillium javanicum has been reported by Burrel 
and his coworkers. The recommended medium for cultivation of the fungi without any 
alteration contains the following chemical composition in 11 solution: fumaric acid, 2.0 g, 
(NH 4 ) 2 S0 4 , 2.5 g; KH 2 PO 4 . 2 H 2 O, 1.0 g; MgS0 4 , 0.5 g; (NH 4 )Fe(S 0 4 ) 2 . 12 H 2 0 , 0.2 mg; 
Z 11 SO 4 . 7 H 2 O, 0.2 mg; MnS 0 4 .H 20 , 0.1 mg; thiamine hydrochloride, 0.1 mg; and a suitable 
carbon source. 

14.9 ANALYTICAL METHODS 


Protein concentration can be determined by using the method of Bradford, which uses 
Pierce reagent 23,200 (Pierce Chemical Company, Rockford, IL, USA) in combination 
with an acidic Coomassie Brilliant Blue G-20 solution to absorb at 595 nm when reagent 
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binds to the protein. A 20 mg l -1 bovine serum albumin (Pierce Chemical) solution was used 
as the standard. Starch concentration was measured by the orcinol method, 
using synthetic starch as the reference. A yellow-to orange color is obtained and measured 
at 420 nm when orcinol reacts with carbohydrates. Absorbance is determined by 
spectrometry. 

14.9.1 Coomassie—Protein Reaction Scheme 

This protein assay works by forming a complex between the protein and the Coomassie 
dye. When bound to the protein, the absorbance of the dye shifts from a wavelength of 
465—595 nm (A 595 ). The reagent generates a stronger blue color that is detected at the spec¬ 
ified wavelength. You will first generate a standard curve using the protein bovine 
serum albumin (BSA) by measuring the absorbance at 595 nm of a series of standards of 
known concentration. Next, you will measure the absorbance at wavelength of A 595 for 
all of your samples and determine its concentration by comparison with the standard 
curve. 

Protein + Coomassie G-250 in acidic medium —> protein—dye complex (blue; measured at 
595 nm) 

14.9.2 Preparation of Diluted Bovine Serum Albumin Standards 

Prepare a fresh set of protein standards by diluting the 2.0 mg per ml BSA stock standard 
(stock solution) as shown in Table 14.3. There will be sufficient volume for three replications 
of each diluted BSA standard, if necessary. 

14.9.3 Mixing of the Coomassie Plus Protein Assay Reagent 

Allow the Coomassie Plus reagent to come to room temperature. Mix the Coomassie Plus 
reagent solution just before use by gently inverting the bottle several times. Do not shake. 


TABLE 14.3 Preparation of BSA concentration for standard calibration curve 


Volume of BSA to add 

Volume of diluents 
(buffer) to add 

Final BSA concentration 

300 til of stock 

0 ill 

Stock — 2000 gg mP 1 

375 |il of stock 

125 ill 

A - 1500 gg mP 1 

325 id of stock 

325 ill 

B - 1000 ug mP 1 

175 til of A 

175 ill 

C - 750 gg mP 1 

325 pi of B 

325 ill 

D — 500 gg mP 1 

325 pi of D 

325 11 I 

E - 250 gg mP 1 

325 pi of E 

325 11 I 

F — 125 gg mP 1 

100 ill of F 

400 ill 

G - 25 gg mP 1 
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FIGURE 14.2 Calibration curve for 1.4 
BSA standard solution. 
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14.9.4 Standard Calibration Curve 

Prepare a standard curve by plotting the average blank corrected 595-nm reading for each 
BSA standard versus its concentration in mg 1 _1 , using the standard curve; determine the pro¬ 
tein concentration for each unknown sample. The calibration curve for the BSA standard is 
prepared using standard albumin, 50 ml Pierce 23,210 with a concentration of 2 g 1 _1 , diluted 
with 1 M NaOH solution. Add 1 ml of 1 M NaOH with 0.1 ml of diluted sample plus 5 ml of 
reagent, protein assay 23,200 Pierce, stirred with a vortex mixer. Read the absorbance with a 
spectrophotometer at 595 nm. The resulting data for the calibration curve are shown in 
Figure 14.2. 

14.9.5 Standard Calibration Curve for Starch 

A standard solution of soluble starch, 2 g l -1 well dissolved in an alkali solution, was pre¬ 
pared. With heating, the powder becomes a clear solution. A diluted solution from 200 to 
2000 mg l -1 was prepared. Dissolved 0.4 g of orcinol (3, five dihydroxy toluene) in 99.6 g 
of H 2 SO 4 ( 66 % acid). Prepare 500 ml orcinol reagent, 170 ml water with 330 ml acid. Add 
acid to distilled water and gradually dissolve 3.115 g orcinol in the diluted acid solution. 
Take 0.1 ml of the diluted starch sample with 0.9 ml of distilled water, and then add 2 ml 
of the prepared orcinol reagent, heated in a boiling water bath for 15 min, stop the reaction 
by cooling it in an ice water bath. Add 7 ml of distilled water; read the absorbance at 420 nm. 
Plotting the data can find the given results as projected in Figure 14.3. 


14.10 SINGLE-CELL PROTEIN PROCESSES 


Using brewer's yeast, Saccharomyces cerevisiae, the process was developed for the large- 
scale production of food. During World War I, a large-scale process for production of SCP 
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FIGURE 14.3 Standard 
curve for starch solution. 


calibration 


was developed in Germany. About 60% of food was replaced by massive brewing of yeast, S. 
cerevisiae. In World War II, the yeast-based food made an important contribution in the 
German diet. The yeast was incorporated mainly into soup and sausages. Special strains of 
yeast, Candida arborea and Candida utilis, were predominantly used. In the 1960s, several 
large-scale plants for the production of SCP were developed by British Petroleum (BP), as 
the organisms were able to use the aliphatic compounds of petroleum. Candida lipolytica 
was able to convert carbon sources originating from petroleum to protein. C. lipolytica was 
grown on alkanes, a yeast-based food. Other strains and Candia also are used for SCP produc¬ 
tion. For the SCP produced by BP from distilled n-alkanes, the cells were separated, salted, 
dried, and used as animal feed. 

In the process developed by BP, the protein was named "Toprina." BP planned to go for 
large-scale production, and the protein was proved toxicologically safe. The rising price of 
petroleum initiated the plan, but it was unable to contribute to reducing shortages of food 
and feed sources for humans and animals. Production of an SCP named "Pruteen" from 
methanol by biooxidation of methane was another a successful case in SCP-process develop¬ 
ment using Methylophilus methylotroplms. However, the whole project of SCP has been a 
victim of political or economic issues in Europe and Japan. Methane is an abundant and 
cheap carbon source without any toxicity; it is the main constituent of natural gas and is 
also produced from anaerobic digestion tanks. There are many biocatalysts involved in 
methane biooxidation using stable mixed cultures. This mixed culture is one of the best ex¬ 
amples of symbiosis. At first, methane in the gas phase is bubbled into the media, then it 
is biologically oxidized to methanol. Gram-negative bacilli (rod shapes) are used, while meth¬ 
anol is produced in the presence of biocatalysts. Methane is a pure carbon source; it is easily 
used by several microorganisms such as Methylomona and Methylococcus. Another species that 
has been extensively studied is Methylomonas methanica. Supplements of nitrogen, trace 
metals, and minerals are required for optimal growth. Mixed cultures of gram-negative 
rod-shaped bacilli have the potential to oxidize methane and produce methanol, whereas 
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other organisms present used methanol as a carbon source to produce SCP. This is an 
example of symbiosis in mixed culture, by which an intermediate product is formed that is 
then used by the second organism. Acinetobncter and Flavobacterium are often used in mixed 
culture for producing SCP from methane. The fermentation of methanol to SCP was done in 
an airlift fermenter with sufficient aeration and without any mechanical agitation, using 
Methylophilus methylotropha. The SCP known as "Pruteen" contained 72% crude protein. 
The product was marketed for feed as a source of energy, vitamins, and minerals with suf¬ 
ficient protein content. The amino acid analysis was satisfactory, as the methionine and lysine 
contents of Pruteen were compared to the protein content of white fish meal. 


14.11 NUTRITIONAL VALUE OF SINGLE-CELL PROT EIN 

The nutritional value of SCP depends on the composition of its amino acids, vitamins, and 
nucleic acids. The nutrient value of SCP may have a positive and negative impact. The rigid 
cell wall, the high content of nucleic acids, allergies, and the gastrointestinal effect should be 
considered as negative impacts. However, with special treatment, it is possible to eliminate 
these from the product. A long-term use of SCP is required to consider and remove any toxi¬ 
cological effects and carcinogenesis. The positive point for SCP is the high content of protein 
with sufficient enzymes, minerals, and vitamins. 

The protein content of SCP is very high. Dried cells of Pseudomonas sp. grown on normal 
petroleum-based liquid paraffin contain 69% protein. Algae normally possess about 40% pro¬ 
tein. The protein content of SCP is absolutely dependent on the raw material used as a car¬ 
bon source and the microorganisms grown on the media. The proteins of the microorganisms 
contain all the essential amino acids. Table 14.4 presents the average protein contents of bac¬ 
teria, yeast, fungi, and algae. 

Microorganisms such as yeast and bacteria have a short doubling time, normally in the 
range of 5—15 min; mold and algae are two to four h. The fast brewing of microorganisms 
compared with plant cells is a promising point for food replacement and shortage in the 
new millennium. In terms of amino acids, bacterial protein is similar to fish protein. The 
yeast's protein is almost identical to soy protein; fungal protein is lower than yeast protein. 
In addition, SCP is deficient in amino acids with a sulfur bridge, such as cystine, cysteine, 
and methionine. SCP as a food may require supplements of cysteine and methionine, 
whereas they have high levels of lysine vitamins and other amino acids. The vitamins of 


TABLE 14.4 Cellular composition of SCP from various microorgan¬ 
isms (dry weight per cent) 1 



Yeast 

Bacteria 

Fungi 

Algae 

Protein 

45-55 

50-65 

30-45 

40-60 

Nucleic acid 

6-12 

8-12 

7-10 

3-8 

Fat 

2-6 

1.5-3 

2-8 

7-20 

Ash 

5-9.5 

3-7 

9-14 

8-10 
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TABLE 14.5 Essential amino acid content of the cell protein in comparison with 
other reference Proteins (weight%)’ f 


Amino acid 

Cellulomonas 

Saccharomyces 

cerevisiae 

Penicillium 

notatum 

SCP 

(BP) 

Egg 

Cow 

milk 

Lysine 

7.6 

7.7 

3.9 

7.0 

6.3 

7.8 

Threonine 

5.4 

4.8 

- 

4.9 

5.0 

4.6 

Methionine 

2.0 

1.7 

1.0 

1.8 

3.2 

2.4 

Cysteine 

- 

- 

- 

- 

2.4 

- 

Tryptophane 

- 

1.0 

1.25 

- 

1.6 

- 

Isoleucine 

5.3 

4.6 

3.2 

4.5 

6.8 

6.4 

Leucine 

7.3 

7.0 

5.5 

7.0 

9.0 

9.9 

Valine 

7.1 

5.3 

3.9 

5.4 

7.4 

6.9 

Phenyalanine 

4.6 

4.1 

2.8 

4.4 

6.3 

4.9 

Histidine 

7.8 

2.7 

- 

2.0 

- 

- 

Arginine 

6.4 

2.4 

- 

4.8 

- 

- 


microorganisms are primarily of the B type. Vitamin B 12 occurs mostly in bacteria, whereas 
algae are usually rich in vitamin A. The most common vitamins in SCP are thiamine, ribo¬ 
flavin, niacin, pyridoxine, pantothenic acid, choline, folic acid, inositol, biotin, B| 2 , and 
P-aminobenzoic acid. Table 14.5 shows the essential amino acid analysis of SCP compared 
with several sources of protein. 


14.12 ORGANISMS AND SUBSTRATES FOR SINGLE-CELL 
PROTEIN PRODUCTION 


SCPs are used as a protein supplement in human diets or animal feeds. Microorganisms 
such as bacteria, fungi, yeast, and algae are able to use inexpensive raw material as a carbon 
source like starch, lignocelluloses and organic wastes as energy sources for the cell growth, 
and proteins along with amino acids, lipids, and vitamins. In fact, SCP has high nutritional 
value; however, there is a risk of allergic reaction due to the presence of massive cells result¬ 
ing from the high content of nucleic acids. Production of SCP by any organism that can syn¬ 
thesize similar amino acids profiles like plant or animal proteins, such as algae, is highly 
recommended. 

Inactive dried baker's yeast is used as dietary source of vitamins and trace minerals and is 
added for supplementary nutrients to enhance microbial cell growth. The dried powder is 
used for humans as a source of flavor and vitamins. The use of SCP for human food additives 
is under question because of the high concentration of nucleic acids known as purine and py¬ 
rimidine. Generally, in an animal's digestive system, the pathway of nucleic acids catabolism 
results in uric acid, while in human digestion it may face difficulties. 
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As algae containing chlorophylls can assimilate carbon dioxide from air using the free en¬ 
ergy from the sun, while bacteria have no chloroplast to act as photoautotroph; therefore, 
they require an organic carbon as a reliable source of energy. Chlorella sorokiana and Chondrus 
crispus are capable of assimilating CO 2 in the presence of chloroplast via photosynthesis. Sce- 
nedesmus sp. and Chlorella pyrenoidosa are green algae that can use sugarcane and lactose from 
whey for protein purposes. 

Table 14.6 summarizes several organisms and suitable substrate selections for SCP produc¬ 
tion. For the purpose of selection, identification, and definition of desired substrate for suit¬ 
able organism, several important substrates are discussed. 

14.12.1 Cellulose 

Cellulose is an attractive raw material for SCP production because of its abundance. The 
association of cellulose with lignin in wood makes it difficult to hydrolyze and extract mono¬ 
meric sugar for SCP production. It should be noted that the use of mixed culture of cellulo¬ 
lytic (Cellulomonas sp.) and amylolytic organisms ( Bacillus subtilis) in aerobic condition for 
breakdown of cellulose and saccharification of starch is very helpful to supply more carbohy¬ 
drate to organism for SCP production, especially in the case of potato waste. 


TABLE 14.6 Substrate selections for SCP production 


Microorganism 

Substrate 

Remarks 

Methylopliilus methylotrophus 

Methanol 

Methane is converted to methanol 

Candida sp. 

n-Paraffin 

Paraffinic compound is used as a carbon source, while 
gaseous ammonia and other nutrients such as trace 
metals are added 

Kluyveromyces marxianus 

Lactose, whey 

Whey is deproteinized and used as a suitable substrate; 
whey contains about 5% lactose, 0.8% protein and 

0 .2—0.6% lactic acid 

Fusarium graminearum 

Glucose and molasses 

Food-grade glucose was the substrate for production of 
fungal SCP; medium components include glucose syrup, 
gaseous ammonia, salts, and biotin 

Candida utilis 

Sulphite waste liquor 

Protein supplement by fermentation of sulphite waste 
liquor 

Paecilomyces varioti 

Sulphite waste liquor 

Organism grown on sulphite waste liquor 

Saccharomyces fibuligera and 
Candida utilis mixed culture 

Starch 

S. fibuligera produces the enzyme necessary for starch 
degradation, enabling co-growth of C. utilis 

This process is known as simultaneous saccharification 
and fermentation 

Chaetomium cellulolyticum 

Cellulose from natural 
sources and waste wood 

Thermal or chemical pretreatment, used in combination 
with enzymatic hydrolysis, is usually required 

Cellulomonas sp. 
Thermoactinomyces 

Bagasse 

Animal waste 

The cultures can be sued in Solid State Fermentation 
(SSF) and submerged culture for biomass production 
from lignocellulosic wastes 
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14.12.2 Starch 

SCP from corn and potato starch uses two yeast strains. Sacchnromyces fibiiligera produces 
the enzyme necessary for starch degradation, followed by the growth of C. utilis on hydro¬ 
lyzed sugar to SCP. 

14.12.3 Whey (Lactose) 

Whole milk whey or deproteinized whey is a carbohydrate source that creates disposal 
problems. (High Biological Oxygen Demand (BOD)) Problems associated with whey for 
SCP production are usually insufficient substrate, seasonal supply variations, and its high 
water content (>90%), which makes transport prohibitively expensive. While most organisms 
do not grow on lactose as a carbon source, strains of the yeast Kluyveromyces marxianus 
readily grow on lactose. 

14.12.4 Glucose 

Food-grade glucose was the substrate for the production of fungal SCP using Fusarium gra- 
minearum. The strategy adopted was to take advantage of the mycelial fiber content to produce 
a range of high added-value products, including meat analogues for human consumption. 

14.12.5 Alkanes 

SCP fermentation process using high alkanes with 10—20% wax from gas oil is considered 
an economical process. However, the price of crude is rising, and the processes required for 
the recovery of proteins are exhaustive. Other alkane-based SCP processes were developed, 
but the only problem related to the presence of the potential carcinogenic residues caused 
most of the plants never to reach start up for operation. 

14.12.6 Methane/Methanol 

Methane was initially considered as an SCP raw material, but the gaseous substrates may 
have purification problems due to limited mass transfer. However, methane is easily con¬ 
verted to methanol through the oxidation process; the solution is cooled for fermentation. 
Methanol is oxidized via dehydrogenation to formaldehyde, which can either be assimilated 
for conversion to cell mass or further oxidized to CO 2 . The specific growth rate of Methylophi- 
lus methylotrophus using methanol as a substrate is approximated to be 0.5 h -1 , and the cell 
yield is 0.5 g/g. Cells are recovered by agglomeration followed by centrifugation, flash drying, 
and grinding. The bacterial SCP product for animal feed with 80% protein is named Pruteen. 

The key criteria for SCP production are the selection of suitable strains. The desired and 
selected organism required suitable carbon and nitrogen sources, with additional supplemen¬ 
tary nutrients. In general, fungi have the capacity to degrade a wider range of complex plant 
materials, particularly plant polysaccharides. They can tolerate a low pH level, which contrib¬ 
utes to reduced infections in the fermenter. Bacteria, in general, produces a more favorable pro¬ 
tein composition than yeast or fungi. The protein content in bacteria can range from 60 to 80%, 
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TABLE 14.7 Protein productivities for selected microorganisms 


Microorganism 

Substrate 

Protein productivity 

Chaetornium cellulolyticum 

1% wheat straw pretreated with caustic soda 

0.074 g (1 hp 1 

Chaetornium cellulolyticum 

4% newspaper pretreated with ball milling 

0.023 g (1 hp 1 

Myrothecum verrneavia 

1% barley straw pretreated with caustic soda 

0.038 g (1 hp 1 

Thricoderma reesei 

5% rice straw pretreated with caustic soda 

0.014 g (1 hp 1 

Cellulomonas sp. 

1% com stover pretreated with caustic soda 

0.089 g (1 hp 1 

Alcaligenes faecalis 

1% com stover pretreated with caustic soda 

0.088 g (1 hp 1 


whereas fungi selected for biomass production and yeast have protein contents in the range 
of 40—45%. However, the problem associated with high bacterial protein levels is an unde¬ 
sired nucleic acid content. Microorganisms involved in SCP production must be safe and 
acceptable for food purposes. Some bacterial proteins have amino acid profiles similar to 
plant/animal protein. Agaricus bisporus is able to produce an enzyme for the hydrolysis 
of lignocellulosic wastes. In addition, Candia tropicalis and C. utilis are able to assimilate 
cellulose to liberate monoeric sugar and then proteins. Endomycopsis fibuligira is one of 
the amylase producers using amlylolytic fungus along with organism such as C. utilis to 
synthesize protein that may enhance SCP production. From the fungus group with amylo- 
lytic and cellulytic enzyme, Trichodernia viride can produce extracellular cellulose; while 
Paecilomyces variotti and Chaetornium cellulolyticum are in cellulytic group and can synthesize 
protein concentrations of 55% and 80%, respectively. The protein productivities of several 
selected microorganisms are stated in Table 14.7. 


14.13 ADVANTAGES AND DISADVANTAGES OF SINGLE-CELL 

PROTEIN 


The addition of SCP to the diet of a milking cow increases milk production and production 
efficiency by 15%. Microorganisms such as bacteria and yeasts grow rapidly and contain 
more uric acid than slower-growing plants and animals. Although the uric acid limits the 
daily intake of SCP for humans and monogastric animals such as pigs and chickens, rumi¬ 
nants such as cattle, sheep, and goats can tolerate higher levels of uric acid or break down 
urea and excrete it as ammonia. 

About 80% of the total cell nitrogen is amino acids, whereas the remaining 20% is 
possibly fat, ash, and nucleic acids. The concentration of nucleic acids in SCP is higher 
than in conventional proteins. That is the characteristic of all fast-growing organisms. 
The problem occurs with the consumption of proteins, roughly 10% of nucleic acids. The 
high nucleic acid content of SCP results in an increase in uric acid in serum and urine. 
Uric acid is the final product of purine degradation in humans. Most mammals, reptiles, 
and mollusks possess the enzyme uricase, and they are able to oxidize uric acid to allantoic 
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acid. High uric acid levels in humans causes gout. That disease results from the elevation of 
uric acid in body fluid. Its manifestation is painful inflammation of arthritic joints. In ani¬ 
mals with urease and allantoicase, the biodegradation of uric acid is accelerated, and the 
end product is ammonia. In the human body, the lack of such enzymes causes the catabo¬ 
lism of uric acid to be terminated, and uric acid has to be excreted in urine through the 
kidneys. 9,20 

The removal and reduction of the nucleic acid content of various SCPs is achieved by 
chemical treatment with sodium hydroxide solution or high salt solution (10%). As a result, 
crystals of sodium urate form and are removed from the SCP solution. The quality of SCP 
can be upgraded by the destruction of cell walls. That may enhance the digestibility of SCP. 
With chemical treatment, the nucleic acid content of SCP is reduced. 

The presence of uricase assists the uric acid to be hydrolyzed, and the end product of pu¬ 
rine degradation is completed with the addition of uricase. 


1 4.14 PREPARATION FOR EXPERIMENTAL RUN 

1. Prepare seed culture and use it for inoculation of 2 1 airlift and 2 1 B Braun biostat B us¬ 
ing soluble starch or glucose. 

2. Perform fermentation for 24 h in a batch system. 

3. Monitor DO level and control pH at 6.7—7 by using 0.2 M phosphate buffer solution. 

4. Measure SCP based on standard methods and analysis explained above. 

5. Determine yield of SCP-based carbon sources. 

6 . Take usual samples at intervals of 4—6 h. 

7. Measure carbon sources remaining. 
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15.1 INTRODUCTION 


The control or elimination of living organisms is performed by either physical and/or 
chemical agents. Since most of the targeted biological products are conducted in pure culture, 
sterilization should be done prior to any operation. In fact, sterilization is the action of 
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eliminating microorganisms from a medium. Sterility is the absence of any detectable and 
viable microbes in a culture medium or in the gas phase. Sterilization is a process that destroys 
all living organisms, spores, and viruses in a pressurized vessel at high temperatures. This 
means that heat as a physical agent is used to denature the protein content of the cell. In the 
food and dairy industries, sterilization is commonly used to preserve food products. At the 
laboratory scale, huge steel vessels with live streams at 105 kPa (15 psig) are commonly 
used for 20—30 min. This is a closed system known as an autoclave; therefore, it is batch ster¬ 
ilization. The temperature is raised to 121 °C when air is initially flushed out and all live 
streams are replaced. Wet steam is usually used for effective autoclaving. The high tempera¬ 
ture and long duration may kill all living microorganisms, spores, and viruses. When medium 
is prepared, to eliminate bacterial and fungal contaminants it must be heat treated at high 
pressure. Even at high temperatures the fungal spores may survive if only heat is used. There¬ 
fore, media are autoclaved at 121 °C and 105 kPa (15 psig). In fact, an autoclave is used like a 
pressure cooker, which is a convenient and economical autoclaving equipment. 

Overheating the prepared media may have a negative impact, causing the media pH to be 
unstable. Acid pH is very sensitive to overheating. Overheating in media containing sugars 
causes the carbohydrate to be caramelized. These media may have a reverse impact, reducing 
bacteriological performance. Gelatinous media or any nutrient agar at acidic pH is hydro¬ 
lyzed. This is due to the acidic conditions of catalytic activities or excess amounts of protons 
breaking down the solid media and extra sugars forming. This may cause substrate inhibition 
on the growth of organisms on solid slant media. 


15.2 CONTROL OF MICROBIAL POPULATION 
BY PHYSICAL AGENTS 


Physical agents such as high temperature or heating may cause reduction of the microbial 
population. Other physical agents such as osmotic pressure, radiation, and surface tension 
may also cause the reduction of a microbial population. Filtration is one of the physical agents 
that can be effectively used in bioprocesses, especially in downstream processing for recovery 
of biological products and reduction of microbial cells. The term control of a microbial pop¬ 
ulation is strictly used for reduction of the number of living organisms in cultured media. Let 
us have an incineration unit working at high temperature in a defined volume of microbial 
culture with a billion of cells per unit volume of culture suddenly exposed and dumped 
into an incinerator. Phase transition occurs in a short while. All masses of organisms and 
germs are transferred to vapor and ash. Deformation of cells instantaneously occurs. In 
such a case, the rate of control of microbial cells has no meaning because at very high tem¬ 
peratures we are unable to detect reduction and destruction of cells with respect to time. 
Vice versa, let us synthesize a unique organic compound similar to an amino acid. The 
organic compound is introduced into a medium with growing culture as cells and proteins 
are formed. Based on similarities existing between the chemical agent and the amino acid, 
all are involved in the synthesis of a new biomolecule. In this process, the chemical agents 
are used in the biosynthesis. Once the new molecule is built, it is expected to function in 
the cell; at this stage the biomolecule is deprotected. It can act as a bactericide. Therefore, 
the synthesized molecule causes the deactivation of the newborn cell. These mechanisms 




15.4 BATCH STERILIZATION 


437 


are used in medicine for control of a cell population. The synthesized molecules are purposely 
used. The response for cell growth control may take some time but it works effectively. In this 
case, the rate of control of an organism has great value in reducing the microbial population. 
Also, the death rate can be calculated by measurements of cell populations with respect to 
time. It is well understood that microorganisms are removed, killed, or inhibited by means 
of physical and chemical agents. Application of these agents for various processes may 
require specific techniques. It is also necessary to focus exactly on the type of process to 
find out how to control microorganisms in an effective and efficient manner. 

15.3 DEATH RATE OF LIVING ORGANISMS 


If a chemical agent is also added to a culture with a high population of living cells for ster¬ 
ilization, the concentration of the chemical is directly related to the time required for the 
removal of living cells. The action of disinfection for the required time is defined as the death 
rate. The rate of death is defined as how fast the organisms are destroyed. The number of cells 
removed with respect to time is also known as the death rate. Let us assume we have shotgun 
targeting of cell bodies in densely populated living organisms. The question is how fast can 
we destroy the cells or prevent propagation of living organisms. 

The physical agents, for instance, can be filtration or even heating. Any physical process 
which can eliminate organisms without a chemical reaction is called physical sterilization. Heat¬ 
ing is one of the methods of action at high temperatures. Protein materials are denatured at high 
temperatures; even a fast death rate is achieved. Let us focus on pasteurization of milk. The 
operation of controlling the population of organisms in an enriched media of nutrients known 
as milk is carried out at 65—67 °C for a duration of 20—30 min. The slow heating is required to 
preserve all precious nutrients present in the milk. As the temperature increases, the duration of 
milk's exposure to heating at 95 °C must be shortened to a few minutes. For high temperatures 
of around 130—137 °C, the contact time of hot-plate sterilization must be even less than 30 s. 

If organisms are suddenly exposed to high temperatures, let us say in incineration, the 
destruction of cells is instantaneous; therefore, it is not possible to determine the death 
rate. Another example is a droplet of populated culture introduced into an acidic solution. 
In such cases determination of death rate is not possible. Figure 15.1 illustrates the surviving 
organisms with respect to temperature and exposure time. In fact, it was found that the heat 
effectiveness was much greater than chemical agents for reduction of the cell population. 

15.4 BATCH STERILIZATION 


Batch sterilization uses steam to eliminate living organisms. Heat losses, heating, and cooling 
are major steps, and it is a time-consuming process. It requires air to be evacuated and replaced 
with steam. First the chamber is flashed with pressurized steam. With this technique we can get 
rid of the existing air. Steam sterilization is performed in a jacketed vessel by supplying steam 
and maintaining the set pressure and temperature at a constant level for a fixed duration. Batch 
sterilization wastes energy and overcooks the medium. There is no conservation of energy; there¬ 
fore, the process may not be economical for implementation on a large-scale. Batch sterilization is 
commonly used at bench and laboratory scales as the diagram shows in Figure 15.2. 
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FIGURE 15.1 Survival of organism with increasing 
temperature, decreasing cell population. 



Time, min 


FIGURE 15.2 Pressurized steam 
sterilizer (autoclave). 



Batch media sterilization is performed in an autoclave. Basically, it is a huge steam 
cooker. Steam enters the jacket of the surrounding chamber. When the pressure from 
the steam has been built up in the jacket, a venting valve for the outlet of chamber air 
is closed and the inlet valve allows the steam to enter the chamber. The pressure of the 
chamber is increased to 105 kPa (15psig). At this point the sterilization time begins to 
count down. Usually 15—30 min is used, depending on the type and volume of media. 
For instance, sterilization of 1 1 of media at 121 °C requires 20 min. Larger volumes may 
require longer retention times for sterilization. There are recommended holding times of 
20, 10, and 3 min for 121, 126, and 134 °C, respectively. As the temperature increase, the 
holding time is sharply reduced. Even at temperatures above 143 °C, it may take a few 
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FIGURE 15.3 Batch sterilization temperature—time profiles. 



FIGURE 15.4 Reduction of cell population in batch sterilization. 


seconds for sterilization. The high pressure in a closed container allows the temperature to 
exceed 121°C. 

In batch sterilization, a typical temperature distribution with respect to time is shown in 
Figure 15.3. Temperature variations in heating, holding, and cooling time periods are illus¬ 
trated in this figure. The rate of cell population reduction for batch sterilization with respect 
to time is shown in Figure 15.4. In Figure 15.4, N 0 is initial cell population. The time for hold¬ 
ing starts from f | with a cell population of N\ and ends at with a population of N 2 ; the death 
rate is gradually continued while the system is cooling. 


15.5 CONTINUOUS STERILIZATION 


One method for continuous sterilization of medium for fermentation is the direct use of 
live steam by injection of steam into the medium. The heat exchanger is eliminated. The 
medium stays in a loop for a predetermined holding time until the entire medium is sterile. 
The problem with directly injecting steam is dilution of medium as it is initially cold. FIow- 
ever, it has better heat economy, because it comes from substituting heat exchangers for direct 
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steam injection. To utilize all the supplied heat, preheaters or heat economizers are used. 
Instead of having a cold water stream to cool the sterile media, the lower temperature, unster- 
ile media stream takes the primary heat from the warm stream, cooling the sterile media. 
Continuous sterilization has a holding coil for detention long enough to kill all the microor¬ 
ganisms. The medium from a make-up vessel flowing through the exchanger is held in the 
coil, and then goes through the heat exchanger, heating more unsterile medium while 
becoming cool itself, as it is collected in a sterile fermenter. Figure 15.5 presents the sequence 
of piping that media go through, along with steam. Finally, the media are collected in a 
vacuum flash drum. In addition, in Figures 15.6 and 15.7 are seen schematic diagrams for 
continuous sterilization using direct injection of steam and indirect application of steam 


FIGURE 15.5 Continuous sterilization. 


Steam injector 


FIGURE 15.6 Continuous steril¬ 
ization with direct steam injection 
and flash cooler. 


1 



Fermenter 
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Raw medium 



FIGURE 

sterilization 

exchanger. 


15.7 Continuous 
using steam heat 


through heat exchangers and economizers to supply fresh and sterilized media for 
fermentation. 

Heat economizers are important for a large-scale plant unit in continuous sterilization. For 
a small-scale bioreactor use of direct steam injection is much simpler to operate. A heat 
exchanger is then needed with cooling water to bring the medium back to ambient temper¬ 
ature. Therefore, jacketed vessels are commonly used with cooling water. There are advan¬ 
tages and disadvantages to batch and continuous sterilization. The energy savings are 
related to the use of an economizer and direct stream or indirect sterilization. In a large- 
scale system, economy and role decide which one is the most suitable process to be imple¬ 
mented. For each case the specific design must be evaluated in terms of the thermal efficiency 
and fixed costs involved. 


15.6 HOT PLATES 


In directing steam heating, continuous sterilization is preferable. The medium passed 
through preheaters may reach about 90 °C, and then very quickly sterilization may take place 
at 140 °C. Figure 15.8 shows a countercurrent hot-plate heat exchanger that is normally used 


Cold liquid in 


Cold liquid out 



Hot liquid in 


FIGURE 15.8 Countercurrent hot-plate heat 
exchanger. 


Hot liquid out 
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for continuous sterilization. Hot-plate heat exchangers are extremely efficient and easily 
maintained if any fouling or scale deposition takes place. Normally fouling is a serious prob¬ 
lem, occurring by deposition of proteins on the hot surface of the exchanger, which causes 
reduction in the overall heat transfer coefficient. Plate exchangers are easily separated and 
cleaned. Special care must be taken when the media contain any agglomerated particles. 
Correlation is required to calculate the suitable residence time for sterilization. The choice 
of a suitable sterilization process is based on economics and cost of the heat exchangers to 
reduce energy consumption. In a suitable exchanger, the larger the heat transfer coefficient, 
the greater the energy recovery. 


15.7 HIGH-TEMPERATURE STERILIZATION 


Fast sterilization is performed at high temperatures. High-temperature sterilization 
requires short holding times. This technique is used in the fast preparation of nutrient media 
for industrial bioprocesses and in pasteurizing milk. A short retention time may favor media 
with heat-sensitive proteins and cause less damage to the biochemical composition of the 
media than more prolonged times at lower temperatures. The ability of high temperatures 
to perform rapid sterilization is related to activation energies. That is affected by how fast 
bacteria are killed in an elevated temperature. On the other hand, long sterilization at high 
temperatures may destroy the protein and biochemical composition of the media. Short dura¬ 
tion sterilization at high temperatures are more lethal to organisms and less chemically 
damaging than longer sterilization processes at lower temperatures. Sterilization at high tem¬ 
perature is recommended for 3 min at 134 °C. It is preferable to sterilize for more than 20 min 
at 115 °C in a conventional operation. 


15.8 STERILIZED MEDIA FOR MICROBIOLOGY 


Sterile media are used for pure culture. The media used to culture microorganisms depend 
on the living conditions of the microorganisms. Media compositions must be identified based 
on the needs of the organisms for carbon, nitrogen, and phosphorus. Nutrients such as pro¬ 
tein and sugars are added at wide ranges of pH. The acidic, neutral, and alkaline conditions 
are defined based on differentiation of microbes in their biochemical reactions. Color indica¬ 
tors are used to observe any transition of pH. Buffer is used in the media to maintain constant 
pH. Growth factors and growth stimulants are also used to accelerate microbial growth and 
to maintain exponential growth. The most common medium in the liquid phase is nutrient 
broth; in the solid phase, nutrient agar is used to propagate microorganisms. 

When microbiological media are prepared, it must be sterilized before any inoculation of 
organisms. Sterilization is used to eliminate any microbial contamination that may originate 
from air, glassware, or hands. Microbes propagate quite quickly: within a few hours there 
will be thousands of organisms reproduced in the media. To control the growth of unwanted 
organisms, the media must be sterilized quickly before any microbes start to utilize the 
nutrients. The sterilization process makes the medium absolutely free of contaminants and 
guarantees that the medium will stay sterile, so that it is used only for the desired organisms. 
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The kinetics of culture media sterilization describes the rate of destruction of microorgan¬ 
isms by steam using a first-order chemical reaction rate model. As the population of micro¬ 
organisms ( N ) decreases with time, the rate is defined by the equation 

= kdN (15-8.1) 

where N is the number of viable organisms present in the culture media, t is the retention 
time or sterilization time, and /c ( j is the reaction rate constant as it is known for a specific death 
rate. Using separation of variables and integrating with initial conditions (N = N 0 at f = 0), 
the following useful expression is obtained 

N(t) = N 0 e~ kdt (15.8.2) 

where N 0 is the number of viable organisms present in the media at the starting point before 
sterilization. Now take the natural log of (Eqn 15.8.2); it is reduced to a linear model: 


In 


m 

No 


= —kdt 


(15.8.3) 


The graphical presentation of the equation shows a straight line with a negative slope for 
Aq. As the death rate constant follows Arrhenius' law, the death rate constant is temperature 
dependent. The value of kd is about 0.02 min -1 at 100 °C; the death rate constant increases by 
10-fold at 110 °C and 100-fold at 120 °C. 3-6 


k d 


= k n e~ E ' RT 


(15.8.4) 


In 


k A 

ko 


E 

RT 


(15.8.5) 


where k a is the death rate constant at a reference temperature also known as Arrhenius' con¬ 
stant, R is the gas constant, T is the absolute temperature, E is the activation energy, which is 
60—70 kcal per mole for microorganisms, 100—150 kcal per mole for spores, and 30—40 kcal 
per mole for media with vitamins and protein solution. 2 Figure 15.9 shows the linear model 



FIGURE 15.9 The loss of cell viability at various temperatures. 
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for (Eqn 15.8.3), the loss of cell viability at various temperatures. The actual data can be 
plotted; the slope of the line shall define the value for specific death rate, k d . As the temper¬ 
ature increases from 105 to 121 °C, the value for the slope of the line sharply increases. This 
means that the number of viable cells at a fixed time of sterilization will drastically decrease 
as the temperature increases by 16 °C. 

During sterilization, for the specific death rate (/c t j) is not constant, the medium tempera¬ 
ture in the course of sterilization (heating, holding, and cooling), the rate constant is depen¬ 
dent on temperature. The rate constant temperature dependency according to Arrhenius law 
can be integrated stated as follows: 

t 

Vtotai = \n^ = K J e- E ' RT dt (15.8.6) 

o 

In batch sterilization, the heating, holding, and cooling cycle all contribute toward 
reduction of contaminant organisms; therefore, total sterilization time is the sum of three 
proportions involved in sterilization. 

^ total — ^heating ^holding ^cooling (15.8.7) 

h 

Voting = In ^ = k 0 J e~ E ' RT dt (15.8.8) 

0 

h 

V Mding = ln = k o J e~ E/RT df (15.8.9) 

h 

N ‘r 

Vcooimg = ln = K J e~ E/RT df (15.8.10) 

h 

Normally, heating, holding, and cooling periods may take 20%, 75%, and 5% of total ster¬ 
ilization time. In general, cell contaminants start to decrease at any temperature greater than 
85 °C; the rate of decreasing would be sharp at temperatures above 121 °C. In fact high tem¬ 
peratures cause faster denaturation of cell protein; as temperature increases the holding time 
decreases. 


EXAMPLE 1 

Assume that initial medium contaminants are 100 million cells per milliliter of medium, and total 
volume for sterilization is 10 m 3 . Let us sterilize the medium with a number of viable cells, one out 
of 1000. That is the probability level; it means out of 1000 times of sterilization once is not sterilized. 

a. Calculate sterilization time. 

b. If Del factors for heating and cooling are defined, also fc d for the contaminants is defined 
2.5 min -1 , what would be the required time in holding zone? 
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Solution 

N 0 = 10 8 cells ml -1 

N = 1CT 3 number of cells after sterilization 
Ptotal = 10 7 ml 


Ptotal 



In 


( 10 8 )( 10 7 ) 

ict 3 


= In io 18 


Del factor V = k A t 


43.75 


It has been estimated that the Del factors for heating and cooling are 9.8 and 10.2, respectively. 
Then the Del factor for holding would be 23.75; while the holding time at 121 °C is 9.5 min. 


For continuous sterilization, instead of holding time, use the ratio of length of holding sec¬ 
tion to average medium velocity (f = L/U); while average medium velocity is the ratio of 
volumetric flow rate over the cross-sectional area of sterilization pipe. One can define: 


N *= l _ p -kaL/U 

N 0 


(15.8.11) 


where N x= i/N 0 is degree of sterility. Let us define dimensionless Damkohler number (Da) or 
reaction number, N r= k^L/U; Peclet number, Np e = UL/D Z , where D z is axial dispersion 
coefficient (cm 2 s _1 ). The axial dispersion of flow in the design of a continuous sterilizer is 
critical, because dispersion of bulk flow of medium through the sterilization pipe is presented 
by Peclet number. Flow of medium in continuous sterilization for Reynolds number is nor¬ 
mally greater than 2100; which is turbulent. Figure 15.10 demonstrates the variation of Peclet 



FIGURE 15.10 Inverse Peclet number versus Reynolds number for experimental and theoretical projections. 













number with respect to Reynolds number, while the fluid behaves turbulent. Also, the plot of 
sterility versus reaction number for an exact value of Peclet number resulted in a straight line. 
The solution of the dispersion model for continuous sterilization is complicated; therefore; the 
illustrated plot of N x = L/N 0 versus Nr gives the solution of the projected model. Figure 15.11 
depicts the thermal destruction of microorganisms in the sterilization process with respect to 
Damkohler number and Peclet number. 


EXAMPLE 2 

Continuous Sterilization 

A fresh medium with fixed flow rate of 2.5 m 3 h~ 3 is going through a continuous sterilization 
system by an indirect steam heat source in a heat exchanger. The medium contains a bacterial 
contaminant concentration of six millions cells per milliliter of medium; the activation energy and 
Arrhenius constant for heat destruction are 300 kj mob 1 and 1.5 x 10 38 h , respectively. The risk of 
survival of contamination is one organism out of 100 days' operation composition. The sterilization 
pipe diameter is 15 cm and length of heat pipe is 20 m; assume that the density of medium is the 
same as the density of pure water and the viscosity of medium is 3.3 kg m _1 IT 1 . What would be the 
required sterilization temperature? 


Ni = 

N 2 _ 
Ni ~ 


6 x 10 6 cells 10 6 ml 2.5 m 3 24 h 


ml 

1 

3.6 x 10 16 


1 m 3 h day 
= 2.78 x 10’ 17 


(100 days) = 3.6 x 10 16 
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The average medium velocity in a sterilizing pipe is 


Re 


pUD 


2.5 m 3 h" 1 

TC (^) 2 


141.47 mh' 1 


(1000 kg m 3 )(141.47 m h _1 )(0.15 m) 
3.3 kg m _1 h _1 


6.43 x 10 3 


In order to calculate Peclet number, D z should be determined. According to Figure 15.10, based 
on experimental values for a conservative design of a sterilizer for determination of D z using the 
inverse function of Peclet number versus Reynolds number shows straight lines in turbulent flow; 
let us select the experimental curve as it gives an exact value for 1/Pe for a calculated value or Re; 
that may lead to a large value of D z . Read off from the presented graph for a given Reynolds 
number resulted in 


DJUD = 0.6 

D z = 0.6(141.47 mh” 1 ) (0.15 m) = 12.73 m 2 h” 1 

pg = UL = (141.47 mh 4 ) (20 m) = ^ 

D z 12.73 m 2 IT 1 


From Figure 15.11, for a given Peclet number and N 2 /N 1 ratio, a Damkohler number of about 45 
is obtained. Then, calculate k a: 


_ llD a _ (141.47 mh _1 )(45) _ 
d L 20 m 


Based on given expression (Eqn 15.8.4), the sterilization temperature is defined by the following 
equation: 




E 

RT 


-300 xlO 3 I moL 1 

8.314 JK - 1 mor 1 = 439 3 K Qr 166 ° C 
318.31 h " 1 

ln 7 rr..-,^38 i.-l 


15.8.1 Sterilization of Media for Stock Cultures 

To clear slant tubes, culture agar solution is prepared. To have clear agar solution, boil 
agar solution till it is clear. Agar is a polysaccharide. It is not soluble in cold water, so heating 
helps to dissolve it in water. Once the solution is dispensed in the tube, it goes for steriliza¬ 
tion. Agar is in the solid state at room temperature, about 35 °C. 

15.8.2 Sterilization of Bacterial Media 

Often, sterilization of culture media is performed in an autoclave at temperatures between 
121 and 134 °C. It is valuable to know the damage caused to the medium by heating it. Heating 
the culture medium containing peptides, sugars, vitamins, minerals, and metals results in 
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nutrient destruction, either a thermal degradation or a reaction between the components of the 
media. Protein in the media is denatured by high temperature, and sugars are easily caramel¬ 
ized. During the heat treatment, toxic compounds are formed, which may retard or inhibit the 
microbial growth. For minimal damage to the ingredients of the media, it is important to opti¬ 
mize and minimize the heating and holding time of the sterilization process, respectively. 


15.8.3 Sterilize Petri Dishes 

There are several ways to handle petri dishes. The standard dishes are 15—20 mm deep 
and 12—15 cm in diameter. They are normally available in glass and also transparent plastic. 
Petri dishes are individually wrapped. The medium is separately sterilized while we add the 
sterilized medium to the petri dishes in front of a flame. It is recommended to use 20—25 ml 
of medium in each petri dish. These are all called culture dishes. The medium contains about 
1.5—2% agar. After the medium cools off it solidifies. The petri dishes with the nutrient agar 
should be sterilized and stored in a refrigerator. 

It is common to sterilize the media and petri dishes separately. When the medium is cooled 
to about 55 °C, in front of a flame or in a laminar flow chamber, lift the lid of the dish enough 
to pour about 25 ml of the medium to the desired depth and lower the lid in place. It is best to 
gently move the petri dish in a way that spreads a thin layer of agar uniformly without any 
air bubbles. Distribution of media in the petri dishes should be done in front of a flame. Most 
plastic petri dishes are made of polystyrene and are not autoclaveable. Plastic petri dishes are 
easily deformed during sterilization at high temperatures. Some plastic dishes can be auto¬ 
claved, but they are more expensive. Please follow the instructions given by the manufacturer 
or obtain information from catalogs. 

It is recommended to autoclave glass dishes and medium separately. If your dishes are 
autoclaveable, you may dispense the agar into the dish and then autoclave it. In this case 
it is best to cool the dishes in the autoclave or in the pressure cooker to reduce the amount 
of water that will condense on the cover of the dish. 


15.8.4 Sterilization Steps in a Programmed Autoclave 

In a fully equipped autoclave, when we execute a sterilization program with the micropro¬ 
cessor, its screen is showing which cycle of the process is under operation. The control in an 
old system was poor and most operation was handled manually; however, in recent fabri¬ 
cated units detailed information about the temperature and time of sterilization and drying 
is provided. In a modem system a supply of deionized water in the reservoir tank for steam 
supply is designed to prevent any system frailer. When choosing your autoclave, careful 
consideration must be given to the options you may need in order to optimize the autoclave's 
performance and safety. 

Figure 15.12 depicts sequence and steps of a complete programmed autoclave. A complete 
program of sterilization consists of the following phases: 

1. Vacuum: Initial vacuum, air is ejected from the autoclave chamber. Vacuum provides 
efficient air removal at the beginning of the cycle, ensuring that steam penetrates into 
the load and not be affected by trapped air pockets. 
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FIGURE 15.12 The sequence of the 
sterilization program. 


2. Filling: Automatically distilled water is filled for the necessary mass of steam supply in 
the sterilization chamber. 

3. Heating: Heating and pressure increase according to program mode. 

4. Sterilization completed. 

5. Unloading: Automatic unload of the condensate and steam from the sterilization cham¬ 
ber; the condensate may be filtered and dionized water returned to the distilled tank 
reservoir. 

6 . Drying and Cooling: The chamber is vacuumed and then the pressure returns to the 
barometric level. During the cooling stage, vacuum can help to dissipate heat from the 
load and in some cases can aid in the removal of some moisture from the load. In a cool¬ 
ing system a water jacket is used to speed up the cooling stage of the sterilization cycle. 

7. End of sterilization process: Once the gage pressure dropped to near zero, the comple¬ 
tion of the sterilization cycle is noted by blinking lights or bibbers; the autoclave doors 
can be opened. 

The controlling system by the microprocessor displays any necessary warning messages 
when, for example, the water level in the condensers tank is lowered or the bacteriological 
filter must be changed. The message is blinking on the equipment display monitor. In this 
way, if any anomaly appears during the execution of the program, the program is aborted 
and a failure message will appear on the monitor. 

Finally, safety is required for operators by filtering all noncondensable gases through a 
0.2 pm filter prior to exhaust. Return condensed liquids to the chamber for sterilization. 
Make sure that nothing is exhausted without being either filtered or sterilized. 

15.8.5 Safety Recommendation in Autoclave Operation 

Safe operation for autoclave is very important. Volatile samples are unable to resist vapor¬ 
ization; therefore, do not autoclave corrosive chemical solvents, volatile organic compounds, 
or radioactive materials. Before operating an autoclave, make sure a safe distilled water level 
exists in the water tank. If autoclave gaskets are deteriorated, replace them before operation. 
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Do not overload autoclaving material; tubing must be wrapped in aluminum foil. If you auto¬ 
claving more than half a tank or carboys of fresh medium, check for siphoning problems; if 
tubings are in the medium, cotton filters are mounted for avoiding any build up pressure in 
the feed tank. It is recommended to put all tubing in aluminum foil; avoid any heat damage 
of silicon tubing. The sterilized feed tank and tubing are connected in front of the flame under 
sterile conditions. Put glassware in an autoclave basket. Always sterilize sugar separately 
from supplementary media; avoid caramelization of sugar at high temperature. Then add 
a carbon source to the medium in front of the flame under sterile conditions. 


15.9 DRY HEAT STERILIZATION 


Dry heat sterilization is used for equipment that can withstand high temperatures and dry 
heat but cannot withstand a wet or steam autoclave. This method is often used for glassware 
as it dries and sterilizes in one operation. The pipettes must be wrapped in dustproof 
aluminum foil or placed in metal pipette cans. The can lids are removed during heating 
and replaced after sterilization; that is, before any dust can get in the can. Disposable items 
are not recommended for dry heat sterilization. This method may only be good for perma¬ 
nent reusable glass pipettes. 

Normal laboratory glassware must first be washed and cleaned. It must be rinsed with 
deionized water. The clean glassware is sterilized in an oven set at 200 °C for 1—4 h. It is suit¬ 
able to cover glassware with aluminum foil to maintain aseptic conditions after removal of 
the glassware from the oven. If aluminum foil is not available, special heat-resistant wrap¬ 
ping paper can be used. The sterile glassware must be protected from the air, which has 
microflora, or any contaminants. Avoid the use of any plastic caps and papers. Detach any 
labeling tape or other flammable materials, as they are fire hazards. 


15.10 STERILIZATION WITH FILTRATION 


Certain media components are susceptible to heat; it will be denatured if it is heated. There¬ 
fore they must be added to the media after autoclaving. To do so, it is necessary to carry out 
filtration with components using a 0.22 pm pore size filter that is appropriate to the solvent 
used. Filters are normally available from Whatman or Fisher Scientific. It is recommended 
that you consult filter experts or suppliers about the solvent and the special application you 
are intending to implement for the desired filters for the process. Normally filtration of media 
is used instead of sterilized media with an autoclave. To filter sterilized media, filter the water 
using a 0.45 pm pore size filter, before using a 0.22 pm pore size filter for final sterilization. 


15.11 MICROWAVE STERILIZATION 


Rapid sterilization of media is achieved by using microwave ovens. Most plant tissue 
culture media can be sterilized using a microwave, although it may not be suitable with 
a medium containing complex additives such as oatmeal. The high-temperature and 
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short-time sterilization by microwave heating with a continuous microwave sterilizer was 
investigated. Spores of Bacillus stearothermophilus were used as the biological indicator and 
also spores having the ability for resistance in a conventional sterilization; whereas the ther¬ 
mal resisting spores had no significant resistance through continuous microwave sterilizer at 
a high temperature (135 °C). 


15.12 ELECTRON BEAM STERILIZATION 


Electron beam sterilization is a high-voltage potential established between a cathode and 
an anode in an evacuated tube. The cathode emits electrons, as a cathodic ray or electron 
beam. A high intensity of electrons is produced. These electrons are accelerated to extremely 
high velocities. These accelerated electron intensities have great potential as a bacteriocide. 
Most electron beams operate in a vacuum. As a result the unwanted organisms in the media 
vanish and the media are sterilized. 

The electron accelerator equipment producing a high-voltage beam also has various 
applications in the medical field and for surgical supplies. Electron beam sterilization is a suc¬ 
cessful technology used for sterilization of disposable medical appliances and devices with a 
wide range of densities. The electron beam inactivates microorganisms that cause destruction 
of biomolecules, and results in the death of microbes by an indirect chemical reaction. Irradi¬ 
ation by gamma rays is a similar mechanism. Advanced electronics precisely control the use 
of electron beams in the sterilization of medical devices. Electron beam sterilization results in 
less material degradation than with gamma irradiation. Medical products are sterilized in the 
original shipping containers, saving lots of time and maintaining the integrity of the original 
package. 


15.13 CHEMICAL STERILIZATION 


Chemical agents are used to sterilize heat-sensitive equipment. Chemical solutions are 
used as a suitable method for sterilizing long pipettes and glassware. Normally at the pilot 
scale in the absence of life, steam and chemical agents are often used. Application of an 
oxidizing agent such as 10% Chlorox for 20 min or longer proves that the system operates 
without any contamination. Excess amounts of chemical agent must be removed; otherwise 
organisms are able to grow in a toxic environment. The bleach (sodium hypochlorite) 
then needs to be removed by rinsing with sterile water or rubbing with ethyl alcohol, 70% 
ethanol—water (pH 2) or an alcohol solution of 70% iso-propanol without recontaminating 
the glassware or tools. Ethanol is commonly used for cleaning surfaces. Use of bleach on 
metal devices is not suitable as it corrodes metals rapidly. Ethylene oxide in the gas phase 
is commonly used. This is a special chemical effectively used for column bioreactors. It is a 
volatile compound and strong oxidizing agent. It boils at ambient temperature; therefore, 
the solution of ethylene oxide (liquid phase) must be stored in a refrigerator (4 °C). An excel¬ 
lent oxidizing agent such as a 3% sodium hypochlorite is used for chemical sterilization of 
equipment. 
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15.14 LOW-TEMPERATURE STERILIZATION 


Sterilization systems are available operating at low temperatures; such systems utilize 
effective oxidizing agents such as hydrogen peroxide or ethylene oxide in the gas phase. 
The application of gas technology to sterilize temperature-sensitive instruments and equip¬ 
ments was developed in past decades. Hydrogen peroxide gas technology is efficiently, 
effectively, and safely used to sterilize a wide range of instruments. The low-temperature 
sterilization process is gentle and may take 50—70 min for high assurance of sterilization. 
The process by-products are oxygen and water vapor, which are nontoxic. Use of toxic gas 
for sterilization may not be permissible while the generated toxic fume is harmful. Commer¬ 
cially, the hydrogen peroxide gas plasma technology is used for sterilization of devices such 
as general surgery instruments, rigid and flexible endoscopes, cameras, light cables, battery 
power drills, and many others. The residual H 2 O 2 is safely eliminated while the sterilization 
process is completed. This process in terms of energy is quite efficient; although hydrogen 
peroxide must be either supplied or generated in a catalytic electrodialysis process. The oper¬ 
ation temperature is normally in the range of 10—40 °C and the relative humidity is 30—75%. 
Sterilization is completed in short and long cycles for durations of 50 and 70 min, 
respectively. 


NOMENCLATURE 


N Number of viable organisms, ml -1 

N a Number of viable organisms as contaminants present in the medium, mP 1 

fcd Specific death rate, min -1 

E Activation energy, kcal moP 1 

t Sterilization time, min 

R Gas constant, 1.987 cal (molKp 1 

T Absolute temperature, K 

D z Axial dispersion coefficient, cm 2 s _1 

LI Average medium velocity, cm min 1 

L Length of holding section for sterilization, cm 
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SUBCHAPTER 


16.1 


Introduction 


In most traditional processes such as methanol production from synthesis gas, the maximum 
production yield is restricted by the thermodynamic equilibrium. This restriction is technically 
overcome by applying a high operating pressure and recycling of unconverted synthesis gas 
after separation. However, this solution is achieved at the expense of a higher operating 
cost. Great efforts have been made to improve the methanol synthesis process, among which 
is the development of Cu / Zn family catalyst. A lower operating pressure can be used in the 
presence of Cu/Zn family catalyst, which causes a considerable reduction in the operating 
cost. However, use of such an expensive catalyst may impose a high burden on the process 
cost, which fades the advantage of catalyst usage. It is clear that a continuous removal of reac¬ 
tion products can improve the production yield without recycling a huge amount of uncon¬ 
verted gas and/or applying a high operating pressure. Various attempts have been made in 
recent years by in situ removal of product, of which is the selective adsorption of methanol 
and water on a porous solid in a catalytic fixed bed reactor. A promising alternative technique 
for the improvement of the methanol production yield is its selective separation within the cat¬ 
alytic reactor using a membrane (membrane reactor (MR)). Indeed, the presence of the mem¬ 
brane as a selective barrier for products causes a continuous permeation of methanol 
through the membrane, which shifts the reaction toward more methanol production. This, 
therefore, enhances the conversion yield beyond the equilibrium level. 

Indeed, a MR is an apparatus that takes benefits of integration of chemical reaction and 
membrane-based separation in the same physical device. Thus, the membrane plays two roles: 
first, it plays the role of separator; and second, it is the place where the reaction occurs. A con¬ 
ventional feature for MRs is in the form a two concentric pipe. The reaction takes place in the 
inner tube, which is usually filled with catalyst pellets; while, the outer pipe is the 
permeation side where the permeated products are swept with flowing inert gas. As can be 
seen in Figure 16.1, there are six membrane reactor concepts that are improvised according 
to the different problems that can be overcome using membranes within the reactor. 

1. Retaining homogenous catalyst 

2. Contactor 

3. Extractor 

4. Energetic coupling 


This case study was partially written with contributions from: 

Ali Asghar Ghoreyshi, Kasra Pirzadeh, Maedeh Mohammadi 

Faculty of Chemical Engineering, Noushirvani University of Technology, Babol, Iran 
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FIGURE 16.1 Different concepts of membrane reactors. 

5. Selectivity enhancement through withdrawal of a product 

6. Selectivity enhancement through optimized reactant dosing (distributing) 

In the first concept, the membrane is exploited to retain soluble (homogeneous) catalysts in 
the reactor. Therefore, the operation can be implemented continuously without separation 
and recycling the valuable catalysts. 

In type (2), membrane is applied as a contactor, which is a promising and attractive MR 
principle. In this case, the reactants enter from different sides and react within the mem¬ 
brane. One of the well-understood types of MRs is extractor type (3), in which certain prod¬ 
ucts are selectively removed from the reaction zone. This concept has the capability of 
increasing the conversion rate if the reactions are reversible. For improving the driving force 
and eliminating the permeating products, additional sweeping gases or solvents are required 
to be used in the extractor principle. 
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In MR type (4), membrane can also serve as a separator between two segments of the 
reactor, in which different reactions take place. This type of membrane concept is applied 
when there is selective transport of certain components that attend in both reactions (for 
example, component B in Figure 16.1). If both reactions are endothermic or exothermic, addi¬ 
tional heat flux over the membrane takes place, which is very attractive from energy point 
of view. 

Concept (5) is somehow similar to concept (3); however, the target component that should 
be removed by membrane is an intermediate component produced in the reactions series. As 
a consequence, the membrane selectivity will be improved due to the elimination of the target 
component. 

Type (6), which uses membrane as a distributor of certain reactants, is an interesting 
approach in which different local concentrations and residence time can be applied in order 
to increase selectivities. Much effort has begun to exploit the potential of this concept, 
although this configuration of the membrane has not been industrialized. 


16.2 MEMBRANE BIOREACTORS 


Technically, membrane bioreactor (MBR) is a promising reactor that combines two sec¬ 
tions, biological degradation and solid—liquid separation process, which is implemented 
by membrane filtration. In the later section, microfiltration (MF) or ultrafiltration (UF) pro¬ 
cesses are the most common membrane technologies that provide complete physical reten¬ 
tion of bacterial floes and all other suspended particles within the bioreactors. 

The idea of the MBR was first proposed by Yamamoto et al. in 1989 to submerge the 
membranes in the bioreactor. Until then, MBRs were designed in a manner that the mem¬ 
brane section was placed out of the reactor and operated with high transmembrane pres¬ 
sure to maintain filtration. Also, a cross-flow membrane filtration loop within the MBR 
was first introduced by Dorr-Olivier Inc. The other important changes that happened 
in recent MBRs were the acceptance of modest fluxes (25% or less as opposed to its first 
generation) and the idea of using two-phase bubbly flow for controlling fouling problems. 
In contrast to the first generation of MBR that had high costs for membrane operations, the 
recent one (submerged configuration) offered lower operating costs along with a contin¬ 
uous decrease in membrane cost, resulting in the popularity of this configuration in the 
mid-1990s. Since that time, many improvements in MBRs have been introduced. For 
instance, solid retention times reduced to 10—20 days with mixed liquor suspended solids 
(MLSS) of 10—15 g l -1 ; while, in the preliminary configuration it was about 100 days with 
MLSS 30 g U 1 . 11 

Rapid population growth and restricted availability of freshwater resources around the 
world have resulted in the popularity of water reclamation techniques. Among water recla¬ 
mation techniques, MBR is a promising technology that combines biological treatment with 
a membrane separation process that leads to a considerable reduction in the amount of 
organic substances and discharged effluent. Fundamentally, two primary sections comprise 
the MBR system: the biological unit (bioreactor) that is responsible for biodegradation of 
waste materials, and the membrane unit for separation of clarified water from biomass or 
microorganisms. The advantages of the MBR originates from the replacement of a settling 
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Sludge 

Digester 


FIGURE 16.2 Conventional system for water treatment. 


tank in conventional activated sludge (CAS) processes with membrane filtration device. 
CAS systems operate based on gravitational settling of microbial floes from solid—liquid so¬ 
lution, and since the settling ability of biomass at high concentration reduces relatively, 
MLSS concentration in CAS processes is customarily around 5 g l -1 . In contrast, in 
membrane modules, biomass has the chance to retentate completely, which enables the 
MBR not only to operate with higher concentration of MLSS (10—20 g l -1 ) but also produces 
effluents with high quality. Increased MLSS concentration in MBR has other advantages 
including: (1) working at higher loading rates, (2) smaller reactor size and footprint, and 
(3) reduced additional sludge generation due to the long retention time. In comparison 
to the CAS process, MBR offers advantages such as concentrated biomass, high water qual¬ 
ity, having low potential in producing sludge and giving high efficiency in removing bio¬ 
logical oxygen demand (BOD) and chemical oxygen demand (COD). In conventional 
systems, the quality of the effluent relies on the settling characteristics of the biomass. 
This characteristic requires the development of well-settling bacteria; however, maintaining 
the settling bacteria can be difficult and the mentioned bacteria may not be ideal for treating 
wastewater. Also, conventional systems are confined with solids concentration of 5 g l -1 
or less due to the interferences encountered during solids settling; while MBR systems can 
perform between 5 and 25 g l -1 . Furthermore, applying MBRs in large scale will require a 
notable decrease in the price of membranes. Figure 16.2 illustrates a conventional system for 
water treatment. 

16.2.1 MBR Configurations 

MBRs can be classified into two different configurations: external and submerged sys¬ 
tems. In the external configuration, sludge is recirculated from the aeration basin to the 
outside installed pressure-driven membrane system where suspended solids are collected 
and recycled back to the bioreactor while the waste stream passes through the membrane. 
In this configuration, in order to omit the suspended fines and solids that may block the 
pores, the membranes are frequently backwashed and chemically cleaned. In the sub¬ 
merged configuration, as it is expected, the membrane is submerged in the aeration basin 
and operated under vacuum conditions. For preventing accumulation of suspended fines 
on the membrane surface, the membrane is agitated by coarse bubble aeration. The process 
of membrane recovery in this configuration is somehow similar to the external one, in which 
the surface of the membrane is either backwashed or relaxed and chemically cleaned when 
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FIGURE 16.3 MBR configurations, (a) external system and (b) submerged. 


high pressures are applied. Figure 16.3 shows a schematic view of the two different config¬ 
urations of MBR. 

The advantages of MBRs compared to conventional ones are as follows : 

1. Reaction and separation units are integrated into a process that results in reduced sepa¬ 
ration costs and recycle requirements 

2. A controlled contact of incompatible reactions 

3. Omitting unwanted reactions 

16.2.2 Membrane Materials and Modules 

Generally, membranes are made from either organic or ceramic materials. Polymeric mem¬ 
branes have the advantage of low production cost; however, they are at risk of fouling and 
degradation due to the natural variation in their pore size. In contrast, some features such as 
excellent quality and high durability have made ceramic membranes a better choice for mem¬ 
brane manufacturers. However, they are economically infeasible for large-scale operations in 
industrial applications. Therefore, most manufacturers use polymeric membranes for appli¬ 
cation in bioreactors. Table 16.1 summarizes materials mostly used in polymeric membrane 
fabrication. 

Generally, membranes are manufactured in various modules such as hollow fiber, plate 
and frame, and spiral; however, among these forms, hollow fiber and plate and frame 
form are the most common ones for the MBR. 

The structure of hollow fibers is such that they are extruded into long fibers and collected 
in the modules, and then the modules are submerged in the wastewater and permeate passes 
through the center of the fiber. Plate and frame modules are designed with large membrane 
sheets loaded in cassettes. In this module, pressure difference is the only driving force that 
draws permeate through the membrane. 

Flow pattern through the MBR system can be either cross-flow or dead-end. In cross-flow 
pattern, feed moves parallel to the membrane surface, and this flow pattern reduces fouling 
caused by solid materials. In dead-end flow pattern, feed is fed to the membrane perpendic¬ 
ularly. Feed applied to the membrane may pass through the membrane or maybe rejected as 
a waste. Since the feed that is applied to the MBR contains a high level of suspended 



























16. MEMBRANE REACTOR 


460 

TABLE 16.1 Polymeric materials and their characteristics 


Material 

Abbreviation 

Advantages 

Disadvantages 

Polypropylene 

PP 

Low cost 

High pH range tolerance 

No chlorine tolerance 

Expensive cleaning chemicals 
required 

Polyvinylidene 

fluoride 

PVDF 

High chlorine tolerance 
Simple cleaning 
chemicals 

Cannot sustain pH >10 

Polyethersulfone 
& polysulfone 

PES/PS 

Chlorine tolerance 
Reasonable cost 

Brittle material requires support 
or flow inside to outside 

Polyacrylonitrile 

PAN 

Low cost, typically used 
for UP membranes 

Less chemically resistant than PVDF 

Cellulose acetate 

CA 

Low cost 

Narrow pH range 

Biologically active 


materials with high potential of fouling, cross-flow is considered as the best pattern for 
the MBR. 25 

16.2.3 Different Applications of MBR 

16.2.3.1 Landfill Leachate 

Rapid industrial and commercial growth and higher living standards, joined with cumu¬ 
lative production of useless and old-fashioned products, contribute to the accelerated produc¬ 
tion of solid wastes. In industrialized and developed countries, sanitary landfills are main 
threats to the environment. Therefore, landfills require severe surveillance for their design 
and operation because in long term, generation of leachates can pollute the underground wa¬ 
ter resources. 

There are several factors that can contribute to leachate formation including rainwater 
filtration, chemical and physical reactions, and inherent moisture of wastes. Landfill leachate 
(LFL) is a complex and high strength wastewater that is rich in organic matter, ammonia, 
heavy metals, and toxic materials such as xenobiotic organic compounds. 

LFL treatment aims to accomplish the following: 

16.2.3.1.1 REMOVAL OF ORGANIC MATTER (BOD AND COD) 

As reported in the literature, high BOD removal between 90 and 99% was achieved at 
various operating conditions and regardless of leachate age. In contrast to the BOD removal, 
COD removal efficiency varies from 23 to above 90%. 

Several processes are used for the treatment of original leachate such as contact aeration, 
rotating biological reactor, and granular activated carbon (GAC) adsorption. These processes 
suffer from a variety of drawbacks, including biomass washout, regular replacement of acti¬ 
vated carbon, and being in conflict with national regulations concerning wastewater treat¬ 
ment plant. To overcome these problems, a new configuration of processes consisting of a 
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submerged MBR and a post treatment reverse osmosis (RO) with considerably improved per¬ 
formance was applied. The overall yield of BOD and COD removal in MBR-RO system 
increased to 97% with effluent COD concentration of 6—72 mg 1 \ 

16.2.3.1.2 REMOVAL OF AMMONIA 

Nitrogenous compounds are among the most important water pollutants that can cause 
oxygen depletion and have a negative impact on the environment, resulting in worsening wa¬ 
ter quality and increasing the level of toxicity to aquatic organisms. Removing ammonium 
nitrogen (NH 3 —N) from leachates is always an obstacle in LFL treatment due to the hazards 
imposed by nitrogenous compounds. 

Biological remediation of nitrogen consists of two sequential processes: nitrification and 
denitrification. In the first step, ammonia is oxidized by autotrophic nitrifiers to nitrite 
(NOT), and finally, in the presence of dissolved oxygen, it turns to nitrate (NO 3 ). Although 
a biological nitrogen removal system is preferred to a physiochemical system, high amount of 
ammonia cannot be easily eliminated by biological treatments. However, MBR systems 
have shown great potential in removing NH 3 —N from leachate. The majority of studies 
have indicated that over 90% of NH 3 —N was removed by MBR, and in some cases removal 
efficiency of 100 % was achieved. 

16.2.3.1.3 REMOVAL OF ORGANIC MICROPOLLUTANTS 

Nowadays, the presence of micropollutants in pharmaceuticals and personal care products 
has posed harmful effects on human and wild lives. Removal of these persistent organic pol¬ 
lutants from aqueous systems has attracted much attention from various groups including 
environmentalists and scientific communities. 

Since the MBR system has the potential for removing micropollutants from wastewater, 
great effort has been made to use this system of treatment. The process comprises of an 
MBR configuration, three bioreactors (a denitrification tank followed by two nitrification 
units), and an external UF unit. After the permeate was clarified in a GAC adsorption unit, 
then it was post treated in a combined nanofiltration and powdered activated carbon 
(NF + PAC) unit. The results of some case studies showed that bisphenol A and nonylphenol 
removal were 95.3% and 85% in MBR, respectively. 

16.2.3.2 Fermentation-Based Products (Lactic Acid) 

Fermentation processes are widely used in the pharmaceutical industry for producing 
amino acids, antibiotics, and other chemicals. Generally, the fermentation process in batch re¬ 
actors suffers from low productivity due to the inhibition effects imposed by high concentra¬ 
tion of substrates or products. Combination of biological reactions and membrane process 
in single units is a promising technique for the reactions in which the continuous elimination 
of metabolites is significant for keeping the production at good levels. The continuous sepa¬ 
ration of products and microorganisms via micro- or ultrafiltration increases the production 
rate. Some new configurations of MBR couple bacteria immobilization with microfiltration 
technique and are able to work at high concentrations of microorganisms. In this design, 
the bacteria are bounded and restricted to the reactor by coaxial membranes. The feed is recir¬ 
culated in the axial direction, while transformation happens in the radial direction. The bac¬ 
teria that are usually used in the fermentation process are of the genus Bacillus or 



462 


16. MEMBRANE REACTOR 


Lactobacillus. Since this process can be implemented continuously, it outweighs batch 
fermentation for the reasons summarized herein: 

1. The continuous separation and recycling of the bacteria will shorten the cycle time of 
the fermentation, because despite the batch fermentation that takes a long time to start 
up and shut down, in continuous process, negligible time will be lost. 

2 . The recycling of the cells causes an increase in the cell numbers. High concentration of 
cells helps the feedstock to be pumped through the fermenter much faster. 

3. The continuous removal of lactate via membrane provides the opportunity to the 
fermenter to eliminate the product inhibition effect and helps the cells to be viable and 
produce lactate. 

16.2.3.3 Biofuel Production 

Fossil fuels are the world's main source of energy and are predicted to be depleted in the 
not-too-distant future due to high consumption. The great demand for energy production 
will cause an increase in the price and cost of these supplies. In addition, emissions of green¬ 
house gases such as carbon dioxide and pollutant gases such as sulfur dioxide (SO 2 ) and ni¬ 
trogen oxides (NO x ) lead to air pollution, climate change, and global warming. These 
obstacles require the development of new policies on clean, efficient, and more environmen¬ 
tally friendly technologies to supply energy. For this reason, renewable energies have become 
important for sustainable environmental and economic growth. Among the alternative en¬ 
ergy sources, bioethanol and biodiesel are widely recognized. 

16.2.3.4 Bioethanol 

Bioethanol has received a lot of attention as an alternative source of energy. It is currently 
produced from starches or sugars. The fermentation process is mainly performed in batch 
bioreactors with the yeast Saccharomyces cerevisiae. Ethanol production during this process 
without cell recycling is about 1.8—2.5 g l -1 . If the process of batch fermentation changes 
to the continuous one and the yeast concentration increases, the productivity will be 
improved, which would reduce the cost of produced ethanol. However, yeast recycling 
in continuous process to reach high productivity is expensive. An MBR can be used for 
this purpose in very much similar way as it is used for water treatment. In this process, 
the yeast can be chosen from bakery yeast and the fermentation substrate can be molasses 
from the sugar industry. The substrate that usually contains sucrose is diluted to minimize 
the risk and severity of infections. Besides sucrose, the molasses contains glucose, galactose, 
lactic acid, and acetic acid. 

The maximum theoretical amount of ethanol that can be produced in this process can be 
calculated from the stoichiometric equations of conversion of sugars to ethanol (Eqns 
(16.2.3.4.1) and (16.2.3.4.2)). The first equation shows the conversion of glucose and galactose 
to ethanol; the second equation indicates the production of ethanol from sucrose. One kg of 
glucose and galactose can produce 0.51 kg ethanol; while, 1 kg sucrose can produce 0.54 kg 
ethanol. 

C 6 H 12 0 6 ^2CH 3 CH 2 0H + 2C0 2 


Ci 2 H 22 O n + FI 2 0 —> 4CH 3 CH 2 OH + 4CO z 


(16.2.3.4.1) 

(16.2.3.4.2) 
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In a typical experiment carried out for ethanol production in batch process, 50% of the 
theoretical yield was achieved; while, in continuous fermentation, 60% of the maximum theo¬ 
retical yield was attained; when a continuous submerged MBR was applied, 78% of the theo¬ 
retical yield was obtained. 

16.2.3.5 Wastewater Treatment 

One of the main applications of MBRs is in wastewater treatment, which is globally 
increasing. MBRs produce a low amount of sludge and have the ability to be used for waste- 
waters with high amounts of BOD and COD. 

Among the technologies used for wastewater treatment, anaerobic digestion has received 
a great deal of attention since it combines contamination reduction and energy generation. 
In contrast to the aerobic process, in anaerobic treatment sludge handling is considerably 
lower since it does not need oxygen and the sludge yield is lower. However, application 
of conventional anaerobic biological systems has been restricted due to the biomass reten¬ 
tion obstacles. This problem is one of the most common and important issues in anaerobic 
technology, which does not provide enough solid retention time for methanogens. Insuffi¬ 
cient biomass retention in the conventional system leads to some difficulties. On the one 
hand, the net production of biomass is low, and on the other hand, inappropriate character¬ 
istics of the biomass in conventional anaerobic biological systems lead to the loss of biomass 
to effluent. 

An anaerobic MBR (AnMBR) is a biological treatment process in which there is no oxygen 
and the membrane is the only means for solid—liquid separation. This kind of MBR offers 
notable advantages over conventional anaerobic and aerobic systems, which are summarized 
in Table 16.2. Among the advantages, total biomass retention, excellent effluent quality, and 
low sludge generation are more salient as opposed to mentioned systems. 

There are two configurations for AnMBR: external / side stream and submerged / immersed 
configuration. Generally, external configuration provides better working conditions, such as 
more direct hydrodynamic control of fouling, easy replacement of membranes, and high 
fluxes. However, high energy costs and high cross-flow velocity that have negative effects 
on the biomass activities are considered to be drawbacks of this configuration. 

Membrane modules that are applied in MBRs can be in the form of MF or UF with either 
configuration of hollow fiber, flat sheet, or tubular. Hollow fiber membrane modules, due to 
their high packing density and cost efficiency, are very popular in submerged MBRs. Flat 
sheet membrane modules are also becoming popular, especially for their good stability, 
the ease of cleaning, and replacement of defective membranes. A tubular membrane module 
is made up of several tubular membranes arranged in the form of tubes. The main advan¬ 
tages include low fouling, relatively easy cleaning, and easy handling of suspended solids, 
while the disadvantages include high capital cost, low packing density, high pumping costs, 
and high dead volume. 

16.2.4 Membrane Fouling 

Membrane fouling is the critical issue restricting the widespread application of AnMBR in 
wastewater treatment. Membrane fouling decreases the system productivity and increases 
the amount of energy needed for sludge recirculation or gas scouring; the membrane needs 
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TABLE 16.2 Comparison of conventional aerobic treatment, anaerobic treatment, aerobic MBR and 
AnMBR 


Feature 

Conventional 
aerobic treatment 

Conventional 
anaerobic treatment 

Aerobic MBR 

AnMBR 

Organic removal 
efficiency 

High 

High 

High 

High 

Effluent quality 

High 

Moderate to poor 

Excellent 

High 

Organic loading rate 

Moderate 

High 

High to moderate 

High 

Sludge production 

High 

Low 

High to moderate 

Low 

Footprint 

High 

High to moderate 

Low 

Low 

Biomass retention 

Low to moderate 

Low 

Total 

Total 

Nutrient requirement 

High 

Low 

High 

Low 

Alkalinity requirement 

Low 

High for certain 
industrial stream 

Low 

High to moderate 

Energy requirement 

High 

Low 

High 

Low 

Temperature sensitivity 

Low 

Low to moderate 

Low 

Low to moderate 

Start-up time 

2—4 weeks 

2—4 months 

<1 week 

<2 weeks 

Bioenergy recovery 

No 

Yes 

No 

Yes 

Mode of treatment 

Total 

Essentially 

pretreatment 

Total 

Total or pretreatment 


to be cleaned frequently, which might reduce the membrane durability and lead to higher 
replacement cost. Membrane fouling results from interaction between the membrane material 
and the suspended matters of sludge. Although the membrane used in aerobic MBR can 
generally be used in AnMBR system, the condition that sludge is suspended in AnMBR sys¬ 
tem is completely different from that in aerobic compartment. This presents certain unique 
impacts on membrane fouling characteristics. 

16.2.4.1 Membrane Fouling Classification 

Membrane fouling can be classified based on the cleaning practice, as removable and irre¬ 
movable fouling. Removable fouling refers to fouling that can be removed by physical means, 
for example, back flushing or relaxation under cross-flow conditions. It occurs due to external 
deposition of material, which can be separated more easily than an irremovable one. Howev¬ 
er, irreversible fouling, which is considered as permanent fouling, cannot be removed by any 
cleaning method and needs to be removed by chemical agents. Irremovable fouling is caused 
by pore blocking and strongly bounded foulants during membrane filtration. 

Membrane fouling can also be classified according to the foulant component to biological, 
organic, and inorganic fouling. Biological fouling is the result of interaction between biomass 
and membrane surface. Biological fouling can also occur due to accumulation and adsorption 
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of soluble microbial products (SMPs) or extracellular polymeric substances (EPSs) on mem¬ 
brane surface and pores. 

Organic fouling is attributed to deposition of biopolymers, for example, proteins and poly¬ 
saccharides on the membrane, while inorganic fouling is attributed to the sealants. Biopoly¬ 
mers can easily deposit on membranes because of their small size at permeate flow. 
Biopolymers have spatial distribution on the membrane surface. Recent investigations have 
shown that creation of organic fouling is related to SMPs or EPSs. Main foulants of mem¬ 
branes are biopolymers and organics. In inorganic fouling, the probability of fouling occur¬ 
rence by them is less during activated sludge filtration. 

16.2A.2 Membrane Fouling Control 

The aim of membrane fouling study is to find strategies for controlling membrane fouling 
and membrane cleaning. Based on the parameters affecting membrane fouling, such as feed 
characteristics, broth characteristics, membrane characteristics, and operational conditions, 
these strategies in AnMBR systems can be classified into five groups: (1) pretreatment of 
feed, (2) optimization of operational conditions, (3) modification of activated sludge, (4) 
modification of membrane and optimum design of membrane module, and (5) membrane 
cleaning. 


16.3 MEMBRANE AND MBR DEVELOPMENT 


Membrane features can impact on the MBR performance; improving membrane character¬ 
istics can enhance the performance of MBRs. These characteristics include pore size, surface 
charge, hydrophilicity/hydrophobicity, material, roughness, etc. For example, narrow pore 
size can control membrane fouling in MBRs, or polyvinylidene fluoride (PVDF) membrane 
is the best polyethylene membrane in exclusion of irremovable fouling in MBRs. As well, 
hydrophilic membranes have less fouling than hydrophobic ones, because in hydrophobic 
membranes an interaction can occur between membrane and foulants. Cost reduction in 
MBRs is the other development factor. In this case, cheaper filters such as meshes and 
nonwoven filter cloths can be used when only standard quality of effluent is required. These 
low-cost filters can improve the economy of the plant, but membrane fouling limits their 
application. This matter is because of their large pore size and rough surface, which causes 
entrapping sludge floes in the fiber matrix and eventually forms hard-to-remove fouling. 
In spite of this, membrane fouling can be resolved by improvement of filters to surface rough¬ 
ness, surface charge, and hydrophilicity modification. One of the modification techniques is 
plasma treatment, which has many advantages. This treatment improves the antifouling 
property of membranes and has very shallow depth of modification. Although this method 
is very beneficial, chemical reactions of plasma are complex and hard to understand; there¬ 
fore, the possibility of its large-scale development is currently low. In addition to these 
developments, other membrane modifications for high flux operation and development of 
cost-effective membranes are required to make the MBR processes economically feasible. 

Another new development in separation processes is forward osmosis membrane biore¬ 
actor (OSMBR). This novel system uses a submerged forward osmosis (FO) membrane mod¬ 
ule in a bioreactor. FO membrane works like a barrier for solute transport, and high rejection 




466 


16. MEMBRANE REACTOR 


of pollutants is provided. OSMBRs have much higher rejection in lower hydraulic pres¬ 
sures; besides, their fouling rate is lower than pressure-driven systems. The efficiency of 
this process for total organic carbon and NH 4 —N removal was above 99 and 98%, 
respectively. 
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SUBCHAPTER 


16.4 


Case Study: Enhanced Ethanol Fermentation in 
a Continuous Membrane Bioreactor: 
Pervaporation Technique 

16.4.1 INTRODUCTION 


Fossil energy sources such as oil, coal, and natural gas are being depleted. Therefore, alter¬ 
native renewable sources of energy have been considered. In this case, ethanol fermentation 
from biomass such as cellulose and glucose is a desired alternative energy source. Also, 
ethanol has extensive applications and is often used in many processes, such as the food in¬ 
dustry, brewing process, and medical applications. Ethanol as fuel has been used in the 
world since the early 1900s; the U.S. Clean Air Act, first passed in 1970, specifies a percentage 
of renewable fuels to be mixed with normal gasoline. 

During past decade, almost all industrial-scale ethanol production plants have used conven¬ 
tional ethanol fermentation processes. In conventional continuous fermentation, cell density 
and dilution rates are low, due to the presence of high ethanol and substrate inhibitions. This 
may cause limited ethanol productivity. Also, ethanol inhibition is an important limiting factor, 
but an organism with high tolerance of ethanol permits concentrated glucose substrate to be con¬ 
verted to ethanol. Therefore, improvement of productivity and removal of product-inhibition are 
required to enhance ethanol fermentation. Conventional ethanol fermentation process has many 
disadvantages such as low ethanol concentration, low cell density, low productivity, high capital 
and labor costs, further purification for achievement of high ethanol concentration, and many 
more are discussed in literature. To improve the conventional fermentation process, different 
techniques have been considered. Immobilization of microorganisms in an immobilized cell 
reactor (ICR) is a relatively new technique for high ethanol production and substrate inhibition 
in a reasonable retention time. One of the most important and advanced techniques in ethanol 
production is application of membrane for relatively fast ethanol recovery. 

Membrane technology represents one of the most effective and energy-saving processes 
for ethanol production. Coupling membrane separation with biological process, integrating 
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the entire system in a single unit is a very attractive configuration for the process where 
continuous elimination of metabolites is necessary to maintain high productivity. MBR is 
designed to reduce substrate and product inhibitions, and increase cell density and ethanol 
productivity. The combination of membrane and bioreactor certainly eliminates downstream 
processing. The major membrane processes are microfiltration, ultrafiltration (UF), reverse 
osmosis, electro dialysis, gas separation, and pervaporation. Pervaporation as a useful 
method has been considered for separation of ethanol/water mixture. 

Membranes are shown high ethanol permselective and low water permeabilities in ethanol 
fermentation. The polymers have been used for ethanol-permselective membranes. The 
most important and promising polymer membrane that has a high performance for separa¬ 
tion of organic chemicals compounds in water is polydimethylsiloxane (PDMS). In addi¬ 
tion, PDMS is hydrophobic and has a good chemical stability and biocompatibility. It is 
suitable for constructing pervaporation membrane bioreactor (MBR), which is applied to 
bioconversion and separation for biological product. 

A number of researchers have investigated continuous alcohol fermentation by pervapo¬ 
ration using different mediums, membranes, and configurations at various dilution rates. 
Nomura et al. have studied ethanol extraction from fermentation broth by silicalite zeolite 
membrane. They have investigated the effects of ethanol concentration in feed stream to 
obtain high ethanol concentration permeation. They have shown that the performance of 
the silicalite membrane was disturbed during operation time. Cho and Hwang have inves¬ 
tigated integration of continuous ethanol fermentation and membrane separation in the same 
unit. They have applied silicone rubber hollow fiber membrane that was selective to ethanol. 
Their dilution rates were in the range of 0.071—0.262 h" '. They achieved a 10—20% increase in 
ethanol productivity compared to conventional fermentation. Maximum ethanol productivity 
was approximately 7.3 g ethanol 1 1 h~ : at dilution rate of 0.17 IT 1 . There was an 18% in¬ 
crease in maximum productivity of 6.2 g ethanol 1 1 IT 1 over conventional continuous 
fermentation. In addition, pervaporated ethanol concentration was about seven times higher 
than that of the conventional process. Hoover and Hwang have studied continuous mem¬ 
brane column with pervaporation of alcohols. They have described a mathematical model for 
capillary membrane pervaporation. Nakao et al. have investigated the continuous ethanol 
extraction by pervaporation from a MBR. Polytetrafluoroethylene (PTFE) was the selected 
membrane in their MBR. They have investigated three types of continuous fermentation ex¬ 
periments with a dilution rate of 0.025 h -1 : the standard (first) process was conventional free¬ 
cell fermentation; the second process was a fermentation in which ethanol was continuously 
extracted using pervaporation from the MBR; and the third process was ethanol fermentation 
in which ethanol was extracted by pervaporation and part of the culture was simultaneously 
removed from the fermentation process. The ethanol yields in three defined fermentation pro¬ 
cesses were 82, 86, and 95%, respectively. Besides that, they have illustrated that the extracted 
ethanol concentration in MBRs were six to eight times higher than conventional process. 

The main objective of present work was to investigate the enhancement of bioethanol 
production by integration of conventional fermentation with pervaporation process using 
a continuous MBR in a comparatively straight-forward application of MBR. For this pur¬ 
pose, first design and fabrication of MBR in laboratory-scale and pervaporation process 
was completed. Next, two types of continuous fermentation experiments were performed 
under the same geometrical and physicochemical environment with various dilution rates 
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with low glucose concentration: conventional continuous fermentation as the standard 
procedure and continuous fermentation with pervaporation and designed MBR using 
composite dense PDMS membrane. Finally, based on the results of these two sets of exper¬ 
iments, the effect of ethanol removal on yield and productivity were compared. 

16.4.2 EXPERIMENTAL 


16.4.2.1 Medium and Microorganism 

The microorganism Saccharomyces cerevisiae PTCC 24860 was used for ethanol fermentation. 
The organism was supplied by the Iranian Research Organization for Science and Technology 
(IROST). For the preparation of seed culture to cultivate microorganisms, the medium was 
composed of glucose, NH 4 CI, KH 2 PO 4 , and yeast extracts: 10, 0.45, 0.2, and 1 g I ', respec¬ 
tively. The substrate medium was used for ethanol production at optimum condition. The 
composition of feed tank media was as follows (per liter of pure water): glucose 100 g, yeast 
extracts 3.0 g, and NH 4 CI 5 g. In addition, potassium hydrogen phthalate 0.1 M and sodium 
hydroxide 0.1 M were added as a buffer solution to maintain the media pH value of 5.2. 
Note that the carbon source of the media in batch fermentation before introducing any fresh 
feed as continuous system was 50 g l -1 glucose. These medium were autoclaved at 121 °C 
and 15 psig for 20 min. The inoculum size for batch culture was 3—5% of the working volume. 

16.4.2.2 Design of Membrane Bioreactor and Pervaporation System 

Figure 16.4(a) shows the design of a laboratory-scale MBR that was fabricated in our 
Biotechnology Research Lab. Noushirvani University of Technology, Babol, Iran. It could 
be readily assembled and disassembled between experiments in order to clean and ster¬ 
ilize the various components. A glass column with 30 cm height, 10 cm I.D., and 11 cm 
O.D. was used as a framework. The flat membrane with useful diagonal of 7.2 cm was 
fixed at the bottom of the reaction vessel. The bottom of the membrane was evacuated. 
The DC motor with agitation rate of 200 rpm was used for uniform mixing. Design of 
the impellers and their configuration was adapted from standard bioreactor design intro¬ 
duced in biochemical engineering and biotechnology texts. 

Schematic diagrams of the conventional continuous fermentation and continuous pervapo¬ 
ration system to carry out fermentation by well-designed MBR having 40.69 cm 2 effective 
permeation areas are shown in Figures 16.4(b) and (c), respectively. Fermentation was per¬ 
formed at constant temperature 32 °C. The overflow stream was controlled to maintain the 
constant working volume of 1260 ml in the fermenter, while the fresh feed was continuously 
pumped. Fermentation broth was well stirred to keep the concentration in the reaction vessel 
homogeneous. The experiments were conducted at various dilution rates by changing the flow 
rates of the fresh feed stream. In continuous fermentation with pervaporation, the feed was 
placed on top of the membrane at atmospheric pressure. The other side of the membrane 
was evacuated by a vacuum pump (E2M2—Edwards). Vapor-side pressure was kept at lower 
than 2 mmHg. Permeate vapor was trapped in a liquid nitrogen trap at —196 °C. 

In these two systems, after 12 h of batch fermentation, when the growth of organism has 
nearly reached a stationary phase, the fresh media of glucose concentration of 100 g 1 1 was 
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1. Feed tank 

2. Peristaltic pump 

3. Flow breaker 

4. Mixer 

5. MBR 

6. PDMS membrane 

7. C0 2 outlet 

8. Pirani gauge 

9. Nitrogen cold trap 

10. Vacuum pump 

11. Temperature preservative box 

12. Sampling port 

13. Temperature controller 

14. Heater 


FIGURE 16.4 Schematic diagrams of continuous fermentation system, (a) MBR (b) pervaporation system (c) 
conventional system. 
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fed to the bioreactor with defined flow rate. In the pervaporation system, the fresh medium 
fed to the MBR and pervaporation has started. In continuous operation of MBR, the sys¬ 
tems were allowed to come to a steady state condition. Samplings of residue were per¬ 
formed every 4 h to confirm whether the steady state was achieved. When the cell, 
glucose, and ethanol concentrations remained constant, steady state condition was deter¬ 
mined. After sufficient data collection, then for next setting the fresh feed flow rate was 
changed. The dilution rates of 0.04—0.24 h -1 were based on the ratio of the total working 
volume of the bioreactor and the calculated and recorded fresh feed flow rates in the range 
of 50.4-302.4 ml h _1 . 


16.4.2.3 Membrane 

In this work, a dense composite PDMS and asymmetric hydrophobic/organophilic mem¬ 
brane manufactured by Pervatech Corporation (Netherlands), which is well known as being 
an ethanol-permselective membrane, was used. The membrane was flat sheet form, and it 
was tested for the enrichment of produced ethanol in continuous fermentation using perva¬ 
poration method. The thickness of the membrane was 3—5 pm PDMS on the top layer, sup¬ 
ported by PET with a thickness of 100 pm. The intermediate UF membrane was a type of 
polyimide (PI) with a thickness of 150 pm. 


16.4.2.4 Analysis 

The cell concentration was evaluated via optical density measurement based on developed 
calibration curve. The optical density was measured at 620 nm using a spectrophotometer 
(Unico, USA). Determination of glucose concentration was performed in collected 3 ml sam¬ 
ples, and the cell from the sample was separated by micro centrifuge at 7000 g for 7 min 
(Hermle, model: Z 233 M-2 (Germany)). Finally, glucose concentration was determined by 
colorimetric method using DNS reagent. Also, ethanol concentration was measured using 
a gas chromatograph (Agilent, 7890A) equipped with a flame ionization detector (FID). 
The stainless steel packed column of 1.83 m length and 2.1 mm I.D., 80/100 mesh Porapak 
Q (Supelco, USA) was used. The initial oven temperature was 120 °C held for 1 min. Then, 
oven temperature was programmed with a rate of 40 °C mhU 1 until it reached 185 °C, 
and remained at the set temperature for 8.5 min. The detector temperature was 225 °C. 
Nitrogen as the carrier gas with a flow rate of 30 ml min 1 was used. Also, 2-propanol or pro¬ 
pionic acid (Merck, Germany) was prepared in 10% (v/v) as internal standard and added by 
a micropipette (Labnet, Germany), exactly 50 pi into 0.5 ml of each sample. 


16.4.3 RESULTS AND DISCUSSION 


16.4.3.1 Conventional Continuous Fermentation 

At first, in order to obtain the performance of basic cultivation process, conventional 
continuous fermentation experiments with dilution rates of 0.04—0.24 h" 1 were performed. 
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The steady state was achieved after cell and ethanol concentrations were steady and kept con¬ 
stant. At the end of a defined steady state, the fresh feed flow rate was subjected to any neces¬ 
sary changes according to the research plan. The obtained data are summarized in Table 16.3. 
The ethanol concentrations were in the range of 0.41—4.1 %wt (4.10—40.53 g 1 '). The ethanol 
yield is based on cell concentration (Yp/ X ); which was in the range of 
1.59—2.05 g ethanol g 1 cell. Also, the ethanol productivities were calculated from 0.75 to 
4.27 g (1 h) -1 (8—79% of the theoretical value). Maximum productivity was obtained at dilu¬ 
tion rate of 0.14 h~ '. In addition, increasing dilution rate caused a decrease in the cell and 
ethanol concentrations. Because of short retention time and a flow rate that was mismatched 
at final dilution rate (washout), the cell and ethanol concentrations may tend to reach to zero. 

16.4.3.2 Continuous Fermentation with Pervaporation 

Continuous fermentation processes were carried out in a well-designed MBR. The perfor¬ 
mance of MBR with regard to ethanol extraction by pervaporation at various dilution rates 
was investigated. The MBR was very smoothly shifted from one to another steady state con¬ 
dition. In order to secure steady state condition, approximately two to three times fermenter 
volumes of fresh medium must be pumped through bioreactor. During the course of fermen¬ 
tation, the obtained results showed that ethanol concentration in the permeate vapor was 
constant that was six to seven times higher than ethanol concentration in the fermentation 
broth. The ethanol yield based on the cell concentration (Yp/x) was computed 1.36 to 1.73 
and ethanol concentration was measured between 0.40 wt% and 4.05 wt% (4.01—40 g I ') 
in broth and 2.71—22.89 wt% (26.93—215.12 g l -1 ) in permeate. The ethanol concentration 
in the broth was lower than in conventional system because of the ethanol extraction by per¬ 
vaporation and elimination of ethanol inhibition. The cell concentration in MBR was much 
higher than conventional fermentation, since broth was filtered. The ethanol productivity 
was in the range of 0.8—4.9 g(l h) 1 (9—91% of the theoretical value). This value was more 
than the ethanol productivity in conventional continuous fermentation. These are advantages 
of the new system. The results are summarized in Table 16.4. 


TABLE 16.3 Experimental results of conventional continuous fermentation 


Dilution rate, h 1 

Concentration in broth. 

Ethanol Glucose 

gl _1 

Cell 

M/s 

Y F'/S 

Yp/x 

Productivity, g (1 h) 1 

0.04 

40.53 

10.96 

25.51 

0.29 

0.46 

1.59 

1.62 

0.09 

38.52 

15.48 

24.00 

0.28 

0.46 

1.61 

3.40 

0.14 

30.50 

26.10 

20.5 

0.28 

0.41 

1.49 

4.27 

0.19 

18.12 

45.88 

13.00 

0.24 

0.33 

1.39 

2.83 

0.24 

4.10 

71.00 

2.00 

0.07 

0.14 

2.05 

0.75 
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TABLE 16.4 Experimental results of continuous fermentation with pervaporation 

Concentration in Ethanol 

broth, g l -1 concentration 

Dilution rate, in Permeate Productivity 


h- 1 

Ethanol 

Glucose 

Cell 

si" 1 

Yx/s 

Y p/s 

Yp/x 

s a.h) 

0.04 

40.00 

2.50 

31.78 

215.12 

0.33 

0.44 

1.36 

1.97 

0.09 

37.77 

4.03 

31.20 

203.19 

0.32 

0.43 

1.22 

3.96 

0.14 

29.50 

16.31 

26.19 

168.03 

0.31 

0.38 

1.22 

4.90 

0.19 

17.43 

38.34 

16.23 

108.50 

0.26 

0.31 

1.17 

3.11 

0.24 

4.01 

67.45 

2.54 

26.93 

0.08 

0.135 

1.73 

0.8 


16.4.3.3 Performance of Membrane Bioreactor with Continuous 
Pervaporation System 

The improvement of MBR by pervaporation was clearly observed since both cases were 
compared under the same physical and geometrical conditions. The main goals of this research 
were to find out about membrane effects in the MBR compared to conventional continuous 
fermentation. Pervaporated ethanol in MBR was clear, glucose-free, and highly concentrated. 
This stream should be monitored more than as a product of the conventional fermenter. On 
the other hand, PDMS membrane has been found to be very durable. There was a slightly 
low tendency for the cells to deposit on membrane and form a biolayer on membrane surface. 

Figure 16.5 shows the results of continuous fermentations with a medium containing 
100 g l -1 glucose. The glucose, cell, cell production rate, and ethanol concentrations were 
plotted against the dilution rate. The solid line shows the results of continuous fermentation 
with pervaporation, and the dotted line represents the conventional continuous fermentation. 
As it was expected, ethanol and cell concentrations decreased with an increase in dilution 
rate. At high dilution rate or low retention time, there was no sufficient time for cells to repli¬ 
cate; therefore, ethanol production drastically decreased. In addition, the cell production rate 
increased with an increase in dilution rate to 0.14 h -1 and after that it decreased due to cell 
washout. At low dilution rate, substrate residence time became longer, and consequently the 
glucose concentrations in both systems were decreased. 

When higher cell concentration in the fermenter was obtained, the ethanol production 
increased. Therefore, if ethanol is not removed from the system, the concentration may grad¬ 
ually increase; accumulation of ethanol may cause product inhibition. This fact that the 
ethanol concentration in the MBR was kept at approximately the same level as in conven¬ 
tional fermentation implies that ethanol inhibition is removed. It should be noted that the 
ethanol permselective property of the PDMS membrane facilitated the removal of ethanol in¬ 
hibition (otherwise ethanol accumulation may take place). As a result, highly concentrated 
and clean ethanol was obtained by pervaporation. According to the increase of cell densities 
and the reduction of ethanol inhibition level, along with high residence time, high glucose 
consumption was accomplished. All of these events are due to positive response of the 
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- -A- - In broth (Conventional) 
—A— In broth (MBR) 



12 2 5 


FIGURE 16.5 Changes in glucose, cell, and ethanol concentration as function of dilution rate in continuous 
fermentation experiments. 


membrane. The gap between the solid and dotted lines in Figure 16.5 demonstrates high per¬ 
formance of MBR. 

At the dilution rate of 0.04, for instance, the performance of MBR was shown that glucose 
consumption has increased to 97.5% along with higher cell concentration, while this value 
was 89% in conventional continuous fermentation. Also, ethanol concentration in MBR 
was almost the same level as compared with the conventional process. Ethanol concentration 
in permeate was 215 g 1 ', which was approximately six times higher than that in the 
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conventional bioreactor. One of the most important factors to be considered in conventional 
fermentation is downstream processing for ethanol recovery, where the cost of recovery is 
proportional to the amount of liquid to be handled and is inversely harmonized to product 
concentration. In this work, the integration of continuous fermentation and membrane sepa¬ 
ration in the same unit enhanced the performance of MBR. In addition, there was no need to 
have ethanol recovery unit. It was observed that low dilution rate resulted in complete 
glucose consumption, where at low fresh feed flow rate glucose concentration in the broth 
nearly reached zero. In MBR with pervaporation technique, complete consumption of sub¬ 
strate occurred when the fresh feed flow rate was low (minimum dilution rate). 

As data are illustrated in Figure 16.6(a), with an increase in dilution rate, yield of fermen¬ 
tation was decreased. In MBR, yield of cell density was based on substrate consumption (Yx/ 
s), which was more than the conventional process that was due to ethanol permeation, which 
resulted in high cell concentration in MBR. The yield of the ethanol concentration is based on 
substrate consumption (Yp/g) and cell density (Yp/x). The obtained data are illustrated in 
Figure 16.6(b); the yield in conventional fermentation was less than MBR. It seems that this 
was due to high glucose consumption and high cell concentration that occurred in MBR. 
With an increase in dilution rate, Yp/x was decreased until it reached a dilution rate of 
0.19 h~ after that, the yield was drastically increased. The cell density tends to be zero at 
high dilution rates, and it seems that the fresh media washed out all of the existing cells in 
the fermentation broth. The ethanol productivity is the most important factor for the selection 
of suitable process. For computation of productivity, total ethanol production must be calcu¬ 
lated. Total ethanol production was defined as the net weight of ethanol in conventional 
fermentation and the sum of the net weights of ethanol in the permeate phase and the remain¬ 
ing (the residue) ethanol in the MBR. The ethanol productivity was the total ethanol produc¬ 
tion divided by the fermenter volume per unit time. 

Although the ethanol concentration in the residue stream as shown in Figure. 16.5(b) de¬ 
creases with increasing dilution rate, ethanol productivity actually increases up to the dilu¬ 
tion rate of 0.14 as illustrated in Figure 16.7 since the productivity is generally related to 
the produced ethanol concentration and the dilution rate. After that maximum point, it be¬ 
gins to decrease because of cell washout. The maximum ethanol productivity of the MBR 
was 4.9 g(l h) -1 , which was a 15% increase over the maximum productivity of 
4.27 g(l h) 1 in conventional continuous fermentation. Interestingly, maximum productivity 
does not necessarily occur at a dilution rate corresponding to the maximum conversion of 
substrate or the maximum permeate ethanol concentration. Therefore, optimization is based 
on productivity, permeate ethanol concentration, residual substrate, etc. 

Performance of the membrane used in pervaporation process was deliberated by total flux 
and the separation factor. The separation factor of the aqueous ethanol solution was defined 
as follows: 


Separation factor (a) = ^ Ce ‘ ,1 / C ^p~ 

[L E th/(~H20\ Feed 

where Ce th and Ch 2 0 are the weight fractions of ethanol and water, respectively. 

As shown in Figure. 16.8, the separation factor and total flux across the membrane was 
almost constant during the continuous fermentation; the obtained values are 7 g m 2 h 1 




(a) 


16.4.3 RESULTS AND DISCUSSION 

- -A- -Yx/s (Conventional) 
A Yx/s (MBR) 

—*— Y p/s (MBR) 



477 



Dilution rate (hr 1 ) 

FIGURE 16.6 Changes in yields as function of dilution rate in continuous fermentation experiments. 


and 780 g m -2 h , respectively. These values indicated that the PDMS membrane did not 
show significant changes due to biofouling or deposition of free cells, since there is a slightly 
low tendency for the cells to form a biofilm layer on the membrane surface. It was found that 
the composite dense PDMS membrane was quite durable for the long operation time. But it 
seems that, in long duration, the permeation properties through the membrane could be 
changed by the adsorption of microorganisms and inorganic salts. Also the additional 
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Dilution rate (tr 1 ) 


FIGURE 16.7 Changes in ethanol productivity as function of dilution rate in continuous fermentation 
experiments. 


nutrients were not completely consumed and the nonvolatile byproducts are not removed by 
pervaporation. These technical failures may cause accumulation resistances and fouling in the 
broth—membrane interface. 

The MBR by pervaporation with a rather simple configuration and low glucose concentra¬ 
tion in medium for continuous ethanol fermentation at different dilution rates was per¬ 
formed. A dense composite PDMS membrane was chosen for its consistent and stable flux, 
high ethanol selectivity, and high stability. Ethanol concentration in broth and permeate at 
dilution rate of 0.04 h -1 and glucose concentration of 100 g I 1 in the medium were 
40 g l -1 and 215 g I ', respectively. The yield of biomass on substrate (Yx/s) and the yield 
of product on substrate (Yp/g) were 0.33 and 0.44, respectively. Furthermore, the yield of 
product on biomass (Yp/x) was 1.36. On the other hand, the ethanol productivity of the 
MBR was 91% of the theoretical value or 1.97 g (1 h) -1 ; this value was 22% higher than con¬ 
ventional continuous fermentation. The obtained values were higher than the reported values 
by other investigators with media glucose concentration of 200 g l -1 . Maximum ethanol 
productivity was 4.9 g(l h) -1 at dilution rate of 0.14 h 1 . Pervaporated ethanol concentration 
was approximately six to seven times higher than that in the broth. This value was consistent 
and similar to the reported data in the literature. 

A 7—22% increase in ethanol productivity was achieved compared to conventional contin¬ 
uous fermentation; this value was higher than reported values by other investigators with 
different and complex configuration of MBR, membranes, and higher glucose concentration 
in their media. On the other hand, the productivity was approximately the same as an in 
an experimental investigation with 150 g l -1 glucose in medium with an ICR. MBR was able 
to produce ethanol even at high substrate concentrations (50—230 g l -1 ).). Figure 16.9(a) 







16.4.3 RESULTS AND DISCUSSION 


479 


O 7.5 

o 

,ro 


° 7 

ra 
ro 
o. 

(U 

w 6.5 


900 
850 
t 800 

CM 

I 

§> 750 
x 

il. 700 
650 
600 


7.5 


6.5 


0 0.05 0.1 0.15 0.2 0.25 0.3 

Dilution rate (tr 1 ) 


900 

850 

800 

750 

700 

650 

600 


0 0.05 0.1 0.15 0.2 0.25 0.3 

Dilution rate (tr 1 ) 


FIGURE 16.8 Pervaporation performance through the permselective polydimethylsiloxane membrane. 


shows changes of cell and glucose concentration and ethanol productivity versus substrate 
concentration. In addition, changes of ethanol concentration in broth and permeate phase 
are illustrated in Figure 16.9(b). Experiments were performed at optimum dilution rate of 
0.14 h -1 . Table 16.5 shows ethanol concentrations in broth and permeate with various sub¬ 
strate concentrations. As carbohydrate concentration increased, the ethanol concentrations 
in permeate also increased, while productivity from 5.04 g (1 h) -1 for 170 g l 1 substrate 
decreased to 4.56 g (1 h) -1 for 235 g 1 1 substrate. Decrease in ethanol productivity at very 
high substrate concentration might be due to MBR limitation as cell densities may gradually 
accumulate in the retentive broth. In addition, biofouling may form on membrane surface for 
high dense broth. In order to enhance ethanol productivity in MBR with very high substrate 
concentration, more than 200 g 1 1 of either a different type of membrane with high ethanol 
selectivity must be used or another configuration of MBR with high flux area is required. This 
issue may require more investigation; further research has to be conducted to justify the exist¬ 
ing facts. 
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FIGURE 16.9 Profiles of glucose, cell, ethanol concentration, and productivity in membrane bioreactor with high 
substrate concentration. 


TABLE 16.5 Ethanol production in membrane bioreactor with high substrate concentration 


Glucose 

concentration, g 1 _1 

Ethanol 

concentration, g 1 _1 

Cell, g 1 _1 

Glucose, g 1 1 

Productivity, g (1 h) 1 

Broth 

Permeate 

50 

18.24 

102.83 

28.26 

0 

3.11 

100 

29.50 

168.00 

26.19 

16.31 

4.89 

135 

30.73 

170.02 

25.02 

22.24 

4.94 

170 

32.04 

178.97 

21.47 

33.9 

5.04 

200 

35.59 

192.51 

17.35 

45.67 

4.80 

230 

40.78 

212.22 

12.48 

54.03 

4.56 
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16.4.4 CONCLUSION 


It was concluded that MBR can easily be operated without ethanol inhibition with high 
ethanol productivities using Sacclmromyces cerevisiae PTCC 24860. The obtained data were 
compared to conventional continuous fermentation and continuous fermentation with perva- 
poration. At first, laboratory-scale MBR and pervaporation processes were designed and 
fabricated. The MBR was easily assembled and disassembled. Also, the proposed model 
can be easily applied for design of a large-scale MBR for production of ethanol concentration 
as high as 215 g 1 . A dense PDMS membrane was used for pervaporation of ethanol. A me¬ 
dium containing 100 g 1 1 glucose was fermented with dilution rates of 0.04—0.024 h -1 . In¬ 
crease in dilution rate caused an increase in glucose concentrations and decreased cell 
densities. At 32 °C, maximum specific cell growth of 0.14 h 1 was achieved. Comparing 
the MBR performance and conventional continuous fermentation showed that in MBR, 
ethanol inhibition was removed, cell density was increased, and highly concentrated, and 
clean ethanol as product was recovered. There was no need to have downstream processing 
and separation cells. All of these phenomena are counted as advantages of membrane sepa¬ 
ration resulting in saved energy and making the process viable and economic. In the MBR 
fermentation system, ethanol productivity was increased by 22%. The permeate stream 
was free from cells and substrate. It was a highly concentrated ethanol solution, as ethanol 
concentration reached 215 g l -1 . In addition, at high flow rate, the performance of membrane 
permeation system was similar to the conventional fermentation. Finally, the performance of 
the pervaporation system illustrated that PDMS membrane was very durable, because there 
was a little tendency for the cells to form a biofilm layer on the membrane surface. 


Acknowledgments 

The authors wish to express their special thanks to K. Alinezhad from I.O.O.C company for his technical support and 
operational assistance. We also thank the Afagh and KGW Isotherm companies for their sincere cooperation and tech¬ 
nical supply of equipment and spare parts. We express our special thanks to I.F.C.O for their financial support, which 
made this research possible. 


References 

1. Najafpour G, Younesi H, Syahidah Ku Ismail K. Ethanol fermentation in an immobilized cell reactor using 
Saccharomyces cerevisiae. Bioresour Technol 2004;92:251-60. 

2. Melvydas V, Gedminiene G, Jarmalaite I, Capukoitiene B, Nemceva L. Initial analysis of highly competitive yeast 
strains promising for ethanol industry. Biologija 2006;3:63-6. 

3. Kapse V, Ghosh S, Raghuwanshi F, Kapse S, Khandekar U. Nanocrystalline Ni0.6Zn0.4Fe204: a novel semi¬ 
conducting material for ethanol detection. Talanta 2009;78:19-25. 

4. Rendleman CM, Shapouri H, Policy U.S.D.A.O.E., Uses N.. New technologies in ethanol production. US Department 
of Agriculture, Office of the Chief Economist, Office of Energy Policy and New Uses; 2007. 

5. Cho CW, Flwang ST. Continuous membrane fermentor separator for ethanol fermentation. J Membr Sci 
1991;57:21-42. 

6. Radocaj O. Ethanol fermentation in a membrane bioreactor; 1997. University of Toronto, http://hdl.handle.net/1807/ 
14879. 

7. Nomura M, Bin T, Nakao S. Selective ethanol extraction from fermentation broth using a silicalite membrane. Sep 
Purif Technol 2002;27:59-66. 




482 


16. MEMBRANE REACTOR 


8. Moueddeb H, Sanchez J, Bardot C, Fick M. Membrane bioreactor for lactic acid production. ] Membr Sci 
1996;114:59-71. 

9. Gonzalez-Velasco J, Gonzalez-Marcos J, Lopez-Dehesa C. Pervaporation of ethanol—water mixtures through poly 
(1-trimethylsilyl-l-propyne) (PTMSP) membranes. Desalination 2002;149:61-5. 

10. Vane LM. A review of pervaporation for product recovery from biomass fermentation processes. / Chem Technol 
Biotechnol 2005;80:603-29. 

11. Takegami S, Yamada H, Tsujii S. Pervaporation of ethanol—water mixtures using novel hydrophobic membranes 
containing polydimethylsiloxane. ] Membr Sci 1992;75:93-105. 

12. Li L, Xiao Z, Tan S, Pu L, Zhang Z. Composite PDMS membrane with high flux for the separation of organics from 
water by pervaporation. J Membr Sci 2004;243:177—87. 

13. Xiangli F, Chen Y, Jin W, Xu N. Polydimethylsiloxane (PDMS)/ceramic composite membrane with high flux for 
pervaporation of ethanol—water mixtures. Ind Eng Chem Res 2007;46:2224-30. 

14. Molina JM, Vatai G, Bekassy-Molnar E. Comparison of pervaporation of different alcohols from water on 
CMG-OM-010 and 1060-SULZER membranes. Desalination 2002;149:89-94. 

15. Fluang Y, Fu J, Pan Y, Huang X, Tang X. Pervaporation of ethanol aqueous solution by polyphosphazene 
membranes: effect of pendant groups. Sep Purif Technol 2009;66:504-9. 

16. Hoover KC, Hwang ST. Pervaporation by a continuous membrane column. J Membr Sci 1982;10:253-71. 

17. Nakao S, Saitoh F, Asakura T, Toda K, Kimura S. Continuous ethanol extraction by pervaporation from a 
membrane bioreactor. J Membr Sci 1987;30:273—87. 

18. Esfahanian M, Najafpour CD, Ghoreyshi AA, Younesi H, Ahmad AL. Optimization of ethanol production by 
Saccharomyces cerevisiae as function of pH and temperature: batch fermentation. In: ICENV 2010, Penang, Malaysia; 
2010 . 

19. Najafpour CD. Biochemical engineering and biotechnology. Elsevier Science; 2006. 

20. Thomas LC, Chamberlin GJ, Shute G, Tintometer limited S., England. Colorimetric chemical analytical methods. 
England: Tintometer; 1980. 



16.5.1 INTRODUCTION 


483 


SUBCHAPTER 


16.5 


Case Study: Inorganic Zirconia y-Alumina-Coated 
Membrane on Ceramic Support 


16.5.1 INTRODUCTION 


Membrane separation represents a new type of unit operation, which, ultimately, is ex¬ 
pected to be replaced by significant use of conventional separation processes. The advan¬ 
tage of membrane separation lies in its relatively low energy requirements. The reason 
for low energy consumption is that, unlike conventional processes such as distillation, 
extraction, and crystallization, it generally does not feature phase transition. The rapid 
development of membranes in wastewater treatment encourages the development and 
fabrication of an inorganic membrane. The results expand knowledge and produce various 
types of ceramic membrane . 1 

The ceramic membrane has a great potential and market. It represents a distinct class of 
inorganic membrane. In particular, metallic-coated membranes have many industrial appli¬ 
cations. The potential of ceramic membranes in separation, filtration, and catalytic reactions 
has favored research on synthesis, characterization, and property improvement of inorganic 
membranes because of their unique features compared with other types of membrane. Much 
attention has focused on inorganic membranes, which are superior to organic ones in ther¬ 
mal, chemical, and mechanical stability, and resistance to microbial degradation. 

Alumina membranes have recently received considerable attention for their use in a wide 
range of applications. Alumina is the most cost-effective and widely used material in the fam¬ 
ily of engineering ceramics. The raw materials from which this high-performance technical- 
grade ceramic is made are readily available and reasonably priced, resulting in good value 
for the cost in fabricated alumina shapes, with an excellent combination of properties and 
an attractive price. For commercial membrane applications, (X-AI 2 O 3 and Y-AI 2 O 3 are the 
most common membranes. 0 C-AI 2 O 3 membranes are well known for their thermal and hydro- 
thermal stabilities beyond 1000 °C. 

An inorganic membrane can be prepared by various methods such as sol—gel, phase separa¬ 
tion, and leaching. The sol—gel process is considered the most practical method among those 
used to prepare inorganic membrane. Sol—gel processing is a simple technology in principle 
but requires considerable effort to become of practical use. The advantage of this technology is 

This case study was partially written with contributions from: 

Abdul Latif Ahmad, Membrane Technology, School of Chemical Engineering, Engineering Campus, Universiti 
Sains Malaysia, Nibong Tebal, Pulau Pinang, Malaysia. 
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the ability to produce high-purity y-alumina membranes at low temperatures (400—600 °C). The 
pore size distribution is very narrow, and additional elements can be added. However, only y- 
alumina membranes have the disadvantage of a poor chemical and thermal stability. Below pH 4, 
they dissolve to form Al 3 1 ions; above pH 12, the membrane will form AI (OH (4 . y-AUCb has a 
highly detective spinal structure and can be considered as an A10 T H t/ species, which dissolves 
more slowly, in low and high pH of the aqueous phase as strong hydroxides behave. 

Meanwhile, at higher temperatures (600—900 °C), pore growth occurs. Above 850 °C, the 
transformation of y-alumina upon heating is: y —» 0 —> a-alumina. The stable a-A^Cb phase 
forms above 1000 °C by nucleation and growth. In the transition of alumina derived from 
boehmite gels, the pores are as large as the grains. These pores are unable to stop grain 
boundary migration when a-ALCb forms above 1100 °C. Hao et al. stated that the phase 
transformation from y-A^Cb to 0 -AI 2 O 3 occurred at 900 °C for pure alumina membranes. 
With further heat treatment, 1200 °C and higher, a complete transformation of the 0 -AI 2 O 3 
to the high temperature a-Al 2 Cb phase is observed. 

Foreign additives can affect the phase transformation as well as the pore structure at high 
temperatures. To inhibit dissolution of alumina species or pore growth, the particles are 
coated with an inert component such as zirconia, titania, and lanthana. It has been reported 
that the effect of zirconia addition in alumina retarded the grain growth behavior of the 
alumina membrane. It was found that the ZrC >2 prevents abnormal growth of AI 2 O 3 during 
heat treatment. The effect of zirconia on the phase transformation could be explained by the 
fact the presence of the zirconia on the y-alumina surface may reduce the possibility of the 
nucleation of a-alumina, thus raising the phase transformation temperature. 

In this case study, a zirconia-alumina membrane has been developed using the sol—gel 
technique with and without support. The porous ceramic was prepared to fabricate the 
membrane support. A thin film of aluminum and zirconium was formed on the porous 
ceramic support. Unsupported membrane was also prepared. The unsupported membrane 
was not strong enough to hold a high-pressure gradient; it was very fragile and not useful 
for independent use. The supported membrane on a highly porous ceramic was quite strong, 
but the coating covered the solid surface. The ceramic support was strong enough to hold any 
mechanical forces. Apart from the ceramic support, polyvinyl alcohol (PVA) was prepared to 
be used as a binder in the preparation of zirconia-alumina membranes to avoid the forma¬ 
tion of cracks on the membrane surface. The overall process in the fabrication of membranes 
is shown in Figure 16.10. The uniform coating and crack-free membranes were examined by 
scanning electron microscopy (SEM) and light microscope (LM) photographs shown in 
Figures 16.11—16.14. The main part of the research activities was the preparation and devel¬ 
opment of an inorganic membrane with and without support (zirconia-coated on y-alumina). 
The membrane surface was characterized by SEM and LM. 

In preparing the membrane, a clear sol was obtained by the addition of acid into the 
aluminum sec-butoxide sol to peptize the sol and obtain a stable colloid solution. Aluminum 
monohydroxides formed by the hydrolysis of aluminum alkoxides, which are peptizable to a 
clear sol. Peptization was performed by the addition of acid and heat treatment for a suffi¬ 
cient time. It was found that stable sols cannot be obtained when the concentration of the pep¬ 
tization acid is too low. 

The critical range for inorganic acids such as nitric, hydrochloric, and perchloric acids is 
0.03—0.1 mol/mol of hydroxide. In this study, nitric acid was used as the peptizing agent. 
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Start 



FIGURE 16.10 


Overall scheme and stages involved for fabrication of inorganic membrane. 


The resulting sols were poured into Petri dishes and dried in an oven at a controlled drying 
rate to obtain a gel layer. The molar ratio of zirconia salt to alumina was a controlling variable 
in obtaining crack-free zirconia-coated y-alumina membranes. Finally, the dried gel was 
sintered and heat treated at 500 °C for 3 h. 

Support materials were prepared by blending the fine power as stated in the later part of 
this case study. PVA was used as the binder. The organic macromolecule was used to create 
sufficient pores in the material when burned out after a solid strong support was formed. 
Drying was performed in a high-temperature furnace. The shape and thickness of the support 
were based on the mass of the material and the way it was molded. 

Once the membrane was successfully produced, it was analyzed for characterization and 
scanning. The sol—gel technique was successfully used to obtain a crack-free unsupported 
membrane, which was expected to have pore size of 1—2 nm. The development of the 
crack-free membrane may not have the same strength without strong, solid support. The 
next stage of this work was to characterize the fabricated membrane. The objectives of this 
study were to develop a zirconia-coated y-alumina membrane with inorganic porous support 
by the sol—gel method and to characterize the surface morphology of the membrane and 
ceramic support. 


16.5.2 MATERIALS AND METHODS 


The fabricated membrane consists of inorganic ceramic material with a fine coating. The 
support materials were prepared by tape casting or slip casting. Slips were prepared by 
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FIGURE 16.11 Nonurdform porous media of the ceramic membrane support. 


dispersing the alumina powder in water with the dispersing agent. The slips were homog¬ 
enized by ball milling for 12—18 h or by ultrasonification for 20 min. The starch was added 
during vigorous stirring. The addition of starch to the slip created pores in the material 
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FIGURE 16.12 Alumina-coated on the ceramic membrane. 











FIGURE 16.13 Zirconia-coated on the ceramic membrane. 


when burned out after forming. Then the binder was added while gently stirring the suspen¬ 
sion. PVA has been used for a long time as the organic binder of choice in many ceramics 
applications. The high binding strength, ease of plasticization, water solubility, and cost 
effectiveness of this polymer have made it a reliable performer. Drying was provided by 
application of heat from underneath the tape and by a controlled passage of air over the sur¬ 
face of the tape. Square supports were cut from the tapes and several tapes laminated 
together in a press at 60 MPa at room temperature to build up the desired thickness of about 
1 mm. 

Finally, to evaluate the membranes, analysis such as X-ray diffraction (XRD), SEM, TEM, 
and light scattering were performed at the School of Mineral and Material Engineering, 
Universiti Sains Malaysia. The last part of the work, testing the produced membrane to 
remove emulsifier oil from domestic wastewater, was accomplished on a limited budget. 







FIGURE 16.14 Mixture of zirconia and alumina-coated on the ceramic membrane. 


An experimental rig and membrane module were required. Also, the need for experimental 
data for the application of the supported membrane may show the real success of this 
project. 


16.5.2.1 Preparation of PVA Solution 

PVA was used as a temporary binder owing to its water solubility, excellent binding 
strength, and clean-burning characteristics. To prepare the PVA solution, 4 g of PVA were 
added to 100 ml distilled water. The mixture was heated and stirred vigorously until all 
the PVA was dissolved in the water. This took about half an hour. Peptization was done 
by addition of 5 ml 1 M HNO 3 to the solution. Finally, the solution was refluxed for 4 h. 












490 


16. MEMBRANE REACTOR 


The PVA solution was used in the preparation of the zirconia-alumina sol—gel solution. The 
preparation of the PVA solution can be summarized as follows: 

1. 4 g PVA were added to a 250 ml beaker; 

2. 100 ml of double-distilled water was stirred vigorously until all the PVA was dissolved; 

3. The solution was boiled until all the PVA was dissolved. This step took at least 0.5—1 h; 

4. 5 ml of 1 M HNO 3 was added into the solution; 

5. The solution was refluxed for 4 h. 

16.5.2.2 Preparation of Zirconia-Coated Alumina Membrane 

The supported and unsupported membranes were produced by a sol—gel dipping tech¬ 
nique. The sol—gel solution was made by using aluminum tri-sec-butoxide and zirconium 
(IV) oxide. Compared with the pure alumina membrane, the zirconia-coated alumina mem¬ 
brane had high chemical resistances, which allowed steam sterilization and cleaning proce¬ 
dures in the pH range of 0—14. It possessed good pure-heating permeability and high 
membrane flux in separation and filtration. It had high thermal stability, which was an attrac¬ 
tive criterion for catalytic membrane reactors used at high temperatures. The molar ratio of 
Al 3 1 :H + :Zr:H 2 0 was 1:0.07:0.15:100, whereas the volumetric ratio on the basis of 100 ml of 
H 2 0 is Al 3 + :H + :Zr:H 2 0 = 1:3.88 ml:1.0275 g:100 ml. The 100 ml of double-distilled water 
was heated on a hot plate between 80 °C and 85 °C to ensure the formation of y-AIOOH. 
Aluminum tri-sec-butoxide (14.25 ml) was added to the double-distilled water. The solution 
was vigorously stirred with a magnetic stirrer until a homogeneous mixture was obtained. 
HNO 3 (1 M) (3.88 ml) was added to the sol for peptization, and the mixture was again stirred 
for an additional 15 min. After that, 1.0275 g of ZrC >3 was added into the mixture. The sol was 
kept at boiling condition in the open flask for 1 h. The PVA solution was added to the mixture 
according to a PVA: sol ratio of 1:20, and stirred in the mixture continuously. The product 
was refluxed under continuous stirring at 90 °C for 16—20 h to ensure complete mixing 
and hydrolysis. The sol was cooled down slowly and left for a few hours. The above steps 
were repeated with different amounts of ZrOj. The sol was dried under ambient conditions 
until gelation and viscous gel was obtained. The sol was transferred to the support by the 
dip-coating method to prepare a thin layer of gel on the support. The membrane thickness 
first increases linearly with the dipping time, until it may reach a limit. It was noted that a 
thicker and nonuniform gel layer was more liable to crack than a thinner one. A uniform 
gel layer was obtained by heating and calcination. After dip-coating the sol on the surface 
of the support, the membrane was heated in the furnace. The furnace temperature started 
at 30 °C and was raised to 300 °C at a rate of 0.5 °C min -1 . The furnace temperature was 
kept at 300 °C for 0.5 h for relaxation of the gel and to avoid the stress exceeding the elastic 
strength of the gel. The temperature was raised from 300 to 700 °C at a rate of 0.5 °C min -1 . 
Sintering of the inorganic membrane was done at 700 °C for 5 h. Cooling was conducted at a 
rate of 1 °C min -1 , to ambient temperature, 30 °C. 

16.5.2.3 Preparation of Porous Ceramic Support 

The preparation of porous ceramic support is summarized in the following sections. 
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Raw materials. 

1. Feldspar potash 

2. Ball clay 

3. Kaolin 

4. Silica power 

5. Sodium hexametaphosphate flakes 

6 . Distilled water 

7. PVA 3% solution 

Preparation of the PVA solution. 

1. 7.5 g of PVA is gradually added to 250 ml to double-deionized water at ambient 
temperature. 

2. Stir the solution until all the PVA is distributed equally. 

3. Boil the solution until all PVA is dissolved, and stir the solution carefully. The step 
should take at least 40 min. 

4. After that, 10 ml of 1 M HNO 3 is added to the solution. 

5. Reflux the solution for 4 h. 

Sieve all the feldspar potash, ball clay, kaolin, and silica powder by mesh, size 90 pm. 
All the powders were mixed according to mass ratio given below 

1. 25% feldspar potash. 

2 . 25% ball clay 

3. 25% kaolin 

4. 25% silica powder 

Mix 20 g of mixed powder and 25 ml PVA solution to form the concentrated slurry sup¬ 
port. A different composition of mixed powder and PVA solution was used. 

Dip the sponge in the mixture. After that, put the sponge inside the furnace with the start¬ 
ing temperature at 30 °C, raise the temperature 1 °C min -1 up to 1200 °C. Maintain the tem¬ 
perature for 2 h. After heating, decrease the furnace temperature by 1 °C min -1 back to 30 °C. 

Some experience is needed to perform the last step efficiently. From our previous work, the 
strength of the ceramic support will increase with a decrease in the amount of dispersion 
solution. 

The advantage of sol—gel technology is the ability to produce a highly pure alumina and 
zirconia membrane at medium temperatures, about 700 °C, with a uniform pore size distri¬ 
bution in a thin film. Flowever, the membrane is sensitive to heat treatment, resulting in 
cracking on the film layer. A successful crack-free product was produced, but it needed spe¬ 
cial care and time for suitable heat curing. Only y-alumina membrane has the disadvantage 
of poor chemical and thermal stability. 

16.5.3 RESULTS AND DISCUSSION 


The vast increase in the application of membranes has expanded our knowledge 
of fabrication of various types of membrane, such as organic and inorganic membranes. 
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16. MEMBRANE REACTOR 


The inorganic membrane is frequently called a ceramic membrane. To fulfill the need 
of the market, ceramic membranes represent a distinct class of inorganic membrane. 
There are a few important parameters involved in ceramic membrane materials, in 
terms of porous structure, chemical composition, and shape of the filter in use. In 
this research, zirconia-coated y-alumina membranes have been developed using the 
sol—gel technique. 

Finally, analytical equipment was used for characterization, such as XRD, SEM, TEM, LM, 
and light scattering. These were available either in the School of Chemical Engineering or 
other departments and research centers in the Universiti Sains Malaysia. However, owing 
to limited access to the high-end analytical equipment to analyze the membrane, the surface 
morphology of the membrane and the porous ceramic support were only characterized with 
SEM and LM. 

More than 50 samples of successful and unsuccessful membranes for demonstration were 
fabricated. The successful results are discussed and presented in Figures 16.11—16.14. The 
porous ceramic supports were fabricated in our research lab. 

Figure 16.11 shows SEM micrographs for the porous media of ceramic support at different 
magnifications. The nonuniformity resulted from the synthetic foam used as a base to absorb 
the ceramic solution before vaporizing any water from the inorganic mixture. Uniform 
porous media as a solid support for the membrane was obtained. 

Figure 16.12 presents the alumina-coated ceramic membrane. There were opportunities to 
fabricate a crack-free ceramic membrane coated with y-alumina. The supported zirconia- 
alumina membrane on the ceramic support shows an irregular surface. The nonuniform sur¬ 
face of ceramic support caused the irregular surface on the top layer of the membrane. Some 
of the membrane sol was trapped in the porous ceramic support during coating and caused 
the irregularity of the membrane surface. 

The zirconia membrane was obtained in a unique manner. Figure 16.13 shows light micro¬ 
graphs of the zirconia-alumina membrane coated on the ceramic support. The nonuniform 
and crater-filled surface of the ceramic support was covered by the zirconia- alumina mem¬ 
brane layer. Zirconia was mounted by very thin or nanolayers on the ceramic membrane. 

A combination of alumina and zirconia was used as a strong nanofilm on the ceramic 
membrane. SEM micrographs are shown in Figure 16.14. Observation by SEM shows that 
the zirconia-alumina membrane layer was properly adhered and could stand on the top 
of the porous ceramic support. 


16.5.4 CONCLUSION 


We have successfully developed a new inorganic ceramic membrane coated with zirco¬ 
nium and alumina. A thin film of alumina and zirconia unsupported membrane was also 
fabricated. The successful method developed was the sol—gel technique. 
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SUBCHAPTER 


17.1 


Introduction 


In recent decades, advances in biotechnology have increased the potential use of biolog¬ 
ically based products. The emergence of new and promising research activities in molecular 
biology and immunology has promoted a continuous increase in the number of proteins that 
need to be purified and characterized. A wide variety of proteins are used as diagnostic 
reagents, such as vaccines, monoclonal antibodies, enzymes, and regulatory factors. The 
development of simplified and cost-effective bioseparation schemes to eliminate impurities 
from these products in a highly purified form is a constant major challenge for the continued 
success and commercialization of biotechnological industries. The series of separation 
processes used to o purify bio-based products can be collectively described by the general 
term "downstream processing." The objective is to establish a sequence of operations 
that will transform the starting material to a state defined by the specification and end 
use of the desired product. Individual steps should be based on molecular-based knowledge 
of how individual proteins will behave during purification, to appropriately establish an 
efficient and economic process. Technologies applicable in such bioprocesses must also 
accommodate particulate-containing feedstock such as microbial fermentation broths, animal 
or plant cell cultures, and cell-disruptive feedstock. It is important that the recovery in these 
processes be done rapidly maintain the native conformation and activity of highly sensitive 
protein molecules. Therefore, the main objectives for the biochemical engineer must encom¬ 
pass the design of an optimal process that: (1) provides the desired quality of the final 
product, (2) minimizes the total process time and cost through improved operational 
efficiency, and (3) falls within the constraints of an acceptable market entry. 


17.2 PROTEIN PRODUCTS 


Advances in biotechnology have enabled the development and use of protein products as 
pharmaceutical reagents as well as applications in the industrial and domestic spheres. The 
domestic market represented by the food and beverage industries requires protein products 
of low value but with a high-volume demand where the purity of the protein is less 
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FIGURE 17.1 Conventional downstream processing scheme for the purification of proteins. 

important than cost. This is in contrast to protein products with a market value such as ther¬ 
apeutic enzymes, in which high purity is essential. Proteins commonly exhibit narrow stabil¬ 
ity ranges outside of which denaturation occurs. In addition, specific enzymes such as 
proteases and lipases can make small alterations in protein structure that may lead to sub¬ 
stantial changes in their activity and antigenic properties. 

A generalized sequence of the discrete unit operations involved in standard downstream 
processing is depicted in Figure 17.1. In the case of an intracellular product, cell disruption is 
the first step in the sequence after harvesting the cells (for example, by centrifugation). Here, 
the cell boundary is permeabilized, punctured, or disintegrated to release the product into the 
surrounding medium. The cell disruption step is unnecessary in the case of extracellular 
products, because the products are synthesized within the cells and subsequently excreted 
naturally into the broth. Each individual technique employed in the purification of proteins 
has advantages and disadvantages. 

However, a diverse combination of separation steps is commonly required; the selection is 
based on various physical and chemical characteristics of the proteins. Figure 17.1 shows a typical 
conventional approach adopted for the purification of intracellular and extracellular proteins. 


17.3 CELL DISRUPTION 


Cell disruption is an essential initial preparative step for the purification of intracellular 
protein products. Different methods of cell disruption have been reviewed by several 
researchers, particularly focusing on large-scale operations. Different methods of cell 
disruption that are currently available can be conveniently divided into two main groups: 
(1) mechanical and (2) non-mechanical. Complete destruction of the cell wall in a nonspecific 
manner is usually achieved by mechanical means exploiting solid-shear (bead mill) and 
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liquid-shear forces (high-pressure homogenizer [HPH] or micro-fluidizer). Non-mechanical 
methods are judged to be more benign and often only perforate or permeabilize cells rather 
than tearing them apart. For example, chemical and enzymatic methods rely on selective 
interaction of a substance or enzyme, respectively, with components of the cell wall or the 
membrane that modify the cell boundary and allow product to seep out. However, such 
treatment on a large scale may be costly and the waste disposal of process additives may 
also cause problems. As a result, mechanical methods such as HPHs or bead mills are 
preferred for large-scale applications. Homogenization involves the single or multiple 
passage of a cell suspension at a constant flow rate through an adjustable, restricted orifice 
discharge valve. As the cells are forced at high pressure through the orifice they are subjected 
to a combination of cavitations and liquid shear in which operating pressure, cell concentra¬ 
tion, and temperature are influential for disruption efficiency. 

Mechanical cell disruption in a bead mill has many attractive process characteristics 
including high disruption efficiency in single-pass operations, high throughput and biomass 
loading, good temperature control, and commercially available equipment applicable from 
the laboratory to an industrial scale. In addition, the single-pass and continuous operating 
characteristics of the bead mill have recommended it as the ideal feedstock generator for 
immediate and direct sequestration of released products in a fluidized bed. Bead mills 
consist of a mostly horizontally positioned, closed grinding chamber. Upon a motor-driven 
agitator shaft, different impellers can be employed in the form of discs, rings, or pins 
(Figure 17.2). 

These can be mounted concentrically or eccentrically and impart kinetic energy from the 
rotating parts to the grinding elements that are suspended in the cell suspension. Cells are 
disrupted by shear forces generated by the radial acceleration of these elements (typically 
ballotini glass or zirconia beads) as well as by bead collisions. Virtually all of the energy input 
is dissipated as heat, which necessitates efficient cooling of the chamber, achieved by a cool¬ 
ing jacket. The rate of disruption depends on several operational parameters such as agitator 
speed, suspension throughput, bead size, bead loading, and cell concentration. Many of these 
parameters have been exhaustively studied using different types and sizes of horizontal bead 
mill. 8 



6 

FIGURE 17.2 Sketch of the Dyno Mill KDL-I. 1. Cell suspension inlet; 2. agitator disks; 3. coolant; 4. dis- 
ruptate outlet; 5. gap separator; 6. motor; 7. coolant. 































500 


17. ADVANCED DOWNSTREAM PROCESSING IN BIOTECHNOLOGY 


17.4 PROTEIN PURIFICATION 


17.4.1 Overview of Strategies 

The initial stages of protein purification stages can be done by exploiting a variety of tech¬ 
niques such as membrane separation, aqueous two-phase partition, and batch adsorption. 
Membrane separation covers a wide range of fundamentally different processes from micro¬ 
filtration to electrodialysis. Common features of these processes include separation occur¬ 
ring between two fluids that are by an interphase made of a membrane. This allows the 
selective transport of components of the two phases and thus some materials to pass through 
while others may be retained. Aqueous two-phase partition is a method used for protein 
separation based on the partition of proteins between two water-rich phases, which are ob¬ 
tained by dissolving two hydrophilic polymers in water or one polymer and salt above a 
defined concentration. Batch adsorption is performed by contacting adsorbent particles 
with biological feedstocks in stirred tanks. After product capture, the adsorbent is separated 
from the broth by decantation washing and then the product is eluted. Batch adsorption is a 
process characterized by a single equilibrium stage and thus lacks high resolution compared 
with classical process chromatography. 

In addition, the problem of separating the protein-loaded adsorbent from the biomass has 
to be solved. Primary and final protein purification steps are commonly done by liquid 
chromatography to achieve further purification of the desired proteins. These techniques 
have been developed to separate protein products from each other by exploiting their differ¬ 
ence with respect to molecular characteristics. Ion exchange and hydrophobic interaction 
chromatography is most commonly applied in downstream processing for the primary cap¬ 
ture of protein products. The proteins are separated by ion exchange chromatography based 
on the reversible adsorption of charged groups of the adsorbent phase. In contrast, the basis 
for hydrophobic chromatography is the interaction between hydrophobic domains of protein 
and the hydrophobic groups of the adsorbent phase. The principal application of affinity 
chromatography, which facilitates the selective adsorption of target proteins to biological 
specific ligands (for example, protein A and antibodies) immobilized on and within the 
adsorbent phase, makes it well suited for the final stages of purification of protein products. 

However, recent developments have suggested that the adoption of this high-resolution 
chromatography system in the earlier stage of downstream processing can facilitate the over¬ 
all recovery performance (for example, reduce working and processing time). The robust and 
inexpensive synthetic ligands (for example, triazine dyes) are well suited to such applications 
(see the following section). 


17.4.2 Dye Ligand Pseudo-affinity Adsorption 

Historically, chlorotriazine dyes such as Cibacron Blue 3GA, Procion Red H-E7B, Procion 
Green H-4G, and Yellow H-E3G were designed as cheap chemicals for use in the textile and 
printing industries. The chemical structure of Cibacron Blue 3 GA is illustrated in Figure 17.3. 
The chlorotriazine dyes are known to show affinities for several classes of proteins such as 
dehydrogenase, phosphatransferases, and plasma proteins by virtue of an approximate 
mimicry of the structure of cofactors nicotinamide adenine dinucleotide and flavin adenine 
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FIGURE 17.3 The chemical structure of Cibacron Blue 3 GA. 

dinucleotide. As a result, chlorotriazine dyes have been widely exploited as ligands in af¬ 
finity chromatography for the purification of protein products. In general, dye ligands that 
tend to show affinities for specific classes of protein (i.e., dehydrogenases, phosphotrans¬ 
ferases, plasma proteins, etc.) include reactive dyes belonging to the chlorotriazine group. 
The dyes provide interactions with enzymes that mimic interactions provided by natural 
ligands or their chemical analogs. Because of these dyes have no biological relationship 
with the macromolecules, the terms "pseudo-ligand" and "pseudo-affinity" are commonly 
used to describe them and their interactions. Dissociation constants, K ( j, of dye ligands 
are commonly in the range 10~ 6 to 10~ 7 M, which lies intermediate between ion exchange, 
10~ 4 to 10~ 6 M, and truly biospecific ligands, 10 -6 to 10~ 8 M. The dyes are particularly 
promising pseudo-affinity ligands because they offer several advantages over biospecific 
ligands including ease of coupling to support matrices, low cost, wide availability, and 
high-stability operations and sanitization operations. 


17.5 GENERAL PROBLEMS ASSOCIATED WITH CONVENTIONAL 

TECHNIQUES 


From an economic point of view, the number of sequential operations necessary to achieve 
the desired purity of a protein product contributes significantly to the overall cost of the 
downstream process. This is because of the capital investment and amount of consumables 
needed for each step as well as the individual time required for each operation. In addition, 
the overall yield of the purification is reduced with each additional process step as a result of 
inherent handling losses of product and/or product activity. It has been estimated that the 
overall cost of the downstream process is closely correlated to the number of purification 
steps involved and that cost may account for up to 80% of the final process investment. 
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Traditional techniques employed for both harvesting biomass and feedstock clarification 
are centrifugation and filtration. Centrifugation might need to be undertaken twice, 
whereas an additional depth or microfiltration step is commonly included to ensure a 
particle-free (99—99.9% in terms of cell clearance) solution that can be fractionated by tradi¬ 
tional packed-bed chromatography. Although filtration has been applied successfully in 
numerous solid—liquid operations, performance is usually diminished as a result of mem¬ 
brane fouling (for example, by cells, cell debris, lipids, and nucleic acids) during operation. 
In addition, combined centrifugation and filtration operations often result in long process¬ 
ing times. Furthermore, the presence of large amounts of insoluble and highly viscous 
materials (for, cells debris and long chain genomic deoxyribonucleic acid) in the process 
feedstock can further restrict the clarification performance. This problem is especially critical 
in the case of a cell disruptate, which results in the generation of cell debris and colloidal 
materials, and the release of large amounts of intracellular products. A rapid method of 
product capture of the target protein is therefore preferred because the time taken to remove 
particulates can promote denaturation owing to process conditions that are detrimental to 
structural integrity: for example, the action of proteases, carbohydrates, or oxidizing condi¬ 
tions. Thus, the development of fast and cost-effective primary recovery steps forms the 
basis for a successful downstream process, especially in the production of intracellular 
proteins. 


17.6 FLUIDIZED BED ADSORPTION 


Fluidized bed adsorption (FBA) has emerged as an efficient recovery method proven to 
have significant advantages over conventional procedural sequences: for example, discrete 
feedstock clarification followed by fixed-bed adsorption of the product. In fluidized beds, 
liquid is pumped upward through a bed of adsorbent beads that, in contrast to a packed 
bed, are not constrained by an upper flow adapter. Thus, the bed can expand and spaces 
open up between the adsorbent beads. The increased voidage of the bed allows particulates 
in the feed to pass freely through the spaces without entrapment (see Figure 17.4). 

Thus, the need for prior removal of cells and/or debris is eliminated. After the adsorption 
stage, the remaining feedstock and particulates are washed from the adsorbent bed and the 
product is subsequently eluted either in fluidized or packed-bed mode. As a consequence, 
clarification, concentration, and initial fractionation are combined into one operation, and 
thus fluidized beds exhibit great potential for simplifying downstream processes with 
concomitant savings in capital and operating costs. 

Fluidized beds have been used previously for the industrial-scale recovery of the antibi¬ 
otics streptomycin and novobiocin. However, more recently, there has been considerable 
interest in the use of fluidized beds for the direct extraction of proteins from whole fermen¬ 
tation broths. In a packed bed, the adsorbent particles are packed within the contactor. The 
voidage—that is, the inter-particle space—is minimal and thus feedstock clarification is 
mandatory to avoid clogging of the bed. In a fluidized /expanded bed, the adsorbent bed 
is allowed to expand by irrigation with feedstock. Bed voidage is increased, allowing the 
passage of particulates in the feed. The diameters of the adsorbent beads are exaggerated 
for illustrative clarity. 
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FIGURE 17.4 Adsorbent particles in a packed and a fluidized bed. 

17.6.1 Mixing Behavior in Fluidized/Expanded Beds 

The conventional chemical engineering view of a fluidized bed is one in which there is a 
significant degree of mixing in both the solid and fluid phases: for example, in gas fluidized 
systems. In many applications, mixing of the solid phase is desirable, such as to obtain high 
rates of heat transfer and a uniform temperature within the bed. Gas fluidized beds are char¬ 
acterized by an aggregative behavior in which bubbles of gas pass through a bed of particles 
that are just fluidized, resulting in considerable mixing of the solid phase as well as distinct 
bypassing of the gas phase. In general, mixing in liquid fluidized systems is not as severe as 
in gas fluidized systems. Here, the density differences between the solid and the fluid phase 
are comparatively small, and thus the bed shows a particulate behavior in which the bed 
retains a uniform character. 

In a packed bed, the adsorbent beads are stationary and liquid flowing through the bed 
approximates plug flow. Thus, the number of theoretical equilibrium stages (referred to as 
plates) is maximized, which results in good adsorption and chromatographic performance. 
As a consequence of the absence of plug flow in the liquid phase, compounded by the mixing 
of the adsorbent, a fluidized bed would be expected to show inferior adsorption performance 
compared with that of a packed bed. Thus, for protein recovery in liquid fluidized beds, it is 
highly desirable to minimize the degree of mixing so as to mimic the adsorption characteris¬ 
tics found in a packed-bed contactor with respect to capacity and resolution. 

Several strategies have been reported to limit the mixing of adsorbent particles within 
liquid fluidized beds. One approach is to divide the bed into sections by introducing baffles 
into the contactor. Other approaches seek to keep the adsorbent beads in a fixed position or at 
least localize their movement to achieve a stable fluidised bed that subsequently behaves like 
a packed bed but with a greater voidage. For example, by using magnetically susceptible 
adsorbent particles, a fluidized bed can be stabilized by subjecting it to a magnetic field. It 
is claimed that such beds exhibit little or no back-mixing and can be operated continuously. 
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The practical benefit of this approach, i.e., restricted movement of adsorbent particles and 
associated uncoupling of the bed expansion from fluidization velocity, was subsequently 
demonstrated by Zhang. In this work, magnetically stabilized fluidized beds were exploited 
for (1) the direct recovery of the intracellular enzyme glyceraldehydes-3-phosphate dehydro¬ 
genase from unclarified yeast disruptates, and (2) the recovery of antibody fragments from 
Escherichia coli fermentation broths. However, this technique requires complicated and 
relatively expensive equipment, particularly on a large scale. 

A simpler approach was designed for the physical properties of the solid phases in such a 
way that they generate an inherently stable fluidized bed. If the adsorbent beads have an 
appropriate distribution of sizes and /or densities, grading or classification of the adsorbent 
occurs within the bed, with the larger/denser particles located near the bottom of the bed and 
the smaller/lighter particles nearer the top. The segregation behavior restricts the local 
mobility of the fluidized particles. Such a bed exhibits dispersion characteristics similar to 
a packed bed. Thus, the hydrodynamic properties of a fluidized bed are combined with 
the chromatographic properties of a packed bed. The degree of classification depends on 
the ratio of the size of the largest and smallest particle within the bed. This ratio has been 
claimed to be at least 2.2. 

To account for the difference in the dispersion characteristics of the classified, stable fluid¬ 
ized bed and the conventional, well-mixed fluidized bed, the term "expanded bed" has been 
used by several authors and the leading manufacturer of chromatography media and equip¬ 
ment. In the work presented here, the term "fluidized bed" is used synonymously with 
"expanded bed" to refer to adsorbents fluidized under conditions that seek to minimize 
particle mixing. 


17.7 D ESIGN AND OPERATION OF LIQUID FLUIDIZED BEDS 

17.7.1 Hydrodynamic Characterization of Flow in Fluidized/Expanded Beds 
and Bed Voidage 

The voidage (e) of a bed of particles is the fraction of the bed volume occupied by the inter¬ 
stitial space between the particles. Its value depends on the geometrical configuration of the 
beads, the pattern in which they are arranged within the bed, the size distribution of 
the particles, and the ratio of mean particle and contactor diameter. The bed voidage can 
be calculated using the following equation: 

Voidage (e) = 1 - ^ (17.7.1.1) 

Vb 

where Vp is the volume of the particles and Vj, is the volume of the bed. The voidage of a 
packed bed is related to the sphericity of the particles, with a sphericity value of 1 for fully 
spherical particles. The bed voidage values can typically be in the range of 0.32 for a densely 
packed adsorbent, to 0.43 for a loosely packed adsorbent. However, the voidage of a bed 
containing a range of particle sizes and geometrical shapes cannot be accurately predicted. 
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Therefore, an assumed value for eg of 0.40 for a perfectly packed adsorbent bed is 
commonly found in chromatographic studies. This value has also been applied throughout 
this study for all materials used. 


17.7.2 Minimum Fluidization Velocity of Particles 

The minimum fluidization velocity of the particles is achieved when the adsorbent be¬ 
comes suspended in the liquid. This occurs when the drag forces exerted by the upward 
flow of the liquid phase are equal to the weight of particles in the liquid. Therefore, at min¬ 
imum fluidizing conditions, it can be described by the following expression: 

Drag by upward liquid flow = Weight of the particles — Buoyancy of the particles 
This expression can be also presented as: 

Pressure drop across the bed x Cross section area of the bed = Volume of the bed x Frac¬ 
tion of the particles x Specific weight of the particles 
or 


A P x A c 


A c x H mf x (1 - e m f) x (p p - p) xg 


(17.7.2.1) 


where A P is the pressure drop, A c is the cross-sectional area of the column, and H m f and e m f 
are the bed height and bed voidage at the minimum fluidization velocity ( U m j ), respectively. 
Also, p p is the density of the particles; p is the density of liquid phase and g is acceleration 
owing to gravity. Rearranging (17.7.2.1) gives: 

7 T- = (1 - Emf) x (pp - p) x g (17.7.2.2) 

H-mf 


However, on the basis of the relation between the pressure drop and the minimum fluid¬ 
ization velocity of particles, the point of transition between a packed bed and a fluidized bed 
was correlated by Ergun using (17.7.2.3). This is obtained by summing the pressure drop 
terms for laminar and turbulent flow regions 


A P 
1 k;r 


= 150 x 


(l t'lrf ) P X L 




1.75 x 


(1 - Emf) P X U 2 




(17.7.2.3) 


where p is the viscosity of the liquid and dp is the diameter of the particle. The first term of the 
Ergun equation is linear with respect to the velocity and this will be dominant when the flow 
in the voids is laminar. Hence, (17.7.2.3) can be simplified to: 


— = 150 X ft y) X 


H, 


mf 




d $ 


when 


Re p 


dp x p x Ll m f ^ 

M 


(17.7.2.4) 
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The second term relates to turbulence. Therefore, (17.7.2.3) can be simplified to: 

AP = 1,75 x ^ ~ x PXU2 


H, 


mf 






when 


Re p 


d p x p x U m f 

P 


> 1000 


(17.7.2.5) 


In the intermediate region both terms have to be used. Therefore, the superficial velocity at 
minimum fluidizing conditions can be found by combining (17.7.2.2) and (17.7.2.3) and multi¬ 
plying both sides by pd 3 p /yi 2 (1 — e m f) to yield: 

(l ~ Em f ) y P x Utnf x d p ^ 1.75 ^ f p x U m f x d p \ _ P x (p P ~ p) x g x ^7 7 2 6) 

4 / P- e m f \ P ) P 2 

If e„yis unknown, the following equation suggested by Wen and Yu 41 can be used to deter¬ 
mine the minimum fluidization velocity for the whole range of Reynolds numbers by the 
following assumption: 

(1 - Emf) __ 11 
„3 - 11 

and 


= 14 


(17.7.2.7) 


Hence, solving explicitly for U m f 


P 

P x dp 


U m f — .X 


, p x (p v - p) x g x d 2 n 

(33.7) 2 + 0.0408 x- p p 




1/2 


-33.7 


(17.7.2.8) 


Thus, at low particle Reynolds numbers (Re p ), (17.7.2.8) can be simplified to: 


U-mf — 


d 2 x( P p~p)xg 

1650 x p 


(17.7.2.9) 


Equation (17.7.2.9) was originally used to correlate the minimum fluidization velocity for 
gas—solid fluidization beds, but it has been successfully employed by Lan and co-workers 
for adsorbents in the field of direct recovery using liquid—solid systems (see Figure 17.5). 


17.7.3 Terminal Settling Velocity of Particles 

If a single particle is falling freely under gravity in an infinitely dilute suspension, it will 
accelerate until it reaches a steady-state velocity. This final velocity is known as the terminal 
settling velocity (Uf) and represents the maximum useful superficial velocity achievable in a 
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FIGURE 17.5 Operational window of fluidization velocities. 


fluidized bed. Thus, the contained particles will be elutriated from the column if the super¬ 
ficial velocity is above Ut, the value of which can be predicted using the Stokes Equation 
(17.7.3.1). A wide range of particle terminal velocities for various Reynolds numbers were 
investigated by Kunii and Levenspiel. They suggested that if the particles were assumed 
to be spherical and operated at a low particle Reynolds number (Re p < 0.4), the Stokes equa¬ 
tion was acceptable (see Figure 17.5). Therefore, the terminal velocity U t can be expressed as: 


Ut 


x (P P ~ P) x g 

18 x p 


(17.7.3.1) 


where dp is the diameter of the particle and pp and p are the density of the particle and liquid 
phase, respectively. Also, p is the velocity of the liquid phase and g is acceleration owing to 
gravity. The Stokes equation has been reported in the literature as being successfully used to 
predict terminal settling velocities of fluidized/expanded bed adsorbents. 

Alternatively, the model of Shiller and Naumann is commonly used to predict the terminal 
velocity of a spherical particle: 

Ga = 18Re f + 2.7Re f 1687 3.6 < Ga < 10 5 (17.7.3.2) 

where 


and 


Ga = 


P x (p p - p) x g x d 8 


(17.7.3.3) 


Re f 


p x U t x d p 


(17.7.3.4) 


where Ga is the Galileo number. Ref represents the terminal Reynolds number, and d is the 
particle diameter. The model of Shiller and Naumann was successfully used to estimate 
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the particle terminal velocity by Thomas and Yates, Jahanshahi and co-workers, 
and Shahavi and collaborators. 


17.7.4 Degree of Bed Expansion 

The degree of bed expansion contributes to the efficiency of fluidized bed / expanded bed 
adsorption as a composite function of liquid distribution, liquid and particle properties (size, 
shape, and density), and process conditions. Besides being an important design feature, the 
degree of bed expansion may be used as a quick and simple measure of bed stability. 

The relation between superficial velocity (If) and bed voidage (e) in a fluidized bed can be 
described by the classical correlation first postulated by Richardson and Zaki 

U = U t e n (17.7.4.1) 

where e is the fluidized voidage and n is the Richardson—Zaki coefficient. It allows the calcu¬ 
lation of the particle terminal velocity of any given suspension of uniformly dispersed 
spheres together with the liquid velocity required to perform a given expansion of a fluidized 
bed by the logarithmic plot of linear velocity against fluidized voidage. Thus, 

log U = log Lf, lux log e (17.7.4.2) 


The void fraction (e) is estimated from the measured height of the expanded bed ( H ) and is 
a function of superficial liquid velocity. Thus, 


e = 1 — 


M 

p p x A c x H 


(17.7.4.3) 


where M is the mass of particles. Also, the fluidized voidage can be determined as the total 
volume of particles (for a given bed) constant in both packed bed and fluidized bed config¬ 
urations. Therefore, 


A C H 0 (1 - e 0 ) = A c H{ 1 - e) (17.7.4.4) 

where Ho and eo are the packed bed height and voidage, respectively. Hence, by rearranging 
(17.7.4.4), the bed voidage at any fluidized bed height can be estimated using the equation: 


1 (1 — £o) x H 0 

H 


(17.7.4.5) 


The Richardson—Zaki coefficient (n) can be calculated from the following correlations 


d 

n = 4.65 + 20— Re f < 0.2 


d 


n = (4.4 + 18-) Re, UJ 0.2 < Re, < 1 


d 


n = (4.4 + 18- )Re, 1 < Re, < 200 


(17.7.4.6) 

(17.7.4.7) 

(17.7.4.8) 
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n = 4.4Re“ 0 ' 1 200 < Re, < 500 (17.7.4.9) 

n = 2.4 Re, > 500 (17.7.4.10) 

where D is the column diameter and Re, is the particle Reynolds number based on the termi¬ 
nal velocity. The popularity of the Richardson—Zaki correlation in this field of study arises 
from its simplicity and good agreement with experimental data. 

The operational window of a fluidized bed process is defined by the minimum fluidization 
velocity, U m f at which a settled bed of adsorbent beads starts to fluidize and the terminal 
velocity (If,) at which the bed stabilizes and adsorbent beads are entrained from the bed. 

17.7.5 Matrices for Fluidized Bed Adsorption 

Early work exploiting extensively cross-linked agarose adsorbents originally designed for 
conventional, packed bed processes demonstrated the principal of operation and the poten¬ 
tial of fluidized bed adsorption for processing particulate feedstocks. However, these mate¬ 
rials were not optimally suited because the combination of particle diameter and density 
occurred only at low flow rates (for example, 10—30 cm h~ '), which resulted in low overall 
productivity. Denser particles such as silica were more appropriate in this respect. Howev¬ 
er, a drawback of silica-containing material is the limited stability at high pH values, which 
makes it less suitable for biopharmaceutical production where alkaline conditions are 
commonly used for cleaning-in-place (CIP) and sanitization-in-place procedures. 

The development of denser adsorbents enabled the use of higher flow rates and improved 
the stability of operation of expanded beds. Tailor-made adsorbents were produced using 
hydrophilic natural polymers such as cellulose, agarose, or synthetic trisacrylate-based mate¬ 
rials. To enhance the particle density, heavy, inert filler materials have been incorporated 
during assembly. The resulting composite materials included cellulose-titanium dioxide and 
dextran-silica. Other materials reported for the fabrication of denser adsorbents were glass 
and zirconia. For example, Thommes and co-workers exploited custom-derived controlled 
pore glass particles for the purification of monoclonal antibodies. Zirconia-based materials 
exhibit a significantly higher density than silica. It has been demonstrated that even small par¬ 
ticles (for example, less than 50 pm in diameter) may be fluidized at linear flow rates similar to 
those used for silica or density-enhanced agarose particles with a greater diameter. In 
another approach, McCreath and colleagues developed perfluoropolymer particles that 
were derived with dye ligands for the affinity purification of dehydrogenases from disrupted 
baker's yeast. The increased density of the support (2.20 g mk 1 ) also allowed the use of 
comparatively small particles (50—80 pm) at an acceptable linear flow rate of 120 cm h -1 . 

Agarose-based materials have been commercialized specifically for fluidized bed adsorp¬ 
tion by increasing their specific weight with incorporated quartz or steel particles (STREAM¬ 
LINE). The densities achieved have been exploited at 1.15 g mk 1 for agarose-quartz and 
1.3 g mk 1 for agarose-steel composites. These materials are available with a range of ligand 
functionalities such as weak anion exchange (diethylaminoethyl, DEAE), strong anion ex¬ 
change (quaternary ammonium, Q), weak cation exchange (carboxymethyl, CM), strong 
cation exchange (sulfopropyl, SP), chelating ligand (iminodiacetic acid for immobilized metal 
affinity chromatography), protein A (affinity purification of antibodies), and phenyl groups 
(hydrophobic interaction chromatography). More recently, so-called pellicular adsorbents 
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were defined as suitable for fluidized bed adsorption. These adsorbents are characterized by 
a dense core such as glass or stainless steel coated with a layer of porous material such as 
agarose. Such matrices promise high rates of adsorption/desorption owing to the absence of 
deep convective pores and the short diffusion distances within the thin porous layer that 
comprises the pellicle. 

17.7.6 Column Design for Fluidized Bed Adsorption 

To achieve a stable fluidized bed, the column has to fulfill some simple but important 
demands. A suitable liquid distribution is crucial to accomplish plug flow conditions within 
the bed and thus minimize particle dispersion. A prerequisite for the generation of an even ve¬ 
locity profile across the cross-section of a column is an evenly distributed pressure drop across 
the distributor at the column inlet. Pressure drop fluctuations lead to the development of chan¬ 
nels, which are the most important influence on homogeneity in an adsorption process. Flow 
distribution can be achieved by using sieve plates, meshes, or a bed of glass ballotini. 
Bascoul and colleagues investigated bed stability as a function of the distributor design, 
showing that channeling in the lower part of a fluidized bed owing to uneven flow distribution 
is reduced with increasing column length. This led to the conclusion that the fluidized bed it¬ 
self serves as an effective flow distribution system. More recently, a novel distributor design 
was introduced that uses a stirrer in the bottom of the contactor to distribute the incoming 
feedstock. This configuration divides the fluidized bed into a limited, well-mixed zone at 
the bottom and a stable fluidized bed above it. Such contactors were included in the study pre¬ 
sented here. Besides the demand for even flow distribution, the distributor has to enable the 
unhindered passage of particulates without becoming blocked or damaging shear-sensitive 
cells. Partial blockage of a distributor will cause channeling in the fluidized bed. Cell breakage 
in the flow distributor can lead to the unwanted release of intracellular compounds that may 
impair the purification process of an extracellular product for whole broths. 

Another important factor that has a bearing on bed stability is the column verticality. Van 
der Meer and colleagues demonstrated that even small deviations from vertical alignment 
lead to significant inhomogeneity of liquid flow. These findings were confirmed by Bruce and 
co-workers, who found that this effect is more pronounced in small-diameter contactors. In 
their work, the dynamic capacity of a 1-cm column, used for the capture of glucose- 
6-phosphate dehydrogenase from unclarified yeast homogenate, was reduced by approxi¬ 
mately 30% when misaligned by 0.185. However, a 5-cm contactor operated under similar 
conditions appeared to be unaffected. 


17.8 EXPERIMENTAL PROCEDURE 


In principle, the experimental protocol of fluidized bed adsorption does not deviate from 
packed-bed operations, but the main difference is the direction of the liquid flow. The 
sequence of steps of equilibration, sample application, wash, elution, and cleaning (CIP) is 
performed in an upward direction, although the last two might be undertaken in fixed-bed 
mode. During equilibration, the matrix is fluidized and a stabilized, fluidized bed is devel¬ 
oped. Here, classification within the bed with regard to particle size of the adsorbent particles 




17.9 PROCESS INTEGRATION IN PROTEIN RECOVERY 


511 


may be determined by visual observation. At the same time, the matrix is primed for adsorp¬ 
tion by the selection of a suitable buffer for product—adsorbent interactions. Subsequently, 
the feedstock is applied to the fluidized bed. Target proteins are adsorbed whereas cells, 
debris, and other particulates and contaminants pass through the bed. After sample applica¬ 
tion, residual biomass and unbound proteins are removed from the bed in a washing proce¬ 
dure. Elution may be performed either in packed-bed or in fluidized bed mode. A common 
procedure is to allow the adsorbent to settle and reverse the flow for elution. Here, the upper 
adapter is lowered to the top of the settled bed. On the other hand, maintaining a fluidized 
bed during elution prevents particle aggregation and thus facilitates subsequent cleaning of 
the adsorbent. However, owing to the greater interstitial volume of the fluidized bed, the 
elution volume is increased compared with fixed-bed elution. After elution, the adsorbent 
is subjected to CIP procedures. These are important because the application of whole broth 
increases the contact of the adsorbent with nucleic acids, lipids, and cellular compounds, 
which are commonly removed or reduced in conventional primary recovery steps before 
fixed-bed column chromatography. Commonly used agents in CIP protocols are NaCl, 
NaOH, ethanol, acetic acid, urea, and guanidine hydrochloride. 


17.9 PROCESS INTEGRATION IN PROTEIN RECOV ERY 

There is much current interest aimed at implementing processes that integrate the 
upstream and downstream operation for protein recovery. Although adsorption in 

fluidized beds provides considerable savings in cost and time over conventional purification 
techniques, it deploys a discrete operation with which the desired protein is captured at the 
termination of fermentation or once a cell suspension has been disrupted. The main disadvan¬ 
tage of this discrete recovery operation is the risk of detrimental effects on an unstable prod¬ 
uct associated during holdup periods. This may be defined as the time when the feedstock 
is harvested, preconditioned, and stored before being subjected to fluidized bed processing. 
The holdup period risks time-dependent product modification and/or inactivation by system 
antagonists including proteases, carbohydrates, harsh physical conditions, or product loss 
associated with protein—debris interaction. In addition, it has been reported that protein 
products are usually stabilized and less susceptible to protease degradation when they are 
adsorbed onto a chromatography solid phase. Therefore, a logical physical coupling of fluid¬ 
ized bed adsorption with upstream operations of fermentation or cell disruption might be 
predicted to gain additional benefits of product yield and quality by virtue of the immediate 
and direct sequestration of products from process feedstocks at the source. 

However, the application of a multi-fluidized bed system in which each bed is sequentially 
operated online to the fermenter or disrupter to achieve a repetitive operation of this cycle 
could decrease the adsorbent inventory and increase the maximum batch size. 

17.9.1 Interfaced and Integrated Fluidized Bed/Expanded Bed System 

Fluidized bed recovery of protein from particulate-containing feedstock can be achieved 
using two methods: as an interfaced or integrated system. The interfaced system exploits 
a fluidized bed to capture the desired protein either at termination of fermentation or once 




512 


17. ADVANCED DOWNSTREAM PROCESSING IN BIOTECHNOLOGY 


a cell suspension has been disrupted. In this system, the fluidized bed is normally operated in 
single-pass chromatography mode to achieve high adsorption efficiency. In contrast, the 
integrated fluidized bed system achieves the direct sequestration of target product from 
process feedstock at the source: for example, productive fermentation or immediately upon 
cell disruptate. 

Direct product sequestration (DPS) is designed to minimize product degradation, which 
leads to higher product yield and improved molecular integrity. An early application of 
DPS of protein products was demonstrated in which an extracellular acid protease produced 
by the oleaginous yeast Yarrowia lipolytica was continuously captured from productive 
fermentation. The authors reported that the development of such a technique increased the 
product yield by reducing the processing time and imposing a pseudo-constitutive state on 
the yeast. Similar advantages were noted with the DPS of a-amylase from fermentations of 
Bacillus amyloliquifaciens exploiting a manifold of fluidized beds. In addition, Carmichael 
and co-workers demonstrated the application of DPS in the recovery of tissue plasminogen 
activator from animal cell cultures (Chinese hamster ovary cells). The work of Hamilton and 
colleagues addressed the development of process intensification of DPS of acid protease 
produced by Y. lipolytica. Hamilton and co-workers, subsequently performed further inves¬ 
tigations into the recovery of similar enzymes successfully from feedstock characterized with 
a high ionic condition without prior preconditioning (for example, dilution or dialysis). This 
exploited mixed-mode chemical ligands; as a result, the processing time was further short¬ 
ened and overall operational efficiency increased. 

During the purification of intracellular proteins, cell disruption by mechanical or biochem¬ 
ical means is the first step required in the process. However, it commonly initiates cellular 
and molecular degradation processes, analogous to those of natural cell death and lysis, 
owing to the disintegration of intracellular compartments that confine lytic enzymes. In 
addition, the generation of fine cell debris may promote electrostatic and/or hydrophobic 
product—debris interactions. Such adverse effects will compromise the yield and molecular 
fidelity of protein products, particularly when feedstocks are accumulated and processed 
in time-dependent batch operations. Proteolytic activity may be restrained by the addition 
of specific inhibitors. However, owing to the complexity and diversity of different host organ¬ 
isms, such measures are haphazard. Consequently, rapid processing (for example, by DPS at 
cell disruption) should minimize such degradation and enhance the yield and quality of even 
the most labile products. Here, instead of accumulating a disruptate in a holding tank, the 
product remains in its physiological environment, i.e., the intact cell, as long as possible and 
is exposed to the adsorbent immediately after its release from the cell in the disrupter. 
Contact times between the target molecule and the disruptate are thus minimal. Mechanical 
cell breakage in a bead mill has many attractive process characteristics including high disrup¬ 
tion efficiency, high throughput and biomass loading, good temperature control, and unlim¬ 
ited scale-up for most bioprocesses. As a result of the operational characteristics of single-pass 
and continuous operation, the use of a bead mill is recommended as the ideal feedstock 
generator for direct sequestration of released products in a fluidized bed. 

Baker's yeast suspension (20% ww/v original cells) was pumped to the bead mill at a flow 
rate of 280 cm h -1 within the BRG 4.5 cm inner diameter contactor. Then, the disruptate from 
the mill was directly introduced to the pre-equilibrated fluidized bed containing ZSA II-CB 
and Macrosorb K4AX-CB. 
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FIGURE 17.6 Experimental configuration for 
integrated bead milling and fluidized bed adsorption 

1. Feedstock; 2. Peristaltic pump; 3. Bead mill; 4. Flow¬ 
through/waste; 5. Fluidized bed contactor; 6. Elution 
buffer; 7. Fraction collector/waste; 8. Foading buffer. 


The experimental rig and process configuration for integrated bead milling and fluidized 
bed adsorption are shown in Figure 17.6. 


NOMENCLATURE 


e Voidage 

Vp Volume of particles 

V;, Volume of bed 

A c Cross-sectional of column area 

AP Pressure drop 

lf f Terminal settling velocity 

U nl f Minimum fluidization velocity 

H m f Bed height at minimum fluidization velocity 

e m f Bed voidage at minimum fluidization velocity 

Pp Density of particles 

p Density of liquid phase 

G Acceleration of gravity 

p Viscosity of liquid 

dp Diameter of particle 

Ga Galileo number 

Re t Terminal Reynolds number 

U Fluid superficial velocity 

H Expanded bed height 

M Mass of particles 

D Column diameter 
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SUBCHAPTER 


17.11 


Case Study: Biochemical Characterization of a Custom 
Expanded Bed Column for Protein Purification 


17.11.1 INTRODUCTION 


Liquid fluidized bed adsorption (expanded bed adsorption) has emerged as an efficient 
method for the recovery of biological products from complex feedstocks. Expanded 
bed adsorption has demonstrated advantages over the traditional methods of recovery, 
e.g., circumventing the need for clarification of feedstocks before application to a fixed 
bed chromatography column. The hydrodynamic behavior of fluidized beds/expanded 
beds applied to chromatographic adsorption is different from the conventional liquid- 
solid fluidized beds. The conventional chemical engineering view of a fluidized bed is one 
in which there is a significant degree of mixing, both of the solid and the fluid phases: for 
example, in gas-fluidized systems. However, mixing in liquid fluidized systems is not as se¬ 
vere as in gas-fluidized ones. Here, the density differences between the solid and the fluid 
phase are comparatively small, and thus the bed shows a particulate behavior in which 
the bed can retain a uniform character. In a packed bed, the adsorbent beads are stationary 
and liquid flow through the bed approximates plug flow. In contrast, owing to the mixing of 
the adsorbent, a fluidized bed would be expected to show an inferior adsorption performance 
compared with the packed bed. Therefore, it is highly desirable to investigate the hydrody¬ 
namic performance and minimize the degree of mixing to mimic the adsorption characteris¬ 
tics found in a packed bed contactor with respect to capacity and resolutions. 

Column (contactor) and solid phase designs have a major role in fluidized bed/expanded 
bed adsorption. The growth to full potential of applications for fluidized bed or expanded 
bed technology in biological product recovery may be considered to be currently limited 
by the availability of suitable adsorbents and columns in terms of efficiency and cost. The 
adsorbent design was extensively been studied in earlier publications. In the other words, 
such technology has been commercialized with customized contactor designs and extensive 
development programs required for their establishment. Such developments have invited 
re-examination of the simply designed fluidized bed contactor (Nanobiotechnology Group 
at Noshivani University of Technology referred to as the NBG contactor, as shown in 
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FIGURE 17.7 Representation of apparatus for expanded bed experiments, (a) Streamline column, (b) Custom- 
built NBG column. 


Figure 17.7). The NBG contactor has the ability to retain adsorptive fractionation of protein 
products contained in particulate feedstocks, in respect of suitability for single-pass. 

This case study summarizes the critical examination of the hydrodynamic performance of 
the NBG contactor and an equivalent commercial expanded bed contactor operated with 
Streamline™ DEAE adsorbent under various operating conditions. This investigation in¬ 
cludes bed expansion tests, residence time distribution (RTD) measurements comprising 
determination of the Bodenstein number, and axial dispersion of the adsorbents across a 
range of fluid velocities. However, for the purpose of demonstrating the principle, the perfor¬ 
mance of adsorption of bovine serum albumin in the NBG column is investigated and 
compared with that of a commercial expanded bed column. The capture of egg albumin in 
batch binding experiments upon Streamline™ DEAE adsorbent and its expanded bed adsorp¬ 
tion in both contactors is also demonstrated. 


17.11.2 MATERIALS AND METHODS 


17.11.2.1 Materials 

Bovine serum albumin was commercially supplied by Sigma and egg albumin was 
purchased from Merck (Darmstadt, Germany). All reagents were supplied by Merck and 
Aldrich Chemical Company (Darmstadt, Germany); they were of analytical grade and 
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used as received. Streamline™ DEAE adsorbent was purchased from Amersham Biosciences 
(Piscataway, NJ 08855-1327, USA). 

17.11.2.2 Adsorbent Contactors 

Two types of contactors were used in this experiment. Streamline™ columns were pur¬ 
chased from Amersham Biosciences and adopted for studies of hydrodynamic and expanded 
bed recovery performance. In addition, custom-built devices fabricated by the NBG contac¬ 
tor, Nanobiotechnology Group (Babol University of Technology), which was equipped 
with a simple sintered glass distributor composed of a 100-mm mesh, were also used. 
Such contactors were composed of a glass column with a hemispherical inlet. 

17.11.2.3 Bed Expansion Characteristics 

Bed expansion characteristics were determined in expanded beds operated with buffer A 
(10 mM Tris/HCl containing 0.2% (w/v) sodium azide at pH 7.5). The adsorbent was repeat¬ 
edly washed before use with equilibration buffer A and filtered until the pH and conductivity 
reached equilibrium. A given amount of adsorbent particles was transferred to the columns 
and allowed to sediment uniformly. The bed expansion of adsorbent was measured and 
recorded with increasing superficial liquid velocity through the inlet of the column. The 
superficial flow velocity was subsequently plotted against bed expansion expressed as 
the percentage ratio of expanded and settled bed heights (SBH). 

17.11.2.4 Fluidized/Expanded Bed Adsorption 

All fluidized bed adsorption experiments were undertaken according to a common protocol. 
Adsorbent was packed into the chosen contactor and equilibrated with buffer A. Before feed¬ 
stock application, the bed was fluidized at 100% expansion (H/Ho = 2, where H and Ho repre¬ 
sent expanded and SBHs, respectively) in equilibration buffer A. The experiment was continued 
in a single-pass operation with the application of serum bovine and egg albumin as feedstocks 
to the fluidized adsorbent at a given linear flow velocity. After feedstock application, the fluid¬ 
ized bed was washed with buffer A until A280 reached baseline values. Subsequently, product 
desorption was achieved in fluidized bed mode with 0.5 M NaCl in buffer A. Appropriate frac¬ 
tions were collected and assayed for protein content as described before. 

17.11.3 RESULTS AND DISCUSSION 


17.11.3.1 Bed Expansion 

The bed expansion contributes to the adsorption efficiency as a composite function of 
liquid distribution, liquid properties (viscosity, density), particle characteristics, and the 
configuration of the column in terms of wall and distributor effects. The adsorbent expan¬ 
sion in the NBG contactor might be expected to exhibit unstable fluidization behavior because 
of the channeling generated by the simple distributor. This was not visibly apparent in the 
present study (see Figure 17.8). To estimate the variation of the bed expansion as a function 
of flow velocity throughout the bed, the Richardson—Zaki equation was used. The experi¬ 
ments were operated in buffer A and relevant graphs are shown in Figures 17.8 and 17.9. 
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FIGURE 17.8 Bed expansion of the adsorbent as a function of linear flow velocity in expanded bed and NBG 
contactors. 



FIGURE 17.9 Flow velocity as function of bed voidage for calculation of Richardson—Zaki coefficient ( n) and 
terminal velocity (U t ). 

The theoretical terminal velocity was derived from the Shiller and Nanmann model. The 
experimental values of terminal velocity (Ut) can be determined by fitting data into 
the Richardson—Zaki equation. The values for the terminal velocity were derived from the 
equations mentioned earlier (bed expansion characteristics). A summary of bed expansion 
characteristics is presented in Table 17.1. Experimental values of the Richardson—Zaki coeffi¬ 
cient determined here were about 4.7 and approximated the value of 4.8 commonly used in 
the laminar flow regime. The experimental values of the expansion coefficient and terminal 

velocity of the adsorbent in the NBG contactor agreed more closely with the results calculated 
from literature correlation than the corresponding values for the commercial contactor. There 
was a small difference between the experimental data and calculated data (Table 17.1) 
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TABLE 17.1 Experimental and theoretical values of expansion coefficient 

and terminal velocities for the adsorbent in the NBG contactor 


Type of data 

U t (m/s) 

U m (m/s) 

n 

Theoretical data 

3.25262 E-03 

3.74482 E-05 

4.74542 

Experimental data 

3.106 E-03 

3.6762 E-05 

4.735 


attributed to the assumption of settled bed voidage (e G = 0.4) and the difference of particle size 
distribution in each of the beds. The discrepancies between these results are similar to those re¬ 
ported in the literature. For example, Thommes et al. found that the calculated terminal velocity 
was about tenfold higher than that experimentally determined in the fluidized bed of controlled 
pore glass. That was because of the porous nature and irregular shape of the glass matrix. 

17.11.3.2 Mixing of the Liquid Phase (Residence Time Distribution 
Experiments) 

Measurement of the axial dispersion—that is, the deviation from plug flow movement of 
fluid elements in an adsorbent bed (both packed and fluidized)—is commonly performed by 
residence time distribution (RTD) analysis of step or pulse signals. This method was 
employed in the present research work, to characterize and compare the NBG contactor 
with a commercial expanded bed contactor. Measurements were made with regard to degree 
of axial dispersion and bed stability when materials were fluidized under similar conditions. 
The values of theoretical plate number (N), axial dispersion coefficient (D ax i), and Bodenstein 
number (Bo) were estimated and are summarized in Table 17.2. 

Comparison of the results confirmed the superior hydrodynamic properties: that is, dimin¬ 
ished mixing and stable fluidization throughout the bed. For example, the Bodenstein num¬ 
ber of the adsorbent in the NBG, which represents the axial dispersion and fluidization 
behavior in the passage of fluid elements through the contactor, was as good as that of the 
commercial contactor. 

Figure 17.10 summarizes the variation of D ax i with the degree of bed expansion for the 
adsorbent operated in buffer A. The D ax i curve increases with increased superficial flow 
velocity. This suggests that in a given contactor configuration, every individual adsorbent 
is characterized by a range of flow velocities at which the degree of axial dispersion is at a 
minimum. The measured Bo values were judged (Table 17.2); superior fluidization character¬ 
istics were exhibited that gave justification for further experimentation in the fluidized bed 
adsorption of bioproducts. 

17.11.3.3 Equilibrium Kinetic Studies 

A batch binding characteristics of Streamline™ DEAE was undertaken with egg albumin. 
The uptake of different concentrations of egg albumin upon the adsorbent is depicted as a func¬ 
tion of different time scales in Figure 17.11. It can be seen from Panel A that the uptake of egg 
albumin occurs especially over the first minute of reaction. Panel B in Figure 17.11 indicates that 
proteins desorption approached a steady state value after approximately 5 min of reaction time. 
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TABLE 17.2. Bo and Daxl for different settled bed height (a) and for 
different expanded bed height (b) 


(A) 

SBH 

EBH 

t (s) 

Daxl 

Bo 

5 

10 

114.43 

0.12579 

8.400639 

6 

12 

106.53 

0.008893 

9.519199 

7 

14 

155.02 

0.147457 

16.60508 

8 

16 

180.78 

0.13098 

18.946599 

9 

18 

185.15 

0.168619 

20.58865 

10 

20 

178.57 

0.200093 

18.36429 

(B) 

SBH 

EBH 

t (s) 

Daxl 

Bo 

6 

8 

342.21 

0.000516 

7.91374 

6 

10 

122.66 

0.003578 

3.638651 

6 

12 

105.13 

0.003021 

9.252633 

6 

14 

91.568 

0.004355 

7.706067 

6 

16 

41.161 

0.023601 

1.943883 


0.025 



FIGURE 17.10 Axial dispersion coefficient as a function of bed expansion. 
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FIGURE 17.11 Batch binding 
of egg albumin to the streamline 
DEAE adsorbent, (a) Adsorbent, 
(b) Desorption. 
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Enhanced rates of binding and the attainment of higher binding capacities may be influ¬ 
enced by the lowered diffusion resistance to the attainment of saturation imparted by the 
Streamline™ DEAE, a standard adsorbent for expanded bed adsorption, and for good pene¬ 
tration of egg. 

17.11.3.4 Expanded Bed Adsorption 

The expanded bed adsorption performance of the adsorbent was investigated in the NBG 
contactor at different SBHs operated with bovine serum albumin and egg albumin at given 
flow velocities. As can be seen from Figure 17.12, the dynamic capacity (estimated from 
the protein challenge required to achieve 10% breakthrough of the protein, C/Co = 0.1) of 
SBH of 10 was the highest value recorded for the adsorbent under study, and the shape 
of all breakthrough curves closely approximated that of a packed bed of that material 
operated similarly with the same feedstock (data not shown). 

This observation confirmed the relatively low degree of axial mixing and high stability of 
the fluidized bed in the NBG contactor. A small SBH exhibited a lower dynamic capacity and 
a shallower increase in product breakthrough, which could be attributed to channeling 
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FIGURE 17.12 Breakthrough curve of egg albumin with Streamline™ DEAE adsorbent. 

resulting from minor bed instabilities, as has been demonstrated before in hydrodynamic 
assessments. A full chromatogram of fluidized bed recovery of egg albumin also is displayed 

in Figure 17.13. 

In addition, a step-by-step fluidized bed adsorption of bovine serum albumin in the 
commercial column as well as in the NBG column was carried out. The step elution of 
Streamline™ DEAE in the commercial column resulted in broad peaks of protein concentra¬ 
tion, whereas a similar step yielded a sharper peak for the NBG contactor such that the 
protein was eluted in a more concentrated form (see Figure 17.14). Flowever, in this compar¬ 
ative experiment, the NBG contactor exhibited the lowest breakthrough and potential for 
foreshortening the overall operational time with respect to loading, washing, and elution 
stages, and might possess potential processing advantages by virtue of the distributor design. 

1.2 - 


♦ NBG Contactor 



FIGURE 17.13 Full chromatogram of fluidized bed recovery of egg albumin in NBG contactor. 
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FIGURE 17.14 Full chromatogram of fluidized bed recovery of BSA in expanded bed and NBG contactors 
different expanded bed heights. 


17.11.4 CONCLUSION 


A simple unique fluidized bed contactor (NBG), which was equipped with a glass tube 
fitted with a simple sintered glass distributor composed of a 100-mm mesh, was prepared 
and used here. With respect to physical performance, the bed expansion response of NBG 
was similar to or better than commercial expanded bed contactor. In experiments undertaken 
to assess the hydrodynamic behavior of fluidized bed systems (estimation of N, D ax i, Bo, etc.), 
the performance of the NBG was relatively constant across a range of expanded bed height 
and fluid velocities. This study was completed with that of Streamline™ in different column 
diameters and SBH, which deteriorated within the same range of study. Batch binding 
studies of egg albumin adsorption upon Streamline™ DEAE indicated that this exhibited 
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apparently reasonable adsorption and capacity for the protein under common experimental 
conditions. In addition, adsorption and desorption equilibria were achieved in a relatively 
short contact time (see Figure 17.10). In fluidized bed experiments, the rapid achievement 
of baseline values of the feedstock in the effluents after the initiation of washing and elution 
steps confirmed and additional advantage of the NBG design (see Figure 17.13). 

Furthermore, the ability to operate the adsorbent at flow velocities up to two or three times 
that of other column without diminution of adsorption or washing efficiencies because of its 
distributor is a clear practical advantage. It is believed that the simple, economic design of the 
NBG contactor compares favorably in hydrodynamic and biochemical performance with a 
commercial expanded bed contactor. It can be concluded from the work reported here that 
the prototype NBG contactor has many properties required as a column for protein purifica¬ 
tion and deserves further study in terms of refined geometric design, operational longevity, 
and suitability for validated manufacturing operations, which may be the subject of future 
publications. 
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18.1 INTRODUCTION 


Energy plays a key role in humans' lives. One may have access to a source of heat and light 
using energy; in fact, energy can guarantee the economic status of countries. Nowadays, fos¬ 
sil fuels are the main source of energy, and their pollution creates many problems for the 
living environment. Consequently, the emergence of appropriate, cheap, and clean alterna¬ 
tives is obviously important for the replacement of fossil fuels. The cause of rapid population 
is due to excessive fossil fuel consumption. As the energy crisis gradually affects and 
threatens the world, energy demands sustainable development. 

Among the known resources of energy, electricity is the most desired and flexible form of 
energy. Considerable attention has recently been paid to renewable energy as an alternative 
to fossil fuels to reduce carbon dioxide emissions and eliminate global warming. However, 
most renewable energy technologies, particularly solar energy, are still not mature enough 
to compete with conventional energy based on fossil fuels. The preferable energy is electrical 
energy created by fuel cells. A fuel cell is a device that can directly convert chemical energy 
to electrical energy. The simple principle of a hydrogen fuel cell is illustrated in Figure 18.1. In 
the early nineteenth century, the concept of using fuel cells for power production was discov¬ 
ered by the German scientist Christian Friedrich Schonbein. Based on this concept, the first 
fuel cell was fabricated by a Welsh scientist and barrister Sir William Robert Grove in 
February 1839. 

Because the cell does not follow the Carnot cycle theory, the efficiency of these cells was 
much higher than expected. Indeed, reactions took place in fuel cells could be considered 



FIGURE 18.1 Schematic diagram of a fuel cell with a simple concept. 
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the reverse operation of water electrolysis. In other words, the final products of a reaction be¬ 
tween hydrogen and oxygen are water, heat, and electricity. This type of cell cannot save 
energy, like batteries; they can only alter one kind of energy to another without consuming 
the materials inside the cell. Each fuel cell consists of three components: an anode electrode, a 
cathode electrode, and an electrolyte or membrane. Hydrogen is used as fuel in the cell and, 
after oxidizing in an anode electrode, a positive hydrogen ion and an electron are produced; 
then, protons and electrons pass through the electrolyte and external circuit, respectively. As 
a result, water is generated in the cathode by the reaction of oxygen, electrons, and hydrogen 
ions. 

Fuel cells are classified and named based on their electrolytes: 

1. Alkaline fuel cell 

2. Phosphoric acid fuel cell 

3. Polymer electrode membrane 

4. Molten carbonate fuel cell 

5. Solid oxide fuel cell 

6. Biological fuel cell (BFC) 

7. Formic acid fuel cell 

8. Zinc—air fuel cell 

9. Ceramic fuel cell 

Fuel cells have different merits, such as: 

• High efficiency 

• High power 

• Easy to transport 

• Compatible with environmental rules 

• System can be adjusted 

• High energy density 

• Flexibility toward fuels 

• Increase production and decrease distribution 

• Capability to combine with other energy production systems 

Despite the large number of advantages, these cells have some demerits, such as the high 
cost of catalysts, corrosive electrolytes, and the harsh conditions of operation (high tempera¬ 
ture and pressure). 


18.2 BIOLOGICAL FUEL CELL 


In light of the above-mentioned disadvantages of fuel cells and the recent energy crisis, 
BFCs are one of the latest emerging sustainable energy technologies that convert the chemical 
energy restored in substrates into electrical energy by means of active biocatalysts, such as 
microorganisms or enzymes, in various BFC configurations. In a BFC, electricity can be gener¬ 
ated in a biological system. BFCs perform a similar function as nonbiological fuel cells do. 
Construction of BFCs is similar to that of a polymer electrode membrane with the exception 
that there are some differences in anodic reactions. But the major difference is the catalyst 
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TABLE 18.1 Comparisons of biological fuel cells with chemical fuel cells 1 ’ 


Characteristics 

Biological fuel cell 

Chemical fuel cell 

Catalyst 

Enzyme, microorganism 

Metals 

pH 

7-9 

Acid solution 

Temperature 

Environmental temperature 

Over 200 C 

Electrolyte 

Phosphate solution 

Phosphoric acid 

Capacity 

Low 

High 

Efficiency 

>50% 

40-60% 

Fuel type 

Carbohydrate 

Natural gas, hydrogen 


used. The catalysis in a BFC is a microorganism or enzyme, and there is no need to use 
precious metals such as platinum. Use of BFCs also has other benefits: 

• Do not require any catalysts 

• Flave high stability over a long duration 

• Do not require any exchanger or condenser for the reactions 

• Active biocatalysts are used 

• Use various substrates as electron donors 

• Fligh efficiency 

Table 18.1 compares BFCs with chemical fuel cells. BFCs use biocatalysts have the 
following benefits: 

• Biocatalysts have the capability of operating in a low to moderate temperature range. 

• Biocatalysts are cheaper than metal catalysts. 

• Biocatalysts are reproducible and easily replaceable. 

As stated earlier, a BFC is a device that converts biochemical energy to electrical energy. 
The concept of these units are that substrates are oxidized by microorganisms or enzymes, 
resulting in the production of electricity. Figure 18.2 depicts the principal reactions that occur 
in BFCs. 

Because the process theoretically does not follow the Carnot cycle, it is not feasible to 
obtain high efficiencies. BFCs often have two chambers. It is possible in some cases 
to eliminate the cathode chamber and expose the air cathode directly to the ambient air. 
BFCs are classified into three major categories. 

• Microbial fuel cells (MFCs) 

• Sedimentary MFCs 

• Enzymatic MFCs 

Photomicrobial cells and MFCs that make use of a variation of solid sludge can be classified 
under these three main categories. 
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FIGURE 18.2 Schematic diagram of a biological fuel cell with a biochemical reaction in the anode and cathode 
compartments. PEM, proton exchange membrane. 


18.3 MICROBIAL FUEL CELL 


Active microorganisms in MFCs liberate electrons, while electron donors are consumed. In 
an anaerobic anode chamber, substrates such as carbohydrates are used; as a result, 
bioelectricity is produced in an MFC. Among electrochemical cells, MFCs bring new insight 
into electricity generation by different types of substrates and have attracted a huge number 
of scientists. Microorganisms are involved in reduction reactions. Certain microorganisms are 
capable of producing bioelectricity from reductive substances. 

In 1911, Potter 2 '’ was the first scientist to introduce the concept of an MFC. Logan and 
Regan observed that bacteria can produce electrical current. Living cultures of Escherichia 
coli and Saccharomyces species were used to generate electricity in an MFC with a platinum 
electrode.' The research in this area was almost stopped for about 55 years after the first 
innovation; there was no advancement in MFC development. 

No serious research on MFCs was practiced until later decades (the 1950s and early 1960s). 
The US space program encouraged scientists to develop MFCs as potential waste disposal 
systems and simultaneous power generators for use during space flights. This did not attract 
much attention until it was discovered that electron mediators could greatly surge current 
density and power output. However, the electron mediators had several disadvantages. 

A big step was taken in the development of MFCs; Gil et al. acknowledged that there was 
no need to use an artificial electron mediator to transfer produced electrons from the bacteria 
to the anode electrode. Mediators have the ability to accelerate the transfer of electrons to the 
anode. The outer layer of a large number of microbes are made of a nonconductive lipid 
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membrane, peptididoglycans, and lipopolysaccharides, which prevent the transfer of elec¬ 
trons to the anode. The ability of mediators to pass through the membrane and release elec¬ 
trons to the anode was also investigated. 

Karube and his research team reported electricity generation using rice bran and glucose as 
substrates in an MFC. They used Clostridium butyricum as a biocatalyst for hydrogen production 
in the anode chamber. In the late 1970s, an extensive amount of work and investigations were 
accomplished by many scientists such as Allen and Bennetto. Allen and Bennetto publicized 
their work and tried to understand how fuel cells operate. Regarding the transmission of energy 
and electricity directly to electrodes, some valuable works have recently been demonstrated, 
such as the new finding of an effective path of connecting microorganisms to electrodes to in¬ 
crease the electron transmission efficiency. It was recently reported that Rhodoferax ferrireducens 
is instantly able to transmit more than 83% of electrons produced from glucose oxide in Fe +3 . 

In 2007, the University of Australia introduced a sort of microbial cell that was used in 
experimental runs by the Foster Brewing Company. The MFC contained 10 1 of fluid, which 
was fed by sewage as fuel. The waste was converted to carbon dioxide and water while pro¬ 
ducing electricity. The MFC, with a capacity of 600 gallons and power generation of about 
2 KW, was considered as a great success. 

The effect of a mixed culture medium and an incremental feeding rate on the power output 
of the system was recently studied by Rabaey and his coworkers. They used wide sheet 
electrodes in their investigation. An efficiency of 89% was obtained at a feeding rate of 
0.5 gT 1 glucose per day. Other researchers have conducted investigations using pure and 
mixed culture media. The electrical power output of the primary MFCs was not consid¬ 
erable (range of 1—40mW/anode surface area). Today, scientists have greatly endeav¬ 
ored to obtain optimum power output. Logan, in Pennsylvania, has made many efforts 
toward this concept and is well known in this regard; power output of the MFC designed 
by his research team was primarily in the range of 150—10 mW / anode surface area, and 
they also have reported 500 mV power output. Rahimnejad and his coworkers improved 
MFC performance by fabricating a new stack. The maximum current and power generated in 
the stack of MFCs were 6447 mAm~ 2 and 2003 mWm -2 , respectively. 

Belgian scientists announced that they were able to produce 3600 mV per electrode 
surface area. 

Briefly, electrical current produced by bacteria was observed by Potter 23 in 1911, and 
limited feasible results were obtained on this subject in the next 50 years. Later, the attrac¬ 
tion of fuel cells became stronger and the field of MFCs began to improve. The steep slope 
of MFC progress began in 1999, but the main interest in MFCs have increased in recent 
years. So many achievements have been gained and numerous articles and research have 
been published to date. The number of articles in the field of MFCs published by researchers 
from different countries from 1990 to 2013 is presented in Figure 18.3; these articles were 
identified by typing the key word microbial fuel cell in a Scopus search. 

18.3.1 MFC Construction 

MFC is a novel tool that can obtain bioenergy in the form of hydrogen and / or electricity 
directly from different organic and inorganic compounds while simultaneously treating 
biodegradable substrates or contaminants in wastewater. In MFCs, electrons are provided 
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FIGURE 18.3 Comparison of the share of several countries in the distribution of articles on microbial fuel cells. 
Values shown in pie chart are numbers of articles. 


from chemical bonds with the aid of active microorganisms. In terms of construction, MFCs 
have different designs: single compartment, dual compartment, and stacked MFCs. Each 
design can be used for a specified purpose. In a single-compartment MFC, the cathode is 
directly exposed to air (see Figure 18.4). Therefore, there is no need to have an extra cathode 
chamber. 

A dual-compartment MFC comprises anodic and cathodic chambers separated by a PEM. 
Figure 18.5 shows a dual-chamber MFC. Various types of materials are used; these are listed 
in Table 18.2. The materials used in MFCs affect on the performance of the devices. These 
days, carbon materials (carbon black, graphite, carbon paper, carbon cloth, etc.) are used 
as an anode electrode in most MFCs because of their good conductivity, stability in a micro¬ 
bial inoculums mixture, and surface area. Cathode catalysts have to be coated on the surface 
of the cathode to cause an oxygen reduction reaction (e.g., Pt). Also, some conductive 
polymers such as polypyrrole and polyaniline can be used in the cathode as support or as 
catalysts. The structure of supporting material significantly affects the performance of 
MFCs. Conductive nanofiller/polymer have recently been widely investigated in indus¬ 
tries and academia. 

For instance, the PEM has been found to play a major role in MFCs, in particular in dual¬ 
chamber MFCs, because it has the ability to separate the cathode and anode while facilitating 
the transfer of protons from the anode to the cathode. In stacked MFCs, several MFCs are 
connected in series and parallel. 

Single MFCs were used by many scientists to generate power by means of pure or mixed 
cultures as active biocatalysts. The obtained results confirmed that the electricity and 
power generated from an individual MFC was too low to be used in low-consumption 
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FIGURE 18.4 Schematic diagram of a single-compartment microbial fuel cell. 


Resistance 

"-III !!-* 



FIGURE 18.5 Schematic diagram of a dual-compartment microbial fuel cell. PEM, proton exchange membrane. 


devices. Therefore, a number of individual MFCs have to be connected in a series or in par¬ 
allel to produce enough power for a specific application. Any desired current or voltage can 
be achieved by a parallel or series connection of a few single cells. A connection of single 
MFCs connected in a series and/or in parallel is called a fuel cell stack. 
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TABLE 18.2 Basic components of biological cells with the material^’ 


Component 

Material 

Consideration 

Anode 

Graphite, plate graphite, carbon paper, carbon fabric, 
black platinum. Reticulated Vitreous Carbon (RVC) carbon, ... 

Required 

Cathode 

Graphite, plate graphite, carbon paper, carbon fabric, 
black platinum, RVC carbon, ... 

Required 

Anode compartment 

Glass, poly carbonate, Plexiglas 

Required 

Cathode compartment 

Glass, poly carbonate, Plexiglas 

Optional 

Proton exchange system 

Proton exchange membrane, Nafion, Ultrex, salt bridge, 
polyethylene, polystyrene 

Required 

Electrode catalyst 

Platinum, black platinum, manganese oxide, ferric oxide, 
electron mediator fixed anode 

Optional 


18.3.2 Active Biocatalysts 

The principles of BFCs are similar to that of other types of fuel cells. The main difference is 
that the microorganisms or enzymes are used as catalysts, and, consequently, there is no need 
to use expensive metal catalysts. The appropriate conditions for reaction are easily achiev¬ 
able. It is only required that the cell be maintained at a suitable temperature, barometric pres¬ 
sure, and neutral pH for the reaction to take place. The microorganisms are implemented as 
active biocatalyst for the reduction reactions. Certain microorganisms are capable of produc¬ 
ing reductive substances in the anode compartment. 

Many microorganisms are able to deliver the generated electrons via catabolism of 
organic matter to the anode electrode. Several pure cultures of bacteria are used as active 
biocatalysts for power production in MFCs, such as Shewanella oneidensis, R. ferriredu- 
cens, Geobacter sidfurreducens , ’ C. butyricum, Pseudomonas aeruginosa, " Saccharomyces 
cerevisiae, and Streptococcus lactis. 

Also, marine sediment soil, active sludge water, and sewage are natural resources of or¬ 
ganisms that are used to generate power in MFCs. Typically, a mixed culture may be potent 
source of biocatalysts and allows the use of a wide range of substrates. 

Microorganisms attached to the anode surface consume substrate and generate 
bioelectricity. There is no precise and exact method to transport the produced electron 
by microorganisms to the electrode surface, and little knowledge and information is avail¬ 
able. Microscopic methods such as atomic force microscopy (AFM) and scanning electron 
microscopy images can be used to demonstrate the physical characteristics of the electrode 
surface and to examine the growth of microorganisms attached to the electrode's 
surface. Figure 18.6(a) illustrates the anode surface before use in an MFC. As it indicates, 
no microorganism was present on the anode before its use in the anode chamber. A piece 
of anode surface (lxl cm) was cut off at the end of the batch process and the results of 
observations by photo- and electron microscope scanning are illustrated in Figure 18.6(b) 
at a 10,000-fold resolution. Figure 18.6(b) indicates that a uniform biofilm of 
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FIGURE 18.6 (a) Scanning Electron Microscopy image of the anode surface, (b) Biofilm developed on the anode 

surface; Saccharomyces cerevisiae was used as the active biocatalyst in the anode compartment of a dual-chamber 
microbial fuel cell. 


microorganism—a colony of cultured yeasts—has been cultured on the external surface of 
the anode electrode. These attached active microorganisms can generate bioelectricity from 
substrate. 

AFM also was applied to provide surface and morphological information of the electrode 
in the anode compartment mentioned above. Figure 18.7 depicts the AFM images of the 
shape and surface characteristics of the graphite electrode. A piece of the anode electrode 
(lxl cm) was analyzed by AFM before (Figure 18.7(a)) and after (Figure 18.7(b)) use in a 
dual-chamber MFC (500x magnification). These images demonstrate that microorganisms 
were growing on the graphite surface. 


18.3.3 Electron Transfer in MFCs 

In the past decade, most studies of microbial cells were restricted to academic articles and 
publications that merely considered MFCs as an alternative energy resource. Recent efforts by 
scientists resulted in greater power output. In future, research will be directed toward 
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FIGURE 18.7 Atomic Force Microscopy image of a carbon paper electrode before (a) and after (b) use in a mi¬ 
crobial fuel cell (MFC). Snccharomyces cerevisiae was used as an active biocatalyst in the anode compartment of a dual¬ 
chamber MFC. 


understanding electron transport from the bacteria to the anode's surface. Electron transport 
in the anode chamber is the key point in understanding the theory behind MFC operation. 
There has been no precise and complete transport protocol for transmitting the produced 
electron by microorganisms to the electrode's surface, and limited knowledge and informa¬ 
tion are available. 

As biocatalysts in MFCs, microorganisms consume different substrates as a carbon source 
in the anode chamber and produce electrons and protons. For example, glucose can be used 
in MFCs as an electron donor. The anodic and cathodic reactions take place at the anode and 
cathode, as summarized below: 


C 6 H 12 0 6 + 6H z O 6C0 2 + 24e~ + 24H+ 
6 O z + 24e~ + 24e~ + 24H+ + 12H 2 0 


(18.3.3.1) 

(18.3.3.2) 
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From the above reactions, 24 mol of electrons and protons are generated by complete 
oxidation of 1 mol of glucose in an anaerobic condition. The key question here is, how 
does the produced electron reach the anode electrode? The performance of some MFCs has 
been increased by the addition of artificial electron mediators. Electron mediators are used 
to shuttle electrons from the broth to the surface of the anode electrode. 

18.3.4 Electron Transport in MFCs 

The main electron transport mechanism is direct transport of the produced electrons by 
certain components called nanowires. A nanowire is an electricity-conducing component 
that can transport the produced electron from the microorganisms to the surface of the anode 
electrode. Groby et al. reported the use of conductive components in soil bacteria (i.e., Show- 
anella species). The component's conductivity was investigated using a Scanning Tunneling 
Microscope. Also, the existence of a conductive component has been proven through other 
species of organisms. 

18.3.5 Use of a Mediator for Electron Transport 

The electron mediator is the key and essential factor in the transportation of produced elec¬ 
trons by microorganisms to the anode's surface. The mediators are classified in two groups: 
self-generated mediators and artificial electron mediators. 

18.3.5.1 Using Artificial Mediators 

Some artificial mediators are occasionally used in transporting electrons to the electrode's 
surface. The electron carrier is capable of connecting the cell membrane and electron accep¬ 
tors within the cells; it also eliminates the reduced state of cells and transfers electrons to the 
electrode's surface. The mediator is an essential part of MFCs that uses fermentation micro¬ 
organisms, including E. coli, Pseudomonas, Proteus, S. cerevisiae, and species of Bacillus. These 
bacteria are not capable of transporting the produced electrons to the electrode's surface by 
themselves. Prevalent electron carriers are thionine, benzyl viologen, 2,6-dichlorophenol- 
indophenol, 2-hydroxy-l,4-naphthoquinone, phenazines, phenothiazines, phenoxoazines, 
iron chelates, and neutral red. 

The mediator travels between the electrode and the bacterium while transporting the 
electrons. They grab the electrons from the bacteria and transport them to the anode's 
surface. Najafpour and his coworkers utilized thionine, neutral red, methylene 
blue, and ferric chelate at several concentrations (50—600 pmoll ') as an electron shuttle 
in the anode chamber. They used S. cerevisiae as the active biocatalyst for power produc¬ 
tion. Park and Zeikus investigated the interactions between bacterial cultures and elec¬ 
tron mediators. The effect of thionine and neutral red as mediators of oxidation and 
reduction of energy carriers such as nicotinamide adenine dinucleotide (NAD 1 ) was inves¬ 
tigated. The biomolecules NAD 1 and NADFI are in oxidized and reduced forms, respec¬ 
tively. Several types of mediators were used to enhance the electron transport in 
MFCs. 27 ' 66 

A major problem in mediators is their toxicity and slight solubility, which in turn restrict 
their application in BFCs. Soluble redox mediators have been added to the anode chamber to 
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TABLE 18.3 Microorganisms and media used in MFCs for power production 





Power density 

Current density 


Microorganism 

Mediator 

Substrate 

(mWm -2 ) 

(mAm -2 ) 

Reference 

Proteus mirabilis 

Thionine 

Glucose 

- 

191 

35 

Sacchnromyces cerevisiae 

Thionine 

Glucose 

60 

436 

57 


Neutral red 

Glucose 

190 

1600 

57 

Shewanella oneidensis 

Anthraquinone-2,6- 
disulfonate (AQDS) 

Lactate 

22.2 

44.4 

54 

Domestic wastewater 

Humic acid 

Glucose 

28 

85 

60 

Streptococcus lactis 

Ferric chelate complex 

Glucose 

49 

102 

58 

Domestic wastewater 

Humic acid 

Acetate 

123 

589 

60 

Mixed consortium 

Mediator-less 

Glucose, 

479 

- 

59 



sucrose 




Domestic wastezvater 

Humic acid 

Xylose 

32 

145 

60 

Saccharomyces 

MB 

Glucose 

42 

360 

57 

cerevisiae 

Ferric chelate 

Glucose 

37 

346 

57 

Micrococcus luteus 

Thionine 

Glucose 

— 

85 

67 


improve electron transfer. Several researchers have developed advanced anode materials by 
impregnating the anode with chemical catalysts. Therefore, suitable mediators to be used 
in BFCs must have the following characteristics: 

1. Connect easily to the cell membrane 

2. Transport the electrons easily to electrode 

3. Guarantee a high rate of electrode reaction 

4. Be soluble in anolyte 

5. Not lead to toxicity or microbial decomposition 

6. Be inexpensive and available 

Table 18.3 lists examples of the cells with mediators accompanied by substrate and the 
microorganism used in each indicated system. 

18.3.5.2 Electron Mediators Generated by Self-producing Microbes 

Adding external media to cultivated mediator is not compulsory. Some microorganism 
produces mediators such as Pyocyanine or relevant compounds which play the role as medi¬ 
ators and transport the produced electrons to anode surface. The obtained species of 
Pseudomonas in MFCs produce some material called phenazine which transports the pro¬ 
duced electrons to the electrode. In some cases, electron plays the role of mediator in trans¬ 
porting the produced electrons to electrode surface. 
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18.3.6 Challenges in MFCs 

The challenges with MFCs are low current and voltage generation; the maximum gener¬ 
ated voltage, regardless of the resistance, is around 1.14 V. This value has been calculated 
on the basis of using NADH (—0.32) as the electron donor in the anode chamber and oxygen 
(+0.82) as the electron acceptor in the cathode chamber. Moreover, the maximum voltage 
generated in an MFC so far was around 0.8 V when acetate was used as the substrate ; 
this indicates limitations in obtaining the ideal voltage. Normally, the voltage generated in 
common MFCs using oxygen in the cathode chamber as the ultimate electron acceptor is 
around 0.5 V. In addition, obtaining desired electrical current in MFCs has its own chal¬ 
lenges: the decrease of current caused by the inappropriate design of an MFC and the resul¬ 
tant resistance, limitations in transportation, and the extent of the conversion of the substrate 
to electrical current. 

To resolve the above-mentioned challenges and obtain the desired voltage and/or electri¬ 
cal current, one may design MFCs as a stack and connect the cells in parallel or a series, 
depending on the demand. If higher voltage is required, one may connect the cells in a series 
or in parallel to increase the electrical current generated. Therefore, the desired voltage or 
electrical current can be obtained using this technique. Figure 18.8 illustrates the schematic 
of a constructed stack of MFCs. 

18.3.7 Calculations in MFCs 

In MFCs, substrates are oxidized by microorganisms and, as a result, protons and electrons 
are produced, which pass through the membrane or electrolyte and external circuit. 


1,3,5,7,9 Anode 
2,4,6,8 Cathode 



FIGURE 18.8 A schematic of a constructed stack of microbial fuel cells. 
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respectively. For instance, acetate could be used as a substrate; the typical reactions are 
stated below: 


Anodic reaction: 

CH 3 COCT + 2H 2 0 -* 2C0 2 + 7H+ + 8e“ 


(18.3.7.1) 


Cathodic reaction: 

0 2 + 4e“ + 4H+ -+ 2H z O 


(18.3.7.2) 


In these reactions the substrate breaks down into carbon dioxide and water, which are 
accompanying by electricity generated as a by-product. 

The substrate is one essential biochemical factor affecting power generation in MFCs. 
MFCs are able to consume different sources of chemical matter for bioelectricity production. 
MFC technology recently was considered as a new method for wastewater treatment and 
simultaneous power production. For example, there are many substrates that contain sulfur 
compounds (sulfide, sulfite, SO 2- , S 1 , HS '). Sulfite-reducing bacteria (e.g., the microor¬ 
ganism Desulfovibrio desulfuricans) are among anaerobic microbes that use sulfite as the final 
electron acceptor ; microorganisms use substrate (e.g., lactate) as an electron resource that 
results in elemental sulfur (S’ 2 ). Reactions of carbon and sulfate reduction are presented in 
Eqns (18.3.7.3)—(18.3.7.5). 


Lactate + SO 2 - + 8H+ S 2 ‘ + 4H 2 0 + Pyruvate (18.3.7.3) 

S 2 ~ + 4H 2 0 -► S0 2 ~ + 8H+ + 8e“ (18.3.7.4) 

2S 2 - + 3H 2 0 -» S 2 0 3 2 + 6H+ + 8e“ (18.3.7.5) 

An MFC is unique in its ability to produce bioelectricity and treat wastewater at the same 
time. For nearly a decade, the use of wastewater as fuel in MFCs has been common practice 
among scientists to generate electricity. The benefit of utilization of wastewater for power 
production in MFCs is that it is free and the net carbon dioxide emission is acceptable. 


18.3.8 Power Generation 

The power output of MFCs (P ce ii) can be calculated by the following expression: 

P ceU = E ceU j I dt (18.3.8.1) 

where E ce u is the cell potential and I is the electricity current produced. If the rate of electricity 
current is stable, one may get: 

PceU = E ce n I (18.3.8.2) 

The maximum electromotive force E em f, which is generated by all types of batteries and 
fuel, can be calculated as follows: 


Eemf = E” - — Ln(n) 


(18.3.8.3) 
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where E is the standard electromotive force, R is the universal gas constant, T is the absolute 
temperature in Kelvin, n is the number of transported electrons, f is the Faraday constant, the 
II parameter equals the ratio of product activity to the power of the stoichiometric coefficient 
divided by the ratio of the reactant's activity to the power of their stoichiometry: 


Products 1 * 

reactants 1 


(18.3.8.4) 


According to the International Union of Pure and Applied Chemistry, all reactions are 
written in chemical reduction so that reactors are always oxidative and products are reduced. 


Oxidizing+ e —> Reduced (18.3.8.5) 

According to the International Union of Pure and Applied Chemistry, standard state is 
defined as 298 K and a chemical concentration of 1 M for fluids and 1 bar for gases. E is 
calculated regarding hydrogen as the standard state and is defined as E (H 2 O) = 0, which 
is called a normal hydrogen electrode. Therefore, the standard chemical potential is obtained 
by assuming II = 1 relative to the hydrogen electrode. 

For operational application of a biological cell, the power generation capacity must be 
considered. For a fuel cell, power density and volumetric power can be calculated using 
Eqns (18.3.8.6) and (18.3.8.7): 

Power density = ^1 (18.3.8.6) 

P 11 A 

Volumetric power = “ = P cc u (18.3.8.7) 

V 0 

where P ce ii is the power obtained by the cell and A is the surface area of the cell. 


18.3.9 Overpotential in MFCs 

In MFCs the measured voltage differs from the produced voltage. In other words, the dif¬ 
ference between the measured voltage and the cell voltage, which is called overpotential, is 
caused by resistance in electron transmission and initial resistance. Overpotential is as a result 
of (1) activation losses; (2) bacterial metabolic losses; and (3) concentration losses. Overpoten¬ 
tial of the system can be calculated using the following equation: 

E emf = E c -E A -^IR e (18.3.9.1) 

where Ec and Ea are experimental potentials of the cathode and anode, respectively. 

To obtain high voltage from a cell, the electromotive force of the cell must be maximal and 
ohmic resistance loss should be minimal. This resistance most often consists of the resistance 
of electron transmission to electrodes, connections, resistance in electron transmission 
through the PEM (if any), and cathodic and anodic electrolytes. Decrement in distance be¬ 
tween electrodes, using of PEM with lower resistance and increment of conductivity in elec¬ 
trolytes, can decrease the amount of ohmic resistance lost. 
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18.3.10 Coulombic Yield 


However, power generation is the main goal of MFC operation, but extracting electrons 
stored in biomass and recovering as much as energy as possible from the system are impor¬ 
tant. The recovered electrons are called coulombic efficiency. In another definition, coulombic 
efficiency is the fraction of electrons recovered as current versus the total electrons in organic 
materials. 


Coulombs recovered 
Total coulombs in substrate 


(18.3.10.1) 


The coulombic yield is one of the most important factors in MFCs. Coulombic yield is, in 
theory, the product of generated coulombs in the MFC divided by the total coulombs that can 
be obtained as a result of substrate consumption; this is stated as follows: 


C E = 


(I) x 100 


(18.3.10.2) 


where C p is the number of coulombs generated, which is obtained by integrating the electrical 
current against time, and Ct is the number of coulombs theoretically obtained from a carbon 
source; Ct can be estimated by the following expression: 

C T = (FxbxSxVx M- 1 ) (18.3.10.3) 


where F is the Faraday constant, b is the number of moles of electrons generated as a result of 
substrate consumption (24 mol of electrons were generated per mole of glucose in anaerobic 
conditions), S is the substrate concentration, V is the working volume of the anode chamber, 
and M is the molecular weight of the substrate. Thus, the coulombic yield in a batch process 
can be calculated via the stated equation: 


C E 


M/pIxdt 
F x b x V x AC 


(18.3.10.4) 


An ampere is defined as the transfer of 1 C of charge per second, or 1A = 1C/s. Thus, inte¬ 
gration of the current obtained over time is the total coulombs transferred in the system. The 
coulombic yield in a continuous process based on substrate consumption and flow rate of the 
system can be calculated using the following expression: 


C E 


M x I 

F x b x q x AC 


where q is the flow rate of the substrate into the system. 


24,73 


(18.3.10.5) 


18.3.11 MFCs’Performance 

Different factors affect MFCs' performance, but PEM, the condition in the anodic and 
cathodic chambers, is considered one of the most important. 
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18.3.11.1 Conditions in the Anodic Chamber 

Fuel or substrate as a source of nutrients and energy is one of the most important param¬ 
eters in biological processes such as electricity production in MFCs. Fuel type and its concen¬ 
tration and rate are considerable factors that affect the power and current produced in MFCs. 
The effects of various types of substrates on MFCs' performance were previously 
investigated. 

Use of the proper kind of microorganisms in the anodic chamber is also important. Many 
microorganisms are capable of transporting to the anode the electrons obtained by organic 
metabolism. Mixed culture of microorganisms from marine sediment soil, active sludge wa¬ 
ter, and sewage are rich natural resources of organisms for power production. 

18.3.11.2 Proton Exchange Membrane 

The separator between the anode and cathode compartments is one of the most important 
factors affecting MFC performance. The PEM is the most frequently used separator in dual¬ 
chamber MFCs because of its moderately high conductivity to cations and low internal resis¬ 
tance compared with other separators. Cation exchange membranes, also known as 
PEMs, are one of the most widely used separators and are designed for transferring protons 
in MFCs. The performance of a PEM is studied based on its ability to transport produced 
protons from the anode to cathode; moreover, they must prevent the transfer of substances, 
oxygen, and minerals from the anode to cathode chambers. Flowever, membrane type 
(PEM or cation exchange membrane) affects the performance of MFCs and has not been stud¬ 
ied well. Poor proton transferability is one of the most recognized deficiencies of PEMs, 
which holds despite their various composition, internal resistance, and conductivity. There 
are some drawbacks: 

1. PEMs are expensive. The estimated cost of a PEM is reported to be close to 40% of the 
total cost of a finished MFC. 

2. The higher transfer ratio of cations to protons can prevent electrochemical reactions in 
the cathode, which result in lower cathode cell performance. 

3. Chemical and biological fouling results in an increase in internal resistance, which in 
turn results in lower efficiency and performance of MFCs. 

For long-term operation, membrane fouling can be considered as a result of biofilm forma¬ 
tion on the PEM. Some scientists described that biofouling in dual-chamber MFCs has a nega¬ 
tive effect on the MFCs' performance. 

18.3.11.3 Conditions in the Cathodic Chamber 

Oxygen is a suitable and common electron acceptor, and the output power is directly rele¬ 
vant to this factor. Different methods of increasing the amount of oxygen in cathodic solution 
were offered. Use of an air pump or proper oxidant can successfully surge the amount of ox¬ 
ygen, and subsequently the output power, as was investigated by many researchers. 

Besides the advantages of MFCs, such as mild operation reaction conditions, some major 
developments must be done to enhance the power generated. Improvement of MFC perfor¬ 
mance using catalysts such as platinum in the cathode compartment was investigated, but 
these materials are generally expensive. The use of biocathodes, which can increase the 
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dissolved oxygen of solution, has recently attracted many scientists. Because of the low cost 
of biocathodes, their use in MFCs has recently gained interest. Algal biocathodes have the 
specific ability to enhance oxygen supply in the cathode compartment; hence there is no 
need for a mechanical aeration device. In many studies, oxygen was used as the final elec¬ 
tron acceptor at the surface of the cathode electrode. Consumption of electrons and protons 
that are combined with oxygen forms water and ends this transfer cycle. Moreover, the use of 
biocathodes has been reported to reduce the charge transfer resistance of the cathode. It was 
reported that dissolved oxygen in an MFC with an algae-assisted cathode was increased and 
subsequently produced power. In addition, the photosynthetic process of algae has been 
studied. The effect of biocathodes on MFCs' performance was studied in the Biotech¬ 
nology Research Laboratory at the Babol Noshirvani University of Technology. Sulfide 
(1.5 gl -1 ) was fed into an anode compartment as a substrate. Because of the need for proper 
growth and respiration of algae in the presence of sunlight, the cell was placed next to a lab¬ 
oratory window from the initial moment of cell operation. A data logger was set to record 
Open Circuit Voltage (OCV) until steady-state conditions were achieved. It was observed 
that, during the day, the cell voltage was increased until it reached a constant value. As 
the sun went down, voltage decreased, and this trend continued throughout the night. The 
best performance of the MFC and the maximum value of voltage, power, and current density 
were obtained between 14:00 pm and 16:00 pm, and the minimum values of these parameters 
were noted at 3:00 am until 4:00 am. The obtained results were relevant to values of dissolved 
oxygen in the cathode chamber, as was previously reported. Dissolved oxygen from the 
cathode solution before adding algae was 4.94 mgl l . It was observed that oxygen at the cath¬ 
ode increased, and so did cell voltage. The average values of dissolved oxygen at all days of 
the experimental period were 8.90 and 11.87 mgL 1 at 11:00 am and 13:00 pm, respectively. 
Between 14:00 pm and 16:00 pm, when the MFC generated maximum values of current 
and power, the average dissolved oxygen increased to 18.57 mgU 1 until 19:00 pm, when 
the sun went down and the dark phase began. This parameter decreased to 13.04 and 
9.75 mgl 1 at 19:00 pm and 22:00 pm, respectively, and this value remained constant 
(7.20 mgl ') at approximately 3:00 am to 4:00 am. Therefore, there was a significant fluctua¬ 
tion in the value of the cell voltage (see Figure 18.9). 

Also, the performance of an MFC may be enhanced by several important process pa¬ 
rameters that are critical in the MFC's operation, such as (1) microbial electron transfer, 
(2) cell metabolism, (3) internal and external resistance, and (4) cathode oxidation. These 
important parameters greatly influence the transfer of generated electrons and MFC 
performance. 


18.3.12 Applications of MFCs 

The MFC is such a novel technology and has different applications, which can be classified 
into four major categories. 

18.3.12.1 Electricity Production 

As mentioned above, the MFC is a novel technology; it is able to generate electricity and 
can convert biochemical energy to electrical energy with the aid of microorganisms. 
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FIGURE 18.9 Open Circuit Voltage (OCV) of a microbial fuel cell in the presence of a biocathode. Sulfide 
(1.5 gU 1 ) was used as the substrate in the anode compartment. 


Regarding it does not follow the rules of the Carnot cycle, it has a high efficiency. However, 
electricity generated by MFCs is very low because of the slow rate of electron transport. A 
simple solution to this problem is to save the generated electrons in rechargeable devices 
and use them as needed. A group of capacitors were used to save energy in a robot celled 
"Eco Bot I," in which electricity was supplied by a microbial cell. MFCs also are suitable 
for low-energy systems and sensors. The electricity produced by cells is very low, but it is 
possible to get greater voltage by putting several MFCs in a series or in parallel. The con¬ 
structed MFC could be used in low-energy appliances, for example, in low-energy lights such 
as light-emitting diode lights and digital watches, and successfully supply the required en¬ 
ergy (see Figure 18.10). 

18.3.12.2 Production of Biological Hydrogen 

MFCs could be operated for hydrogen production instead of electricity generation. To 
achieve this goal, the cathode was maintained in anaerobic conditions and an external po¬ 
tential was used to decrease the thermodynamic barrier and subsequently increase the 
cathodic potential. In a normal state, a proton is produced in the anode and moves toward 
the cathode to bond with oxygen and form water. Hydrogen production from protons and 
electrons generated by microbial metabolism in MFCs is not thermodynamically 
acceptable. 

Electrons and protons produced in the anode compartment bonded in the cathode to pro¬ 
duce hydrogen. The external potential required for the MFC was 110 mV, which is much less 
than the direct electrolysis of water at a normal pH. The energy required for water to be 
directly electrolyzed is 1210 mV which is higher than that needed for MFCs. Also, part of 
the energy required for the production of biohydrogen is supplied by biomass oxidation in 
the anode. Microbial cells are capable of producing 8—9 mol H 2 /mol glucose, which seems 
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FIGURE 18.10 A constructed microbial fuel cell supplying the power required for low-energy appliances, 
a) Single chamber MFC for running digital clock, b) Lab scale MFC stack for running digital clock. 

more reasonable compared with 4 mol H 2 / mol glucose in common fermentation at optimum 
operating conditions. To produce biological hydrogen using MFCs, it seems that there is no 
need for long-term oxygen in the cathode, which results in improved efficiency of the MFC. 
Another advantage of hydrogen production in MFCs is the ability to save gas and use it 
later. 94 ' 95 

18.3.12.3 Biosensors 

Another application of MFCs is use as biosensors. The suitable coulombic efficiency of 
MFCs allows their use in biological oxygen demand (BOD) measuring sensors. A suitable 
method of measuring BOD in a fluid current is to calculate the coulombic efficiency of the 
system. Several researchers have claimed that there is a liner relationship between the 
coulombic and BOD concentrations of the solution. 

It has been reported that Shezvanella sp., as biobased catalytic systems, are suitable to mea¬ 
sure the BOD of wastewater. It can also help measure other materials. Karube et al. used 
MFCs as BOD measuring sensors in which hydrogen was generated by C. butyricum that was 
fixed on the electrode. Kim et al. used MFCs to measure BOD. The developed system even 
worked for duration of 5 years without any process maintenance. Measurements of organic 
matter have been implemented by the use of MFCs in the detection system. 

Chemical sensors are used to measure blood glucose and oxygen concentration in diabetic 
patients. The sensors also have been used to measure pulse, blood pressure, and other vital 
signs. Use of MFCs to measure lactate by Shezvanella putrefaciens also has been reported. 
This biosensor was able to measure amounts of lactate up to 50 mM. 

18.3.12A Wastewater Treatment 

Wastewater treatment is one of the most well-known and useful applications of MFCs. 
Conventional municipal wastewater treatment plants consist of numerous treatment units 
that may be different in the way they are placed, but in each setup achieving the maximum 
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efficiency is the most important issue. Several techniques for wastewater treatment have been 
proposed; however, in most of the approaches, too much time spent or high cost is the main 
obstacle. Also, a high level of operational processes is required in most treatment methods. 

Clean water is an undeniable human right. A large amount of agricultural and industrial 
wastewater is produced annually. For example, annual animal manure production in the 
United States is approximately 580 million tons. To avoid water pollution and control odor, an¬ 
imal waste must be pretreated before it is disposed in the environment. Also, it must be consid¬ 
ered that high nitrate and phosphate concentrations lead to water pollution. 

In general, wastewater is divided into organic and inorganic wastes in terms of their 
ingredients. MFCs provide a new approach to electricity generation and simultaneous 
treatment of organic and inorganic wastes. When microorganisms oxidize the substrate 
in wastewater, electrons are released and a stable resource of electricity is created. 
Using MFCs to treat wastewater has been the center of attention since 1991. Urban 
wastewater is composed of a mixture of organic matter that can be used as fuel in 
MFCs. In addition, organic molecules such as acetate, propionate, and butyrate can 
also be converted to water and carbon dioxide. One of the desirable characteristics of 
such cells is that it allows the use of various waste types, including carbon dioxide 
and human waste. 

In 1991, wastewater treatment by MFCs was started by Flabermann and Pommer. 
Afterward, many researches were involved in this area. Flygienic waste, food processing 

TABLE 18.4 Power production with wastewater treatment by MFCs 


Removal 


Component 

eliminated 

Maximum 

power 

Anode 

material 

Cathode 

material 

efficiency 

(%) 

Location 
of removal 

Reference 

Chemical 

Oxygen 

Demand (COD) 

371 mWnO 2 

Graphite plate 

Graphite plate 

95 

Anode 

chamber 

94 

COD 

225 mWnT 2 

Graphite plate 

Graphite plate 

92 

Anode 

chamber 

104 

Carbon 

34.6 WnT 3 

Granular 

graphite 

Granular 

graphite 

100 

Anode 

chamber 

106 

COD 

7.6 mW 

Graphite felt 

Graphite felt 

90 

Anode 

chamber 

107 

Dye 

15.73 mWnO 2 

Graphite plate 

Graphite plate 

93.15 

Anode 

chamber 

108 

Nitrogen 

34.6 Wm~ 3 

Granular 

graphite 

Granular 

graphite 

67 

Cathode 

chamber 

106 

Copper 

339 mWnO 3 

Graphite plate 

Granular 

graphite 

96 

Cathode 

chamber 

109 

COD 

26 mWnG 2 

Graphite plate 

Graphite plate 

80 

Single 

chamber 

19 
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wastewater, and swine wastewater were recycled as biomass sources for MFCs because of the 
rich nature of their organic matter. 1,104,105 Table 18.4 lists MFCs that were experimented, to 
eliminate different pollutants and generate power. 

MFCs also are used for treatment of inorganic wastes. Some inorganic components were 
commonly found in wastewater. Sulfide is one of the most prevalent and hazardous ions 
found in waste. Sulfide is generated in wastewater by the reduction of sulfate in sewage 
and pipes. This toxic ion can cause serious problems such as a bad smell, a negative 
impact on human health, and a corrosive environment for building materials such as con¬ 
crete. Sulfide can be oxidized into different species of sulfur. Under certain reaction condi¬ 
tions and according to redox potential, 30 species of sulfur can be produced. Sulfur is the 
major component produced from sulfide oxidation and is not able to be oxidized again. 
The sulfur produced can only be oxidized by microbial catalysts. The oxidation of sulfide 
and sulfur compounds in MFCs were extensively studied by a large number of research 
scientists. 





FIGURE 18.11 (a) Schematic diagram of a fabricated microbial fuel cell (MFC) for sulfide removal, (b) polari¬ 

zation and (c) power density curves of MFCs consist of 1.5, 0.8, and 0.1 gl -1 sulfide as the substrate. 
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Simultaneous electricity generation and sulfide removal were investigated in our Biotech¬ 
nology Research Laboratory. For this purpose, three different dual-chamber MFCs were 
operated. Mixed culture of microorganisms was used as biocatalysts and was collected 
from the anaerobic process tank operated in the wastewater treatment facility in Ghaem- 
shahr, which is located in the north part of Iran. The influence of three different concentra¬ 
tions of sulfide (0.1, 0.8, and 1.5 gl ') on MFCs and their elimination was investigated. The 
maximum values of current and power density (231.47 mAm 2 and 48.65 mWm 2 , respec¬ 
tively) were acquired in the MFC with 1.5 gl 1 sulfide as the electron donor. In this system, 
sulfide was totally removed after 10 days. Figure 18.11 displays the schematic diagram, po¬ 
larization, and power curves of the MFC at different sulfide concentrations, which were 
plotted when cell conditions became stable, and the maximum value of output power and 
current were determined. 



Different images of the cells that have been fabricated at laboratory scale. 


Microbial catalysis plays a significant role in sulfide removal and electricity generation in 
MFCs. SEM elucidated the formation of biofilm and attached bacteria on an anode 
electrode. 
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MFCs with biocathodes (SEM images from the outer surface of the anode electrode after use in an anode 
compartment). 
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19.1 INTRODUCTION 


In recent decades, great interests for biological treatment of wastewater have been devel¬ 
oped. With appropriate considerations, all the biodegradable constituents present in various 
types of wastewaters are biologically treated. Grasping a profound understanding of the 
characteristics of each biological process enables engineers to devise the most appropriate 
treatment for certain objectives, helping them provide proper environmental conditions 
and efficient techniques. 

Biological treatment methods employ aerobic, facultative, and anaerobic microorganisms 
to convert or oxidize organic matters and eliminate the oxygen demand of wastewater. As 
domestic sewage undergoes treatment biologically, dissolved and particulate biodegradable 
matters are transformed into acceptable end-products, while suspended and nonsettleable 
colloidal solids integrate to form biological floe or biofilm. Also, the conversion or complete 
removal of nutrients (i.e., nitrogen and phosphorous) and particular trace organic com¬ 
pounds can occur during biological treatment of domestic sewage. Furthermore, the organic 
and inorganic compounds existing in various industrial effluents are susceptible to biological 
degradation. Toxic constituents and compounds frequently found in industrial wastewaters 
may necessitate a pretreatment stage prior to discharging the industrial wastewater to a 
municipal collection system. Inhibitory concentrations of organic and inorganic pollutants 
in industrial wastewaters may hinder microbial growth by either slowing the biodegradation 
process or completely intoxicating the viable biological system. High concentrations of nitro¬ 
gen and phosphorus available in agricultural irrigation wastewater, which have a stimulating 
effect on the growth of aquatic plants, can satisfactorily be degraded by various biological 
processes. 

Considering the type of growth and retention of microorganisms in biological treatment 
systems, biological processes can be classified into two principal groups: suspended growth 
and attached growth processes. In suspended growth processes, microorganisms are main¬ 
tained in suspension within the bulk liquid by suitable mixing techniques. Attached growth 
processes, also referred to as fixed-film or biofilm processes, are those biological treatment 
systems in which microorganisms are attached to solid-support or inert packing material 
(e.g., rocks, slag, specific ceramic or plastic packing). As microorganisms oxidize organic 
compounds and consume nutrients and certain inorganic constituents, harmless end- 
products and new cell tissues are produced, which can subsequently be removed by means 
of physical operations such as settling and gas stripping. 


19.2 ORGANIC REMOVAL IN SUSTAINABLE 
MICROBIAL GROWTH 


Microorganisms play the key role in biological treatment processes. Complete removal or 
significant reduction of the concentrations of biodegradable organic constituents in wastewa¬ 
ters can be achieved with proper microbial consortia; the mixed culture is either intrinsically 
present in the wastewater, or is introduced to the target wastewater by blending it with do¬ 
mestic sewage or biological sludge. However, pure cultures of organisms may be utilized in 
certain cases for removal of specific contaminants. In favorable environmental conditions. 
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microorganisms are capable of presenting high efficiency in destruction of pollutants, thus, 
producing an acceptable effluent. Several factors should be considered carefully to achieve 
a suitable environment for metabolism of the organisms; those factors include sufficient nutri¬ 
tion, the presence of inorganic anions and cations in concentrations lower than their threshold 
values for the organisms, proper pH, appropriate temperature depending on the presence of 
thermophilic or mesophilic organisms, adequate presence or complete absence of dissolved 
oxygen for respective aerobic and anaerobic systems, absence of toxicity and inhibition 
(which may occur due to the presence of certain concentrations of specific pollutants), and 
ample hydraulic and sludge retention time to allow the microorganisms to grow and com¬ 
plete their biochemical activities. 

The removal of organic constituents, identified as carbonaceous biochemical oxygen de¬ 
mand (BOD), in dissolved and particulate forms as well as stabilization of nonsettleable 
organic matters can be achieved by a variety of microorganisms, specifically bacteria. The 
living organisms contribute in degradation of organic substrate to simple end-products along 
with the production of additional new cells, until the substrate is completely removed. 
Equation 19.2.1 depicts aerobic biological oxidation as described above. The biomass will 
consequently endure the stage of endogenous respiration. In this stage, autooxidation of 
organics in the cells happens in order to supply requisite energy for maintaining the 
remainder of the cells; as a result, continuous and fractional decrease in living cell mass 
with respect to time is inevitable. 

. . 1 Microorganisms 

anorganic matter) + bO 2 + cN + dP + trace elements -> ng 2 1) 

e(new cells) +/(C0 2 ) + g(H 2 0) 

According to the above equation, microorganisms need to uptake some essential nutri¬ 
ents, i.e., carbon, nitrogen, and phosphorus sources together with some trace elements in 
appropriate concentrations, for accomplishing their metabolic activities. Water and waste- 
water treatment processes are mostly planned so the required carbon source is provided 
through consumption of target organic matter. Ammonia (NH 3 ) and phosphate (PO 4 - ) 
are examples of nitrogen and phosphorus sources that are commonly used. The value of 
C:N:P ratio is a determining parameter for sound performance of biological treatment pro¬ 
cess; for aerobic systems, it should be in the range of 100:5:1 to 100:20:1. Anaerobic pro¬ 
cesses, in contrast, require much lower nitrogen and phosphorus in compare to aerobic 
systems due to slow metabolism and gradual growth of anaerobic microorganisms. The 
optimal C:N:P ratio of 100:2.5:0.5 with increasing effect on methane yield has been 
reported. 


19.3 MICROBIAL METABOLISM 


Understanding biochemical activities of microorganisms is of great necessity for correctly 
selecting and properly designing a biological treatment process for a special purpose. Micro¬ 
bial metabolism is characterized by the types of the sources of carbon and energy required for 
synthesizing new cells and transforming organic material to end products. Carbon and en¬ 
ergy sources, also known as substrates, are two main factors for classifying the organisms 
in different categories (see Table 19.1). 1 
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TABLE 19.1 

Classification of 
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microorganisms with respect to their required sources 

of carbon and energy 

Type of microorganisms 

Carbon source 

Energy source 

Example 

Heterotroph 

Chemotroph 

Organic 

compounds 

Oxidation—reduction 
reactions 

Protozoa, fungi, most 
bacteria 


Phototroph 

Organic 

compounds 

Light 

Sulfur-reducing bacteria 

Autotroph 

Chemotroph 

co 2 

Oxidation—reduction 
reactions 

Nitrifying bacteria 


Phototroph 

co 2 

Light 

Algae, photosynthetic 
bacteria 


Microorganisms need carbon for the synthesis of new cellular material that can be ob¬ 
tained from either organic matter or carbon dioxide. Depending upon which of these mate¬ 
rials is utilized as a carbon source, microorganisms are divided into two principal groups: 
heterotrophs and autotrophs. Organisms, which are referred to as heterotrophs, uptake 
organic carbon in order to reproduce new biomass; on the other hand, organisms that gain 
their requisite carbon from carbon dioxide are identified as autotrophs. Deriving cell carbon 
from carbon dioxide necessitates an extra energy-consuming reductive reaction for releasing 
the carbon for the usage of autotrophs. Hence, a higher level of energy is required for the syn¬ 
thesis of autotrophic organisms in comparison to that of heterotrophs. This phenomenon 
leads to low growth rate, and thus, slight biomass yield for autotrophic organisms. 

Light and chemical oxidation reactions are two disparate sources of energy for cell main¬ 
tenance. Organisms capable of using light as their energy source are called phototrophs,while 
those organisms that elicit the needed energy from oxidation—reduction reactions are recog¬ 
nized as chemotrophs. Phototrophic and chemotrophic organisms can obtain their carbon for 
the formation of new cells from either organic matter or carbon dioxide. Therefore, photo¬ 
trophs and chemotrophs that can live on organic carbon are also characterized as hetero¬ 
trophs; however, if their cell carbon is extracted from carbon dioxide, they should be 
known as photoautotrophs or chemoautotrophs. Some examples of each group of organisms 
are presented in Table 19.1. Chemical reactions, led by chemotrophs, are oxidation—reduction 
processes (or redox equations) where energy is produced by transferring an electron 
from an electron donor to an electron acceptor. As the electron donor is oxidized, the elec¬ 
tron acceptor, which can be either organic or inorganic compounds, is reduced. If the electron 
acceptor is within the cell, endogenous metabolism occurs. Exogenous metabolism 
can happen when the electron is transferred to an agent outside the cell such as dissolved 
oxygen and nitrite/nitrate.' 

It is the nature of an electron acceptor in a redox reaction that determines if the metabolism 
of the organisms is respiratory or fermentative. Transferring an electron to an external 
electron acceptor, which is catalyzed by enzymes, is known as respiratory metabolism. 
Fermentation occurs when an internal electron acceptor is reduced. Compared to respiratory 
heterotrophic bacteria, strict fermentative heterotrophs are recognized as slow-growing or¬ 
ganisms with low cell yield due to low energy originated from fermentation. According 
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TABLE 19.2 Respiration and metabolic functions of microorganisms 


Type of 
organism 

Affinity to 
electron acceptor 

Electron acceptor 

Metabolism 

Aerobic 

Obligate 

Only oxygen 

Respiratory 


Facultative 

Oxygen, nitrite/nitrate (NOj , NO 3 ) 

Respiratory 

Anoxic (denitrifying 
bacteria) 


Nitrite/nitrate (NO^.NOg) 

Respiratory 

Anaerobic 

Obligate 

Only an internal electron acceptor 

Frementative 


True facultative 

Internal electron acceptor, oxygen 

Frementative 
and respiratory 


Aerotolerant 

facultative 

Only an internal electron acceptor, 
although insensitive to oxygen 

Frementative 


to the type of electron acceptor, metabolic functions of microorganisms are presented in 

Table 19.2. 

In aerobic and anoxic processes, energy is generated by transporting an electron to external 
electron acceptors, i.e., oxygen and /or nitrite and nitrate. The energy requirement of obligate 
aerobic bacteria can only be supplied by utilizing oxygen as an electron acceptor. In contrast, 
facultative aerobes are capable of adopting nitrite/nitrate as an electron acceptor that is 
devoid of oxygen. In anoxic processes, nitrite or nitrate play the role of the electron acceptor. 
Obligate anaerobic organisms are able to maintain their metabolic activity only in the absence 
of oxygen. However, facultative anaerobes can grow properly in either the presence or 
absence of oxygen. True facultative anaerobic microbes can switch to respiratory metabolism 
when the oxygen is present in the media. Aerotolerant anaerobes have the ability to live and 
function in the presence of molecular oxygen, showing comparatively no sensitivity to it; 
however, their metabolic activity is rigorously fermentative. 


19.4 MICROBIAL GROWTH KINETICS 


In biological treatment processes, substrate degradation depends on biomass growth and 
activity. With oxidizing organic compounds, a microbial community attains requisite cell car¬ 
bon and energy for generating new cell tissues and reproduction. Hence, the dynamics of mi¬ 
crobial growth and substrate utilization control the performance of biological treatment 
processes. 

As it is previously described, four distinguishable phases can be identified in microbial 
growth curve cultured in batch reactor: lag phase, exponential growth phase, stationary 
phase, and death phase. After acclimating to new environmental condition during lag phase, 
the bacterial community represents a rapid growth and cells multiply exponentially. At this 
stage, namely exponential growth phase, the oxidation of organic matters leads to the forma¬ 
tion of new cells and the production of end products. Subsequently, when substrate 
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FIGURE 19.1 Growth curve of Saccharomyces cerevisiae in batch system. Biomass formation occurred as the sugar 
content of molasses was consumed. 


concentration drastically decreases, biomass concentration remains relatively constant in the 
stationary phase. As the cell starts to go through endogenous respiration at the end of the 
stationary phase, the rate of growth and death rate counterbalanced in this stage. Complete 
depletion of substrate alongside toxic effects of dead cell residue and cell metabolites causes 
the remainder of the cells to become deactivated and, in consequence, death phase occurs. In 
this phase, exponential decrease in the concentration of living organisms often happens. The 
four phases of Saccharomyces cerevisiae in batch system with consumption of the sugar content 
of molasses are illustrated in Fig. 19.1. As the experiment was not continued in the death 
phase, the exponential decrease in cell concentration was not completely shown. However, 
the onset of endogenous respiration is very apparent. 


19 .5 GROWTH RATE AND TREATMENT KINETIC S 

The study of growth phases indicates the simultaneous occurrence of microbial growth 
and substrate utilization in the batch process. As the oxidation of organic or inorganic mat¬ 
ters (i.e., electron donors) contributes to production of a new cell culture, the ratio of 
biomass produced to substrate consumed is referred to as biomass yield as given by Eqn 

(19.5.1). 
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... g biomass produced 

Biomass yield = —— - i -- 

g substrate consumed 


(19.5.1) 


The basic equation of microbial growth kinetics can be written based on biomass yield 
concept correlating cell growth to substrate utilization as follows: 


dX 

dt 



(19.5.2) 


where X is biomass concentration (g l -1 ), t is time for relevant changes (d), Y is yield coeffi¬ 
cient (g g~ '), and S su is concentration of soluble substrate (g 1 '). It should be noted that, in 
the above equation, the changes in biomass concentration refer to an increase in cell concen¬ 
tration during the phase of exponential growth. 

To obtain net biomass production rate, self-digestion of microorganisms during the death 
phase should be considered. Biomass decay can be described in proportion to the current 
biomass concentration. Therefore, the equation that relates the rates of cell growth and sub¬ 
strate depletion in batch and continuous processes can be summarized as follows: 

r ng = -Y(r su )~k d -X (19.5.3) 

where K g is endogenous decay coefficient (g VSS/g VSS.d). Net growth rate, r n ,,, and sub¬ 
strate utilization rate, r su substituted for dX/dt and dS su /dt, respectively. 

Biomass propagation in batch mode is proportional to the mass of microbial solids present 
in the system. So, specific cell growth rate, fi (g new cell/g cells.d) defines the cell growth in 
biological system with respect to biomass concentration as follows: 



(19.5.4) 


Monod proposed a model for the specific growth rate of bacterial cultures as the following, 
in which soluble substrate concentration is the limiting factor for microbial growth. 


d = 


dm^ 

K s + S 


(19.5.5) 


where ji m is maximum specific cell growth rate (g new cell/g cells.d), S is substrate concen¬ 
tration in dissolved form (g 1 1 ), and K s is half-velocity constant (g 1 1 ) that indicates the sub¬ 
strate concentration corresponding to one-half of the maximum specific cell growth rate 

(/i = ^f ). The K s constant shows the affinity of microorganisms to the growth-limiting sub¬ 
strate. The low value of K s denotes the suitability of the substrate for microbial growth 
because high microbial propagation happens on low substrate concentrations. The plot 
in Fig. 19.2 shows cell growth rate versus substrate concentration schematically. 

However, the Monod model is a simple equation that correlates the trend of microbial 
growth to substrate concentration. For specific conditions such as substrate inhibition, the 
Monod equation can be developed into a new model, namely the Haldane model, in order 
to show the inhibition effect on the cell growth. The Haldane model is mathematically termed 
as per the following relationship: 
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FIGURE 19.2 Typical specific micro¬ 
bial growth rate versus growth-limiting 
substrate concentration. 



Substrate concentration (s) 


Mm 5 

K s + S + ( S 1 /K ; ) 


(19.5.6) 


where K, is inhibition coefficient (g 1 '); it is the concentration of substrate in which cell 
growth is inhibited. The high value of Kj suggests that the organisms are not so sensitive 
to the target substrate and that the inhibition effect is observed in high concentrations of 
the substrate. 

For modeling-dissolved substrate removal in the batch reactor, the Michaelis—Menten 
equation can be written by a combination of Eqns (19.5.2, 19.5.4 and 19.5.5): 


M„,XS 

Y X /s(K s + S) 


(19.5.7) 


In Eqn (19.5.7), negative value denotes the decrease in substrate concentration due to its 
utilization. As the equation is used in mass balances, the presence of the negative sign is 
necessary. The term (/x m /Yx/s) can be substituted for k, which represents the maximum spe¬ 
cific substrate utilization rate (g substrate per g cell.d) as given below: 


kXS 
~ ~K s + S 


(19.5.8) 


According to relative values of K s and S, Eqn (19.5.7) can be simplified to other expressions 
representing boundary cases. When substrate concentration is much higher in compare to K s 
value (S ^ K s ), substrate depletion can be expressed as follows. 

r m = - kX (19.5.9) 


In this case, substrate removal is not dependent upon its concentration, and only the con¬ 
centration of microbial solids influences substrate reduction; this is because of the low affinity 
of the organisms to the substrate. 
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For substrate concentrations much lower than K s value (S <C K s ), Eqn (19.5.7) will be writ¬ 
ten in the following simple form: 

r su — —kX-^r — k'XS (19.5.10) 

-*'-S 

where U = is defined as specific substrate utilization rate (g substrate per g cell.d). The 
value of k' = jh may vary for different wastewaters, which shows the ratio of specific sub¬ 
strate utilization rate per soluble substrate concentration ( U/S ). 

Substrate concentration that is considered for the proposed rate expression is referred to an 
available substrate in dissolved form. However, soluble substrate constitutes a fraction of 
biodegradable organic matters in the wastewaters; in domestic sewage, the ratio of soluble 
organic material to total biodegradable organic matter varies between 0.02 and 0.05, and 
limited amounts of soluble organic matter in some industrial wastewaters can be observed. 
Organic compounds can be used just in dissolved form by the living organisms. Particulate 
substrates should, therefore, be hydrolyzed by extracellular enzymes made by bacteria to sol¬ 
uble substrates. Graddy and coworkers have proposed a model for the transformation of 
particulate substrate to soluble substrate based on biomass and particulate substrate concen¬ 
trations as given below: 


dS ps _ k p (S ps /X)X 
~df~ ~ ~(K x + S ps /X) 


(19.5.11) 


where S ps is particulate substrate concentration (g 1 '), k p is maximum specific substrate con¬ 
centration transformation rate (g particulate substrate/g cell.d), X is biomass concentration 
(g 1 l ), and K x is half-velocity degradation coefficient (g g '). The term ( dS ps /dt) suggests 
the conversion rate of particulate substrate concentration to dissolved form. 


19.5.1 Nutrient Requirements 

In addition to carbon and energy sources, other nutrients are integrated to sound cell ac¬ 
tivity. Microorganisms need organic and inorganic nutrients for growing and synthesizing 
new cells as unavailability of those nutrients may limit the biomass growth. Microbial 
cells are composed of carbon, oxygen, nitrogen, phosphorus, and hydrogen: 50, 20, 12, 9, 
and 2% of cell dry weight, and the remaining 5% is related to ash and trace elements. 
Table 19.3 represents the major and minor inorganic nutrients plus main organic nutrients 
required for cell maintenance. Identified as growth factors, organic nutrients are of great ne¬ 
cessity for cell growth due to their role as precursors of organic cellular material; however, 
they are not synthesizable compounds by organisms from carbon source. 

Excess amounts of nitrogen and phosphorus are present in domestic sewage. In contrast, 
the paucity of these nutrients in numerous industrial wastewaters necessitates their addition 
as supplementary substrates. Pulp and paper, cotton textile, and cannery are examples of in¬ 
dustries that generate effluents with a deficiency in nitrogen and phosphorus. An alternative 
method for improving the level of nitrogen and phosphorus in industrial wastes is diluting 
them with sewage, which saves in chemicals consumption (e.g., urea as a supplemental nitro¬ 
gen source). Besides, it leads to moderating the characteristic of industrial wastewaters that 
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TABLE 19.3 Organic and inorganic nutrients essential for cell growth 


Major inorganic nutrients 

Minor inorganic nutrients 

Main organic nutrients 

Nitrogen (N) 

Zinc (Zn) 

Amino acids 

Phosphorus (P) 

Manganese (Mn) 

Purines 

Sulfur (S) 

Molybdenum (Mo) 

Pyrimidines 

Potassium (K) 

Selenium (Se) 

Vitamins 

Magnesium (Mg) 

Cobalt (Co) 


Calcium (Ca) 

Copper (Cu) 


Iron (Fe) 

Nickel (Ni) 


Sodium (Na) 



Chlorine (Cl) 




makes simultaneous treatment of domestic sewage and industrial wastes feasible. As previ¬ 
ously stated, the C:N:P ratio for aerobic biological treatment process should vary between 
100:5:1 and 100:20:1. Based on BOD measurement as an index for organic compounds, the 
desirable ratio is 100:5:1 for BOD:N:P to achieve satisfactory cell synthesis and organics 
removal in biological processes. A nitrogen-limiting situation can lead to the accumulation 
of polysaccharide during cell synthesis, filamentous growth, and low efficiency in BOD 
removal. 

The age of biological sludge ( 6 C ) plus the amount of sludge withdrawn from the biological 
process determine nitrogen and phosphorus requirements. While age of the biomass ( 6 C ) in¬ 
creases, nitrogen and phosphorus contents of the biological sludge show a descending trend. 
The nitrogen and phosphorus contents of 12.3 and 2.6% in newly synthesized cells diminish 
to 7.1 and 1% in nonbiodegradable cell residue remained of autolysis, respectively; these con¬ 
tent values are derived on the basis of volatile suspended solids (VSS). An extended sludge 
age ( d c ) denotes more recycling times rather than that of the systems with short age of the 
sludge. Sludge recycling ensures returning of surplus nutrients resulted from endogenous 
respiration to the system, leading to reduction in nutrient demand. While nutrient require¬ 
ments of conventional activated sludge is BOD:N:P of 100:5:1, an extended aeration process 
requires N of 0.825 and P of 0.165 proportional to 100 unit of BOD 5 removed. 

19.5.2 Effects of pH and Temperature 

The pH and temperature of the medium are two environmental conditions that should 
cautiously be controlled so that the favorable performance of biological process can be 
achieved. Microbial growth and activity are restricted by specific values of pH, and temper¬ 
ature as the optimum growth can only occur in a particular range of these parameters. 

Bacterial culture can be divided into three general categories according to the optimal tem¬ 
perature for their growth: psychrophilic, mesophilic, and thermophilic. Psychrophilic bacteria 
function best in cold temperatures, i.e., 12—18 °C, while the temperature range of 25—40 °C is 
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FIGURE 19.3 Typical response of mesophilic 
bacteria in term of growth rate to temperature 
changes. 


Temperature (°C) 


optimum for the survival and growth of mesophilics. Maximum increase in growth and 
metabolism of thermophilic bacteria can be observed in high temperatures (55—65 °C). How¬ 
ever, these microorganisms are capable of enduring a broader range of temperature, which 
varies between 10 and 30 °C, 20—50 °C, and 35—75 °C for psychrophilic, mesophilic, and ther¬ 
mophilic, respectively. As Fig. 19.3 depicts, every 10 °C increment in temperature up to op¬ 
timum value highly influences the growth rate, making it twofold of the former quantity. In 
contrast, temperatures over the optimum value show an insignificant decrease in growth rate 
and the enzymatic and metabolic activity of organisms. 

In addition to affecting microbial growth rate, the temperature influence on biological 
treatment processes in other aspects. As an example, gas transfer rate is subject to changes 
when the temperature varies. Also, the settling characteristics of biological solids depend 
on the temperature of the medium; a high temperature leads to intense convective currents 
in the liquid, which slow down the settling time of particulate matters. Hence, the reaction 
rate constants of a biological process should be corrected by the following relationship for 
specific temperature: 

K t = K 2 0 e {T - 20) (19.5.2.1) 

Where Kj is the reaction rate coefficient at the specific temperature of T (°C), Kyo is the reac¬ 
tion rate coefficient at the temperature of 20 °C, 6 is the temperature activity coefficient, and T 
is the temperature of process (°C). For determining 6 practically, no less than three separate 
experiments with bench-scale systems at different temperatures should be conducted. 

Another growth-limiting factor is the pH of the environment. Bacteria can only survive 
within a pH of 6.5 and 7.5. The pH out of the limits of nine and four is lethal to most of 
the microorganisms. Anaerobic processes, specifically methanogenic bacterial cultures, are 
susceptible to the pH out of the limits of 6.6 and 7.6. Measures should be taken to control 
the pH in anaerobic treatment processes due to the accumulation of volatile fatty acids 
(VFAs) at the primary stages of the process. At the beginning of anaerobic digestion, the 
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number of fermentative and methanogenic bacteria does not counterbalance the VFAs 
because of low growth rate of methanogenics. Hence, VFAs produced by acidogens are 
not offset by VFAs utilized by methanogens; thus, an increase in pH primarily happens. 
The drop of pH value to below 6.6 is deadly for a methanogenic community that system 
can only recover to a satisfactory situation within weeks or even months. To maintain the 
required buffering capacity and avoid pH fluctuations, several compounds are added to 
the wastewater such as lime (Ca(OH) 2 ), sodium bicarbonate (NaHCCh), soda ash 
(Na 2 CC> 3 ), sodium hydroxide (NaOH), ammonia (NH 3 ), and ammonium bicarbonate 
(NH 4 HCO 3). 1 ' 10 

19.6 REMOVAL MECHANISMS IN BIOLOGICAL PROC ESSES 

The disposal of organic matters in biological treatment processes can happen either biolog¬ 
ically or nonbiologically. The biological removal of organic compounds is achieved by aero¬ 
bic or anaerobic biodegradation, also known as biotic loss. Nonbiological removal of organics 
(or abiotic loss), which includes adsorption and volatilization, may be even more important 
than biodegradation for some toxic and recalcitrant constituents. In the adsorption process, 
compounds adsorb to mixed liquor suspended solids (MLSS) in the bioreactor and will be 
discharged subsequently from the system along with the wasted sludge. Volatilization hap¬ 
pens when organics are emitted to the surrounding atmosphere due to their high volatility. 
An organic compound can be removed by one or several of above mentioned mechanisms. 
As biodegradation occur, the organics can be degraded either in one of three main types 
of pathways; the organic compound can be oxidized as growth substrate, or it may be pre¬ 
sented as electron acceptor and will be reduced. In the other case, the target compound 
does not incorporate in microbial metabolism, and it will be degraded through cometabolism, 
in which a nonspecific enzyme involves changing the structure of the compound. For toxic 
and recalcitrant organic materials, since complete biodegradation may not be possible, 
biotransformation to another organic compound with different a nature occurs. Although 
an innocuous end-product may be produced, it is possible that a constituent, which is equally 
or even more harmful than the original compound, is also produced. 

As organic matters present in water and wastewater are comprised of a number of undis- 
tinguishable organic constituents with analogous characteristics, the determination of param¬ 
eters indicating the total organic content of water and wastewater is of great necessity. 
Biochemical oxygen demand (BOD), chemical oxygen demand (COD), and total organic car¬ 
bon (TOC) are principal parameters used for quantifying aggregate organic matter. However, 
some analyses are also specified for the purpose of measuring individual organic compounds. 
Laboratory testing methods, which contribute to measuring BOD, COD, and TOC content of 
water and wastewater, can determine gross concentrations of organic matter greater than 
1.0 mg/1. Gas chromatography and mass spectroscopy, which have improved significantly 
in recent decades, can be used for quantifying trace organics within the limits of 
'hr 12 -10 mg l -1 . The dissolved oxygen (DO) required by microorganisms for biochemical 
conversion of organic material is referred to as biochemical oxygen demand (BOD), 
commonly reported as 5-day BOD (BOD 5 ). Despite a plethora of limitations that the BOD 
test endures, it is extensively used for designing wastewater plants; The BOD test can 
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FIGURE 19.4 Various forms of COD in the wastewater. 

evaluate efficiency of treatment processes, control effluent quality according to discharge 
limit permits, and quantify dissolved oxygen needed for biochemical oxidation of the or¬ 
ganics. When ammonia is present in the wastewater, it can be oxidized to nitrite and further 
to nitrate. A large oxygen demand is required for the oxidation of ammonia to nitrate, which 
is also known as nitrogenous biochemical oxygen demand (NBOD); it can interfere in BOD 
associated with the decomposition of organic matter. Therefore, the nitrification reactions 
are suppressed in the BOD test by either adding chemicals or eradicating the nitrifying organ¬ 
isms, resulting in determination of carbonaceous BOD (CBOD). However, the CBOD test is 
only applicable to samples with low organic contents. In the case of applying the CBOD 
test to a sample withdrawn from an untreated wastewater containing high amounts of 
organic material, intensive error up to 20% may occur in the BOD value measurement. In 
the COD test, dichromate is utilized as reagent in acid solution in order to chemically oxidize 
the organic material present in the sample; equivalent oxygen for this purpose is known as 
COD. In compare to the BOD test, the COD measurement is preferred due to its completion 
within a shorter time (i.e., 2.5 h) rather than that of the BOD test (5 days or more). COD can be 
found in various forms in the wastewater (Fig. 19.4). Since there are various types of organic 
compounds present in domestic and industrial wastewaters, either biodegradable soluble 
chemical oxygen demand (bsCOD) or biochemical oxygen demand (BOD) is used as an index 
for determining the organic content. 


19.7 AEROBIC BIOOXIDATION 


Aerobic processes have been employed to reduce discharge of pollution into the water 
bodies. Pollution is not only identified as toxic and recalcitrant materials that adversely affect 
the health condition of living beings, but is also known as high concentrations of organics, 
discharged into water bodies from municipal and industrial sources. The degradation of 
organic compounds in receiving water causes the dissolved oxygen (DO) concentration to 
drop, possibly below the required quantity for aquatic life. In addition, the presence of sus¬ 
pended and nonsettleable colloidal solids can harm the limpidity of receiving water bodies. 
Regarding health concerns, the level of pathogens in water bodies, specifically originating 
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from domestic sewage, should be controlled as well. Toxic and recalcitrant organic materials 
are removable by suitable strategy as some of these materials are susceptible to aerobic 
biodegradation. Hence, an efficient biological treatment plant has to be designed to generate 
acceptable effluent, considering the different nature of constituents and compounds present 
in the wastewater. 

Biological treatment process, termed as secondary treatment that is commonly preceded 
by a primary settlement, involve the removal of BOD. BOD removal occurs in a number 
of suspended and attached growth aeration treatment processes; the latter is also known 
as a fixed-film process. The most common technology associated with secondary treatment 
in municipal treatment plant is activated sludge unit operation. The U. S. EPA has regulated 
secondary treatment standards based on data obtained from publicly owned treatment 
works (POTWs) in practice (see Table 19.4). In those POTWs, a biological treatment concom¬ 
itant with a physical operation contributed to the removal of biodegradable organic constit¬ 
uents and suspended and colloidal solids. Trickling filters and stabilization ponds are of 
those biological treatment processes that can also be employed as the principal process in 
certain facilities. However, these processes are not capable of consistently satisfying the regu¬ 
lated standards, even though a noteworthy decrease in BOD 5 and TSS occurs by these two 
processes. So, an alternate set of standards, called equivalent to secondary treatment stan¬ 
dards, allows higher BOD 5 , TSS, and CBOD 5 concentrations in the effluent of secondary 
treatment. 

Microorganisms responsible for the aerobic oxidation of organic matters require sufficient 
contact time with the target wastewater; the contact time between the wastewater and the 
organisms is defined by sludge retention time (SRT). For achieving the most efficient 


TABLE 19.4 Secondary treatment standards regulated and published by the U.S. EPA (Released in 
September 2010) a 


Effluent parameter 

Unit 

Average 30-day concentration 

Average 7-day concentration 

BOD 5 

mgr 1 

30 

45 



(45 c ) 

(65 c ) 

TSS (total suspended solids) 

mgr 1 

30 

45 



(45 c ) 

(654 

pH (hydrogen ion concentration) 

pH unit 

Always within the limits of 6.0 — 

9.0 b 

CBOD 5 d 

mgP 1 

25 

40 



(40 c ) 

(604 

BOD 5 and TSS removal 

o/ 

/o 

<85 

— 

(based on concentration) 


(<654 



a For the effluents of stabilization ponds and trickling filter, higher standard permit limits of 45 mg I -1 and 65 mg IT 1 for 30-day and 7-day 
average are allowed, respectively. However, the quality of the receiving water body should not adversely be affected as a result of increased 
standards. 

b The specified range should be carefully observed if the effluent pH is affected by industrial wastewater or supplementation of in-plant 
inorganic chemicals. 

c Alternate regulation, known as equivalent to secondary treatment standards, when trickling filter or stabilization pond, is employed in the 
secondary treatment stage. 

d In the case of nitrification occurrence in a treatment process, BOD 5 cannot reliably represent the oxygen demand of the effluent. 
Carbonaceous BOD 5 (CBOD 5 ) permit limits can be set in lieu of BOD 5 for correctly indicating the effluent characteristics. 
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treatment, environmental factors should be in a favorable condition. Neutral pH is the best 
value for the removal of carbonaceous BOD; however, variation of pH between 6.0 and 9.0 
can satisfactorily be tolerated by aerobic heterotrophs. Enough amounts of oxygen and nutri¬ 
ents should be available for the biochemical activity of the organisms. The preferable concen¬ 
tration of dissolved oxygen (DO) in a bioreactor is 2.0 mg 1 however, the biodegradation 
rate shows slight changes in DO greater than 0.5 mg l -1 . While domestic sewage is rich in 
nutrients, i.e., N and P, industrial wastewaters may inherently encounter a shortage of nutri¬ 
ents. Therefore, adequate supplementation of N and P sources to industrial wastewaters 
should be considered in order to meet nutrient requirements for bsCOD treatment. Toxic 
compounds can partly or completely frustrate the microbial activity; the magnitude of the 
toxicity effect on aerobic autotrophs (ammonia-oxidizing bacteria) and methanogens is 
higher than the effect on heterotrophics bacteria. Different microorganisms can develop 
both in aerobic-suspended and attached-growth treatment processes, and thus contribute 
to the removal of organic matter. The mixed bacterial culture mainly consists of aerobic bac¬ 
teria, and the remainder include protozoan, fungi, rotifers, nematodes, flatworms, and 
annelid worms. By producing extracellular biopolymers, aerobic heterotrophic bacteria 
can be attached, and biological floes or biofilm are formed in suspended or attached growth 
processes, respectively. The formation of biological floes leads to improvement in the settling 
characteristics of microorganisms. So removal of free bacteria and suspended solids from 
treated liquid by gravity settling is feasible. The presence of protozoa is vital to aerobic bio¬ 
logical treatment processes as they can be assumed as potential indicators of sound perfor¬ 
mance of the process; Long SRT and a DO concentration over 1.0 mg l -1 and devoid of 
toxicity effect are necessary for their stable activity. Protozoa contribute to effluent clarifica¬ 
tion as they uptake and consume free bacteria and colloidal particulate matters. The develop¬ 
ment of nuisance organisms under a specific loading rate and environmental condition leads 
to some problems in aerobic systems; two of which are bulking sludge and foaming that 
occur in activated sludge processes. Poor settling characteristics of biological floes are respon¬ 
sible for bulking sludge, in which floes are not favorably settled under gravity force. Hence, a 
considerable content of suspended solids in the effluent indicates poor operation of the treat¬ 
ment process. The development of foam on the surface of the activated sludge liquid is corre¬ 
lated by the presence of two bacteria genera: Nocardia and Microthrix ; attachment of their 
hydrophobic surfaces to air bubble surfaces results in concentrated foam on the liquid in 
the activated sludge tank. 

During aerobic biological oxidation, organic material is either oxidized or assimilated. 
More than half of organics are oxidized, providing requisite energy for metabolic activity 
of the bacterial community. The assimilation of the remainder of organic matter leads to 
the production of new cell tissues that may further be oxidized during autooxidation. The 
two following equations depict stoichiometry of aerobic biooxidation: 

Oxidation and cell synthesis: 

Organics(COHNS) + 0 2 + nutrients M,cwor ? an ' sms > qq 2 _j_ jq 2 0 + NH 3 + biomass(C5H 7 N0 2 ) 

+ SMP 


(19.7.1) 
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Endogenous respiration: 

Biomass(C 5 H 7 N0 2 ) + 50 2 -^>5C0 2 + 2H z O + NH 3 + energy + SMP + cellular residues 

(19.7.2) 

In Eqn (19.7.1), organic matter and oxygen serve as the electron donor and electron 
acceptor, respectively. The expression COHNS can substitute for organic matter, and SMP 
stands for a soluble microbial product that is defined as a nonbiodegradable fraction of 
organic matter appearing in the effluent as TOC or COD. C 5 H 7 NO 2 is the formula that dem¬ 
onstrates cell mass composition. In Eqn (19.7.1), biomass provides the redox reaction with the 
electron, while oxygen still plays the role of the electron acceptor. According to Eqn (19.7.2), 
1 mol of C 5 H 7 NO 2 requires 5 mol of oxygen to be oxidized completely. Equivalent UBOD or 
COD of the cells is equal to 1.42 times the concentration of biomass in term of VSS. 

C 5 H 7 N0 2 + 50 2 —>5C0 2 + 2H 2 0 + NH 3 (19.7.3) 

Molecular weight of the cells = 113 g mol -1 , mw of O 2 = 5 x 32 g mol -1 

COD = = 1.42 g 0 2 /g VSS; for complete oxidation of each unit mass organic com¬ 

pound, 1.42 units mass of oxygen is required. The determination of reaction rates, oxygen 
and nutrient requirements, and the amount of produced sludge are of primary concern for 
the design and operation of treatment plants. K and K' are rate coefficients, describing the 
biodegradability of organic matter and cell mass in the wastewater, respectively. In 
Eqn (19.7.1), the stoichiometric coefficient describes the fraction of organic matter that is bio¬ 
logically oxidizable to end products for generating energy. In fact, the stoichiometry can 
contribute to determining equivalent COD of biodegradable organic matter. The stoichio¬ 
metric coefficient of the fraction of organics is oxidized, resulting in the synthesis of new cells. 
The sum of organics oxidized in order to produce energy and synthesize a new cell is approx¬ 
imately equal to the organics concentration in the influent while SMP is disregarded. 

Total COD ~ COD oxidized for energy + COD oxidized for synthesizing new cell. 

1 ~ fliCOD + a 2 COD (19.7.4) 

For expressing biomass in term of VSS, COD of biomass that is equal to 1.42 g of O 2 per g 
of VSS should be substituted in Eqn (19.7.1): 

1 ~ iqCOD + 1.42 a 2 VSS (19.7.5) 


19.8 ANAEROBIC DIGESTION 


In the course of anaerobic digestion, the bioconversion of organic matters resulted in the 
production of methane and carbon dioxide. For the analysis of gas, GC is an analytical 
tool to define biogas composition. In its early stage, the anaerobic process would deliver 
hydrogen as a result of the hydrolysis of organic compounds occurring in the primary stage. 
This stage can be expanded by controlling the process parameters. A microbial fuel cell using 
wastewater as substrate is partially achieved for the primary treatment. In fact, seven clear 
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stages are identified in the entire biogas process as hydrolysis proceeds; specific bacteria or 
hydrogen reformers are discussed. As the pH of the culture dropped by acid forms, the con¬ 
centration of organic acids gradually increases. Control of the pH and having defined ratio of 
C/N can assist the process by preceding methanogenic bacteria to lead the microbial 
pathway to methane formation. All biochemical reactions are catalyzed by a mix consortium 
of anaerobic bacteria that are fixed in a packed bed and fluidized biogranular hybrid systems. 
An investigation of the rate equation can help us to project microbial mass production rate, 
such as the Gompertz rate model, that is similar to the Logistic equation. Even the Monod 
rate equation can project the same expression with different assumptions. The material bal¬ 
ance in early stage with the control of process parameter can achieve high hydrogen produc¬ 
tion; however, hydrogen generation in the anaerobic process is not a sustainable process since 
it would go through a pathway for bioconversion of an end product such as methane. 

Anaerobic processes are advantageous over aerobic treatment methods due to reasons that 
are economically valued. Those reasons include low energy, reactor volume, footprint re¬ 
quirements, low biomass yield, and energy production in the form of biogas, which mostly 
consists of methane. Its application for treating high-strength and concentrated industrial 
wastewater has shown to be very cost-effective in comparison to aerobic processes because 
of the reduction in reactor volume and nutrient and energy requirement. Waste sludge 
and high-strength organic wastes primarily go under treatment in the anaerobic fermentation 
and oxidation processes. However, the recent treatment of dilute waste stream under anaer¬ 
obic condition has been extensively reported. Since its effluent is not as high-quality as that of 
aerobic systems, it is the best anaerobic treatment that can be used along with aerobic pro¬ 
cesses; the application as a pretreatment step before discharging the wastewater into a munic¬ 
ipal collection system or prior to an aerobic process is preferred. Due to the high potential in 
killing pathogens, thermophilic anaerobic digestion operating in the temperature range of 
50—70 °C has been of great interest alone or before mesophilic fermentation. One emerging 
process is temperature-phased anaerobic digestion (TPAD), which applies a short (2 days) 
50—70 °C pretreatment step prior to 35 °C digestion in the main stage with sludge SRT of 
10-20 days. 11 ' 12 

Organic matter is decomposed in the anaerobic process by going through three funda¬ 
mental phases, i.e., hydrolysis, fermentation, and methanogensis. In the case of the sound 
performance of the anaerobic process, the principal end products are methane and carbon di¬ 
oxide. Figure 19.5 depicts the conversion flow of organic material to methane and carbon di¬ 
oxide in the anaerobic process. In the hydrolysis phase, complex organic matter such as lipids 
and polymers are hydrolyzed and converted to simple organic matters or monomers. The 
conversion of particulate matter to soluble substances occurs in this phase. The end- 
products of this phase are accessible responsible for fermentation. In next step, i.e., fermen¬ 
tation is the phase in which acids and simple carbohydrates are decomposed and hydrogen, 
CO 2 , and simple organic acids such as acetate, propionate, and butyrate are produced. This 
phase will continue until propionate and butyrate are also further converted to hydrogen and 
acetate. The principal products of fermentation process are H 2 , CO 2 , and acetate which are 
major substrates for methane formation. 

Organic matter presenting as both an electron donor and electron acceptor causes this 
phase to be referred to as the fermentation phase. It is also termed as acidogenesis because 
of the production of simple organic acids in this phase. Depending on the nature of the 
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FIGURE 19.5 Biodegradation of organic matter in anaerobic process for biogas production. 


organic waste, the anaerobic process may initiate from either hydrolysis or fermentation. Bac¬ 
teria that perform hydrolysis and fermentation are of both facultative and obligate anaerobic 
groups. For instance, fermentation is the initial step for some industrial wastewaters. In the 
last phase, known as methanogensis, a number of microorganisms are involved contribute 
to methane formation. Methanogens can be categorized into three groups: aceticlastic metha- 
nogens, hydrogen-utilizing methanogens, and acetogens; each group is in charge of specific 
reactions. As acetate is cleaved by aceticlastic methanogens, methane and CO 2 are formed 
from its methyl group and carboxyl group, respectively. Hydrogen-utilizing methane-for¬ 
mers oxidize hydrogen while CO 2 is reduced so as methane is produced. The third group, 
namely acetogens, uses CO 2 as an electron acceptor and H 2 as an electron donor to form ac¬ 
etate, which is further converted to methane. Methane-former organisms, classified as 
archaea, are of strict obligate anaerobes. The development of sulfate-reducing bacteria in 
anaerobic processes can be as troublesome as sulfide, which is toxic to methanogens that 
will be produced; the sulfides threshold concentration for biological treatment processes is 
200 mg l -1 . These organisms can reduce sulfate to sulfide, while they are classified into 
two groups, considering their electron donors. One group is capable of oxidizing a wide va¬ 
riety of organic materials to acetate when sulfate is reduced to sulfide. The second group con¬ 
sists of organisms that can consume fatty acids, especially acetate, in order to produce CO 2 
alongside reducing sulfate to sulfide. To prevent sulfide toxicity, a controlled addition of 
iron instance in the form of ferrous or ferric chloride to the wastewaters containing sulfate 
is recommended since sulfate and iron react and thus, precipitate as iron sulfate. 

The methanogens and acidogens establish a relationship based on mutual benefit, which is 
referred to as interspecies hydrogen transfer; as acidogens provide methanogens with sub¬ 
strates to utilize and survive, methanogens consume fermentation end products such as 
hydrogen, formate, and acetate to produce methane and CO 2 . With hydrogen consumption, 
its partial pressure will be kept extremely low. Therefore, the production of fermentation in¬ 
termediate products (e.g., propionate and butyrate) decreases, and the fermentation reaction 
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equilibrium inclines to the formation of methanogenic substrates (i.e., acetate and formate). A 
disturbance in the process with adverse effect on methanogens activity causes a reduction in 
hydrogen uptake, leading to volatile fatty acids (VFAs) accumulation. As a result, the rate of 
the fermentation reaction will be decreased and a drop in the pH value likely may occur. 

Since colloidal and particulate matters are converted to soluble compounds in the hydro¬ 
lysis phase, the reaction rate of this phase determines the total quantity of the solid decom¬ 
posed. However, it is the soluble substrate degradation kinetics that specifies the stability of 
the anaerobic process. The anaerobic process shows stable performance when VFAs concen¬ 
tration reduces as much to reach a possible minimum level. Due to the lower yield coefficient 
of methanogenic microbial community in comparison to acidogenic bacteria, the methano¬ 
gens population should be available in sufficient number for guaranteeing the least VFAs 
content. Low yield and endogenous decay coefficients of methanogens, which are summa¬ 
rized in Table 19.5 are due to the low energy efficiency of the reactions they perform. Since 
the rate-limiting step in the anaerobic process is the methanogensis phase, sludge retention 
time (SRT) of the anaerobic treatment is defined with the interval required for completing 
methanogenics growth kinetics. The SRT requirement for methanogensis stage in different 
temperatures is shown in Table 19.6; in which SRT for a practical suspended growth process 
is designated with safety factory (SF) of five. In the two initial phases, namely hydrolysis and 
fermentation, COD loss is not considerable because organic compounds have gone under 
chemical conversion only. Comparatively, significant removal in COD concentration happens 
in methanogensis owing to organics conversion to methane and CO 2 . Since no oxygen con¬ 
sumption occurs in anaerobic processes, COD removal can be demonstrated in term of the 
methane produced. 

Anaerobic reaction is more sensitive to environmental factors such as pH and toxicity 
rather than the aerobic system. The optimal pH for anaerobic process is about neutral, which 
should be guaranteed with the supplementation of alkalinity. The pH values lower than 6.8 
are lethal to methangens. Alkalinity addition is necessary because of the formation of high 


TABLE 19.5 Typical yield and endogenous decay coefficients of methanogenic and acidogenic bacteria 


Microbial group 

Yield coefficient (gVSS/g COD) 

Endogenous decay coefficient (gVSS/gVSS.d) 

Acidogens 

0.10 

0.04 

Methanogens 

0.04 

0.02 


TABLE 19.6 SRT Requirement for completion methanogensis phase and for suspended growth process 

Temperature (°C) SRT for methanogesis phase (d) 

SRT for suspended growth process with SF’ 1 = 5 

20 7.8 

40 

25 5.9 

30 

30 3.2 

15 


* Safety factor. 
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amounts of CO 2 that constitute 30—35% of produced gases. The alkalinity requirement for 
anaerobic process varies, typically in the range of 3000—5000 mg l -1 as CaCCT,. 

In summary of anaerobic digestion, there are seven stages of microbial consortia; they are 
active for deposition of organic matters. At first, hydrolysis of organic complex may take 
place; then next stage would be the fermentation of sugars and organic acids, which would 
be the most possible fermentative activities of microbial agents. Anaerobic oxidation of long 
chain fatty acids and alcohols are the middle stage of digestion. Anaerobic oxidation of inter¬ 
mediate products is for the completion of the process. Acidogenic bacteria are active for ac¬ 
etate production from CO 2 and H 2 . For end products to be converted, bioconversion of 
acetate to methane occurs. Finally, methane production will be accomplished by the reminder 
of CO 2 and H 2 . 


19.9 ABIOTIC LOSSES 


In biological treatment processes, nonbiological removal or, in other words, abiotic losses 
including adsorption on biomass and volatilization, can occur alongside biodegradation. 

19.9.1 Adsorption 

Adsorption or partitioning of nonbiodegradable organic compounds onto mixed liquor 
suspended solids (MLSS) has been observed; however, adsorption cannot be accounted as 
the principal removal mechanism for the most organics. For instance, very low specific 
removal efficiencies have been reported for toluene (0.02%), ethylbenzene (0.19%), trichloro- 
ethane (0.83%), chloroform (1.19%), and carbon tetrachloride (1.38%) [1]. Slight specific 
removal efficiencies indicate that inconsiderable removal of compounds happens through 
adsorption compared with total treatment achieved. Some exceptions such as Lindane and 
other pesticides, nevertheless, demonstrate that although organics removal may not be 
able to be removed by biodegradation, significant adsorption can be detected. For toxic 
and recalcitrant materials, partitioning onto microbial cells is of great importance in compar¬ 
ison to biodegdarion and volatilization. 

Solids partitioning can be described by a general linear equilibrium relationship that is a 
modification of the Freundlich Isotherm model. It is applicable to the adsorption process 
with relatively low concentrations of organics in the liquid phase: 

q = K sw S (19.9.1.1) 

where q represents the ratio of quantity of organic absorbed (g) per absorbent mass (g), K slv is 
partition coefficient that demonstrate the ratio of organic compound adsorbed in proportion 
to its liquid concentration [(g/g)/(g 1 ')], and S is concentration of organic compound in so¬ 
lution (g l -1 ). 

Due to the relatively fast adsorption of organics in biological treatment processes, Eqn 

19.9.1.1 can be used for distinguishing the organics concentration in the liquid and solid 
phase. The hydrophobic nature of a target compound and solid adsorption characteristics 
is defining the magnitude of partition coefficient K sw . Relatively large values of K sw have 
been observed for the solids with high carbon content and high surface area. The K sw values 
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can be defined as a function of the octanol—water partition coefficient of the organic com¬ 
pound as following: 

K sw = kK n ow (19.9.1.2) 

where K ow is octanol/water partition coefficient in terms of (mg 1 l ) Q /(mg 1 ') w , k and n are 
the factors that vary between 1.38 x 10~ 5 and 4.3 x 10 7 (k) and 0.58 and 1.0 (n). Dobbes and 
coworkers proposed an equation to determining K sw of biological solids in wastewater 
treatment processes: 

log K sw = 0.58 log K ow + 1.14 (19.9.1.3) 


The octanol /water coefficient values for different organic compounds can be developed by 
measuring the concentration of the compound in the octanol/water two-layered mixture 
with octanol on top of the water layer. The organics with large K sw value have been observed 
to be available in the octanol layer in high concentrations, resulting in high K ow , which implies 
hydrophobicity. 

For quantifying the amount of organic compound removed by sludge wasting, the ratio q 
in Eqn 19.9.1.1 can be written as the ratio of organic compound absorption rate onto the rate 
of sludge wasting: 


r a & 

r X,w 


(19.9.1.4) 


where r a( j and rx, w ar e daily rate of organics adsorbed onto solids (g d -1 ) and solid wasted, 
respectively. 

For an activated-sludge process under a steady-state condition, the quantity of sludge 
wasted per day can be estimated by the following equation: 


X T V 

r x ,u, = (19.9.1.5) 

Vc 

where Xj is mixed liquor suspended solids, MLSS (g T '); V is the volume of activated-sludge 
tank (1); and 0 C is sludge retention time, SRT (d). 

Substituting Eqn 19.9.1.1 and 19.9.1.5 in Eqn 19.9.1.4, the rate of organic compound 
adsorbed per day can be expressed by the following equation: 


X t VK sw S 

r ad — „ 


(19.9.1.6) 


Adsorption mechanism is important due to the transport and fate of organics, specifically 
toxic constituents, during subsequent sludge handling processes. Toxic compounds can 
disturb and possibly interrupt anaerobic reaction in the digester in which wasted sludge is 
processed. Toxicity of adsorbed compounds can also restrict land-disposal alternatives. 

One of the principal methods of metal removal in biological treatment processes occurs 
through metal adsorption to and complexation with the microorganisms. Metal ions are 
adsorbed to negatively charged cell surfaces. In addition, metal complexation with carboxyl 
groups present in microbial polymers such as polysaccharides can happen as well. Moreover, 
metals can chemically be absorbed by protein-based materials available in the biomass. It is 
ascertained that Freundlich isotherm model can well describe metal removal in biological 
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treatment processes. A wide range of 50—9% for metal removal in biological processes has 
been observed; the exact removal efficiency is determined by several factors, including the 
initial concentration of target metal, the solids amount present in the bioreactor, and the 
sludge retention time (SRT). 


19.10 VOLATILIZATION 


Volatile organic compounds (VOCs) can be emitted to the surrounding atmosphere due to 
aeration. Air stripping can happen in various biological treatment processes such as trickling 
filter, aerated lagoon, and activated sludge. Depending on the particular VOC, air stripping 
and biodegradation may simultaneously contribute to its removal. Recently, the uncontrolled 
release of VOCs from wastewater collection and treatment facilities has been taken into 
consideration increasingly due to air pollution concerns. 

The release of VOCs from the wastewater collection system and treatment plant is 
associated with two main mechanisms: volatilization and gas stripping. Volatilization in¬ 
dicates the partitioning of VOCs between the atmosphere and the wastewater. This pro¬ 
cedure will continue until equilibrium concentration is achieved. It is the VOC 
concentration corresponding to in proportion to equilibrium concentration that controls 
the movement of a constituent, namely mass transfer, between two phases of gas and 
liquid. The greatest mass transfer can be observed when the VOC concentration in 
one of the two phases is far from the balanced concentration. Owing to the extremely 
low concentration of VOCs in the atmosphere, VOC's emission from wastewater to 
the surrounding atmosphere is the prevalent phenomenon. Furthermore, gas stripping 
of VOCs takes place when air is entered to the wastewater without force and interven¬ 
tion or introduced into it on purpose. VOCs' gas stripping is related to the variation of 
initial concentration in liquid phase and equilibrium concentration by mass transfer co¬ 
efficient as given by Eqn 19.10.1: 

rvoc = ~(K L a) voc (C - C s ) (19.10.1) 

where r voc is rate of VOC volatilization and stripping (mgT 1 d 1 ); (Kia)voc represents 
the overall VOC mass transfer coefficient (d ’); and C and C s are the concentrations and 
saturation concentration of VOC in liquid (mg l -1 ), respectively. 

Several factors determine the percentage of VOC removed by stripping. Those factors 
include Henry's law constant; the biodegradation rate of the compound; the VOC's initial 
concentration; and the influent concentration of other organics, aeration methods, and power 
level in the aeration tank. For instance, benzene removal by stripping significantly varies 
when different aeration methods and various power intensities are adopted in the biological 
process. For wastewater with initial COD of 250 mg l -1 and influent benzene of 10 mg l -1 
with diffused aerating system, percent of benzene stripping increases from three to 11 as 
the power level increase. Gas to liquid ratio governs the amount of VOC stripped when 
diffused oxygenation system is provided. As soon as bubbles of air are formed, mass transfer 
between gas and liquid phases initiates and continues until equilibrium condition. In most 
cases, slight gas injection volume result in the least amount of VOCs stripping. If surface aera¬ 
tion method is used, significant intensification in benzene stripping happens because of 




19.11 BIOLOGICAL NITRIFICATION AND DENITRIFICATION 


579 


infinite interface between the atmosphere and the wastewater. In this case, benzene removal 
by stripping increases to the range of 15—36% for the same power level. The components of 
the wastewater in question, particularly nonbiodegradable organics, affect the characteristics 
and the amount of biological sludge produced, and hence, the practical SRT can be changed. 
As a result, biodegradation share in VOC removal varies. When influent concentration of 
toluene increases from 0.1 to 40 mg I ', percent of toluene stripped in biological process 
with SRT of 3 days decreases from 17 to 15 percent. With further increase in influent toluene 
to 100 mg l -1 , toluene stripping reduces to the average amount of 14%. As the SRT is 
increased to 15 d with the initial toluene concentration of 40 mg l -1 , the amount of toluene 
stripped considerably diminishes to 5%.* 

To control VOCs stripping to the atmosphere, some strategies has been proposed, 
including source control in VOCs production, covering the various sections of the treatment 
facility, and eliminating the possibility of turbulence; it is proven that the release of VOCs at 
the points of turbulence is quite high in comparison to that of open surfaces. Providing cover 
on top of the treatment facilities necessitates the consideration of efficient off-gases treatment 
technologies. In addition, some problems are encountered in the case of supplying covering 
such as mechanical parts deterioration due to the corrosion and requirement of sufficient 
space for the entry of personnel for maintenance and repair purposes. Depending on the vol¬ 
ume of gas to be treated plus the type of VOCs and their initial concentrations, disparate 
treatment techniques are suggested. Vapor-phased adsorption on carbon, macroreticular 
resin, or other VOC selective resins, thermal and catalytic incineration, combustion in a flare, 
boiler or process heater, and biofiltration are of the options for off-gas treatment. With incre¬ 
ment in VOC inlet concentration, the order of off-gas treatment based on their efficiency in 
VOC removal is thermal incineration, catalytic incineration, carbon adsorption, and resin 
adsorption. For organics influent concentration of 20—90 ppmv, thermal and catalytic incin¬ 
erations have shown a removal efficiency of 90—96%. As the VOCs concentration varies in the 
range of 5000—10,000 mg l -1 , resin adsorption depicts high capability in VOC control (i.e., 
95—99% removal efficiency). 


19.11 B IOLOGICAL NITRIFICATION AND DENITRIFIC ATION 

Biological nitrogen removal consists of two essential steps: nitrification and denitrification. 
The nitrification step involves ammonia (NH 4 -N) oxidation to nitrite (NO 2 -N), which is 
further oxidized to nitrate (NO 3 -N) according to Eqn 19.11.1. The denitrification process in¬ 
volves a series of reduction reactions for converting nitrate to nitrite to nitric oxide, nitrous 
oxide, and finally nitrogen gas (see Eqn 19.11.2). Nitrate reductive enzyme produced in a 
devoid or low concentration of DO helps in nitrate or nitrite reduction. The occurrence of 
the nitrification of all ammonia and organic nitrogen prior to denitrification is essential, 
because the product of the nitrification process (i.e., nitrate) is one of the fundamental com¬ 
ponents of denitrification reaction. So nitrification should be able to happen even in the worst 
condition, such as low temperature. Biological denitrification is a cost-effective alternative to 
costly ammonia striping, chlorination, and ion exchange. Environmental concerns necessitate 
nitrogen removal for several reasons, including ammonia toxicity for fishes, ammonia effect 
on DO concentration in receiving water bodies, the possibility of eutrophication occurrence. 




580 


19. BIOLOGICAL TREATMENT 


and water reuse applications, especially when effluents of wastewater treatment plants are 
used for recharging underground waters. 

Nitrifiction reaction: 

NH 3 -*NH+^NC >2 —>NC >3 (19.11.1) 

Denitrification reaction: 

NOj -+N0 2 “ —NO^N 2 O^N 2 (19.11.2) 

The nitrification process can be achieved in either a combined or separate system. Using a 
single-stage activated sludge process for conducting BOD removal and the nitrification pro¬ 
cess simultaneously is a common technique (Fig. 19.6a). However, when there is the possibil¬ 
ity of toxicity and inhibition in the influent or high efficiency of nitrification is required, two 
sequential steps for BOD removal and nitrification are ideal. Figure 19.6b depicts a two-stage 
activated sludge process. In the two-stage activated sludge process, the first stage where BOD 
removal occurs is accomplished with short SRT, while the SRT of the following activated 
sludge system should be prolonged enough for the completion of nitrifying reactions. 
Long HRT and SRT required for the second stage indicate slow growth of nitrifying organ¬ 
isms compared to heterotrophic bacteria responsible for BOD removal. Optional bypassing 
of a fraction of influent wastewater to the second stage can be carried out for efficient floccu¬ 
lation and thus further clarification because of the low biomass yield of nitrifies. Comparing 
these two systems, combined BOD and ammonia removal system is preferred due to less 
sensitivity to loadings fluctuations for a large aeration tank, lower production of wasting 
sludge, and better sludge settling characteristics. On the other hand, a separate nitrification 
system is more sensitive to loading fluctuations and a higher amount of sludge is produced 
that results in increased surplus sludge. In the attached growth process employed for nitrifi¬ 
cation, a large amount of influent BOD should be removed prior to the development and 
growth of nitrifying bacteria. Due to the difference in growth rates, heterotrophic bacteria 
that contribute to BOD removal populate in the top layers of the formed biofilm. Nitrifying 
organisms, in contrast, are established deep inside the fixed microbial film. Such an array of 
microbial growth can benefit live mass survival against potential toxicity and inhibition ef¬ 
fects of substances present in the influent. 

Nitrate removal, namely the denitrification process, occurs biologically in two approaches: 
assimilation and dissimilation, whereas in the latter, nitrate participates as the electron donor. 
Reduced nitrate to ammonia can be assimilated into biomass for synthesizing new cells when 
the cells do not access ammonia nitrogen (NH 4 -N). In biological denitrification or dissimi- 
lating nitrate reduction, nitrate reduces to nitrogen gas where a variety of organic or inor¬ 
ganic compounds can be oxidized. On this basis, the activated-sludge denitrification 
process can be illustrated in two different flow arrangements, which are termed as preanoxic 
(substrate-driven) denitrification and postanoxic denitrification, shown in Fig. 19.6c and 
19.6d, respectively. In preanoxic denitrification depicted in Fig. 19.6c, nitrate is reduced in 
a preceding anoxic zone, and nitrification occurs in a subsequent aeration tank. Organic com¬ 
pounds are the substrate of the denitrification process from which the name of substrate- 
driven denitrification has been derived, and nitrate produced in the aeration tank is returned 
to anoxic tank. Postanoxic denitrification is implemented so that BOD removal and nitrifica¬ 
tion are initially carried out, and then anoxic process for nitrate removal is implemented 
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(b) 
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FIGURE 19.6 Process configuration for nitrification and denitrification: (a) single-stage activated-sludge nitrifi¬ 
cation system (b) two-stage activated-sludge nitrification system (a) preanoxic (substrate driven) denitrification (b) 
postanoxic (endogenous driven) denitrification. 
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based on energy obtained from endogenous respiration. Owing to the low energy efficiency 
of endogenous respiration, postanoxic denitrification endures a slower reaction rate rather 
than preanoxic denitrification. To compensate for the slow reaction rate, an exogenous carbon 
source as methanol or acetate can be supplemented to the anoxic stage of the process. 

The oxidation of the ammonia nitrogen in the nitrification process occurs through two 
energy-yielding steps: 

Ammonia nitrogen oxidation reaction: 

2NH+ + 30 2 Nitrosomoms > 2NO~ + 4H+ + 2H 2 0 3.43 g0 2 /gNH 4 - N (19.11.3) 

Nitrite nitrogen oxidation reaction: 

2NO z + 0 2 Nitmbact ”°\ mm °™ s „ 2 NO 3 1.14 g0 2 /gN0 2 - N (19.11.4) 

The total ammonia oxidation to nitrate can be represented in a single equation stoichiom¬ 
etry as follows: 


NH+ + 20 2 —>NOj + 2H+ + H z O (19.11.5) 

Considering the thermodynamics of biological reactions and free energy changes, 
ammonia oxidation can be illustrated as the following reaction with more accurate stoichio¬ 
metric coefficients: 

NH+ + 1.8630 2 + 0.098C0 2 ^0.0196C 5 H 7 N0 2 + 0.98NC>3 +1.98H+ , 

(19.11.6) 

+ 0.0941H 2 0 

Nitrifying reaction requirements are summarized in Table 19.7. Based on the stoichiometry 
of biological nitrification, the oxygen demand for ammonia nitrogen (NH 4 -N) oxidation to ni¬ 
trate nitrogen (NO 3 -N) is equal to 4.57 g of 0 2 ; the amount of 3.43 g of required oxygen is 
assigned to nitrite production reaction (Eqn 19.11.3), and the remainder should be utilized 
for nitrite oxidation to nitrate (Eqn 19.11.4). According to Eqn 19.11.5, 4.25 g of DO is needed 
for the oxidation of 1 gram of ammonia to nitrate, and 7.07 g of alkalinity, as CaCOs should 
be supplemented for the compensating acidic effect of CO 2 produced. The difference between 


TABLE 19.7 Oxygen and alkalinity requirements for nitrification process 


Reaction requirement 


Calculated 

stoichiometrically 

Calculated 
bioenergetically 
(f s = 0.05) 

Actual 

amounts, 

obtained 

experimentally 

Oxygen 

NH4 ->■ NO z 

4.57 

4.25 

4.33 

Demand 
(g 0 2 /g N) 

no 2 -> no 3 

4.34 

- 

3.22 


Total oxidation: 

1.14 

- 

1.11 

Alkalinity 

NH 4 -» NO 3 

7.14 

7.07 



(g as CaC0 3 ) 
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the values calculated by basic stoichiometry and thermodynamic principals of the reaction is 
related to not considering ammonia for synthesizing new cells in Eqn 19.11.5. Furthermore, 
the coefficients of Eqn 19.11.6 are achieved with the assumption of f s = 0.05; the parameter 
f s stands for the ratio of electron (e _ ) moles of substrate used for cell synthesis to the electron 
(e~) moles of the total substrate used, according to the thermodynamic concept of biological 
processes. In the design of biological nitrification processes, influent BOD and nitrogen con¬ 
centrations, oxygen and alkalinity requirements, temperature, and the effect of inlet toxic sub¬ 
stances should carefully be considered. Sources of carbon and phosphorus, along with trace 
elements (i.e., Ca, Cu, Mg, Mo, Ni, Zn) are required for nitrifying cell growth. Carbon in form 
of CO 2 can be obtained from the surrounding atmosphere, which will be sufficient with the 
consideration of the low reaction rate. 

For the biological denitrification process, nitrate or nitrite serves as the electron acceptor, 
while a number of organic compounds can participate in this reaction as the electron donor. 
The typical electron donor depends on the configuration of the denitrification process. In pre- 
anoxic denitrification, the bsCOD or BOD of the influent wastewater is oxidized for the pur¬ 
pose of nitrite reduction. The bsCOD produced during endogenous respiration, which is 
commonly supplemented with exogenous carbon source like methanol, serves as the electron 
donor in postanoxic denitrification. Stoichiometry of biological denitrification can be 
observed in the following reactions where BOD of wastewater, methanol, and acetate are 
selected as electron donors, respectively. The term C 10 H 19 O 3 N, as proposed by the U. S. 
EPA, is representative of the initial BOD of the wastewater in question. 

C 10 H 19 O 3 N + IONO 3 —>5N2 + IOCO 2 + 3H 2 0 + NH 3 + lOOtr (19.11.7) 

5CH 3 OH 3 + 6NO“ —>3N 2 + 5C 0 2 + 7H 2 0 + 10O1T (19.11.8) 

5CH 3 COOH + 8N0 3 —>4N 2 + IOCO 2 + 6H 2 0 + 801T (19.11.9) 

Considering the above stoichiometry equations, it is observed that almost half of alkalinity 
consumed in the nitrification process (i.e., 7.14 g alkalinity as CaC0 3 ) is recovered in the deni¬ 
trification process. The amount of 3.57 g of alkalinity as CaC0 3 is produced per each gram of 
nitrate reduced. The production of alkalinity in the denitrification process, hence, should be 
considered in the design of the biological nitrogen removal processes. The oxygen equivalents 
of nitrate and nitrite, which are useful parameters in estimating the total oxygen demand for 
designing an appropriate nitrification—denitrification process, are equal to 2.86 g O 2 /g NO 3 - 
N and 1.71 g Ch/g NO 2 -N, respectively. 

A sufficient amount of bsCOD or BOD should carefully be determined so that an 
adequate electron donor will be available in the nitrate removal reaction. Similar to aerobic 
oxidation where oxygen demand is related to biomass yield, the same concept can be 
applied to the denitrification process for estimating requisite bsCOD or BOD. On this basis, 
the following expression can be developed for calculating the required bsCOD per reduced 
nitrate nitrogen. Owing to long SRT needed for the completion of the denitrification reaction, 
the proposed expression is also applicable to the aerobic removal of bsCOD in particulate 
and colloidal forms: 

2.86 

1 - 1.42 Y„ 


gbsCOD/g N0 3 - N 


(19.11.10) 
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TABLE 19.8 Microbiology of nitrification and denitrification process alongside the reactions’ components 


Name of reaction 

Nitrification 

Denitrification (anoxic reaction) 

Type of organisms 

Aerobic autotrophic 

Facultative heterotrophic and autotrophic denitrifying bacteria 
Facultative heterotrophic and autotrophic nitrifying bacteria 
Anaerobic autotrophic nitrifying bacteria (Anammox process) 

Bacetria genera 

Nitrosomonas 

Nitrobacter, 

Nitrococcous 

Pseudomonas (heterotrophic denitrifier) 

Paracoccus pantotropha (heterotrophic nitrifier) 

Nitrosomonas europaea (autotrophic nitrifier) 

Carbon source 

C0 2 

Organic materials 

Electron donor 

NHL, NO 3 

Organic materials 

Electron acceptor 

o 2 

NOL, NOh 

Products 

NOT, NOfi 

n 2 , co 2 , h 2 o 


The microbiology of the nitrification—denitrification processes is summarized in Table 19.8. 
Strict aerobic autotrophic bacteria from the domains of Nitroso- and Mfro-bacteria are capable 
of accomplishing nitrification. The most prevailing genera are Nitrosomonas, Nitrobacter, and 
Nitrococcons. The denitrification process is commonly accomplished by facultative heterotro- 
phic or autotrophic bacteria. The most commonly found genera of heterotrophic denitrifying 
bacteria is Pseudomonas, which is capable of oxidizing a wide range of organic compounds 
such as hydrogen, methanol, carbohydrates, organic acids, alcohols, benzoates, and other ar¬ 
omatic compounds. Autotrophic denitrifying bacteria use hydrogen and reduced sulfur com¬ 
pounds as electron donors. On the other hand, heterotrophic and autotrophic nitrifying 
bacteria can also complete the nitrate reduction reaction under aerobic condition. A novel het¬ 
erotrophic nitrifying bacterium capable of nitrate removal under anaerobic condition is also 
identified in mid-1990s. This organism conducts a process termed Anammox which stands 
for anaerobic ammonium oxidation. Anammox process involves oxidation of NH 4 and 
reduction of NO 2 with no need to carbon source, accomplishing simultaneous nitrification 
and denitrification. Denitrification rate in Anammox process under anaerobic condition has 
been found to be much faster (about six —10 times) than that of the reaction carried out by 
autotrophic denitrifying N. europaea. 

In nitrification for temperatures lower than 28 °C, ammonia oxidation kinetics govern 
the nitrifying process, and hence, ammonia-oxidation saturation kinetics is the essence 
of the design procedure (see Eqn 19.11.11). As the temperature increases to values over 
28 °C, the oxidation rateand kinetics of ammonia and nitrite should be accounted. 

"" = (£TLr)- 1 '- (19 - 1L11) 

where /i„ is specific growth rate of nitrifying organisms (g new biomass/g biomaa.d), 
ji mn represent maximum specific growth rate of nitrifying organisms (g new biomass/g 
biomaa.d), N is nitrogen initial concentration (g 1 1 or mg 1 '), K n is half-velocity coefficient 
where fi„ = %% and K,j n is endogenous respiration coefficient for nitrifying organisms 
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(g VSS/g VSS.d). The /z nm value has been reported to be between 0.25 and 0.77 g VSS/g VSS.d 
at temperature of 20 °C. Due to the lower maximum specific growth rate of nitrifying organ¬ 
isms (/A nm ) compared with aerobic heterotrophic bacteria, long SRT is required for the nitrifi¬ 
cation process. Under a stable condition, the nitrite concentration in the activated-sludge 
nitrification process can decrease to under 0.10 mg l -1 , while the ammonia concentration 
varies from 0.50 to 1.0 mg l -1 . However, in the transient condition when the growth of 
nitrite-oxidizing bacteria is limited due to a shortage in the substrate concentration, the 
NO 2 -N concentration of 5—20 mg 1 1 can be observed. The DO concentration of up to 
3—4 mg 1 1 significantly affects the nitrification rate, while the increment in temperature en¬ 
hances the reaction rate. A DO concentration below 0.5 mg 1 1 seriously frustrates the nitri¬ 
fication rate with a higher adverse effect on nitrite-oxidizing bacteria rather than the 
corresponding effect on the ammonia-oxidizing organism. This problem results in incomplete 
nitrification reaction, and thus, an accumulation of nitrite nitrogen (NO 2 -N). In the denitrifi¬ 
cation process, microbial growth kinetics and substrate depletion are similar to those of aer¬ 
obic biooxidation. Instead of oxygen, nitrate serves as the electron acceptor in the denitrifying 
reaction. For aerobic process, it is previously described that the soluble substrate concentra¬ 
tion controls the soluble substrate utilization rate. The denitrifying rate is also dependent 
upon on initial nitrate concentration. For a determination of the substrate utilization rate. 
Equations 19.11.12 can be modified to show the nitrate utilization rate in preanoxic denitir- 
ification. This modification should be accomplished to consider not the availability of solely 
denitrifying bacteria in the anoxic zone of the preanoxic denitrification process. The modifi¬ 
cation of the expression is carried out by multiplying the term 17 in Eqn 19.11.12 as given in 
the following equation: 


kXSrj 
~ ~K s + S 


(19.11.12) 


where 17 is the portion of denitrifying organisms in the biomass (g VSS/g VSS). Other param¬ 
eters (i.e., k, X, S, K) are formerly described. Although the value of k in denitrification is much 
lower than that of the aerobic process, it is considered the same as that for aerobic oxidation; 
thus, the neglected effect on k is compensated by multiplying the term rj in the expression for 
the substrate utilization rate. The value of ?/ has been observed to be in the range of 0.2—0.8. 
The K s value shows no difference with nitrate and oxygen as electron acceptors. In postanoxic 
denitrification, the microbial community exclusively consists of nitrate-reducing bacteria 
because influent BOD has been depleted significantly in the former aerobic zone. Therefore, 
consideration of the term 17 is not necessary anymore. Using methanol as an electron donor in 
the suspended-growth denitrification process, the requisite SRT is about 3 °—6 d, which shows 
no variation with the SRT for aerobic systems. 

Environmental conditions such as pH, toxicity, metals, and free ammonia (NH 3 ) concen¬ 
tration influence either nitrification or denitrification rates. The range of 7.5—8.0 is an opti¬ 
mum value for pH in nitrification process, which is practically maintained at 7.0 to 7.2. 
Due to the production of hydrogen ion in ammonia oxidation, the controlled addition of alka¬ 
linity in the form of soda, lime, soda ash, sodium bicarbonate, or magnesium hydroxide may 
be needed for balancing the pH. In contrast, the pH value is of less concern in denitrification 
owing to alkalinity produced in the nitrite reduction reaction. The variation of the pH value 
between 7.0 and 8.0 does not affect denitrification reaction rate; however, a decrease in the 
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pH value in the range of 6.0—7.0 results in a drastic reduction in the denitrification rate. 
Numerous organic and inorganic compounds such as phenolic compounds, benzene, amines, 
and proteins, and many other constituents show a toxic effect on the ammonia-oxidation re¬ 
action rate, whereas nitrifies can be identified as good indicators of availability of toxic or¬ 
ganics, even at low concentrations in the wastewater. Metals like chromium, copper, and 
nickel, un-ionized or free ammonia (NH 3 ), and also un-ionized nitrous acid (HNO 2 ) inhibit 
the nitrification process. 


19.12 BIOLOGICAL TREATMENT PROCESSES: 
SUSPENDED AND ATTACHED GROWTH 


In this section, practical applications of various fundamental concepts that are discussed 
earlier are presented. As previously stated, biological treatment processes can be divided 
to suspended and attached growth systems, considering the method of growth and reten¬ 
tion of organisms in the system. The principles of biological treatment can begeneralized 
for the systems included in either group, but some distinctions will arise due to the 
difference in the microbial growth. Kinetics of these two major systems, design consider¬ 
ations, and biological processes are discussed in this section. The classification of various 
biological treatment processes into two main groups of suspended and attached growth 
systems are presented in Table 19.9. Attached growth treatment can occur naturally at 
lakes, river bottoms (sediments), and solids. Here, only engineered processes have been 
exemplified. 

19.12.1 Kinetics of Suspended and Attached Growth Processes 

Before discussing each biological process individually, modeling and kinetics of sus¬ 
pended growth and fixed-film processes are generally explained. In addition, design and 
operating parameters are introduced. 


TABLE 19.9 Examples of suspended and attached growth biological processes 


Suspended growth 

Attached growth 

Activated sludge processes 

Trickling filter 

Aerated lagoon 

Rotating biological contactors (RBCs) 

Waste stabilization pond 

Submerged media beds 

Aerobic sludge digester 

(e.g.. Downflow, upflow, and fluidized) 

Anaerobic sludge digester 

Wetlands 


Land treatment 


Infiltration processes 







19.12 BIOLOGICAL TREATMENT PROCESSES: SUSPENDED AND ATTACHED GROWTH 


587 


(a) (b) 



Wasting 

Sludge 


FIGURE 19.7 Different handling-solid approaches in suspended-growth wastewater treatment facility: (a) 
facultative system (b) flow-through without sludge recycling (c) flow-through with sludge recycling (V = volume, 
X = biomass concentration, S = substrate concentration). 


19.12.2 Suspended Growth Processes 

The handling of solids in suspended growth systems can be accomplished in three 
different methods as illustrated in Fig. 19.7. Power input level for keeping solids is suspen¬ 
sion determines the type of handling solids, and thus, the type of system in use. With zero 
or low power input level, there is no control on solids in facultative systems, so the solids 
may either easily settle or discharge from the system along with the effluent. Flow-through 
systems without recycling have enough power input level to provide partial control of solids. 
Solids are maintained in suspension and fully leave the system in the effluent. In systems 
with recycling, the solids are completely controlled with a high power-input level. The solids 
are completely suspended in the bulk liquid and are not able to go out with the effluent. That 
fraction of solids, which should be returned to the system and the portion that it should be 
withdrawn from, it are carefully determined. A settling unit operation helps to retain the 
solids in the system. In all three types discussed above, a steady state is eventually reached 
where solidsproduced and solids wasted are balanced, and no accumulation occurs. In facul¬ 
tative processes and flow-through systems without recycling, a steady-state condition natu¬ 
rally happens; in contrast, the determining factor for achieving the steady-state condition in 
systems with recycling is the amount of wasted sludge. Practical applications of the handling 
of solids types in wastewater treatment are shown in Table 19.10. 

A flow-through system with sludge recycling is schematically considered as the model for 
the complete-mix activated-sludge process (see Fig. 19.8). To develop growth and substrate 
utilization kinetics, mass balance should be considered for each constituent in question 
(i.e., biomass and substrate) within the boundaries of a control volume. 

19.12.3 Sludge Retention Time (SRT) 

Hydraulic retention time (HRT) shows the interval when wastewater is maintained in the 
system in order for being treated. For all three handling solids types, the hydraulic retention 
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TABLE 19.10 Practical 

applications of handling solids types in biological treatment processes 

Facultative systems 

Flow-through without recycling 

Flow-through with recycling 

Waste stabilization ponds 

Facultative aerated lagoons 

Sequence batch reactor (SBR) 

Fully aerobic, full-through lagoons 

Activated sludge processes 



time, f, can be determined by t = V/Q, where V represent the volume of the system (m 3 ) and 
Q is the influent flow-rate (m 3 d ! ). 

The period for retaining biomass in the system is completely different from the system 
HRT. It is referred to as sludge retention time (SRT) or sludge age, and also known as 
mean cell residence time. Literally, the system SRT can be defined as total mass of solids 
in the system per total mass of solids lost per day. 


mass of solids in the system 
mass of solids lost daily 


(19.12.3.1) 


To mathematically establish an expression for the system SRT, a material balance for the 
biomass concentration across the control volume is considered: 


Biomass accumulation rate = biomass inflow — biomass outflow 

+ biomass production 


(19.12.3.2) 


Using nomenclature shown in Fig. 19.8): 

^ V = QX 0 - [(Q - Q m )X e + Q W X W ) + r ng V (19.12.3.3) 

where dX/dt is defined as rate of variation in biomass concentration in the reactor (g VSS m 
d _1 ); V is the aeration basin volume or, in general, reactor volume (m 3 ); X 0 is influent biomass 
concentration (g m -3 ); Q represents the influent flow rate (m 3 d '); Q w is the wasting sludge 
flow-rate (m 3 d 1 ); X e is the effluent biomass concentration (g 1 1 ); and r n ,, shows the net 
biomass production rate (g VSS m d '). 
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Under the steady-state condition ( dX/dt = 0) and with the assumption X 0 = 0: 

[(Q - Qw)X e + Q W X W ] = r ng V (19.12.3.4) 

By dividing Eqn 19.12.3.4 by V and X, the following expression yields where X represents 
the biomass concentration in the reactor: 


[(Q — Qw)X e + Q W X W ] _ r ng 

xv " Y 


(19.12.3.5) 


The term ( r n g/X ) represents the inverse of sludge age. In addition, it equals to the biomass 
specific growth rate, /i, according to Eqn (19.5.4). So the SRT can be expressed by the 
following equations: 


e c 


xv 

[(Q - (YY + QA] 


(19.12.3.6) 



(19.12.3.7) 


Equations (19.12.3.5) can also be written as the following by substituting Eqn (19.5.3) for 
r ng in its right-hand side and j- for its left-hand side: 


1 

6c 



(19.12.3.8) 


Substituting Eqn (19.5.8) into Eqn (19.12.3.8) results in an expression that correlates the sys¬ 
tem SRT to effluent substrate concentration, S (g BOD or bsCOD m 3 ) and biokinetic coeffi¬ 
cients of growth and decay. 


1 _ YkS 
J c ~ K s + S 


(19.12.3.9) 


For facultative and flow-through systems, Eqn (19.12.3.6) can be simplified due to no 
sludge recycling as follows: 


6c 


XV 

oY 


(19.12.3.10) 


In flow-through systems with no sludge returning, the biomass concentration in the 
reactor completely escapes from the system with the effluent (X = X e ), therefore t = 0 C . In sys¬ 
tems with recycling, X > X e , and thus 6 c > t. For instance, the extended aeration process is a 
system that has much longer SRT (i.e., 20—30 d) in comparison to its HRT (e.g., t = 0.5—3 d). 
Although settlement of a portion of inlet biomass concentration in facultative systems results 
in 9 C > t, 0 C , the value is not accurately determinable due to a vague fraction of the biomass 
concentration that escapes from the system. 


19.12.4 Biomass Concentration in System 

An expression for the biomass concentration in the reactor can be developed by the 
following analysis. 
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Mass balance for substrate utilization: 


Substrate accumulation rate = inlet substrate — outlet substrate 
+ Substrate utilization rate 
Representing above expression in symbols: 

= QS 0 -QS + r su V 
at 


where S 0 is substrate concentration in the influent (g.l '). 

Under steady-state condition, i.e., dS/dt = 0: 

QS 0 -QS = r su V 

Dividing Eqn (19.12.4.3) by Q and substituting the Eqn (19.5.8) for r su . 


S 0 — S = t 


XkS 
K s + S 


(19.12.4.1) 


(19.12.4.2) 


(19.12.4.3) 


(19.12.4.4) 


Solving Eqn (19.12.4.4) for kS/(Ks + S) and substituting in Eqn (19.12.3.10), and then solv¬ 
ing the resulted equation for X yields. 



ms 0 - s)i 

w 

[ 1 + e c K d l 


(19.12.4.5) 


Accordingly, the biomass concentration in the aeration basin is a function of the SRT, the 
HRT, the biomass yield, the endogenous decay coefficients, and the amount of substrate 
removed in the reactor (S 0 — S). 


19.12.5 Food to Microorganisms Ratio 


The food to microorganisms (F/M) ratio is a process parameter used for design and con¬ 
trolling the operation of activated sludge processes, and it can be defined as given below: 


F substrate inflow 

M Mass of microbial community 


(19.12.5.1) 


Expressing it by symbolic method yields: 


M VX 


tx 


(19.12.5.2) 


In the F/M ratio, the substrate concentration can be considered in term of BOD 5 , BOD u , 
COD, and the biomass concentration can be substituted in as MLSS or MLVSS. 

In facultative systems such as aerated lagoons and stabilization ponds, the F/M ratio 
cannot be obtained because the denominator (i.e., cell mass in the system) cannot be deter¬ 
mined due to settlement of a portion of microbial solids. 
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19.12.6 Effluent Substrate Concentration 

If Eqn (19.12.3.9) is solved for the effluent substrate concentration S, an expression yields 
as given below: 


K s [l+K d d c ] 
9 c (Yk - K d ) - 1 


(19.12.6.1) 


The above equation points out that substrate concentration in the effluent is only affected 
by the SRT and biokinetic coefficients of growth and decay, and is independent of influent 
substrate concentration. 

Substrate (i.e., BOD or bsCOD) removal efficiency, which also indicates the process effi¬ 
ciency, can be defined by the following expression: 

E, % = x 100 (19.12.6.2) 

do 


The specific substrate utilization rate U is equal to (— r su /X) and can also be correlated to 
the ratio F/M: 


Also, 


r su _ Q(S„ - S) _ S 0 - S 
X ~ RX “ fX 



kS 

K s + S 


(19.12.6.3) 


(19.12.6.4) 


Equations (19.12.6.3) can also be written in the following: 

5—5 5 

, T J 0 J 

- s 0 X tx 

Substituting Eqn (19.12.5.2) and (19.12.6.2) into Eqn (19.12.6.5) yields: 

(F/M)E 


U = 


100 


(19.12.6.5) 


(19.12.6.6) 


Substituting U for (—r su /X) in Eqn 19.12.3.8 gives another expression for obtaining the SRT 
as the following: 


0 , 


= YU- k ci 


(19.12.6.7) 


Combining Eqn (19.12.3.8) and (19.12.6.7), the system SRT can also be defined as Eqn 
(19.12.6.8): 


• Y 


(F/M) E 


100 


— kd 


(19.12.6.8) 
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19.12.7 Oxygen Requirements 

A mass balance on biodegradable COD (bCOD) reveals the oxygen requirement for a sus¬ 
pended growth wastewater treatment system (See Eqn 19.12.7.1). A fraction of the bCOD 
concentration is oxidized to end products (e.g., CO 2 and H 2 O) during the wastewater treat¬ 
ment for generating energy. Almost the remainder of the bCOD concentration is used for syn¬ 
thesizing a new cell. Endogenous respiration also demands oxygen while its required 
concentration for this purpose depends on the system SRT. 

bCOD removed = bCOD utilized for energy + bCOD for biomass production (19.12.7.1) 

In a steady-state condition, the rate of biomass production and biomass removed as 
wasted sludge is equal. Therefore: 

bCOD utilized for energy = bCOD removed — COD of sludge removed (19.12.7.2) 

Ror = Q(So - S) - 1.42 P wx (19.12.7.3) 

where R or is the oxygen requirement (kg d 1 ), and P lvx shows biomass in terms of VSS, which 
is removed daily as waste sludge (kg d '). 


EXAMPLE 1 

The concentration of soluble organic in an aerobic lagoon has been defined by the following 
equation: 

S e 1 + bt 
S 0 aKt 

Where S G is soluble organic concentration at initial condition (5000 mg l 1 ) and S e is soluble 
organic at effluent (50 mg 1 '), also given the kinetic data for biodegradable matters in the waste- 
water as K = 65 d _1 , a = 0.5 dimensionless, and b = 0.2 d _1 with a flow rate of 25,000 m 3 d _1 . 


1. Calculate the size of lagoon with 2.5 m depth, if the lagoon is square in shape. 

2. What would be the concentration of soluble organic after 3 days of aging in the lagoon? 

3. How much oxygen is required for daily oxidation of the above wastewater? 

The useful relations are: 

_ aS 

Biomass concentration: X,, = --— 

1 + bt 


Oxygen required: O 2 = a S r +0.14X v .t. 


Sr = S 0 ~ S, 


Solution: 

5000/50 = [1 + 0.2 f]/(0.5 x 65 t) 
t = 8 days 

Volume of Lagoon is V = 200 000 m 3 
Area A = (L)(W) = 200 000/(2.5) = 80,000 m 2 
Set L = 4W = 565 m, W = 141.6 m 
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S e /5000 = [1 + 0.2(3)]/(32.5)(3) 

S c = 82.05 mg r 1 

X B = (0.5)(82.05)/[l+(0.2)(3)] = 26.6 mg 1 _1 

O z required = 0.5(5000-82.05) + 0.14(26.6)(3) = 2470.2 mg 1 ~'= 2.47 g U ] = 2.47 kg nU 3 
O z required = 2.47 (25,000) = 6.175 x 10 4 kg day^ 1 


PROBLEMS 


1. In activated sludge process, three tanks in series are used in wastewater treatment plant. The 
arrangements are shown in Figure Ql. The analysis of CSTR in series is implemented for the 
treatment plant. Use all of the given information to define the MLVSS concentration in each 
tank. Biomass concentration is defined by the following equation: 

= Y(Sq-S)+Xq 
1 + k d (HRT) 


Given data: 

V = 250 m 3 , So = 1500 mg 1 4 , Q 0 = 5000 m 3 d ’, Q r = 1000 m 3 d~ 4 , X r = 10,000 mg U 1 
Si = 4 mg r 1 , S 2 = 6 mg l" 1 , S 3 = 8 mg l" 1 , Y = 0.65, k d = 0.1 d~ 4 

2. A digester was loaded with an initial substrate concentration of 900 mg BODl 1 1 and a final 
initial substrate concentration of 150 mg BODl L 1 . The volumetric loading rate of the digester 
was 50,000 m 3 d _1 . Assume constant operating temperature, 35 °C. 

Given Data: 0 C = 30 d, Y = 0.2 and k d = 0.03 d~ 4 

a. What would be the amount of volatile solids (P x ) produced per day 

b. The volume of biogas produced per day 

c. Calculate the volume of the digester 

Useful relations: 

P x = 3.15 x 1CT 4 Q Y(S„ - S)/(l + k d 0 C ) 

Volume of biogas = 5.62[31.5 x 1CT 4 Q (S 0 - S) - 1.42 P x ] 

3. Reducing Coliform bacteria in the treated wastewater by chlorine solution represented by 
the following equation: 

NA = N„(l + 0.23c t t)' 3 


So 



FIGURE Ql Schematic Dia¬ 
gram of three stages of activated 
sludge process for parallel 
feeding of equal volume tanks in 
series with a recycle ratio. 
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Where Na and N 0 show the number of coliforms at time t and t Q respectively, 
c t represent the residual chlorine concentration. 

The rate equation is expected to be d Na/ dt. 

Using mass balance at steady state condition, calculate the volume of CSTR required for chlo¬ 
rination unit to achieve a 95% reduction of Coliforms in the treated effluent. Assume that in both 
cases that the remaining chlorine residual was 10 mg 1 _1 . The wastewater flow rate is 50 m 3 min -1 . 
4. The following data were obtained from four units of complete mix-activated sludge process 
for food processing wastewater. Determine the endogenous decay coefficient k d and the 
maximum yield Y by using these data. 


Unit no. 

X, g MLVSS d _1 

r'g, g MLVSS d -1 

U, g BOD 5 /g MLVSS d 

1 

18.81 

0.88 

0.17 

2 

7.35 

1.19 

0.41 

3 

7.65 

1.42 

0.40 

4 

2.89 

1.56 

1.09 


5. Design a sedimentation basin for an aerated lagoon with a hydraulic detention time of 4 days 
and a liquid level above a sludge layer of 1.5 m. The sedimentation pond is cleaned every two 
years of operation. 

Given data: SSi = 500 mg l -1 

SS e = 50 mg 1 * 1 2 

Q = 4000 m 3 d " 1 

BOD 5 influent = 330 mg 1 1 

Y = 0.65 

k s = 100 mg l -1 

k = 6 d -1 

k d = 0.07 d -1 

The first-order BOD 5 removal rate constant k' = 2.5 d -1 

a. Determine lagoon's dimensions, mass of solids, volume, and surface area. 

b. Calculate outlet BOD 5 using lagoon relations for S/S Q as a function of detention time. 

c. Calculate the biological solids (cells) produced using the following relation: 

x = Y(s 0 -s)/(i + fce) 


References 

1. Metcalf L, Eddy H, Tchobanoglous G, Burton FL, Stensel DH. Wastewater engineering: treatment, disposal, and reuse. 
4th ed. McGraw-Hill; 2004. 

2. Patwardhan A. Industrial waste water treatment. PHI Learning Pvt. Ltd; 2008. 

3. Arceivala SJ. Wastewater treatment for pollution control. Tata McGraw-Hill Education; 1999. 







REFERENCES 


595 


4. Rajeshwari K, Balakrishnan M, Kansal A, Lata K, Kishore V. State-of-the-art of anaerobic digestion technology for 
industrial wastewater treatment. Renew Sustain Energy Rev 2000;4(2):135—56. 

5. Monod J. The growth of bacterial cultures. Annu Rev Microbiol 1949;3(1):371—94. 

6 . Nuhoglu A, Yalcin B. Modelling of phenol removal in a batch reactor. Process Biochem 2005;40(3):1233—9. 

7. Najafpour G, Younesi H, Syahidah Ku K. Ismail, Ethanol fermentation in an immobilized cell reactor using 
Saccharomyces cerevisiae. Bioresour Technol 2004;92(3):251—60. 

8 . Grady Jr CL, Daigger GT, Love NG, Filipe CD, Leslie Grady C. Biological wastewater treatment. IWA Publishing; 
2011 . 

9. Eckenfelder WW. Industrial water pollution control. McGraw-Hill; 1989. 

10. Rittmann BE, McCarty PL. Environmental biotechnology: principles and applications. New York: McGraw-Hill; 2001. 

11. Riau V, De la Rubia M, Perez M. Assessment of solid retention time of a temperature phased anaerobic digestion 
system on performance and final sludge characteristics. J Chem Technol Biotechnol 2012;87(8):1074—82. 

12. Ge H, Jensen PD, Batstone DJ. Increased temperature in the thermophilic stage in temperature phased anaerobic 
digestion (TPAD) improves degradability of waste activated sludge. J Hazardous Materials 2011;187(1):355—61. 

13. Dobbs RA, Wang L, Govind R. Sorption of toxic organic compounds on wastewater solids: correlation with 
fundamental properties. Environ Science Technology 1989;23(9):1092—7. 



CHAPTER 


20 

Biofuel Production 



OUT 

L I N 



20.1 Biofuel Production and Global 


20.3 

Processes and Technologies 

609 

Scenarios 

597 


20.3.1 Bioethanol 

609 

20 .1.1 

Historical Background 

597 


20.3.2 Biobutanol 

612 

20 .1.2 

Global Scenarios—Drives and 



20.3.3 Biodiesel 

613 


Impacts of Biofuel Production 

598 


20.3.4 Biohydrogen 

621 

20.2 Feedstock for Biofuel Production 

600 


20.3.5 Biogas and Biomethane 

621 

20 .2.1 

First-Generation Biofuel 


20.4 

Intensification and Integration 

622 


Feedstocks 

601 


20.4.1 Reaction—Reaction 



20.2.1.1 Bioalcohol Resources 

601 


Integration 

622 


20.2.1.2 Biodiesel Resources 

601 


20.4.2 Reaction-Separation 


20 .2.2 

Second-Generation Biofuels 

602 


Integration 

623 


20.2.2.1 Bioalcohol and 



20.43 Separation—Separation 



Biogas Resources 

602 


Integration 

623 


20.2.2.2 Biodiesel Recourses 

602 


20.4.4 Energy Integration 

623 

20.23 

Third-Generation Biofuel 
Resources 

607 

20.5 

Economic Perspective 

624 


20.2.3.1 Bioalcohol Resources 

607 

References 

625 


20.2.3.2 Biodiesel Resources 

608 





20.1 BIOFUEL PRODUCTION AND GLOBAL SCENAR IOS 
20.1.1 Historical Background 

In contrast to the general perception that biofuels are an emerging class of energy carriers, 
the history of biofuel production goes back to the sixteenth century, when biogas was first 
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used by the Assyrians and then the Persians for the sake of urban welfare. A historical 
summary of biofuel production is provided in Table 20.1. 

20.1.2 Global Scenarios—Drives and Impacts of Biofuel Production 

There has been much concern about the consequences of a massive increase in the 
world's population, because it has been estimated to reach 9—10 billion by the second 
half of the current century. Among the lack of resources may be food, health, and energy. 
On the other hand, conventional energy resources are depleted and their combustion 
has caused a serious threat to human health and the environment. Carbon dioxide, SOx, 
and NOx emissions are directly diminishing air quality and side effects such as 
acidic rain, the greenhouse effect, and consequently global warming have led to natural di¬ 
sasters. The main strategy chosen to deal with these emissions is to use alternative energy 
sources instead of further exploring fossil fuels, which are the main source of carbon 
emission. 

Excluding the nuclear power, which is also accompanied by problems, alternative energy 
resources including geothermal power, wind power, water and ocean thermal power, and 
biofuels are main candidates to meet ever-increasing global energy demands. Among these 
new energy carriers, biofuels are the most promising in the transportation sector, where 
energy supply and availability are crucially important. Therefore, as mentioned earlier, 
owing to (1) growing energy demands, (2) dwindling fossil fuel resources, and (3) predict¬ 
able and unpredictable environmental crisis and natural disasters related to climate change, 
advancing renewable energy and in particular biofuel production is an undeniable 
alternative. 

The International Energy Agency defines renewable energy as "energy derived from nat¬ 
ural processes which are replenished constantly and in its various forms, it derives directly or 
indirectly from the sun or from heat generated deep within the earth." There have been de¬ 
bates regarding the official inclusion of hydropower plants and biomass under this defini¬ 
tion. Nevertheless, these two sources are generally accepted as renewable sources of 
energy as well. From the transportation sector's point of view, biomass and the resultant 
biofuels are the most important alternative fuels among all resources. 

To develop and extend biofuels, four main policies have been proposed: (1) financial and 
budgetary support through direct or indirect modes such as tax refunds; (2) trade measures 
and tariffs (tax regulations could severely hinder the promotion of biofuels if the policies 
are not sufficiently supportive) 1 ; (3) a share of the transportation fuel market devoted to 
biofuels as a mandatory blend with fossil fuels or a precisely optional form ; (4) helping 
market chain development, supporting the flow from the end user's side rather than the 
producer's side. 1 Table 20.2 summarizes supporting measures in different countries 
including the United States, the European Union, Brazil, China, Thailand, India, Indonesia, 
and Malaysia. 

At the first glance, one may consider biofuels to be whole advantageous owing to their 
environmental benefits, such as diminished greenhouse gas emissions and their consequent 
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Type of 
biofuel 

Year of 
emergence 

Pioneers 

Region 

Further notes 

References 

Biogas 

Sixteenth 

Persians 

The Middle 

• In the seventeenth century. Van 

1,2 

(biomethane) 

century 

and 

Assyrians 

East 

Helmont reported that a 
flammable gas was produced from 
decomposed organic materials. 

• John Dalton and Humphrey Davy 
were the first scientists to 
independently realize the nature of 
the flammable gas as biomethane 
during the first decade of the 
nineteenth century. 


Biobutanol 

1861 

L. Pastor 

France 

Biobutanol production grew during 
World Wars I and II in many 
countries, but the use of biobutanol 
later dwindled owing to the high cost 
of feedstock. 

3,4 

Biodiesel 

1853 

E. Duffy 
and 

J. Patrick 


In Germany in 1893, the development 
of Rudolf Diesel's prime model, a 
single 10-foot-long iron cylinder with 
a flywheel at its base, also had a 
significant role in the global 
introduction of biodiesel. 

5,6 

Biohydrogen 

1939 

H. 

Gaffron 

US 

(University 
of Chicago) 

Biohydrogen production was first 
reported in an algae, Chlamydomonas 
reinhardti. In the twentieth century, 

A. Melis (University of California) 
explained that enzymes are 
responsible for biohydrogen 
production. 

7,8 

Bioethanol 

1859 

E. Drake 

US 

• In an investigation funded by 

Eugen Langen, Samuel Morey and 
Nicholas Otto used bioethanol 
blends in internal combustion 
engines. 

• Henry Ford also had an important 
role in the development of the 
bioethanol industry. 

9,10 


positive impact on global warming. However, there are also drawbacks associated with the 
production and promotion of such energy carriers, including competition with the food mar¬ 
ket over raw materials, extra pressure on local water resources, and deforestation and the loss 
of biodiversity. 
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TABLE 20.2 Policies set by main global biofuels producers 1 


Country 

Target or mandate 

Production incentives 

Trade policy 

European 

Union 

Mandate: Minimum of 

10% of transport fuel 
from renewable fuels by 
2020. 

Member states can apply tax 
reduction on biofuels as well 
as provide production 
incentives 

Specific tariff of €0.192 1 1 of 
under-natured ethanol and €0.102 1 
of denatured ethanol 

United 

States of 
America 

Mandate: 

36 billion gallons of 
biofuel by 2022. 

Tax credit of US $0.45 per 
gallon ($0.121 -1 ) for ethanol 
blenders and US $1.00 per 
gallon 

($0.26 U 1 ) for biodiesel 
blenders 

Ethanol tariff of US $.54/gallon 
($0,143 1 h plus ad valorem duty of 
2.5%. Ad valorem duty of 1.9% on 
biodiesel. 

Brazil 

Blending mandate for 
ethanol at 20—25%. 

Biodiesel use mandate set 
at 5% since 2010 
(proposed to increase to 

10% by 2020). 

Tax incentives on fuel 
ethanol and biodiesel. 

Tax incentives on fuel flex 
vehicles. 

Ad valorem duty of 20% on ethanol 
imported from outside the 

Mercosur area. 

Ad valorem duty of 14% for 
biodiesel. 

India 

Indicative 20% target for 
blending for both ethanol 
and biodiesel by 2017. 

Minimum price mechanism 
for feedstocks. 

Tax incentives for ethanol 
and biodiesel. 

Ad valorem duty of 28.6% on both 
ethanol and biodiesel. 

China 

Target of 12.7 Bnl ethanol 
and 2.3 Bnl biodiesel 
consumption in 2020. 

(15% of fuel consumption 
to be non-fossil fuel by 
2020). 

Production subsidies on 
ethanol and biodiesel. 

Ad valorem duty of 5% on 
denatured ethanol and 40% on 
denatured ethanol. 

Thailand 

Ethanol: E20 mandatory 
since 2008. 

Biodiesel: B2 mandatory 
since 2008 and B5 since 
2012. 

Tax exemption for ethanol. 
Investments subsidies for 
ethanol plants. Soft loans for 
biodiesel. 



This chapter reviews the historical background of biofuels and discusses the strategies 
used in biofuel production in different parts of the world. Moreover, biofuel production pro¬ 
cesses with a focus on innovations, intensification, and integration throughout the processes 
are explained. Finally, factors used in the economic tradeoff analysis of biofuel production are 
elaborated upon. 


20.2 FEEDSTOCK FOR BIOFUEL PRODUCTION 


One of the main factors to be considered in biofuel production is the raw material, i.e., the 
feedstocks used in the process. Not only is the final cost directly proportional to the price of 
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available feedstocks, a huge part of the process is related to different pretreatments required 
for different feedstocks. This means that by choosing or adopting the right feedstock, advan¬ 
tages such as high efficiency and low production cost, sustainable processes, and lower 
environmental issues could be gained simultaneously. Here, feedstocks are discussed from 
the viewpoint of different biofuel generations. 


20.2.1 First-Generation Biofuel Feedstocks 

First-generation biofuels are produced from edible seeds and plants. This group mainly 
consists of maize, 24 ' 25 wheat, 26 ' 2 sugarcane, 28- ^ 0 sugar beet, 31 ' 32 cassava, 33 ' 34 and com 35- 8 
(used to produce bioalcohols (bioethanol and biobuthanol)), as well as sunflower, 
soybean, rapeseed, and palm (used to produce biodiesel). These feedstocks 
are capable of being converted into biofuels (bioalcohols and biodiesel) by means of processes 
such as fermentation and transesterification, respectively. Some of these feedstocks are 
introduced in the following. 


20.2.1.1 Bioalcohol Resources 

Sugarcane: Sugarcane belongs to the grass family ( Poaceae ); the tall grass-like plants have a 
height of 1.2—3 m. Sugarcane plants are propagated through the stem; sugar is synthesized 
through leaf chlorophyll via photosynthesis. Stored carbohydrates are in form of sugar in the 
long stems. Tropical conditions are most suitable for growing this plant. Sugarcane and sweet 
sorghum are the most important feedstocks for fermentative bioethanol production. 

Sorghum: Sorghum, a genus of grasses with more than 30 species, is another edible plant; 
the grains produced are used to make cereals, snacks, bread, and porridge, whereas the 
residues can be used as animal feed. Ethanol derived from sweet sorghum is of high quality 
(low sulfur content and high octane number) and can therefore be used in gasoline motors as 
gasohol when blended with gasoline at ratios as high as 1:4. 

Corn: Corn is a major resource of bioalcohols. The largest producers of corn-based ethanol 
are the United States and Brazil. Bioethanol production processes might parallel co¬ 
production or byproduction of other valuable products, i.e., distiller's dried grains, corn 
gluten feed, and corn gluten meal, which could affect the economic viability of the process 
if properly used. Overall, the high starch content of corn and the fast development of culti¬ 
vation and processing technologies make the plant a good option for bioalcohol production. 

Wheat: A cereal grain originated from Eastern countries, wheat is produced worldwide. 
After corn and rice, wheat is the third most produced cereal. The starch in the seeds' structure 
could be hydrolyzed to monomeric sugar for fermentation into bioalcohols through relevant 
processes. 


20.2.1.2 Biodiesel Resources 

Soybean: Soybean oil contains five different fatty acids: oleic, palmetic, linoleic, linolenic, 
and stearic. Because of the high oil content (15—20%), this seed is a high-yield feedstock 
for biodiesel production. A high degree of biodegradation, reduced toxicity, low emission, 
enhancement of lubricity, and improvement in the flashpoint all make soybean-derived bio¬ 
diesel one of the best options for blending with diesel fuel. Compared with rapeseed and 
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canola, soybean oil is said to possess lower oxidative stability. Blending with petrodiesel 
fuel is regarded as a solution to make up for this drawback of soybean biodiesel. 

Sunflower: Sunflowers originated in Central America. Extracted sunflower oil is one of the 
most frequently used oils for cooking. The remaining parts of seeds after oil extraction can be 
used as animal feed owing to their high nutrient content. From a physiological point of 
view, although the plant possesses deep taproots, it seems to be susceptible to drought. 

Palm oil: Palm oil is extracted oil from palm fruits, mostly exported by countries located in 
tropical regions such as Southeast Asian countries (Malaysia, Indonesia, and Thailand). Inex¬ 
pensive palm oil production compared with canola, soybean, and rapeseed oil makes this 
feedstock a superior option from an economical point of view. 


20.2.2 Second-Generation Biofuels 

Because there are doubts about the environmental impact of first-generation biofuels on 
the one hand and their influence on food security and prices on the other, second- 
generation biofuels were developed. Such biofuels are driven from lignocellulosic 

resources, woody biomass and inedible seeds such as Jatropha curcas, as well as waste oil feed¬ 
stocks, all of which are available at low prices. Residues generated in the food industry and 
during first-generation biofuel production can be used as substrates for second-generation 
biofuel production. 

20.2.2.1 Bioalcohol and Biogas Resources 

Lignocellulosic biomass: Lignocellulose is defined as plant residues composed of cellulose, 
hemicellulose, and lignin. The complicated molecular structure of lignocellulosic materials 
makes them a challenging resource for biofuel production. They usually consist of 30—56% 
cellulose, 10—27% hemicellulose, and 3—30% lignin. The complicated structure of such a 
feedstock makes pretreatment inevitable. Pretreated lignocellulosic biomass contains less 
lignin and the rigidity of the cellulosic polymers is also decreased. In fact, physical, chemical, 
physicochemical, and / or biological pretreatment makes the raw materials more accessible to 
enzymatic hydrolysis, which in turn leads to the higher production rate of fermentable sugars 
and resultant bioalcohols or biogas, i.e., biomethane and biohydrogen. ,4 ' 65 Table 20.3 summa¬ 
rizes the lignocellulosic feedstocks used in recent investigations for biohydrogen and 
bio methane production. 

20.2.2.2 Biodiesel Recourses 

Jatropha: Jatropha is native of Mexico but is also found in many tropical countries in Asia 
and Africa. Jatropha is an inedible seed whose oil can be directly used as a fuel in adopted 
diesel engines or transesterified to be blended with petroleum diesel up to 25% without 
requiring significant variations in the diesel engine's system. The byproduct (filter cake) 
can be used as an energy source for the production process or as a fertilizer. Jatropha trees 
withstand harsh drought conditions and the seeds contain 27—40% oil. There are also claims 
stating that the plant resists diseases and pests. A comprehensive review of Jatropha's prop¬ 
erties can be found elsewhere. 



TABLE 20.3 Lignocellulosic resources used for biohydrogen and biomethane production 


Produced 

biofuel 

Microorganism 

Lignocellulosic 

feedstocks 

Reactor 

operating 

condition 

Process mode 

Highest yield 

Notes 

References 

Biohydrogen 

Activated 

Corn stover 

35 °C 

Batch 

2.84-3.0 mol 

Effect of different 

66 


sludge 


5.5 pH 


H, 

temperatures and 







(mol glucose) -1 

reaction times also 








studied. 




Corn straw 

55 °C 

Batch 

1.53 mol H 2 

Combination of acid 

67 




pH 7 


(mol glucose) -1 

pretreatment and 



microwave irradiation 
was better 

pretreatment compared 
with thermal acid 
pretreatment. Higher 
surface area and better 
particle size 
distribution of treated 
com straw resulting 
from microwave 
irradiation led to 
higher accessibility to 
the substrate, 
(optimum: 0.3 N 
H 2 S0 4 , 45 min, 700 W). 

212.0 ml H 2 g -1 Different reactor 

sugar configurations led to 

different hydrogen 
production yields. Best 
result is for UASB 
reactor. 


Mixed 

microflora 

Wheat straw 

— 

Batch 

68.1 ml H 2 g -1 

TVS 

68 


Sweet sorghum 
stalk 

36 °C 

Batch 

15.13-127.26 ml 

H 2 /g TVS 

69 


Poplar leaves 

120 rpm 

35 °C 

Batch 

15.04 

-44.92 ml g -1 
poplar leaves 

70 


Wheat straw pH 5.3 CSTR, UASB, and AF. 

(self- Continuous stirred tank 

stabilized) reactor. Up flow anaerobic 

70 °C sludge blanket. Anaerobic 

filter 


(i Continued ) 
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TABLE 20.3 Lignocellulosic resources used for biohydrogen and biomethane production—cont’d 


Produced 

biofuel 


Reactor 


Microorganism 

Lignocellulosic 

feedstocks 

operating 

condition 

Process mode 

Highest yield 

Notes 

References 


Beer residue 

120 rpm 

35 °C 

Batch 

53.03 ml g- 1 
dry beer Lees 

Pretreatment of raw 
feedstock resulted in 
17-fold improvement 
in reaction. 

71 


Xylose 

70 °C 

CSTR 

1.36 mol H 2 mol 
xylose 

- 

72 


Poplar leaves 

120 rpm 

35 °C 

Batch 

15.04-44.92 
ml g _1 poplar 
leaves 


70 

Clostridium 
butyricum CGS5 

Rice straw 

37 °C 
pH 7.5 

Batch 

0.76 mol H 2 mol 
_1 hexose 

- 

73 

Clostridium 
thermocellum 27405 

Corn stover 
and cellobiose 
feed 

120 rpm 

50 °C 

6.8 pH 

Two-step batch reactions 

1.67 mol H 2 mol 
_1 glucose and 
1.64 mol H 2 / 
mol glucose 

Two-step process 
consisting of 
fermentation and 
electrohydrogenesis 
studied. 

74 

Clostridium 

beijerinckii 

KCTC 1785 

Food waste 

150 rpm 

35 °C 

5.5 pH 

Four anaerobic sequencing 
batch reactors 

2.4 mol H 2 mol 
_1 hexose 


75 

Enterobacter 
cloacae IIT-BT 

08 

Rice straw (SM- 
A), bagasse 
(SM-b), and coir 
(SM-C) 

6 pH 

Batch 

75.6 (mmol l _1 h 
- 1 ) 


76 

Thermoanaero- 
bacterium 
Thermosaccharo- 
lyticum W16 

Corn stover 

Variant pHs 

Batch 

2.24 mol H 2 mol 
_1 hexose 


77 

C. butyricum 
AS1.209 

Corn straw 

35 °C 

Batch 

68 ml H 2 g- 1 
corn straw 

- 

78 

C. butyricum 

Sugarcane 

bagasse 

Incubation 
of organisms 
at 37 °C and 
150 rpm 

Batch 

1.73 mol H 2 
mol -1 hexose 

Optimum condition 
of 0.5% H 2 S0 4 and 

60 min. 

79 

Caldicellulosiruptor 

saccharolyticus 

Sweet sorghum 

pH 6.8 

350 rpm 

Batch 

2.6 mol H 2 mol 
_1 hexose 

Effect of feedstock 
inclusion rate studied. 

80 
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Biomethane 


C. saccharolyticus 

Sweet potato 

pH 5.4 

Batch 

2.4—3.8 moP 1 

Different reaction 

81 


and Thermotoga 

peels 

90 °C 


h 2 

times and feed 



neapolitana 


30—60 rpm 


moP 1 glucose 

concentrations 

investigated. 



Thermoanaero- 

Food waste 

15 rpm 

Internal recirculation packed- 

45.54 ml g _1 

- 

82 


bacterium sp. 


55-60 °C 

bed reactor 

volatile 

Solid 




Isolated 

Rice husk, rice 

37 °C 

Batch 

17.24 mmol 

Nine different 

83 


microorganism 

straw 

7.5 pH 


H 2 g _1 glucose 

microorganisms 



from Cellulomonas 





compared with each 



sp., and 





other; C. butyricum 



Cellulosimicrobium 





CGS5 showed best 



cellulans 





hydrogen production 
performance. 



C. saccharolyticus 

Miscanthus 

— 

Batch 

2.9—3.4 mol 

- 

84 

O 

CO 

DSM 8903 and T. 




H 2 mol hexose 



3 

neapolitana DSM 







a 

4359 







H 

O 

o 

Cellulomonasuda 

Carboxymethyl- 

37 °C 


1.58 mol H 2 mol 

Carboxymethyl- 

85 


E3-01 

cellulose 

7-7.5 pH 


hexose 

cellulose, xylan used 


o 


Xylan 



0.91 mol H 2 mol 

with no pretreatment. 


CO 


Sugarcane 



pentose 



O 

3 


Bagasse 



6.01 mmol H 2 g 



C 

tn 





reducing 



5 





sugar 



O 

a 

Mixed culture 

54 different 

35 °C 

CSTR 

More than 90% 

Methane yields and 

86 

c 

n 


vegetables and 



yield (after 

kinetics of different 


5 


fruit wastes 



50 days of 

plant parts of same 


z 





fermentation) 

variety differed. 




Grass silage 

35 °C 

Batch 

495 ml per 

NaOH treatment 

87 




pH 7.4—7.5 


^volatile solid 

hindered methane 
production by 15%. 




Office paper 

35 °C 

Batch 

360,410 ml per 

Acid treatment 

88 



waste 



^volatile solid 

resulted in higher 
conversion of cellulose 








into biomethane. 



Digested cow 

Wheat straw 

55 °C 

Batch 

297 ml per 

- 

89 

QS 

manure 




^volatile solid 



o 








Ln 
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TABLE 20.3 Lignocellulosic resources used for biohydrogen and biomethane production—cont’d 


Produced 

biofuel Microorganism 

Lignocellulosic 

feedstocks 

Reactor 

operating 

condition 

Process mode 

Highest yield 

Notes 

References 


Maize silage 

35 °C 

Batch 

410 ml per 

^volatile solid 

- 

90 

Solid waste 
digester inoculum 

Wheat straw 


Batch 

276 ml per 

^volatile solid 

Effect of fermentation 
reaction time and 
temperature on 
methane yield studied. 

91 

Co-digested plant 
slurry 

Maize drying 
up residue 

40 °C 

Batch 

307 ml per 

^volatile solid 

Rice and barley straw, 
grape stalks, grape 
marcs, maize drying 
up residue, tomato 
skins and seeds, and 
whey also studied, 
showing lower 
efficiencies. 

92 

Municipal solid 
waste digester 
inoculum 

Paper tube 
residual 

55 °C 

Batch 

493 ml per 

^volatile solid 

Steam explosion 
pretreatment resulted 
in 107% higher yield 
compared with 
untreated paper 
residuals. 

93 

Inoculum taken 
from a 

theromophilic 

digester 

Jose tall 

wheatgrass 

(wheatgrass) 

50 °C 
pH 7 

Batch 

290 ml per 

^volatile solid 

Study included 
investigation of 
enzyme (N342) 
addition to two-step 
digesting procedure 

94 

Mesophilic sludge 
from Gaobeidian 

wastewater 
Treatment system 

Corn stover 

35 °C 

Batch 

220 ml per 

^volatile solid 


95 

Anaerobic 
digester sludge 

Sugarcane 

bagasse 

(Saccharum 

officinarum) 

35 °C 

Batch 

72.11 methane 
per kg -1 
bagasse 

Peroxide pretreatment 
of feedstock led to 
highest production 
(compared with 
calcium peroxide 
pretreatment) 

96 


CSTR, continuously stirred tank reactor; UASB, upflow anaerobic sludge blanket; TVS, total volatile solids; AF, anaerobic filter. 
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Caster: Caster is a drought-tolerant plant with deep tap roots; it originated in East Africa 
but is also cultivated in other parts of the world. Its reddish and purple seeds contain more 
than 40—50% oil. Just like other oily seeds' extracts, castor oil can be used individually as an 
engine fuel but the high viscosity might be a hindrance. Therefore, improvement of viscosity 
through transesterification could lead to an ideal diesel engine fuel made from castor oil. 

Waste cooking oils and animal fats: Many articles in favor of biofuel production from waste 
cooking oil or animal fats assess the economics and tradeoff balances. These ar¬ 
ticles also point to the many shortcomings of the feedstocks, such as high fatty acid and water 
content and other impurities. 1 Nevertheless, because a great portion of the cost of biofuel 
production arises from the raw materials used, owing to their two- to threefold lower cost, 
these waste-oriented feedstocks are mostly preferred over fresh oils. In another words, bio¬ 
diesel produced from virgin vegetable oil would be roughly 50% more costly than biodiesel 
produced from waste cooking oils. The yield of transesterification for waste cooking oil is 
slightly lower than virgin oil, which is ascribed to the impurities contained, i.e., free fatty 
acids, water, and others. 

Oily zvasteivaters: Wastewater from oil chemical plants is considered a raw material for bio¬ 
diesel. As a matter of fact, there are two ways though which biodiesel could be produced 
from oily wastewater recourses such as oil mill wastewater. The first way is to use the filtered 
oil and grease contained (usually < 5%) in the primary sledge; the second route is to apply 
secondary sludge as a resource for biodiesel production. More specifically, the second way 
would require collection of microorganisms formed during aerobic and anaerobic processes, 
followed by extraction of the microbial oil produced. Transesterification could be per¬ 
formed by separation of lipids and oily streams from the sludge or in situ, which means 
that the reaction would be conducted with the sludge and the separation processes would 
be postponed until the downstream stages. The remaining sludge could be a good source 
for biomethane production. 

20.2.3 Third-Generation Biofuel Resources 

Third-generation biofuels are produced from microalgae and some other microorganisms 
such as cyanobacteria, bacteria, fungi, and yeast. This could avoid competition 
between biofuel and food over resources and land. Consequently, concerns about the draw¬ 
backs and increased food prices would be diminished. In the same manner, using algal and 
microbial feedstocks offers advantages such as ease of cultivation with few observations 
required and the possibility of using saline waters, which are basically not used in agricul¬ 
tural practices. 

20.2.3.1 Bioalcohol Resources 

Algae: Algae could be exposed to processes through which the intracellular sugars, starch, 
or cellulose could be extracted and fermented into bioethanol or biobuthanol. Alternatively, 
the biomasses as a whole could be fermented to produce bioalcohols. Genetic engineer¬ 
ing has also been used to produce bioethanol directly in these microorganisms. In fact, 
algae offer numerous advantages compared with other energy crops, including higher 
biomass productivity, best photosynthetic efficiency with highest CO 2 conversion and O 2 
production, a liquid media requirement with easy handling, and a versatile/flexible cultiva¬ 
tion environment. 
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Cyanobacteria: Owing to their unique photosynthetic properties, cyanobacteria are capable of 
converting up to 10% of the sun's energy into biomass. This is considerably higher than the 1% 
recorded by conventional energy crops such as com or sugarcane, or the 5% converted by algae. 
Therefore, these photosynthetic microorganisms could be regarded as environmentally sustain¬ 
able and economically effective feedstocks for the production of different types of biofuels 
including bioalcohols. Bioalcohol production through cyanobacteria could best couple en¬ 
ergy production and the sequestration of industrial carbon dioxide emissions to reduce green¬ 
house gas pollution without competing with food production. In a recent study, Aikawa 
et al. investigated direct ethanol production from Arthrospira (, Spirulina ) platensis, a fast¬ 
growing halophilic cyanobacterium that accumulates large amounts of glycogen. In their study, 
they used lysozyme and a recombinant amylase-expressing yeast strain to eliminate the need 
for biomass pretreatment and amylase hydrolysis. Through this innovative process, i.e., direct 
conversion process from A. platensis to ethanol, 86% of theoretical ethanol yield was achieved 
(6.5 g I 1 with an ethanol productivity of 1.08 g I 1 per day). 

Apart from efforts to improve the bioprocess aspects of bioalcohol production from cyano¬ 
bacteria, a number of investigations have focused on genetic and metabolic engineering of 
these organisms to improve alcohol yields and economize the production process. For 
instance, Gao et al. strived to integrate photosynthetic biomass production and microbial 
conversion in an attempt to directly convert carbon dioxide into ethanol by the cyanobacte¬ 
rium, Synechocystis sp. PCC6803, into a single biological system. In their study, a mutant 
strain was constructed by genetically introducing pyruvate decarboxylase from Zymomonas 
mobilis and overexpressing endogenous alcohol-dehydrogenase while down-regulating the 
biosynthetic pathway of poly-P-hydroxybutyrate. Eventually, an ethanol production 
efficiency of 5.50 g l -1 was achieved. 

20.2.3.2 Biodiesel Resources 

Oleaginous microorganisms (microorganisms with lipid content higher than 20%) useful 
for oil extraction and consequent biodiesel production could be categorized into a number 
of groups out of which the most important groups are as follows: 

Algae and cyanobacteria: Both algae and cyanobacteria provide potential advantages for 
lipid-derived biofuel, especially biodiesel production, owing to their great capacity to convert 
carbon dioxide into lipids without competing for arable land necessary for agricultural oleag¬ 
inous crops. Development in bioprocess engineering and increased knowledge of algal and 
cyanobacteria physiology has paved the way for their use in biofuel production including 
biodiesel. Comparatively, cyanobacteria are more advantageous organisms in terms 
of their faster cell growth, and the fact that they are naturally transformable. The latter 
increase the potential for cyanobacteria to be genetically engineered. 

On the other hand, algae's ability to produce high amount of lipids makes algal feedstocks 
a great resource for biodiesel production. Compared with conventional first- and second- 
generation feedstocks such as rapeseed and soybean, algal resources have oil contents 
ranging between 20% and 80% (W/W) and a higher growth rate, and 49—132 times 
less area is required for their cultivation, which is promising in the future of the world 
biofuel market. 

Bacteria: Reaching a bulky biomass in only 12— 24 h makes the bacterial species a fast¬ 
growing microorganism for biodiesel production, just like algae. There are few bacteria avail¬ 
able that are inherently capable of producing lipid through a biological or metabolic 
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pathway. For instance, Arthrobncter sp. is a bacterium with an oil content as high as 40%. 12<J 
Overall, some bacterial strains produce high amounts of lipid, but because these lipids are 
generated in the outer membrane, they are difficult to extract. As a result, biodiesel produc¬ 
tion from bacterial lipid resources is still not industrially feasible. 

Yeast: Under certain cultivation conditions, different yeasts such as Cryptococcus albidus, 
Lipomyceslipofem, Lipomyces starkeyi, Rhodosporidium tondoides, Rhodotorula glutinis, Tricho- 
sporon pullulan, and Yarrowia lipolytica are capable of producing lipids. Analysis of the 
oil extracted from these yeast strains revealed that the main fatty acids in their structure 
are myristic, palmitic, stearic, oleic, linoleic, and linolenic. This means that the quality of 
the produced biodiesel could be equivalent to those obtained from chemically or enzymati¬ 
cally catalyzed seed oils. 

Despite all of the positive discussions revolving around third-generation biofuel 
feedstocks, critics question the capability of currently present algal resources to offer relative 
independency from petroleum fuels. In an article published by a group of top international 
algal fuel experts, they stated, "I do not (and cannot) refute that an ideal microalgal strain 
harboring an optimal combination of traits could be potentially found or even engineered, 
but that is yet to happen." 1 That algal feedstocks are far from being used conventionally 
and from being relied on as biofuel raw material was mentioned by Singh and coworker. 
They argued that algal fuel would reach a commercial stage in 2020. On the other hand, 
massive amounts of CO 2 , P, and N as nutrients are required to grow algae, and different 
infrastructures such as aquatic environments and roads for accessibility are also crucial for 
the sustainable development of algal-based biofuel. If the problems of nutrition recycling, 
CO 2 supplementation (which is introduced as the bottleneck of the procedure), and energy 
recovery from the biomass are overcome, a small portion of petroleum-based fuels consump¬ 
tion could be replaced with algal-based biofuels. 

Fourth-generation biofuels not only lead to sustainable energy production but also result in 
capturing and storing of CO 2 . More specifically, biomasses that have absorbed CO 2 while 
growing are converted into fuel using the same processes as second-generation biofuels. How¬ 
ever, this process differs from second- and third-generation production because at all stages of 
production, CO 2 is captured using processes such as oxy-fuel combustion followed by geo¬ 
sequestration by storing it in old oil and gas fields or saline aquifers. This carbon capture makes 
fourth-generation biofuel production carbon-negative because during this process more carbon 
is stored than produced. In other words, this system not only captures and stores carbon diox¬ 
ide from the atmosphere, it also reduces emissions by replacing fossil fuels. Classification 
and comparisons of different generations of biofuels are listed in Table 20.4. 


20.3 PROCESSES AND TECHNOLOGIES 


Here, different biofuel production processes are briefly discussed and recent advances and 
developed technologies are introduced. 

20.3.1 Bioethanol 

Bioethanol production processes consist of initial pretreatment, fermentation, and purifica¬ 
tion steps. Based on the feedstock used and the process implemented, pretreatment steps 
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TABLE 20.4 Classification and comparisons of different biofuels 1 ’' 1 '' 


Type of 
biofuels 

First generation 

Second generation 

Third generation 

Fourth 

generation 

Feedstocks 

Edible seeds and plants: 
corn, soybean, 
sugarcane, potato, 
wheat, rice, rapeseed, 
coconut, palm, 
sunflower 

Lignocellulosic biomass, 
switchgrass, wood and 
forest wastes, agricultural 
and urban wastes 

Microbial species, 
algae, fungi, yeast, 
cyanobacteria 

Similar to 
those of 
first- to third- 
generations 
biofuels 

Fuels 

produced 

Bioethanol, biobuthanol, 
biodiesel, methanol, 
mixed alcohols 

Bioethanol, biohydrogen 
biobuthanol, biodiesel, 
methanol, mixed alcohols, 
Fischer—Tropsch gasoline, 
biomethane, dimethylether 

Biodiesel, methanol, 

biohydrogen, 

biomethane 

Green diesel, 
green aviation 
fuel, green 
gasoline 

Production 

processes 

Fermentation, 

transesterification 

Pretreatment, enzymatic 
hydrolysis, fermentation, 
transesterification, 
anaerobic digestion, 
microbial photolysis 

Transesterification, 
fermentation, 
photosynthesis, 
anaerobic digestion, 
microbial photolysis 


State of the 
processes 

Mature 

Relatively new and not 
mature enough for cost 
reduction 

Relatively new and 
not mature enough 
for cost reduction 

Relatively 
new and not 

mature 
enough for 
cost reduction 

Advantages 

Environmental and 
social benefits 

Available feedstocks at 
large quantities 

Close to meeting the 
claimed environmental 
benefits 

Available feedstocks in 
large quantities 

Low cost for feedstock 

Low and sometimes 
no cost for feedstock 

Carbon¬ 

negative 

Disadvantages 

Might potentially have a 
negative impact on 
biodiversity 

Contribute to higher 
food prices owing to 
competition with food 

Lower conversion 

Lack of technological and 
research breakthrough 

Lack of technological 
and research 
breakthrough 

Not yet 

commercially 

feasible 

Technological 
and research 
efforts still 
ongoing 
Higher cost 


vary, including milling, soaking, physiochemical/chemical/biological pretreatment, 
enzymatic saccharification (hydrolysis), and sterilization (cooking). The selection and 
sequence of these treatments are related to the feedstock used and its composition. 

A major portion of bioethanol in the world is produced from cornstarch through wet and 
dry milling processes. In the former process, corn is first soaked in water, followed by 
grinding to increase the surface area while the outer parts (non-starch) are totally removed. 
Alternatively, corn could be ground without water, or dry milling. There are some differences 
between these methods. Dry-ground com results in animal feed and bioethanol and has a 
higher yield and is consequently used more often in bioethanol production plants whereas 
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the wet-ground corn results in a series of products such as starch, corn gluten feed, corn 
gluten meal, and fructose com syrup. The obtained slurry of cornstarch is fed into a 
bioreactor in which amylase enzyme is present. There are two types of amylase capable of 
being industrially used in hydrolyzing starch: alpha-amylase and glucoamylase. The differences 
between these two enzymes and their methods of hydrolyzing starch may be found else¬ 
where. Heating the system leads to the hydrolysis of starch and the production of 
glucose. Fermentation then takes place and ethanol, CO 2 , and some other negligible products 
result. (Detailed information on the fermentation process are discussed in early chapters of 
this book.) Distillation columns or other separation units of operation are finally used to 
purify and concentrate the ethanol. Extra water in the produced alcohol is removed generally 
using molecular sieves. Figures 20.1 and 20.2 show a flowchart of the wet grinding and dry 
fermentation processes. 

Producing alcohols from sugarcane is similar in principle to the process used for the corn 
as feedstock, but it does not involve the same pretreatment steps. More specifically, the 


Feedstock 


Steeping/soaking 


Fiber and 


Enzyme [ 



Dehydration 



Ethanol 


figure 20.1 


Wet grinding (milling) flowchart for bioethanol production. 
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Lignocellulosic 

materials 




FIGURE 20.2 Dry grinding (milling) process flowchart for bioethanol production. 

initial steps here consist of extracting sugar from the cane and removing the lignocellulosic 
portion or bagasse, filtering the sugar juice, and beginning the fermentation process. 

20.3.2 Biobutanol 

Petrochemical-based butanol production cost is heavily proportional to the propylene 
market and crude oil prices. Therefore, biobutanol production from renewable resources 
could be significantly important in the future of the energy market and transportation sector. 
This is basically because compared with bioethanol, biobutanol holds greater promise, such 
as its higher energy content (approx. 90% of gasoline) and because it does not absorb 
water like bioethanol. Traditionally, bio-based butanol is produced through an aceto¬ 
ne—butanol—ethanol (ABE) fermentation process in which Clostridia species, namely Clos¬ 
tridium acetobutylicum, Clostridium beijerinckii, Clostridium saccharobutylicum, and Clostridium 
saccharoperbutylacetonicum , are used Each species best functions under specific conditions 

b The petrochemical route to produce butanol is described as follows: hydroformylation of propylene leads 
to the formation of aldehyde. Hydrogenation of these aldehydes results in production of «-butanol. 
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and using a specific feedstock. Traditional butanol fermentation processes in use since the 
late 1950s have some disadvantages, which highlight the need to improve currently used pro¬ 
cesses while striving to develop novel processes: 

• Using distillation as the separation unit operation, which consumes a high amount of 
energy. 

• Toxicity of the produced biobutanol to microorganisms when its concentration rises. 

• Phage contamination especially in large-scaled units. 

• Several byproducts (acetone and ethanol) hindering the downstream purification 
processes. 

• Low production yield. 

On the other hand, the feedstocks used in the fermentation process are mainly starch and 
sugar, which as discussed previously, lead to competition over food resources. 

There are a number of solutions to overcome these obstacles, such as finding new strains 
and genetically engineering currently used microorganisms to increase the efficiency of the 
process. 1 Beside microbial enhancement and the replacement of traditional batch 

processes with continuous or semi-continuous ones, implementing more efficient and lower 
energy-demanding purification processes such as membrane separation technologies or 
nontoxic liquid—liquid extraction have improved the economic viability of biobutanol 
production. For instance, Liu et al. introduced a new mixed matrix membranes incorpo¬ 
rating zeolitic imidazolate frameworks (ZIF-71) particles into polyether-block-amide for 
biobutanol recovery from ABE fermentation broth by pervaporation. The membrane with 
20 wt% ZIF-71 resulted in high n-butanol separation performance. 

20.3.3 Biodiesel 

Although vegetable oil can be used directly as fuel in diesel engines, the most important 
limitation lies in the fact that the high viscosity of vegetable oils results in poor atomization 
in the engine's combustion chamber, which eventually leads to other operational prob¬ 
lems. Among methods found to solve this problem, transesterification was reported to 
be more favorable owing to the simultaneous dilution of the oil and improvement of its other 
properties as a fuel. Transesterification is a catalytic route to obtain biodiesel and the cata¬ 
lyst could be an acid, base, 1 or both in homogeneous and heterogeneous forms, and 

_ 153-158 

enzymes. 

Developments in the field of biofuel processing have led to numerous commercial 
biodiesel production technologies. Most existing production plants, operated either in batch 
or continuous mode, use transesterification reaction and homogeneous catalysts. Alkaline 
homogeneous catalysts such as sodium methoxide, potassium methoxide, sodium hydroxide, 
and potassium hydroxide are favorable because of their high yield and low residence time. 
What might decrease the efficiency of basic catalytic processes would be the side reactions 
required, such as neutralization as well as saponification and consequent entrapment of 
the produced biodiesel in the produced soap, which is intensified if the amount of soap 
created in the process is high. Vicente et al. compared the different alkaline homoge¬ 
neous catalysts. According to their report, methoxides led to a high conversion rate of almost 
98—99%, but their application was limited by their high price and high hygroscopicity; 
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therefore, sodium and potassium hydroxides are the most widely available choices with 
lower conversions of 85.9% and 91.6%, respectively. Although the rate of alkaline homoge¬ 
neous catalysts is reported to be 4000-fold higher than acidic homogeneous catalysts, their 
use is limited to feedstocks with less than 0.5 wt% free fatty acid content or acid values less 
than 1 mg KOH g ” 1 . 160 ' 161 

The mechanism of a base-catalyzed reaction is simple. Briefly, first the negative species 
(RO ) such as CH 3 O attacks the carbonyl group, forming a tetrahedral intermediate. After¬ 
ward, the R 1 COOCH 3 leaves and the new O—H bond is formed. The cycle goes on two more 
times so that all carbonyl groups are re-formed (Figure 20.3). 
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FIGURE 20.3 Schematic steps of base-catalyzed transesterification. 
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Homogeneous acid catalysts, on the other hand, resist the high FFA content of the 
feedstock and could catalyze both transesterification and esterification reactions simulta¬ 
neously. Among the wide range of acids used, sulfuric acid (H 2 SO 4 ) and hydrochloric acid 
(HC1) are most common. The higher yield of base catalysts and corrosion problems caused 
by acid catalysts, as well as the high oil to alcohol ratio requirement, have made the 
base-catalyzed process much more appealing to industrial plants. The mechanism of an 
acid-catalyzed reaction is shown in Figure 20.4. Briefly, H 1 attacks the carbonyl groups of 
the triglycerides. Then, the nucleophilic attraction of the alcohol used in the reaction resulted 
in the formation of a tetrahedral intermediate. The final step is the migration of proton and 
breakdown of the large molecule. This procedure takes place three times so that all carbonyl 
branches of the triglyceride are re-formed. 

High costs of downstream purification occur and enormous amounts of wastewater are 
generated during such processes when homogeneous catalysts are used. Therefore, 


CH7-O—C—R. 

II 

O 

CH-O-C-R, 

II 

O 

CH-rO—C—R, 

7 II 

O 


OH 

II 

CH2-O—C—R, 
O' 

CH-O-C-R, 

II 

O 


(a) 


+ OH 

II 

CHj-O-C-R, 
O 


CH-O-C-R, + R 4 OH 
O 

CH-rO—C—R, 

II 

O 


OH 

i ^H 


CH r o-C-o; 
R 1 

CH-O-C-R, 

II ‘ 

O 

CH7-O—C—R, 

II 

O 


(b) 


OH 

i ^H 


CH r o-c-o: 


1 ^ R 4 

R 1 


CH-O-C-R, 

II 

O 

CH7-O—C—R, 

II 

o 


(C) 

o 

CH r OH + Rj—IL0R4 + H 
CH-O-C-R, 

II 

O 

CH-rO—C—R, 

- II 

O 


FIGURE 20.4 Schematic steps of acid-catalyzed transesterification. 
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heterogeneous catalytic procedures are more favorable in terms of the process costs. However, 
heterogeneous-catalyzed reactions also have serious drawbacks such as mass transfer limita¬ 
tion and longer residence time. 

Overall, despite many achievements, the industrial production of biodiesel using homoge¬ 
neous catalysts encounters major challenges: (1) Conventional continuous transesterification 
processes, as discussed earlier, need a longer residence time, resulting in increasing reactor 
volume, high capital cost, and a large footprint, and are difficult to control. (2) Moreover, 
the presence of FFA and water in the feedstock causes soap formation, leading to reduced 
reaction yield and the loss of biodiesel product via entrainment in the soap phase during 
the washing process. (3) Another Achilles heel of currently used technology is the water 
washing step applied in the process to remove remaining glycerol, soap, catalyst, methanol, 
or salts from the alkyl esters. As mentioned earlier (implementation of water washing), this 
results in the generation of highly polluting wastewater, but also, to reach to standards, the 
remaining water needs to be removed, which deteriorates the energy balance of the process. 
(4) Finally, the issue of equipment corrosion has been controversial in the field of homoge¬ 
neous catalysts. 

A solution to these problems is to apply the heterogeneous catalytic process. This process 
includes the easier step of product separation because no catalyst residues are dispersed in 
the product phase. Moreover, because no water is used in the purification step, the heteroge¬ 
neous catalytic transesterification process is more environmentally friendly. In addition, 
the catalyst is not consumed and is easily regenerated, which is favorable for the whole 
process. 

Heterogeneous catalysts are also relatively tolerant to high FFA and water content. 
Several heterogeneous catalytic processes have been studied that could be classified into 
the categories of metal hydroxides, metal complexes, metal oxides, and supported cata¬ 
lysts. Despite its simplicity and efficacy, heterogeneous catalytic esterification has a num¬ 
ber of major drawbacks, i.e., diffusion limitations resulting in a lower reaction rate. 
Moreover, although the possibility of being tailor-made is considered an advantage, the prep¬ 
aration and reaction conditions for heterogeneous catalysts are energy intensive. 1 In some 
cases, lower catalytic activity compared with conventional homogeneous catalysts, partial 
dissolution, and lowered surface active area in the form of an active bed or cylinder were re¬ 
ported as challenging issues. 

The other catalytic route is enzymatic transesterification that uses lipase mostly in a 
bioreactor or membrane bioreactor. Enzymes can be spread in the reactor's solvent 
medium or immobilized on support for interaction with substrates. In the case of a mem¬ 
brane bioreactor, immobilization of biochemical catalysts can also be performed on the 
membrane's surface. The mode of reactors can be fed batch or batch as well as continuous 
processes. Immobilized enzymes are normally used in different types of reactors 

such as fixed or fluidized bed reactors, stirred tanks, and, as previously stated, membrane 
reactors. The operation mode and unit operation system depend on the type of enzyme 
and its stability in the system when facing conditions such as a high flow rate as well 
as pressure and shear tensions. Membrane reactors are highly recommended for 
glycerol separation in enzyme-immobilized systems ; however, the high cost of 

membranes and membrane reactors make fixed bed reactors a much more convenient 
option. 
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The conversion mechanism of triglycerides to biodiesel with enzyme (lipase) follows the 
ping pong Bi Bi model. According to a comprehensive study by Al-Zuhair and coworkers, 
active sites containing acidic or basic groups conduct the re-formation of the species by 
donating or accepting protons. For enzymes such as lipase, the reactions are performed using 
hydroxyl (—OH) groups as acceptors of protons or nucleophile sites whereas amine groups 
are required to accept and release protons (Figure 20.5). 
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FIGURE 20.5 Schematic steps of enzymatic transesterification. 
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A report by Xu et al. confirmed that there is a ping pong Bi Bi mechanism governing 
the reaction. Their simplified reaction kinetic hypothesis led to three consecutive second- 
order reactions (based on the intermediate species detected) that describe the transforma¬ 
tion of triglyceride to FFA methyl ester. These reactions are shown in Figure 20.5 and 


Eqs (20.3.3.1-20.3.3.4). 

TG 4 CHCOOCH;, 

3 RCOOCH 3 + TA 

(20.3.3.1) 

Stepwise reactions: 

TG + CH 3 COOCH 3 RCOOCH 3 + DG 

xi(TG-DG),x 2 (DG —TG) 

(20.3.3.2) 

DG + CH 3 COOCH 3 <-> RCOOCH 3 + MG 

k 3 (DG-MG),k 4 (MG-DG) 

(20.3.3.3) 

MG + CH 3 COOCH 3 RCOOCH 3 + TG 

k 5 (MG — TA), k 6 {TA — MG) 

(20.3.3.4) 


Xu et al. proposed the mechanism by taking some assumptions into consideration, 
including a negligible amount of water content and no hydrolysis reaction, no mass transfer 
resistance, and a concurrent action of enzyme on the acyl group. 


d[ME] 

dt 


d[TG] 

dt 


= -k^TG^A] + k 2 [DG][ME] 


d[DG] 

dt 

d[MG} 
dt 


= ki[TG][A] - k 2 [DG][ME] - k 3 [DG][A] + k 4 [MG][ME] 
= k 3 [DG][A] - k 4 [MG][ME] - k 5 [MG][A] + k 4 [TG][ME] 


(20.3.3.5) 

(20.3.3.6) 

(20.3.3.7) 


K! [TG] [A] - k 4 [DG] [ME] + k 3 [DG] [A] - k 4 [MG] [ME] + k 5 [MG] [A] - k 6 [ME] (20.3.3.8) 

d[TA] _ d[ME\ 


dt 


dt 


d[TA] 

dt 


= * 3 [MG][A] - k 6 [TA}[ME} 


(20.3.3.9) 

(20.3.3.10) 


After simplification: 

^*1 = -ki[TG][A] +k 2 [DG][ME] (20.3.3.11) 

d ^ TG dt DG ^ = “^MA] + * 4 [MG][ME] (20.3.3.12) 

d[TG + DG + MG] = + K6 [ TG ][ M£ ] (20.3.3.13) 


As presented by Dossat et al., this proposed simplified model is more suitable for batch 
and continuous scale-ups. Dossat and coworkers also reported the exclusion of n-hexane 
from the reaction medium. The organic solvent-free medium diminished disadvantages 
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such as toxicity, flammability, and a high cost while retaining all of the positive points. 
Based on the investigations into the effect of the reactant's concentration, it was shown 
that the inhibitory effect of alcohol, which was clear in the ping pong mechanism, could be 
lessened at a high concentration of substrates, i.e., triglycerides. A study by Al-Suhair 
studied the same parameters for transesterification of waste cooking oil. The inhibitory effect 
of alcohol was more than with the other substrate. Cheirsilp and coworkers also published 
efforts to find the best and the most holistic mechanism of enzymatically produced biodiesel 
from palm oil and ethanol. As claimed, the proposed model accounted for all of the concen¬ 
tration variations of different species beside the alcohol inhibitory effect. 

Table 20.5 lists recent articles published on kinetics studies of enzymatic biodiesel 
production. 

Beside catalytic procedures, there are other methods for performing transesterification, 
such as microwave irradiation, ultrasonic-assisted, and supercritical meth¬ 
anol, which can be used individually or coupled in a process. Figure 20.6 schemat¬ 

ically presents the various steps involved in the conventional transesterification of an oil 
feedstock into biodiesel. Another alternative for the transesterification process is cracking 
of oils in the presence or absence of a catalyst. 
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FIGURE 20.6 Schematic flowchart of biodiesel production. 









TABLE 20.5 Kinetics studies reporting on enzymatic transesterification 


[TG] 

Enzyme 

[A] 

Base 

model for 
mechanism 

Proposed equation 

V 

' max 

Km [TG] 

Km 

[A] 

K iA 

KiTG 

References 

Palm oil 

Lipase 
(EC 3.1.1.3) 

Methanol 

Ping pong 

Bi Bi 
model 

v = v- 

*+(&) bfe)] 

0.041 mol 
(cm min) 3 

430 mol 

m- 3 

350 

mol 

m- 3 

3.3 x 10 4 
mol m~ 3 

4.45 x 10 4 
mol m~ 3 

179 

Soybean 

oil 

Lipase 

(Candida 

antarctica) 

Methyl 

acetate 

Ping pong 

Bi Bi 
model 

j. _ wrcin] 

Ks W( 1+ (t)) + ^[ re ] + NW 

1.9 mol 
min -1 

1 mol 

16 mol 

r 1 

0.0455 
mol 1~ 4 


180 

Sunflower 

oil 

Lipase 

(Rhizomucor 

miehei 

lipozyme) 

Butanol 

Ping pong 

Bi Bi 
model 

,. _ VJTGM 

Ks W( i +(^))+ K 4 re ]+NW 

250 mMol 
min -1 g _1 

5.4 mMol 

55 mM 

13 mM 


181 

Sunflower 

oil 


Methanol 

Ping pong 

Bi Bi 
model 

V = K 6 [E-Bd] y "“ [s! 

l+JCre [s] +^§ 

0.414 

min -1 

0.16 

mol cm~ 3 

9.8 x 

io- 5 

mol 

cm -3 

1.9 mol 

cm~ 3 


182 

Waste 
cooking oil 
(from palm 
oil) 

Lipase 

(C. antarctica) 

Methanol 

Ping pong 

Bi Bi 
model 

m k[ei 

1.96 mol 

cm~ 3 

min -1 

250 mol m 3 

110 

Mol/ 

m 3 

3.5 x 10 4 
mol m 3 

2.8 x 10 4 
mol m~ 3 

183 

1 dt l+(« M /[A])ll+(|Sj/K s )]+(JC B /lS]i).[[4]«7^] 


TG, triglyceride; A, alcohol; E, Enzyme; [], initial molar concentration; K Sr apparent Michaelis—Menten constant for triglycerides; K A , apparent Michaelis—Menten constant for methyl acetate or 
alcohol; V max/ initial maximum velocity of reaction; K IS , inhibition constant of substrate, i.e., triglyceride; K IAr inhibition constant of alcohol. 
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20.3.4 Biohydrogen 

Owning to its high energy content (122 Kj g j h ) and almost zero emissions, biohydrogen 
is considered one of the best alternative energy carriers for petroleum-based fuels. Accord¬ 
ing to Chong et al., biohydrogen can be produced through two different routes of photo¬ 
synthesis and anerobic acidogenesis processes (fermentation). Each process involves some 
microorganisms and feedstock. The hydrogen production yield by these processes depends 
on factors such as the type of microorganism, pH of the reaction environment/ operation 

mode, operation temperature, both mesophilic (35 °C) ; and thermophilic (50 J C), and 
type and composition of the feedstock used. Feedstocks can be adjusted or optimized by 
adding nutrients. 

Dark fermentative biohydrogen production (which is the most frequently used process for 
biohydrogen production compared with light fermentation and photosynthesis ), can be 
performed using diverse groups of microorganisms that possess multi-enzyme systems, indi¬ 
vidually or through mixed cultures. The process mainly consists of two steps: hydrolysis 
and acidogenesis. Organic acids and CO 2 are co-products of the process. From a hydrogen 
production aspect, mixed cultures of microorganisms are advantageous compared with 
monoculture ones. The possibility of investigating mixed feedstocks using continuous instead 
of batch processes and the likelihood of gaining higher yields owing to co-fermentation are 
advantages. Just as in biomethane production, biohydrogen can be produced with meso¬ 
philic or thermophilic microorganisms. Higher hydrolysis activation levels, better pathogenic 
distribution, and a lower probability of contamination make extreme thermophilic (70—80 °C) 
pathways more attractive choices. Increments in acetate production while eliminating 
butyrate, ethanol, and lactate may also explain the superiority of thermophilic 
microorganisms. 

During the anaerobic production mode, hydrogen is produced in the liquid phase and 
consumed by methanogenic microorganisms. To produce hydrogen efficiently in the gas 
phase, either these biohydrogen consumers must be eliminated or the reaction time should 
be shortened. The type of inocula, operating conditions, i.e., pH, temperature, hydrogen 
partial pressure, feed composition and nutrients, reactor residence time, and configuration 
affect parameters through the main process. 


20.3.5 Biogas and Biomethane 

There are four main steps in biomethane production: hydrolysis, acidogenesis, aceto- 
genesis / dehydrogenation, and methanation. As previously pointed out, from a resi¬ 

dence time aspect, it is important to know what sort of feedstock is going to be consumed 
because the hydrolysis procedure depends on the molecular structure of the substrate. In 
fact, the duration of the conversion of conventional substrates increases according to the 
following order: carbohydrate (a few hours), proteins and lipids (a few days) and ligno- 
cellulose structures/ First, hydrolyzing and fermenting microorganisms attack the poly¬ 
mers and monomers. Microorganisms taking part in this step are anaerobes such as 
Bacteriocides , Clostridia, and Bifidobacteria. During this step, acetate and hydrogen and 
varying amounts of volatile fatty acids such as propionate and butyrate are produced. 
Acetate and hydrogen are the byproducts of the hydrolysis step. Through the second step. 



622 


20. BIOFUEL PRODUCTION 


other anaerobic bacteria change the resultant compounds to short-chain organic acids, 
Ci—C 5 molecules (e.g., butyric, propionic, and acetic acids), alcohols, hydrogen, and car¬ 
bon dioxide. At the third stage, products of the acidogenic phase are consumed as 
substrate by acetogenic bacteria, which produce hydrogen as a byproduct while acetic 
acid is also produced. High partial pressure of the hydrogen produced can hinder the 
rest of the bacteria's performance. Hence, hydrogen partial pressure is an operational 
condition that needs to be kept under certain levels. The fourth step involves the activity 
of a group of strictly anaerobic archaea called methanogens that perform methanation. 
Microorganisms such as Methanosarcina barkeri, Metanonococcus mazei, and Methnnosaeta 
concilii are capable of converting either one or all of the produced materials into 
methane. The kinetics of the whole process is proportional to many parameters such 
as substrate, thermal and pH conditions of the fermenter, and the enzymes produced dur¬ 
ing the steps. A more detailed explanation of the metabolisms and kinetics of biomethane 
production can be found elsewhere. 

Methanogenic fermentation can be performed using two modes of process: wet and dry 
digestion. Wet digestion includes the treatment of substrate with less than 10% solid content, 
which means that the media in the digester can be pumped and stirred. Dry digestion 
involves substrates with a solid content of 15% to 35%. A dry mode operation is usually 
set as a batch whereas the wet mode can be operated continuously. 


20.4 INTENSIFICATION AND INTEGRATION 


The integration of processes as a means to intensify production/purification processes 
leads to inevitable advantages such as a reduction in capital costs and energy use, decrement 
of utilities and structures, fewer process steps, lower physical volume, and, as the name 
clearly illustrates, a faster and intensified process and higher yields. According to a 

comprehensive chapter written by Sanchez et al., integration of bioethanol production pro¬ 
cesses can be classified into four main types: reaction—reaction integration, reaction- 
separation integration, separation—separation, and energy. The subject is discussed briefly 
here. Apart from the basic meaning of the "homogeneous" and "heterogeneous," herein 
and during the description of process integration, processes with a reaction and separa¬ 
tion/unit operation are called heterogeneous whereas processes with two reactions or two 
unit operations are referred to as homogeneous. 

20.4.1 Reaction—Reaction Integration 

Several examples of reaction—reaction integration are provided here for both first- 
generation ethanol based on starch, glucose, or biomass and second-generation ethanol 
from lignocellulosic resources. Homogeneous integration of ethanol production can be con¬ 
ducted during different steps of fermentation and biochemical transformation. A good 
example is integration of the detoxification section with pretreatment steps and fermentation. 
The idea of combining starch hydrolysis and glucose fermentation is the next homogeneous 
integration in bioethanol production (co-fermentation or simultaneous hydrolysis fermenta¬ 
tion (SHF)). There are many routes by which this can be performed, such as conducting 
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both reactions in one reactor, finding one microorganism capable of doing both reactions, or 
genetically engineering oner 

There are other homogeneous integration examples aside from the already commercialized 
SHF process, such as simultaneous saccharification fermentation, in which the degradation 
procedure of cellulose and the formation of polysaccharidesis are coupled with the fermen¬ 
tation of glucose. Although this integrated process leads to more convenient operating 
conditions and lower equipment requirements, the different optimum conditions (pH and 
temperature) of fermentation and degradation make the integrated process challenging to 
control. Simultaneous saccharification and co-fermentation and consolidated bio¬ 
processing (CPB) are two examples of integrated reaction—reaction ethanol production pro¬ 
cesses. The main difference between the CPB process and the others is the use of only one 
microorganism for the whole process. 

20.4.2 Reaction-Separation Integration 

Coupling separation with reactive processes may be considered a more practical integra¬ 
tion owing to the significant lower cost of downstream separation and purification. Enzy¬ 
matic hydrolysis joined to a separation process is the first instance offered in this 
category. Membrane bioreactors with enzymes in the retentate side or immobilized on 
the membrane itself have been proven to act well because the catalytic activity is kept at a 
standard level while the enzyme is prevented from mixing with the products. The concept 
of a membrane reactor can also be used to remove ethanol from the culture broth, which 
shifts the reaction to a higher level as the inhibitory effects of alcohol are eliminated or 
decreased. Beside membrane reactors, the act of removing ethanol can also be carried 
out by other separation unit operations such as vacuum, vacuum distillation, membrane 
distillation, pervaporation, stripping, and solvent extraction. 

20.4.3 Separation—Separation Integration 

More recently developed separation technologies are the examples of the 
separation—separation integration mode, whose main purposes are to improve the level of 
purification and decrease the cost. The idea mainly consists of a membrane separation 
process coupled with an old one such as extraction or distillation. 

20.4.4 Energy Integration 

The concept of energy integration in chemical engineering mainly comes from a technol¬ 
ogy called pinch, in which the heat streams of a process exchange energy values with others 
to minimize the energy demands of the process. With a more holistic viewpoint, energy 
integration can be defined as the generation and consumption of a process's electrical, me¬ 
chanical, and thermal needs within the borders of the process itself. To this extent, there 
have also been other proposed types of technology. Cogeneration systems or combining 
heat and power generation and burning a portion of biomass are the examples of energy 
integration. In addition to the integration of these systems, the use of biofuels in 
CHP systems has been assessed. 
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Apart from these integration and intensification methods, there have been other integra¬ 
tion strategies aimed at reducing the overall emission of biofuel production processes. 
Among those, carbon capture and storage (CCS) strategies have attracted a great deal of 
attention. Using CCS strategies, CO 2 from biofuel combustion or industrial processes can 
be captured, transported, and stored underground, in depleted oil and gas fields and deep 
saline formations. Therefore, CCS has a significant role in the global transition to a sustain¬ 
able low-carbon economy. 


20.5 ECONOMIC PERSPECTIVE 


This section is devoted to a descriptive argument regarding the economic aspects of biofuel 
production. To begin, it is beneficial to highlight that each economic study has to consider all 
different aspects of a subject or to be holistic. There are four groups of aspects to be consid¬ 
ered for biofuel production and use. The first is related to feedstock resources, which are 
known to be the most influential parameter on the final biofuel price. This group mainly 
consists of factors such as land use and feedstock properties. The second group is the produc¬ 
tion process and technology, which cover upstream and downstream high-tech develop¬ 
ments, operating and capital costs, and production capacity, i.e., the scale of the 
production plants. The third group, which is mostly neglected in economic studies, is byprod¬ 
ucts. The fourth group is expense saved through the lessened amount of environmental 
contamination/emissions, and consequently through the savings of energy and money for 
human health care. To the best of our knowledge, until now, no published report has strived 
to put all of these data together. 

Some of the data reported in the literature are presented here; the need to conduct holistic 
and comprehensive studies is strongly highlighted. According to a report by Demirbas, entitled 
"Political, economic and environmental impacts of biofuels: A review," 23 the final cost of a 
biofuel can vary based on the costs imposed by the conversion process, the scale of the produc¬ 
tion, and, of course, the feedstock used. For instance, bioethanol is more expensive compared 
with its petrochemical rival, gasoline, in most of the producing countries around the world. 
However, Brazil, which was previously introduced as the largest bioethanol producer in the 
world, owing to the large availability of cheap feedstock, i.e., sugar, has the most economic 
ethanol production. In fact, a bottom line must be considered in each country for oil prices 
below which biofuels cannot compete. For instance, whereas the oil price in the European 
Union must reach US $70 so that bioethanol can be offered in a competitive environment, 
the price is said to be around US $50—60 for the United States. For a country such as Brazil, 
with tropical weather and suitable conditions for providing raw materials, which reduce the 
main feedstock costs, the bottom line is reported to be US $25 to US $3/barrel of oil. 

As expected, the size of the plant can also influence biofuel production costs. Larger-scale 
production plants can achieve lower final costs, which might be as high as 15—20% of the 
overall biofuel cost. A comprehensive comparison between different biofuels is offered in a 
book entitled Biofuels—Global Impact on Renewable Energy. The results of this comparison 
are summarized in Table 20.6. The comparison includes investment costs and process econ¬ 
omies, all of which are based on the identical capacity of 45 MM gal biofuel per year. The data 
reported here were all obtained through simulations made with Aspen Plus software. 




TABLE 20.6 Comp; 

REFERENCES 

arison between different biofuel production 

plants from an 

economic 
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point of view" 

45 MM gal/yr 
biofuel 

Com 

ethanol 

Sugarcane 

Soybean 

diesel 

Com 

butanol 

Com stover Wood chips 

ethanol ethanol 

(biochem) (thermochem) 

Total production 
cost (M$/yr) 

74 

58 

121 

88 

64 

58 

Total project 
investment (M$) 

131 

88 

23 

276 

183 

241 

Production cost 

(S/gal) 

1.53 

1.29 

2.55 

1.96 

1.48 

1.32 

Energy density 
(BTU/gal) 

76,330 

76,330 

119,550 

99,837 

76,330 

76,330 

Production cost with 
energy equivalent to 
gasoline($/gal) 

2.33 

1.95 

2.48 (equivalent 
to gasoline) 

2.74 (equivalent 
to diesel) 

2.28 

2.25 

2.00 
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Appendix 


CONSTANTS AND CONVERSION FACTORS 


Power 

W 

cal/s 

kcal/h 

Btu/s 

Btu/h 

lb f ft/s 

hp 

1 W 

1 

0.239 

0.8604 

9.478 x 10~ 4 

3.412 

0.7376 

1.341 x 10~ 3 

1 cal/s 

4.18 

1 

3.6 

3.966 x 10~ 3 

14.276 

3.086 

5.611 x 10~ 3 

1 kcal/h 

1.1622 

0.2778 

1 

1.102 x 10~ 3 

3.966 

0.857 

1.559 x 10~ 3 

1 Btu/s 

1055 

252 

907.78 

1 

3600 

778 

1.415 

1 Btu/h 

0.293 

0.07 

0.252 

2.78 x 10~ 4 

1 

0.216 

3.93 x 10~ 4 

1 lbf ft/s 

1.356 

0.324 

1.167 

1.285 x 10~ 3 

4.63 

1 

1.818 x 10~ 3 

1 hp 

746 

178.2 

642 

0.707 

2540 

550 

1 


Energy 

J 

cal 

Btu 

lb £ ft 

Kw h 

Hp h 

erg 

1 J 

1 

0.239 

9.478 x 10~ 4 

0.738 

2.778 x 10- 7 

3.725 x 10- 7 

1 x 10 7 

1 cal 

4.184 

1 

3.966 x 10~ 3 

3.086 

1.162 x 10~ 4 

1.559 x 10~ 6 

4.18 x 10 7 

1 Btu 

1055 

252 

1 

778 

2.93 x 10~ 4 

3.93 x 10~ 4 

1.055 x lO 10 

1 lb f ft 

1.356 

0.324 

1.285 x 10~ 3 

1 

3.766 x 10- 7 

5.05 x 10- 7 

1.356 x 10 7 

1 kw h 

3.6 x 10 6 

8.6 x 10 5 

3412 

2.655 x 10 6 

1 

1.341 

3.6 x 10 13 

1 hp h 

2.68 x 10 6 

6.42 x 10 6 

2.54 x 10 3 

1.98 x 10 6 

0.7457 

1 

2.6845 x 10 13 

1 erg 

1 x 10- 7 

2.39 x 10~ 8 

9.478 x 10~ n 

7.376 x 10~ 8 

2540 

3.72 x 10~ 4 

1 


Pressure 

Pa 

bar 

atm 

Torr (mmHg) 

Psi 

1 Pa 

1 

1 x 10- 5 

9.876 x 10~ 6 

7.5 x 10~ 3 

1.45 x 10~ 4 

1 bar 

1 x 105 

1 

0.987 

750 

14.5 

1 atm 

1.013 x 10 5 

1.013 

1 

760 

14.7 

1 Torr (mrnHg) 

133.3 

1.33 x 10 3 

1.316 x 10~ 3 

1 

1.934 x 10~ 2 

1 Psi 

6.9 x 10 3 

1.488 x 10~ 5 

6.8 x 10~ 2 

51.7 

1 
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APPENDIX 


PHYSICAL CONSTANTS AND CONVERSION FACTORS 


Ideal gas law constant, R 8.314 J mol 1 K 1 

1.987 cal mor 1 KT 1 
82.058 cm 3 atm mol -1 KT 1 
8.317 erg g moP 1 KT 1 
0.082057 L atm g moP 1 KT 1 
62.361 L mmHg g moP 1 K _1 
0.0848 kgf cm~ 2 L g moP 1 BP 1 
998.9 mmHg ft 3 lbmoP 1 KT 1 
1.314 atm ft 3 lbmoP 1 KT 1 
1.986 Btu lbmoP 1 IP 1 
7.805 x 10~ 4 hp h lbmoP 1 IP 1 
5.819 x lO -1 kW h lbmoP 1 IP 1 
0.7302 atm ft 3 lbmoP 1 IP 1 
555 mmHg ft 3 lbmoP 1 IP 1 
10.73 Psi ft 3 lbmoP 1 IP 1 
1545.3 lb f ft lbmoP 1 IP 1 
1.851 x 10 4 lbf in lbmoP 1 IP 1 


CONVERSION FACTORS 


Given a quantity 

Multiply by 

To get quantity 

US gallons 

3.785 

Liters 

Cubic feet 

28.316 

Liters 

Meters 

39.37 

Inches 

Kilograms 

2.2046 

Pounds 

Ponds 

453.59 

Grams 

Poise 

0.1 

g cnP 1 s _1 

Centipoise 

0.01 

Poise 

Centipoise 

0.001 

kg cnP 1 s _1 

Centipoise 

2.42 

lb fP 1 IP 1 










Index 
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A 

A. aureus, 3t 
A. wentii, 3t 

ABE, see Acetone—butanol—ethanol 
Abiotic losses, 576—578 

ABRII, see Agricultural Biotechnology Research 
Institute of Iran 

Acetic acid, 13, 55t, 83-84, 313b-314b, 621-622 
Acetic acid fermentation process, 312—314 
Acetobacter, 13 

Acetobacter aceti (A. aceti), 312—314 
Acetobacterium, 300t 
Acetobacterium woodii, 83—84 
Acetone, 53, 58—59 

Acetone—butanol—ethanol (ABE), 612—613 

Acetyl CoA, 84 

Acid pH, 436 

Acidogenesis, 573—574 

Acidogens, 574—575 

Acidulent, 11—12 

Acrylamide polymers, 242 

Actinomycetes, 6—7 

Activated sludge, 70b, 76, 399-410, 580-582 
Activation energy, 28 
Activators, 28 
Adenine, 30—31 

Adenosine triphosphate (ATP), 29, 291—292, 318 
Adsorbent contactors, 518 

Adsorption, 115, 242, 576—578, see also Downstream 
processing 

chromatography, 245 
fixed-bed, 243-244 
Freundlich isotherm, 243 
ion-exchange, 242 
langmuir isotherm, 243 
Aerated bioreactor, 70b, 225 
Aerated system, 70b, 195—196, 218—219 
Aerated tank, 78 

Aeration, 48, 53-56, 76, 199, 381-382, 

427-428, 578 

Aeration tank, 78, 79f—80f 
Aerobacter aerogenes, 131, 132f 


Aerobic 

biological oxidation, 569—572 
bioreactors, 53—54, 195—196 
downflow process, 410 
process, 561 

wastewater treatment, 76, 410—415 
Aerobic culture, 57, 65b—66b, 69b—70b 
Affinity chromatography binding, 245 
AFM, see Atomic force microscopy 
Agar, 263, 293, 353, 353f, 442, 447-448 
Agaricus bisporus (A. bisporus), 431—432 
Agarose, 245—246, 509 
Agarose-based materials, 509—510 
Aggregated mycelia, 204—205 
Aggregation, 116, 235 

Agitation, 53-57, 56t, 63, 134-137, 195, 199, 355, 

365, 381 

Agitation speed, 56, 88f—89f, 95, 96f 
Agitator, 57—58 
Agitator power, 61, 63 

Agricultural Biotechnology Research Institute of Iran 
(ABRII), 597 
Aiba, 177t 
Air filtration, 405b 
Air sparger, 56—57 
Airlift 

bioreactors, 196—197, 202 
pressure cycle bioreactor, 195, 197 
Alcohols, 1-2, 9-10, 114 
Algae, 607-608 
Alginate, 268 
Alginic acid, 268 
Alkaloids, 239-240 
Alkanes, 431 

oc-ketoglutaric acid, 14—15 
Alumina membrane, 483 
American Type Culture Collection (ATCC), 334 
Amino acid, 14—15 
Ammonia (NH 3 ), 559 
nitrogen oxidation reaction, 582 
removal, 461 

Ammonium bicarbonate (NH 4 HCO 3 ), 567—568 
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Ammonium fumarate, 260 
Amperometric biosensors, 118, see also Biosensors 
linear detection range, 122 
LOD, 122 
recovery time, 122 
response time, 122 
sensitivity, 123 

sweeping potential vs. time, 119f 
voltammetry, 118 
Amperometry, 117—118 
Amyl acetate, 239 
Amylases, 33—34 
Amyloletic enzyme, 424 
Anabolism, 218 
Anaerobic 
digestion, 572—576 
production, 621 
reaction, 575—576 
Anaerobic media, 295—301 
Anaerobic membrane bioreactor (AnMBR), 463 
Analyte, see Substrate 
Andrew substrate inhibition model, 93—94 
Andrews and Haldane model, 55t 
Angular velocity, 233—235, 382—383 
Animal fats, 607 

AnMBR, see Anaerobic membrane 
bioreactor 

Anode, 109-110, 535t 
Anodic chamber, 544 
Anoxic process, 561 
Antibiogram assay, 352—353 
Antibiotics, 346, 348 
antibiogram assay, 353 
in batch process, 347 
biological assay, 353 

analytical method, 352—353 
bioreactor design 
and control, 355—356 
specification sheet, 360t, 361 
chemical agents, 347 
detection, 352—353 
experimental procedure, 352 
fermenter 

description, 352 
dimension estimation, 356—357 
herbal medicines, 347 
inoculum preparation, 349—350 
microorganisms and media, 349 
oxygen transfer rate determination, 359—361 
penicillin, 348—349 
extraction, 352 
filtration, 352 

power input determination, 358—359 


Reynolds number determination, 358 
submerged culture, 354—355 
Antifoam, 62, 112-113, 199-200, 384 
Antigens, 4, 347 
Apoenzyme, 28 

Apparent Michaelis constant, 153, 176 
Aqueous two-phase partition, 500 
Arabinoxylanase, see (3-glucanase 
Araboascorbic acid, 3t 
Arginine, 114, 116, 429t 
Arrhenius' law, 38, 40, 209 
Arsphenamine, 347 
Arthrobacter, 14—15, 608—609 
Arthrospira platensis {A. platensis), 608 
Artificial mediators, 538—539 
Ascorbic acid, 36t, 114 
Asparagines, 298 

Aspartase, see Aspartate ammonia lyase 
Aspartate ammonia lyase, 28—29 
Aspartic acid, 28—29 
Aspergillus niger (A. niger), 363—365 
Aspergillus oryzae, 6—7 

ATCC, see American Type Culture Collection 
Atomic force microscopy (AFM), 535—536 
ATP, see Adenosine triphosphate 
Attached growth, 586—594, 586t 
Attached growth process, 558 
Autoclave, see Closed system 
Autoclave operation, 449—450 
Autotrophic, 83—84, 584 
Auxotroph, 301 

Average biomass concentration, 141 
Azotobacter vinelandii, 65b—66b 

B 

P-lactam antibiotics, see Penicillin 
Bacillus amyloliquefaciens, 287t 
Bacillus polymyxa, 351t 
Bacillus subtilis, 3t, 351t, 352—353, 430 
Bacillus thuringiensis, 2 
Background current, 118 
Bacteria, 567—568, 608—609 
culture, 566—567 
media sterilization, 447—448 
Bacterial amylase, 3t 
Bacterial protease, 3t 
Bacteriophage, 8 
Bacteriostatic, 346 
Bacto-agar, 293 
Bagasse, 46—47, 611—612 
Baker's yeast, 10-11, 16-18, 17f, 420, 429 
batch experiment, 421 
Basal medium, 295 
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Batch 

adsorption, 500 

citric acid fermentation, 371—373 
culture 

cell growth, 131 
disadvantages, 140 
kinetics of, 132—133 
experiment 

continuous ethanol fermentation experiment, 343 
optical cell density, ethanol, and carbohydrate 
concentration, 342 
fermentation, 278, 419—421 
ethanol, 406b—407b 
experiment, 340—341 

glucose concentration, cell density, and ethanol 
production, 274f 
kinetic model for, 274f 
relative activities of S. cerevisiae in, 275f 
yeast cell dry weight and optical density, 271 
mixed reactor, 196 
sterilization, 437—439 
system, 90—91 
Batch Bioreactor, 84—88 

bCOD, see Biodegradable chemical oxygen demand 

Bed matrix, 245 

Bed voidage, 504 

Beer, 34, 194, 201, 238 

Beer's law, 337 

fS-glucanase, 34 

/3-lactam antibiotics, 346, 349 

Beverages, 1—2, 5—6, 330 

BFC, see Biological fuel cell 

Bioalcohol resources 

first-generation biofuel, 601 
second-generation biofuels, 602 
third-generation biofuel resources, 607—608 
Bioanalytical assays, 114 
Bioassay, 352—353 
Biobutanol production, 612—613 
Biocatalysts, 535—536 
biocatalysts, active, 535—536 
Biochemical oxidation Xantliomonas campestris, 

314b—317b 

Biochemical oxygen demand (BOD), 559, 568—569 
Biochemical reaction stoichiometry, 331—332 
Bioconversion, 11—12 

Biodegradable chemical oxygen demand (bCOD), 592 
Biodegradable polymer, 11—12 
Biodegradable soluble chemical oxygen demand 
(bsCOD), 568-569 
Biodiesel 

production, 613—619, 619f 
resources 


first-generation biofuel, 601—602 
second-generation biofuels, 602—607 
third-generation biofuel resources, 608—609 
Bioelectricity, 531 
Bioelements, 114—115 
Bioethanol, 330 
fuel benefits, 331 

production, 462—463, 601, 609—612 
dry grinding, 612f 
wet grinding, 611f 
Biofilm, 259 
Biofilter, 3—4 
Bioflocs, 235—236 
Biofuel production, 462, 598 
classification and comparisons, 610t 
drives and impacts, 598—600 
economic perspective, 624 
events of, 599t 
feedstock, 600—601 

first-generation biofuel, 601—602 
second-generation biofuels, 602—607 
third-generation biofuel resources, 607—609 
integration of process, 622—624 
policies, 600t 

processes and technologies, 609 
biobutanol production, 612—613 
biodiesel production, 613—619, 619f 
bioethanol production, 609—612 
biogas production, 621—622 
biohydrogen production, 621 
biomethane, 621—622 

Biofuel Research Team (BRTeam), 598—599 
Biogas 

production, 621—622 
resources, 602 

Biohydrogen production, 621 
Biological 
catalysts, 30 
fluorophores, 129 
fouling, 464—465 
hydrogen production, 546—547 
process, 568—569 
transport of oxygen, 217—218 

mass transfer coefficient estimation, 218—221 
mass transfer in aerated and agitated vessels, 
221-223 

Biological assay, 114, 353 
Biological element, 114—115 

Biological fuel cell (BFC). see also Microbial fuel cell 
(MFC), 529-530 

Biological oxygen demand (BOD), 457—458, 547 
Biological transport of oxygen, 217—223 
Biological treatment, 558 
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Biological treatment ( Continued) 
abiotic losses, 576—578 
aerobic biooxidation, 569—572 
anaerobic digestion, 572—576 
attached growth, 586—594, 586t 
biological 

denitrification, 579—586, 581f, 584t 
nitrification, 579—586, 581f, 584t 
growth rate, 562—568 
microbial 

growth kinetics, 561—562 
metabolism, 559—561 
organic removal, 558—559 
principal groups, 558 

removal mechanism in biological process, 568—569 
suspended growth, 586—594, 586t 
treatment kinetics, 562—568 
volatilization, 578—579 
Bioluminescence, 104 
Biomass, 10—11 
balances, 141—142 
concentration, 589—590 
yield, 562-563 
Biomass composition, 106t 
Biomaterials immobilization, 115 
adsorption, 115 
covalent binding, 116 
cross-linking, 116 
encapsulation, 115—116 
entrapment, 115 
Biomethane, 621—622 
Biomolecules, 14, 28, 239-240, 538 
Bioprocess, 2, 3t, 9 
products, 10 
biomass, 10—11 
cell products, 11 
modified compounds, 11 
and services, lOt 
Bioprocess scale-up 

aerobic wastewater treatment, 410—415 
applied calculation method for, 391b—394b 
bioreactor design, 384—388 
calculation, 396b—397b 
dynamic model, 399—410 
ethanol batch fermentation, 406b—407b 
filter and air filtration, 405b 
mass transfer coefficient calculation, 398b—399b 
oxygen transfer rate, 399—410 
power calculation, 394b—396b 
power consumption calculation, 414b—415b 
procedure, 376 
for constant Kia, 377—378 
for constant mixing time, 379—381 


on physical concepts, 381—384 
on shear forces, 378—379 

stirred tank reactor chemostat vs. tubular plug flow, 
388-399 

vinegar production, 408b—410b 
Bioreactor design, 9, 53—54, 193—194, 384—388 
aerated and stirred vessels percentage distribution, 
194t 

airlift bioreactors, 202 
biological transport of oxygen, 217—223 
bubble column fermenter, 201 
controlling probes, 105—106 
CSTR fermenter design equations, 205—208 
heat transfer, 203—205 
performances, 195t 
sensor characteristics, 106—107 
specification sheet, 360t, 361 
stirred tank bioreactor, 198—200 
temperature effect on rate constant, 209 
type of, 195—198 
Biosciences, 5 

Biosensors, 113, 547, see also Fermentation process 
control 

biological element, 114—115 
biomaterials immobilization, 115—116 
components, 114f 
transducer, 117—118 
Biostat, 137 

Biosynthesis, 14, 55, 292—293, 346 
Biosystem, 105-106, 217-218 
Biotechnology, 2—5, see also Downstream processing 
advances in, 497 
cell disruption, 498—499 
Dyno Mill KDL-I, 499f 
protein products, 497—498 
protein purification, 500—501 
Biotic loss, 568 
Biotransformation, 11 
Blastospores, 354—355 

BOD, see Biochemical oxygen demand; Biological 
oxygen demand 

Bovine serum albumin (BSA), 425 

BP, see British Petroleum 

Bradyrhizobium, 2 

Breakthrough point, 243 

Brevibacterium, 3t, 14—15 

Brevibacterium lactofermentum, 300t 

Brevibacterium sp., 3t 

British Petroleum (BP), 426—427 

Broad spectrum, 351t 

Broth, 252b—253b 

Broth rheology, 106t 

BRTeam, see Biofuel Research Team 
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BSA, see Bovine serum albumin 
bsCOD, see Biodegradable soluble chemical oxygen 
demand 
Bubble, 68-74 

Bubble column, 384—388, 385b 
fermenter, 201 

Bubble diameter, 60-61, 220, 221b-223b 

Bubble residence time, 68 

Bubble size, 56-57, 59, 220 

Buoyant force, 68, 225 

Butanol, 6-7, 240, 612-613 

Butyl acetate, 239-240, 352 

Butyric acid, 327b 

c 

Cake resistance, 231—233 
Calcium alginate, 268—270 
Calderbank and Moo-Young, 219 
Candida lipolytica, 363—364 
Candida rngosa (C. rugosa), 181—182 
Candida sp., 302t, 303, 430t 
Candida tropicalis (C. tropicalis), 431—432 
Candida utilis (C. utilis), 6—7, 431—432 
Capacitance, 105, 112—113 
Capacitance foam detector, 113 
Capacitance probes, 105 
Carbohydrates, 2, 7—8, 15, 163b—165b, 

267, 369 

Carbon capture and storage (CCS), 624 
Carbon dioxide, 6-7, 33-34, 56, 462, 598, 608 
Carbon dioxide production rate, 56, 105 
Carbon Monoxide, 84, 93, 98f 
Carbon monoxide dehydrogenase (CODH), 84 
Carbon sources, 5 

Carbonaceous biochemical oxygen demand (CBOD), 
568-569 

Carboxy methyl cellulose (CMC), 116, 245—246 

Carotenoid, 36t, 37 

Carrageenan, 116, 288t 

Carrier binding, 261 

CAS, see Conventional activated sludge 

Caster, 607 

Catabolic pathway of glucose, 318 
Catabolic repression, 165f 
Catabolism, 7-8, 55, 318, 432-433 
Catabolite, 196 
Catabolite repression, 196 
Catalysts, active, 30 
Catalytic processes, 83—84 
Cathode catalyst, 533 
Cathodic chamber, 544—545 
Cation exchange membrane, see Proton exchange 
membrane (PEM) 


CBOD, see Carbonaceous biochemical oxygen 
demand 

CCS, see Carbon capture and storage 
Cell concentration, 84—85, 90—91, 134—137, 173 
Cell density, 65b-66b, 69b-70b, 134-137, 141, 270, 
476 

Cell density monitoring, 419—420 
Cell dry weight (CDW), 56, 79, 80f, 85, 131, 255, 339, 
368 

Cell harvesting, 143 
Cell load, 137f 

Cell morphology, 106t, 332—333 

Cell optical density (COD), 54—55, 79, 129 

Cell recycling, 143, 462 

Cell respiration, 129, 217—218 

Cell rupture, 57, 238 

Cell suspension, 498—499, 499f, 511 

Cell turbidity, 138f, 271 

Cell wall, 6, 35, 346, 498-499 

Cell(s) 

activities, 259 
concentration, 332 
disruption, 238—239, 498—499 
growth, 371—372 
in batch culture, 131 
phases, 131—132 
products, 11 
wall, 6 
weight, 368 
measurements, 339 
Cellular composition, 106t, 428t 
Cellulose, 34, 330, 430 
Cellulose acetate, 116, 460t 
Cellulose triacetate, 262 
Centrifugal force, 200, 233—234 
Centrifugation, 233—235 
centrifuge effect, 233—234 
theory of, 233—235 
Centrifuge, 233-234, 239, 250b 
Cephalosporin, 3t, 346, 350, 351t 
Cephalosporine 

Cephalosporium acremonium, 3t, 351t 
Ceramic membrane, 483, 486f 
alumina-coated on, 487f 
zirconia-coated on, 489f 
Cheese, 1-2, 11-12, 34, 194 
Chemical agents, 347 
Chemical antifoams, 112 

Chemical oxygen demand (COD), 457—458, 568—569, 
569f 

Chemical sensors, 547 
Chemical sterilization, 451 
Chemoautotrophs, 560 
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Chemolithotroph, 83—84 
Chemostat, 134—137 

Chemostat bioreactor, see Continuous stirred tank 
reactor (CSTR) 

Chemostat modification, 143 
Chemotherapy, 347 
Chen and Hashimoto, 176t 
Chitin, 35 
Chitosan, 115—116 
Chromatography, 244—253 
principles of, 246—253 
Chronoamperometry, 118 
Cibacron Blue 3 GA, 500—501, 501f 
CIP, see Cleaning-in-place 
Circulation time, 106t 
Citric acid, 2, 363—364, 369 
analytical method, 368—369 
experimental run, 369—371 
factors affecting mold growth, 365—367 
fermentation process, 365—367 
kinetic model in, 371—373 
processes for recovery, 369 
production, 324b—325b, 364—365, 

367-368 

purification processes, 369 
seed culture, 367 
seeding inoculum, 367 
Citric acid cycle, 84 
Clean water, 548 
Cleaning-in-place (CIP), 509 
Clogging, 112, 196, 363-364 
Closed system, 435—436 

Clostridium acetobutylicum (C. acetobutylicum), 6—7 
Clostridium butyricum (C. butyricum), 532 
Clostridium ljungdahlii (C. ljungdahlii), 83—84 
CO substrate on, 96—98 
growth simulation, 90f 
Clostridium species, 6—7 
Clostridium thermoaceticum, 83—84 
Clostridium thermocellum, 331—332 
Clostridium thermohydrosulfuricum, 331—332 
CMC, see Carboxy methyl cellulose 
CO substrate, 96—98 
CoA, see Coenzyme A 
Coagulated milk, 3t 
Coalescing systems, 61—62 
Cobalamin (vitamin B12), 3t, 296t 
COD, see Chemical oxygen demand 
CODH, see Carbon monoxide dehydrogenase 
Coenzyme A (CoA), 35—36 
Coenzymes, 28, 35—37, 36t 
Cofactors, 35 
Collagen, 116 


Competitive inhibitors, 31, 32f 
Compressible cake, 232 
Conductance, 105, 112t 
Conductance probes, 105 
Conductivity, 105, 112t, 117-118 
Conductometry, 117—118 
Conjugated enzymes, 147, 149—150, 153 
Conservation of mass principle, 309—317 
Consolidated bioprocessing (CPB), 623 
Constant mixing time, 379—381 
Constant power, 376—377 
Continuous culture, 140 
Continuous extraction column, 240—242 
Continuous fermentation, 341—342, 

419-421, 471f, 473, 474t 
Continuous sterilization, 439—441, 440f, 

446b—447b 

Continuous stirred tank reactor (CSTR), 104, 105f, 
381, 389b—391b 
fermenter 

design equations for, 205 

Monod model for chemostat, 205—208 
Contois model, 176 
Control unit, 104, 114f 

Conventional activated sludge (CAS), 457—458 

Conventional batch fermenter, 357f 

Conveyer centrifuge, 233 

Cooling coil, 349—350 

Coomassie plus protein assay reagent, 425 

Coomassie—protein reaction scheme, 425 

Corn, 601 

Corn steep liquor, 14—15, 18, 311b—312b, 348 

Corn syrup crystallization, 8 

Correction factors, 211b—214b 

Corynebacterium glutamicum, 1 

Cottrell equation, 120 

Coulombic yield, 543 

Coulter counter, 332 

Covalent binding, 116, 284 

CPB, see Consolidated bioprocessing 

Critical dilution rate, 137, 142 

Cross-flow, 459 

Cross-linking, 116, 262 

Crystallization process, 241, 253—255 

CSTR, see Continuous stirred tank reactor 

Current, 54, 108, 118, 332 

background, 119—120 

Cyanobacteria, 608 

Cyclic voltammetry, 118 

Cyclic voltammogram, 119—120, 119f 

Cysteine, 298, 428-429, 429t 

Cytoplasm, 6 

Cytoserine, 346 
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D 

D-mannuronic acid, 268 
Dairy products, 1—2, 9, 11—12, 34 
DAP, see Diaminopimelic acid 

Death phase, 90-91, 131-132, 140, 179, 354, 561-563 

Death rate, 86, 139, 437 

Decanter, 233 

Decarboxylase, 29, 34, 608 

Denitrification, biological, 579—586, 581f 

Dermatophytic fungi, 351t 

Description of glycolysis, 319—326 

Detecting antibiotic, 352—353 

Detection, 112-113, 117, 352-353 

detection range, 122 

Dextran, 3t, 509 

Dextrin, 16, 245—246 

Dialysis, 228, 512 

Diaminopimelic acid (DAP), 14 

Diauxic growth, 165f 

Digestive enzymes, 30 

Dilution rate, 72, 139, 168t, 478-479 

maximum dilution rate, 134—137, 165b—166b, 

214b—215b 

Dimensionless aeration rate, 211b—214b, 359 
3,5-dinitrosalicylic acid (DNS), 78, 337 
Dinucleotide, 7—8, 36t 
Direct conversion process, 608 
Direct product sequestration (DPS), 512 
Disadvantages of batch culture, 140 
Disc-stack bowl centrifuge, 235, 235f 
Disk turbine agitator, 58 
Dissolved carbon dioxide, 104—105, 106t 
Dissolved oxygen (DO), 54, 76, 109, 419, 568-571 
measurement, 54 
and control, 109—110 
probe, 54 
in SCP, 419 

Distillation, 174, 228, 330-331, 610-611, 623 

Divinyl benzene, 242 

Dixon plot, 189 

DNA, 35, 106t 

DNAligase, 35 

DNS, 270-271, 337, 472 

DNS, see 3, 5-dinitrosalicylic acid 

DO, see Dissolved oxygen 

DO measurement, 123 

DO probe, 54, 58, 109, 123, 419 

Double reciprocal plot, 145—146 

Doubling time, 6 

Dourado, 177t 

Down-comer, 202, 220—221 

Downstream processing, 11, 228, 497 

acid recovery by liquid—liquid method, 230f 


cell disruption, 238—239 
centrifugation, 233—235 
and solvent extraction, 230f 
chromatography, 244—253 
conventional techniques, 501—502 
crystallization process, 253—255 
emerging technology for cell recovery, 238 
experimental procedure, 510—511 
FBA, 502-504 
filtration, 231—233 
flotation, 237 
freeze-drying, 255 
jacketed fermentation vessel, 229f 
liquid fluidized beds, 504—510 
process integration, 511—513 
for proteins purification, 498f 
sedimentation, 235—236 
DPS, see Direct product sequestration 
Draft tubes, 202 

Driving force for mass transfer, 58 
Dry heat sterilization, 450 
Drying, 228, 236, 449, 485, 488, 603t-606t 
Dual substrates, 147-152, 163b-165b, 178 
Dynamic model, 399—410 

E 

Eadie—Hofstee plot, 172f 

Effective mineral, 106t 

Effluent substrate concentration, 591 

Ehrlich ascites tumor, 287t 

El, see Enzyme—inhibitor 

EIS, see Enzyme—inhibitor—substrates 

Electricity, 528, 545—546 

Electrochemical biosensor, 117—118 

Electrochemical detectors, 109 

Electrode, 54, 110-111, 113, 118 

Electrode response, 107 

Electrodialysis, 452, 469, 500 

Electrolyte, 54, 61-62, 109-110, 118, 231, 530t, 542 

Electromagnetic flow meters, 105 

Electron 

acceptor, 560 
beam sterilization, 451 
donors, 562—563 
mediator, 538—539 
transfer, 536—538 
transport, 538 

Elemental balances, 303—305 
Elemental composition, 291—293, 304 
Embden—Meyerhof—Pamas pathway (EMP), 
318-326 

glycolysis, 319—326 

EMR, see Enzymatic membrane reactor 
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Encapsulation, 115—116 
Endocarditis infection, 347 
Endomycopsis biospor, 40 

Energy balance for continuous ethanol fermentation, 
305-306 

Energy integration, 623—624 
Enterobacter aerogenes, 14 
Entrapment, 115, 261—262 
Enzymatic hydrolysis reaction, 181 
Enzymatic membrane reactor (EMR), 181—182 
Enzymatic rate equation, 187—189 
Enzyme, 20 
activators, 30—31 
catalysts, 30—31 
classifications, 28—30 
coenzymes, 35—37 
deactivation, 37—38 
elementary reaction rate, 21—28 

inverse urea and inverse rate calculation, 24t 
linear plot, 24f 

Lineweaver—Burk plot, 25f—26f 
Michaelis—Menten rate constants, 24b—25b 
enzymatic reactions, 20 
enzyme-catalyzed reaction inhibitors, 31—33 
industrial application, 33—35 
kinetics, 182 

product inhibition study, 185—186 
rapid equilibrium system, 187 
substrate and product inhibitions analyses, 
182-183 

substrate inhibition study, 183—185 
verification, 189—191 
leakage, 115 
effect of pH, 37 
production, 16, 20—21 
specific function, 30 
unit activities, 37 
Enzyme activators, 30—31 
Enzyme activities, 28, 33—34, 37, 40t, 45—46, 344 
Enzyme Commission, 37 
Enzyme kinetic model, 181—191 
Enzyme kinetics, 182—186 

Enzyme reaction kinetics, 145—146, see also Growth 
kinetics 

noncompetitive inhibition rate model, 153—172 
reaction mechanism with competitive inhibition, 
152-153 

reversible reactions with dual substrate reaction, 
151-152 

single enzyme with dual substrates mechanism, 
147-151 

Enzyme-catalyzed reactions inhibitors, 31—33 
Enzyme-substrate (ES), 32 


Enzyme—inhibitor (El), 185—186 
Enzyme—inhibitor—substrates (EIS), 32—33 
EPS, see Extracellular polymeric substance 
Equilibrium constant, 242 
Equilibrium kinetic studies, 520—522 
Ergosterol, 36t, 37 
Erythromycin, 3t, 15, 239—241, 351t 
ES, see Enzyme-substrate 

Escherichia coli (E. coli), 15, 260, 304—305, 334t, 538 
Essential amino acids, 14, 422, 428 
Estimation of mass transfer coefficient, 218—221, 381 
Ethanol, 330 
analytical method, 338 
fermentation, 278, 468 
batch fermentation, 406b—407b 
biofilm reactor use for ethanol production, 267 
continuous fermentation, 471f, 473, 474t 
experimental environment, 470—472 
immobilized biomass activity, 268 
using MBR, 470, 474-479 
membrane technology, 469 
in using S. cerevisiae, 267 
inhibition, 468 
production, 330—331 
immobilized systems for, 288—289 
2-ethoxyethanol, 185 
Evaporation, 113, 228, 342 
Exhaust gas, 105, 112, 349—350 
Exit gas, 56, 104—105 
Expanded bed adsorption, 518, 522—523 
degree of bed expansion, 508—509, 516 
Streamline™ DEAE, 522 
Exponential growth phase, 131—132, 333 
External loop, 195, 197-198, 202 
Extracellular polymeric substance (EPS), 

464-465 

Extracellular polymers, 259 
Extraction of penicillin, 239—240, 352 

F 

F/M ratio, see Food to microorganism ratio 
Faraday constant, 110—111, 541—543 
FBA, see Fluidized bed adsorption 
Fed batch, 18, 144, 413-415 
Fed batch culture, 144—145 
Fed-batch mixed reactor, 196 
Fermentation, 7—8, 573—574 
fermentation-based products, 461—462 
media preparation for, 292—293 
anaerobic media preparation, 295—301 
medium formulation, 293—294 
minimal and standard media preparation, 
301-303 
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phase, 573—574 
process, 7—9 

Fermentation process application, 7—10, 356 
batch 

experiment, 342—343 
fermentation experiment, 340—341 
biochemical reaction stoichiometry, 331—332 
bioethanol fuel benefits, 331 
cell dry weight measurements, 339 
continuous fermentation experiment, 341—342 
ethanol 

analysis analytical method, 338 
production, 330—331 
expected results, 343—344 
growth and product formation kinetics, 333—334 
inoculum preparation, 335 
media sterilization, 342 
optical cell density, 332—333 
RI determination, 338 
seed culture inoculation, 336—337 
stock culture preparation, 334—335 
yield calculation, 339 

Fermentation process control, 104, see also Biosensors 
bioreactor 

controlling probes, 105—106 
sensor characteristics, 106—107 
DO measurement and control, 109—110 
foam detection and prevention, 112—113 
pH/redox measurement and control, 110—111 
temperature measurement and control, 108—109 
Fermenter, 9, 53—54, 194—195 
description, 352 
dimension estimation, 356—357 
Fick's law, 120 

FID, see Flame ionization detector 
Filamentous 
form, 333 
organisms, 293 
shape, 6—7 

Film theory, 59, 91, 91f 

Filter aids, 231, 310b-311b 

Filter cake, 12, 231-232, 246b-247b, 

310b—311b 
Filterability, 231 
Filtration, 231-233, 352 
filter and air, 405b 
hormone separation in gel, 252b 
pressure drop, 231 
sterilization with, 450 
theory of, 231—233 
First-generation biofuel, 601 
feedstocks, 601—602 
Fixed-bed adsorption, 243—244, 502 


Fixed-film or biofilm process, see Attached growth 
process 

Flame ionization detector (FID), 472 
Flat blades Turbine disk, 58 
Flavin adenine denucleotide, 129, 500—501 
Fleming, 15, 348 
Flocculation, 195, 230-231, 580 
Flotation, 237—238 
Fluidized bed, 196, 518 
Fluidized bed adsorption (FBA), 502—504 
column design for, 510 
matrices for, 509—510 
Fluidized/expanded bed system, 503—504 
hydrodynamic characterization, 504 
interfaced and integrated, 511—513 
Fluorescence, 117, 129, 130f 
Fluorescence spectroscopy, 129—130 
Fluorophase, 129 
Fluorophore, 129 
Flux, 58, 64, 123, 490 
FO, see Forward osmosis 
Foam 

breaker, 112, 384 

detection and prevention, 112—113 
detectors, 112 
level, 106t 

Foaming, 104, 112, 199-200, 349-350 
Food additive, 2, 14, 363-364, 429 
Food stabilizer, 3t 

Food to microorganism ratio (F/M ratio), 590 
Forward osmosis (FO), 465—466 
Four-bladed disk turbine, 200 
Free enzyme, 20, 22, 31, 148, 150, 187-188 
Free sites, 31—32, 148—149 
Freeze drying, 229, 255 
freeze drying/lyophilisation, 229 
freeze-dried culture, 334 
Freundlich isotherm adsorption, 243 
Freundlich model, 243 
Froude number, 63, 199, 384 
Fuel cell, 528, 528f 
classification, 529 
merits, 529 
stack, 533—534 
Funda-foam system, 200 
Fungi, 2, 6-7, 11-12, 349, 418-419, 607 
Fungus Fusarium, 331, 431 
Fusarium sp., 331—332 

G 

GAC, see Granular activated carbon 

Galactose, 462 

Galileo number, 507—508 
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Galvanic detectors, 109 

Gas analyzer, 109 

Gas bubble formation, 68—74 

Gas chromatography (GC), 244, 338, 568—569 

Gas dispersion, 56—58 

Gas flow rate, 201, 221b-223b, 357, 385b, 396b-397b 
Gas fluidized beds, 503 

Gas hold-up, 60-61, 68, 68b, 203-204, 211b-214b, 
396b—397b 

Gas mixing patterns, 106t 
gas oil floe, 220 

Gas superficial velocity, 201, 357 
Gas—liquid system, mass transfer in, 59—60 
Gassed power, 61, 211b-214b, 380, 402b-404b 
GC, see Gas chromatography 
GDH, see Glutamic acid dehydrogenase 
Gel beads, 259-260 
Gel chromatography, 245 
Gel filtration, 228-229, 245-246 
Gel polarization, 550 
Gelatin, 262 
Ghose and Tyagi, 177t 
Glucolysis, 6—7, 320f 
Gluconic acid, 13, 309b—310b 
Gluconobacter , 13 
Gluconobacter suboxydans, 3t 
Glucose, 431 
isomerase, 34 
oxidase, 123 

Glutamic acid, 2, 3t, 9, 14—15 
Glutamic acid dehydrogenase (GDH), 14—15 
Glutaraldehyde, 110-111, 116, 262, 284 
Glycerol, 8-9, 14, 305-306, 330, 616 
Glycolysis, 319—326 
glycolytic, 7—8 
Graetz number, 204—205 
Graetz—Leveque equation, 204—205 
Gram-negative bacilli, 427—428 
Gram-negative bacteria, 346 
Gram-positive bacteria, 346 
Granular activated carbon (GAC), 460—461 
Grashof number, 218—219 
Gravitational force, 63 
Growth factors, 36, 292-293, 442, 565 
Growth inhibitors, 106t 
Growth kinetics, 129 
in batch bioreactor, 84—88 
batch culture, 131 
for continuous culture, 133—137 
growth phases, 131—132 
indirect measurements, 129 
fluorescence spectroscopy, 129—130 
specific growth rate, 130—131 


material balance for CSTR, 137—145 
unstructured kinetic model, 173—179 
Growth phase, 131-132, 354, 562-563 
Growth rate, 31, 54, 86, 130-131, 139, 174, 206, 
254-255, 304-305, 371-372, 562-568 
Growth stimulants, 36, 131, 442 
Growth stoichiometry Elemental balances, 
303-305 

Growth-limiting factor, 567—568 
Growth-rate limitations, 304—305 

H 

Hagglund, 177t 

Haldane model, 563—564 

Half-life, 11, 37-38, 278-279 

Hanes-Woolf, 183f-186f 

Hansford model, 178 

Heat evolution, 104 

Heat production, 108—109 

Heat transfer, 203—205 

Heat transfer coefficient, 203—205, 441—442 

Heating, 43, 231, 437, 449, 610-611 

Heating phase, 449 

Hemicellulase catalase, 11 

Hemicellulose, 330, 602 

Hemocytometer slide, 332 

Henry's constant, 92 

Henry's law, 59-60, 67, 96, 578-579 

Herbal medicines, 347 

Herbert, 177t 

Hetero-polymer, 330 

Heterofermentative organism, 6—7 

Heterogeneous catalysts, 616 

Heterogeneous nucleation, 253—254 

Heterogeneous systems, 20, 53—54 

Heterotroph, 301, 560 

Hexokinase, 28 

Hexose, 28 

High shear rate, 195 

High-pressure homogenizer (HPH), 

498-499 

Hinshelwood, 176, 177t 
Histidine (His), 35—36 
Hollow fiber, 459, 463, 469 
Holoenzyme, 28 

holographic laser interferometry, 285—286 
Homofermentative organism, 6—7 
Homogeneous nucleation, 253 
Homogeneous phase, 20 
Homolactic fermentation, 11—12, 319 
Hormone, 4-6, 15, 228, 252b 
Hot plates, 441-442, 441f 
HPH, see High-pressure homogenizer 
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Humidification, 228, 309b—310b 
Hydraulic retention time (HRT), 587—588 
Hydrochloric acid (HC1), 615 
Hydrodynamics, 517 
Hydrogen production, 621 
Hydrogenase, 28—29, 129 
Hydrolases, 29—30 
Hyphae, 6-7, 367, 371-372 

I 

Ibuprofen ester, 181-182, 182f, 185, 189 
ICR, see Immobilized cell reactor 
Immobilization 
of biomaterials, 115—116 
methods, 285t 

of microorganisms by covalent bonds, 284 
ethanol productivity, 288t 
growth and colony formation, 286—288 
microbial cells, 286t 
oxygen transfer to, 284—285 
studies of diffusion, 287t 
substrate transfer to, 285—286 
Immobilized cell reactor (ICR), 262, 468 
continuous fermentation of dual substrate, 264t 
electronic microscopic scanning, 271, 272f—273f 
ethanol detection, 271 

ethanol fermentation in using S. cerevisiae, 267 
biofilm reactor use for ethanol production, 267 
immobilized biomass activity, 268 
experimental reactor system, 268—270 
experimental setup, 269f 
properties and appearance of Saccharomyces 
cerevisiae beads, 270t 
experiments, 263 

glucose concentration determination, 270—271 
kinetic model for immobilized P. acidipropionici, 266t 
model test using P. acidipropionici, 265f 
rate model, 263—266 
statistical analysis, 271 
conversion vs. retention time, 276f 
glucose concentration, cell density, and ethanol 
production, 274f 
glucose consumption, 276f 
kinetic model for batch fermentation, 274f 
Lactobacillus bulgaricus beads, 277f 
percentage growth of immobilized cells, 275f 
relative activities of S. cerevisiae, 275f 
S. cerevisiae beads, 277f 
yeast cell dry weight and optical density, 271 
Immobilized enzymes, 616 
Immobilized microbial cells, 259—260, see also 
Microorganisms 

advantages and disadvantages, 262 


alternative methods, 261f 
batch fermentation, 278 
carrier binding, 261 
cross-linking, 262 
entrapment, 261—262 

ethanol production vs. retention time, 280f 
glucose concentration and, 28If 
evaluation, 272—278 
high concentration effect, 279—281 
reactor setup, 279 
relative activity, 278—279 
techniques, 260f 
Immobilized system, 195 
for ethanol production, 288—289 
ethanol productivity from, 288t 
Immunoglobulin C, 251b 
Impeller, 106t, 210, 376, 378-379, 386b-388b 
marine, 58 

tip velocity, 210, 376, 378-379 
Impeller flooding, 106t 
Impeller speed calculation, 386b—388b 
Impeller tip velocity, 210, 376, 378—379 
Inclined blade turbine, 57 
Inducers, 106t 
Industrial bioreactors, 202 
Industrial fermentation, 2 
Industrial microbiology 

amino acids production, 14—15 
Baker's yeast, 16—18, 17f 
bioprocess, 2 
products, 10—11 
biosciences, 5 
biotechnology, 2—5 
enzymes production, 16 
industrial fermentation, 2 
insulin production, 14—15 
lactic acid production, 11—12 
microbe functions, 5—7 
microorganisms, 1—2 
penicillin production, 15—16 
process fermentation, 7—9 
vinegar production, 13 
Inexpensive carbon sources, 418—419 
Inhibition, 148—149 
Inhibitors, 30—31 

Inoculum preparation, 335, 349—350 
Inorganic components, 549 
Inorganic membrane, 483—484 
Insulin production, 14—15, see also 
Penicillin—production 
Intensification and integration methods, 622 
energy integration, 623—624 
reaction-separation integration, 623 
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Intensification and integration methods (Continued) 
reaction—reaction integration, 622—623 
separation—separation integration, 623 
Interferon, 3t, 4-6, 228-229 
Intermediate enzyme—substrate complex, 150 
Intermig agitator, 58 
Internal-loop, 202 
International Energy Agency, 598 
Interspecies hydrogen transfer, 574—575 
Intracellular enzyme, 11, 228—229, 237, 503—504 
ion exchangers, 228—229, 243 
Ion-exchange adsorption, 242 
Ion-exchange chromatography, 244—246 
Iranian Research Organization for Science and 
Technology (IROST), 42, 470 
Irreversible, 20-21, 151-152, 464 
Isomerization, 29—30 
Isopropanol, 6—7, 271 

J 

Jacket, 203-205, 438-439, 499 
Jacketed bioreactor, 408b—410b 
Jatropha, 602 
Jerusaliwski, 177t 
Jin, 177t 

K 

"Kat", 37 

Kinetic model, 173-179, 371-373 
Kinetic parameters, 24b—25b, 95, 97t, 165b—166b, 
183, 373 

Kinetics, 140-141, 151-152, 354-355, 586, 620t 
Kinetics of Growth, 84—88, 333—334 
Kinetics of reversible reactions, 151—152 
Klebsiella aergenes, 334t 
Koji bioreactor, see Static tray bioreactor 

L 

L-aspartic acid, 260 
L-glucuronic acid, 268 
L. brevis, 11—12 
L. casei, 11—12 
L. delbrueckii, 11—12 
L. helveticus, 11—12 
L. manihotivorans, 11—12 
L. paracasei, 11—12 
L. plantarum, 11—12 
Lactase, 11 

Lactate, see Lactic acid 
Lactic acid, 11—12, 461—462 
Lactobacillus bulgaricus, 3t, 11—12, 277f, 279 
Lactobacillus delbrueckii, 3t, 11—12 
Lactobacillus species, 6—7, 11—12 


Lactose, see Whey 

Lag phase, 86, 88-89, 131, 133, 163b-165b, 278, 
561-562 

Lambert-Beer law, 129 

Laminar flow, 63, 204-205, 231-232, 448, 519-520 

Landfill leachate (LFL), 460—461 

Langmuir isotherm adsorption, 243 

Langmuir—Hanes, 274f, 278 

Leachate, 20-21, 460-461 

Leucine, 114, 298, 429t 

Leuconostoc mesenteroides, 3t 

LFL, see Landfill leachate 

Ligase, 30, 35 

Light microscope (LM), 484 
Lignin, 34, 330, 423-424, 430, 602 
Lignase 

Lignocellulose, 602, 603t—606t 
biomass, 602 

Limit of detection (LOD), 122 
Linear detection range, 122 
Linear first-order differential equation, 265 
Linear-sweep voltammetry, 118 
Lineweaver—Burk 

equation state, 121—122 
plot, 25f—26f, 343 
Lipases, 41 

Lipid, 9, 26b, 262, 531-532, 608-609 
Lipopolysaccharide, 35, 262, 531—532 
Liquid chromatography, 337, 352—353, 369, 500 
Liquid fluidized bed adsorption, 516, 518, see also 
Nanobiotechnology Group contactor (NBG 
contactor) 

adsorbent contactors, 518 

bed expansion characteristics, 518 

bed voidage, 504 

column and solid phase designs, 516—517 
degree of bed expansion, 508—509 
FBA 

column design for, 510 
matrices for, 509—510 
hydrodynamic 

characterization, 504 
performance of NBG contactor, 517 
materials, 517—518 
particles 

minimum fluidization velocity, 505—506 
terminal settling velocity, 506—508 
Liquid gas mass transfer process, 41 If 
Liquid level, 105, 113, 134-137, 381 
Liquid—liquid extraction, 240, 613 
LM, see Light microscope 
LOD, see Limit of detection 
Logistic equation, 90—91 
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Logistic model, 88-89, 173-174, 372 
Loop bioreactor, 195, 197—198 
Low-temperature sterilization, 452 
Lux meter, 93, 95 
Lyophilization, 255 
Lyophilized, 228, 255 
Lysine, 2, 3t, 14-15, 262, 298, 429t 
Lysozymes, 30, 35 

M 

Macrofloc, 235 

Maintenance, 42-43, 83-84, 547, 560, 565, 579 
Malic acid, 13 

Malt, 7-8, 34, 293, 299t, 420-421 
Malthus function, 86 
Mammalian cell, 196 
Manton—Gaulin homogenizer, 239 
Marine propeller, 63, 212f, 215b—217b 
Marine type, 58 

Mass balance for biological processes, 306—309 
Mass flow meter, 105 
Mass spectroscopy, 568—569 
Mass transfer 

in aerated and agitated vessel, 221—223 
coefficients, 61—62, 381 
limited process, 63—74 
phenomena, 91—93 
film theory for, 91f 
Material balance, 413—415 
Maximum dilution rate, 134—137, 165b—166b, 
214b—215b 

MBR, see Membrane bioreactor 
Mechanisms of single enzyme, 147—151 
Media sterilization, 342 
Medium formulation, 293—294, 344 
MEK, see Methyl ethyl ketone 
Membrane, 465—466 
y-alumina, 484—485, 491 
anisotropic membrane, 353 
ceramic membrane, 483, 492 
charged membrane, 577—578 
dense membrane, 481 
fouling, 463-465, 502, 544 
isotropic membranes, 352—353 
metal and liquid membranes, 353 
microporous membranes, 352 
nonporous membranes, 486f 
semipermeable membrane, 285t 
synthetic membranes, 242 
zirconia, 484 

Membrane bioreactor (MBR), 331, 457, 469, see also 
Ethanol—fermentation 
advantages, 457—458 


applications, 460—463 
configurations, 458—459, 459f 
development, 465—466 
ethanol production in, 480t 
materials and modules, 459 
membrane fouling, 463—465 
Membrane fouling, 463—465 
Membrane module, 181, 463, 465, 489 
Membrane reactor (MR), 455, 456f, see also Membrane 
bioreactor (MBR) 

Membrane separation, 181, 228, 457—458, 475—476, 
500, 623 

Meningococci, 347 

Metabolic pathway, 31, 267, 318, 330, 608—609 
Metabolic rate, 129 

Metabolites, 2, 4, 84, 259, 348, 461-462 
Metal ions, 577—578 
Methane, 427-428, 431-432 
Methane-former organism, 573—574 
Methanogenic bacteria, 84, 293—294, 572—573 
Methanogenic fermentation, 622 
Methanogens, 574—575 
Methanogensis, 573—574 
Methanol, 431-432 
Methionine, 298, 427—429, 429t 
Methyl ethyl ketone (MEK), 239-240 
Methyl isobutyl ketone, 239—240, 352 
Methylcellulose, 116 
Methylene blue, 332, 538 

Methylophilus methylotrophus (M. methylotrophus), 
418-419 

MF, see Microfiltration 
MFC, see Microbial fuel cell 
Michaelis—Menten 
constant, 22, 24b—25b 
equation, 564 
illustration, 22f 
kinetic parameters, 182 
rate equation, 22, 25b 

Micro-fluidizer, see High-pressure homogenizer 
(HPH) 

Microbial 

biomass separation, 421 
catalysis, 550 
functions, 5—7 
growth, 561—562 
organic removal in, 558—559 
effect of substrate concentration, 88—91 
metabolism, 559—561 
population control, 436—437 
process, 375—376 

Microbial fuel cell (MFC), 530—531 
active biocatalysts, 535—536 
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Microbial fuel cell (MFC) ( Continued) 
applications, 545—550 
with biocathodes, 551f 
calculations in, 540—541 
challenges in, 540 
conditions 

in anodic chamber, 544 
in cathodic chamber, 544—545 
construction, 532—534, 540f 
coulombic yield, 543 
dual-compartment, 534f 
electron 

mediator, 538—539 
transfer, 536—538 
transport, 538 
overpotential in, 542 
PEM, 544 
performance, 543 
power generation, 541—542 
single-compartment, 534f 
Microbial protein (SCP), 3t 
Microbiological media, 442—450 
Microcapsuls, 115—116 
Micrococcus, 14—15 
Micrococcus glutamicus, 3t 
Micrococcus luteus, 286t, 350, 539t 
Microfiltration (MF), 457 

cross-flow microfiltration, 457 
Micromonospora purpurea, 351t 
Microorganisms, 1—2, 259, 558, see also Immobilized 
microbial cells 

under anaerobic growth conditions, 267 
for citric acid fermentation, 365 
immobilization by covalent bonds, 284 
ethanol productivity, 288t 
growth and colony formation, 286—288 
microbial cells, 286t 
oxygen transfer to, 284—285 
studies of diffusion, 287t 
substrate transfer to, 285—286 
and media, 349, 470 
Microsparger, 56—57 
Microtubules, 351t 
Microwave sterilization, 450—451 
Milk, 1-2, 11-12, 432, 442 
Milling, 8, 15, 486, 609-610 
Mineral ions, 106t, 301 
Ming, 176t 

Minimal media, 297t, 301—303 
Mixed culture, 330, 427-428, 550, 621 
Mixed inhibitors, 31 

Mixed liquor suspended solids (MLSS), 457, 

568, 576 
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